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PREFACE

My introduction to membranes was as a graduate student in 1963. At that time
membrane permeation was a sub-study of materials science. What is now called
membrane technology did not exist, nor did any large industrial applications
of membranes. Since then, sales of membranes and membrane equipment have
increased more than 100-fold and several tens of millions of square meters of
membrane are produced each year—a membrane industry has been created.

This membrane industry is very fragmented. Industrial applications are divided
into six main sub-groups: reverse osmosis; ultrafiltration; microfiltration; gas sep-
aration; pervaporation and electrodialysis. Medical applications are divided into
three more: artificial kidneys; blood oxygenators; and controlled release phar-
maceuticals. Few companies are involved in more than one sub-group of the
industry. Because of these divisions it is difficult to obtain an overview of mem-
brane science and technology; this book is an attempt to give such an overview.

The book starts with a series of general chapters on membrane preparation,
transport theory, and concentration polarization. Thereafter, each major mem-
brane application is treated in a single 20-to-40-page chapter. In a book of this
size it is impossible to describe every membrane process in detail, but the major
processes are covered. However, medical applications have been short-changed
somewhat and some applications—fuel cell and battery separators and membrane
sensors, for example—are not covered at all.

Each application chapter starts with a short historical background to acknowl-
edge the developers of the technology. I am conscious that my views of what
was important in the past differ from those of many of my academic colleagues.
In this book I have given more credit than is usual to the engineers who actually
made the processes work.

Readers of the theoretical section (Chapter 2) and elsewhere in the book
will see that membrane permeation is described using simple phenomenologi-
cal equations, most commonly, Fick’s law. There is no mention of irreversible
thermodynamics. The irreversible thermodynamic approach to permeation was
very fashionable when I began to work with membranes in the 1960s. This
approach has the appearance of rigor but hides the physical reality of even simple
processes behind a fog of tough equations. As a student and young researcher, I
struggled with irreversible thermodynamics for more than 15 years before finally
giving up in the 1970s. I have lived happily ever after.
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x PREFACE

Finally, a few words on units. Because a great deal of modern membrane tech-
nology originated in the United States, the US engineering units—gallons, cubic
feet, and pounds per square inch—are widely used in the membrane industry.
Unlike the creators of the Pascal, I am not a worshipper of mindless uniformity.
Metric units are used when appropriate, but US engineering units are used when
they are the industry standard.
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1 OVERVIEW OF MEMBRANE
SCIENCE AND TECHNOLOGY

Introduction

Membranes have gained an important place in chemical technology and are used
in a broad range of applications. The key property that is exploited is the ability
of a membrane to control the permeation rate of a chemical species through the
membrane. In controlled drug delivery, the goal is to moderate the permeation
rate of a drug from a reservoir to the body. In separation applications, the goal
is to allow one component of a mixture to permeate the membrane freely, while
hindering permeation of other components.

This book provides a general introduction to membrane science and technology.
Chapters 2 to 4 cover membrane science, that is, topics that are basic to all
membrane processes, such as transport mechanisms, membrane preparation, and
boundary layer effects. The next six chapters cover the industrial membrane
separation processes, which represent the heart of current membrane technology.
Carrier facilitated transport is covered next, followed by a chapter reviewing the
medical applications of membranes. The book closes with a chapter that describes
various minor or yet-to-be-developed membrane processes, including membrane
reactors, membrane contactors and piezodialysis.

Historical Development of Membranes

Systematic studies of membrane phenomena can be traced to the eighteenth cen-
tury philosopher scientists. For example, Abbé Nolet coined the word ‘osmosis’
to describe permeation of water through a diaphragm in 1748. Through the nine-
teenth and early twentieth centuries, membranes had no industrial or commercial
uses, but were used as laboratory tools to develop physical/chemical theories. For
example, the measurements of solution osmotic pressure made with membranes
by Traube and Pfeffer were used by van’t Hoff in 1887 to develop his limit law,
which explains the behavior of ideal dilute solutions; this work led directly to the

Membrane Technology and Applications R. W. Baker
 2004 John Wiley & Sons, Ltd ISBN: 0-470-85445-6
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2 MEMBRANE TECHNOLOGY AND APPLICATIONS

van’t Hoff equation. At about the same time, the concept of a perfectly selective
semipermeable membrane was used by Maxwell and others in developing the
kinetic theory of gases.

Early membrane investigators experimented with every type of diaphragm
available to them, such as bladders of pigs, cattle or fish and sausage casings
made of animal gut. Later, collodion (nitrocellulose) membranes were preferred,
because they could be made reproducibly. In 1907, Bechhold devised a technique
to prepare nitrocellulose membranes of graded pore size, which he determined
by a bubble test [1]. Other early workers, particularly Elford [2], Zsigmondy and
Bachmann [3] and Ferry [4] improved on Bechhold’s technique, and by the early
1930s microporous collodion membranes were commercially available. During
the next 20 years, this early microfiltration membrane technology was expanded
to other polymers, notably cellulose acetate. Membranes found their first signif-
icant application in the testing of drinking water at the end of World War II.
Drinking water supplies serving large communities in Germany and elsewhere
in Europe had broken down, and filters to test for water safety were needed
urgently. The research effort to develop these filters, sponsored by the US Army,
was later exploited by the Millipore Corporation, the first and still the largest US
microfiltration membrane producer.

By 1960, the elements of modern membrane science had been developed, but
membranes were used in only a few laboratory and small, specialized industrial
applications. No significant membrane industry existed, and total annual sales of
membranes for all industrial applications probably did not exceed US$20 million
in 2003 dollars. Membranes suffered from four problems that prohibited their
widespread use as a separation process: They were too unreliable, too slow, too
unselective, and too expensive. Solutions to each of these problems have been
developed during the last 30 years, and membrane-based separation processes
are now commonplace.

The seminal discovery that transformed membrane separation from a labora-
tory to an industrial process was the development, in the early 1960s, of the
Loeb–Sourirajan process for making defect-free, high-flux, anisotropic reverse
osmosis membranes [5]. These membranes consist of an ultrathin, selective sur-
face film on a much thicker but much more permeable microporous support,
which provides the mechanical strength. The flux of the first Loeb–Sourirajan
reverse osmosis membrane was 10 times higher than that of any membrane then
available and made reverse osmosis a potentially practical method of desalting
water. The work of Loeb and Sourirajan, and the timely infusion of large sums
of research and development dollars from the US Department of Interior, Office
of Saline Water (OSW), resulted in the commercialization of reverse osmosis and
was a major factor in the development of ultrafiltration and microfiltration. The
development of electrodialysis was also aided by OSW funding.

Concurrently with the development of these industrial applications of mem-
branes was the independent development of membranes for medical separation
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OVERVIEW OF MEMBRANE SCIENCE AND TECHNOLOGY 3

processes, in particular, the artificial kidney. W.J. Kolf [6] had demonstrated
the first successful artificial kidney in The Netherlands in 1945. It took almost
20 years to refine the technology for use on a large scale, but these developments
were complete by the early 1960s. Since then, the use of membranes in artifi-
cial organs has become a major life-saving procedure. More than 800 000 people
are now sustained by artificial kidneys and a further million people undergo
open-heart surgery each year, a procedure made possible by development of the
membrane blood oxygenator. The sales of these devices comfortably exceed the
total industrial membrane separation market. Another important medical applica-
tion of membranes is for controlled drug delivery systems. A key figure in this
area was Alex Zaffaroni, who founded Alza, a company dedicated to develop-
ing these products in 1966. The membrane techniques developed by Alza and
its competitors are widely used in the pharmaceutical industry to improve the
efficiency and safety of drug delivery.

The period from 1960 to 1980 produced a significant change in the status
of membrane technology. Building on the original Loeb–Sourirajan technique,
other membrane formation processes, including interfacial polymerization and
multilayer composite casting and coating, were developed for making high-
performance membranes. Using these processes, membranes with selective layers
as thin as 0.1 µm or less are now being produced by a number of compa-
nies. Methods of packaging membranes into large-membrane-area spiral-wound,
hollow-fine-fiber, capillary, and plate-and-frame modules were also developed,
and advances were made in improving membrane stability. By 1980, micro-
filtration, ultrafiltration, reverse osmosis and electrodialysis were all established
processes with large plants installed worldwide.

The principal development in the 1980s was the emergence of industrial mem-
brane gas separation processes. The first major development was the Monsanto
Prism membrane for hydrogen separation, introduced in 1980 [7]. Within a few
years, Dow was producing systems to separate nitrogen from air, and Cynara and
Separex were producing systems to separate carbon dioxide from natural gas.
Gas separation technology is evolving and expanding rapidly; further substantial
growth will be seen in the coming years. The final development of the 1980s was
the introduction by GFT, a small German engineering company, of the first com-
mercial pervaporation systems for dehydration of alcohol. More than 100 ethanol
and isopropanol pervaporation dehydration plants have now been installed. Other
pervaporation applications are at the early commercial stage.

Types of Membranes

This book is limited to synthetic membranes, excluding all biological structures,
but the topic is still large enough to include a wide variety of membranes that dif-
fer in chemical and physical composition and in the way they operate. In essence,
a membrane is nothing more than a discrete, thin interface that moderates the
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4 MEMBRANE TECHNOLOGY AND APPLICATIONS
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Figure 1.1 Schematic diagrams of the principal types of membranes

permeation of chemical species in contact with it. This interface may be molecu-
larly homogeneous, that is, completely uniform in composition and structure, or
it may be chemically or physically heterogeneous, for example, containing holes
or pores of finite dimensions or consisting of some form of layered structure. A
normal filter meets this definition of a membrane, but, by convention, the term
filter is usually limited to structures that separate particulate suspensions larger
than 1 to 10 µm. The principal types of membrane are shown schematically in
Figure 1.1 and are described briefly below.

Isotropic Membranes

Microporous Membranes

A microporous membrane is very similar in structure and function to a conven-
tional filter. It has a rigid, highly voided structure with randomly distributed,
interconnected pores. However, these pores differ from those in a conventional
filter by being extremely small, on the order of 0.01 to 10 µm in diameter. All
particles larger than the largest pores are completely rejected by the membrane.
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OVERVIEW OF MEMBRANE SCIENCE AND TECHNOLOGY 5

Particles smaller than the largest pores, but larger than the smallest pores are
partially rejected, according to the pore size distribution of the membrane. Par-
ticles much smaller than the smallest pores will pass through the membrane.
Thus, separation of solutes by microporous membranes is mainly a function of
molecular size and pore size distribution. In general, only molecules that differ
considerably in size can be separated effectively by microporous membranes, for
example, in ultrafiltration and microfiltration.

Nonporous, Dense Membranes

Nonporous, dense membranes consist of a dense film through which permeants
are transported by diffusion under the driving force of a pressure, concentra-
tion, or electrical potential gradient. The separation of various components of a
mixture is related directly to their relative transport rate within the membrane,
which is determined by their diffusivity and solubility in the membrane material.
Thus, nonporous, dense membranes can separate permeants of similar size if their
concentration in the membrane material (that is, their solubility) differs signifi-
cantly. Most gas separation, pervaporation, and reverse osmosis membranes use
dense membranes to perform the separation. Usually these membranes have an
anisotropic structure to improve the flux.

Electrically Charged Membranes

Electrically charged membranes can be dense or microporous, but are most com-
monly very finely microporous, with the pore walls carrying fixed positively
or negatively charged ions. A membrane with fixed positively charged ions is
referred to as an anion-exchange membrane because it binds anions in the sur-
rounding fluid. Similarly, a membrane containing fixed negatively charged ions
is called a cation-exchange membrane. Separation with charged membranes is
achieved mainly by exclusion of ions of the same charge as the fixed ions of the
membrane structure, and to a much lesser extent by the pore size. The separation
is affected by the charge and concentration of the ions in solution. For example,
monovalent ions are excluded less effectively than divalent ions and, in solutions
of high ionic strength, selectivity decreases. Electrically charged membranes are
used for processing electrolyte solutions in electrodialysis.

Anisotropic Membranes

The transport rate of a species through a membrane is inversely proportional to
the membrane thickness. High transport rates are desirable in membrane separa-
tion processes for economic reasons; therefore, the membrane should be as thin as
possible. Conventional film fabrication technology limits manufacture of mechan-
ically strong, defect-free films to about 20 µm thickness. The development of
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6 MEMBRANE TECHNOLOGY AND APPLICATIONS

novel membrane fabrication techniques to produce anisotropic membrane struc-
tures was one of the major breakthroughs of membrane technology during the
past 30 years. Anisotropic membranes consist of an extremely thin surface layer
supported on a much thicker, porous substructure. The surface layer and its
substructure may be formed in a single operation or separately. In composite
membranes, the layers are usually made from different polymers. The separation
properties and permeation rates of the membrane are determined exclusively by
the surface layer; the substructure functions as a mechanical support. The advan-
tages of the higher fluxes provided by anisotropic membranes are so great that
almost all commercial processes use such membranes.

Ceramic, Metal and Liquid Membranes

The discussion so far implies that membrane materials are organic polymers and,
in fact, the vast majority of membranes used commercially are polymer-based.
However, in recent years, interest in membranes formed from less conventional
materials has increased. Ceramic membranes, a special class of microporous
membranes, are being used in ultrafiltration and microfiltration applications for
which solvent resistance and thermal stability are required. Dense metal mem-
branes, particularly palladium membranes, are being considered for the separation
of hydrogen from gas mixtures, and supported liquid films are being developed
for carrier-facilitated transport processes.

Membrane Processes
Six developed and a number of developing and yet-to-be-developed industrial
membrane technologies are discussed in this book. In addition, sections are
included describing the use of membranes in medical applications such as the
artificial kidney, blood oxygenation, and controlled drug delivery devices. The
status of all of these processes is summarized in Table 1.1.

The four developed industrial membrane separation processes are microfiltra-
tion, ultrafiltration, reverse osmosis, and electrodialysis. These processes are all
well established, and the market is served by a number of experienced companies.

The range of application of the three pressure-driven membrane water sep-
aration processes—reverse osmosis, ultrafiltration and microfiltration—is illus-
trated in Figure 1.2. Ultrafiltration (Chapter 6) and microfiltration (Chapter 7)
are basically similar in that the mode of separation is molecular sieving through
increasingly fine pores. Microfiltration membranes filter colloidal particles and
bacteria from 0.1 to 10 µm in diameter. Ultrafiltration membranes can be used
to filter dissolved macromolecules, such as proteins, from solutions. The mech-
anism of separation by reverse osmosis membranes is quite different. In reverse
osmosis membranes (Chapter 5), the membrane pores are so small, from 3 to
5 Å in diameter, that they are within the range of thermal motion of the polymer
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OVERVIEW OF MEMBRANE SCIENCE AND TECHNOLOGY 7

Table 1.1 Membrane technologies addressed in this book

Category Process Status

Developed industrial
membrane separation
technologies

Microfiltration
Ultrafiltration
Reverse osmosis
Electrodialysis

Well-established unit
operations. No major
breakthroughs seem
imminent

Developing industrial
membrane separation
technologies

Gas separation
Pervaporation

A number of plants have been
installed. Market size and
number of applications
served are expanding

To-be-developed
industrial membrane
separation
technologies

Carrier facilitated
transport

Membrane contactors
Piezodialysis, etc.

Major problems remain to be
solved before industrial
systems will be installed on
a large scale

Medical applications of
membranes

Artificial kidneys
Artificial lungs
Controlled drug delivery

Well-established processes.
Still the focus of research to
improve performance, for
example, improving
biocompatibility

Reverse
osmosis

Ultrafiltration
Microfiltration

Conventional
filtration

1 Å 10 Å 100 Å 1000 Å 1 µm 10 µm 100 µm

H2O
(2 Å)

Sucrose
(10 Å)

Hemoglobin
(70 Å)

Influenza
virus

(1000 Å)

Pseudomonas
diminuta
(0.28 µm)

Na+
(3.7 Å) Staphylococcus

bacteria
(1 µm)

Starch
(10 µm)

Pore diameter

Figure 1.2 Reverse osmosis, ultrafiltration, microfiltration, and conventional filtration
are related processes differing principally in the average pore diameter of the membrane
filter. Reverse osmosis membranes are so dense that discrete pores do not exist; transport
occurs via statistically distributed free volume areas. The relative size of different solutes
removed by each class of membrane is illustrated in this schematic
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8 MEMBRANE TECHNOLOGY AND APPLICATIONS

chains that form the membrane. The accepted mechanism of transport through
these membranes is called the solution-diffusion model. According to this model,
solutes permeate the membrane by dissolving in the membrane material and
diffusing down a concentration gradient. Separation occurs because of the dif-
ference in solubilities and mobilities of different solutes in the membrane. The
principal application of reverse osmosis is desalination of brackish groundwater
or seawater.

Although reverse osmosis, ultrafiltration and microfiltration are conceptually
similar processes, the difference in pore diameter (or apparent pore diameter)
produces dramatic differences in the way the membranes are used. A simple
model of liquid flow through these membranes is to describe the membranes as
a series of cylindrical capillary pores of diameter d . The liquid flow through a
pore (q) is given by Poiseuille’s law as:

q = πd4

128 µ�
· �p (1.1)

where �p is the pressure difference across the pore, µ is the liquid viscosity and
� is the pore length. The flux, or flow per unit membrane area, is the sum of all
the flows through the individual pores and so is given by:

J = N · πd4

128 µ�
· �p (1.2)

where N is the number of pores per square centimeter of membrane.
For membranes of equal pore area and porosity (ε), the number of pores per

square centimeter is proportional to the inverse square of the pore diameter.
That is,

N = ε · 4

πd2
(1.3)

It follows that the flux, given by combining Equations (1.2) and (1.3), is

J = �pε

32 µ�
· d2 (1.4)

From Figure 1.2, the typical pore diameter of a microfiltration membrane
is 10 000 Å. This is 100-fold larger than the average ultrafiltration pore and
1000-fold larger than the (nominal) diameter of pores in reverse osmosis mem-
branes. Because fluxes are proportional to the square of these pore diameters, the
permeance, that is, flux per unit pressure difference (J/�p) of microfiltration
membranes is enormously higher than that of ultrafiltration membranes, which in
turn is much higher than that of reverse osmosis membranes. These differences
significantly impact the operating pressure and the way that these membranes are
used industrially.
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OVERVIEW OF MEMBRANE SCIENCE AND TECHNOLOGY 9

The fourth fully developed membrane process is electrodialysis (Chapter 10),
in which charged membranes are used to separate ions from aqueous solutions
under the driving force of an electrical potential difference. The process utilizes
an electrodialysis stack, built on the filter-press principle and containing several
hundred individual cells, each formed by a pair of anion and cation exchange
membranes. The principal application of electrodialysis is the desalting of brack-
ish groundwater. However, industrial use of the process in the food industry, for
example, to deionize cheese whey, is growing, as is its use in pollution-control
applications. A schematic of the process is shown in Figure 1.3.

Table 1.1 shows two developing industrial membrane separation processes: gas
separation with polymer membranes (Chapter 8) and pervaporation (Chapter 9).
Gas separation with membranes is the more advanced of the two techniques; at
least 20 companies worldwide offer industrial, membrane-based gas separation
systems for a variety of applications. Only a handful of companies currently offer
industrial pervaporation systems. In gas separation, a gas mixture at an elevated
pressure is passed across the surface of a membrane that is selectively permeable
to one component of the feed mixture; the membrane permeate is enriched in this
species. The basic process is illustrated in Figure 1.4. Major current applications

AC A C A C A C A C

Salt solutionPick-up solution

To positive
 pole of 
rectifier

Anode
feed

Anode
effluent

Demineralized productConcentrated effluent

Cathode
effluent

To negative pole
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Cathode
(−)

Cathode
feed

Cl−

Na+ Na+ Na+ Na+ Na+ Na+ Na+ Na+ Na+

Cl− Cl− Cl− Cl− Cl− Cl− Cl− Cl−
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C
Cation-exchange

membrane

A
Anion-exchange
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Figure 1.3 Schematic diagram of an electrodialysis process
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Permeate

Membrane
module

Figure 1.4 Schematic diagram of the basic membrane gas separation process

of gas separation membranes are the separation of hydrogen from nitrogen, argon
and methane in ammonia plants; the production of nitrogen from air; and the
separation of carbon dioxide from methane in natural gas operations. Membrane
gas separation is an area of considerable current research interest, and the number
of applications is expanding rapidly.

Pervaporation is a relatively new process that has elements in common with
reverse osmosis and gas separation. In pervaporation, a liquid mixture contacts
one side of a membrane, and the permeate is removed as a vapor from the other.
The driving force for the process is the low vapor pressure on the permeate
side of the membrane generated by cooling and condensing the permeate vapor.
The attraction of pervaporation is that the separation obtained is proportional
to the rate of permeation of the components of the liquid mixture through the
selective membrane. Therefore, pervaporation offers the possibility of separating
closely boiling mixtures or azeotropes that are difficult to separate by distilla-
tion or other means. A schematic of a simple pervaporation process using a
condenser to generate the permeate vacuum is shown in Figure 1.5. Currently,
the main industrial application of pervaporation is the dehydration of organic
solvents, in particular, the dehydration of 90–95 % ethanol solutions, a diffi-
cult separation problem because of the ethanol–water azeotrope at 95 % ethanol.
Pervaporation membranes that selectively permeate water can produce more than
99.9 % ethanol from these solutions. Pervaporation processes are also being devel-
oped for the removal of dissolved organics from water and for the separation of
organic mixtures.

A number of other industrial membrane processes are placed in the category of
to-be-developed technologies in Table 1.1. Perhaps the most important of these is
carrier facilitated transport (Chapter 11), which often employs liquid membranes
containing a complexing or carrier agent. The carrier agent reacts with one com-
ponent of a mixture on the feed side of the membrane and then diffuses across
the membrane to release the permeant on the product side of the membrane. The
reformed carrier agent then diffuses back to the feed side of the membrane. Thus,
the carrier agent acts as a shuttle to selectively transport one component from
the feed to the product side of the membrane.
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Figure 1.5 Schematic diagram of the basic pervaporation process

Facilitated transport membranes can be used to separate gases; membrane trans-
port is then driven by a difference in the gas partial pressure across the membrane.
Metal ions can also be selectively transported across a membrane, driven by a
flow of hydrogen or hydroxyl ions in the other direction. This process is some-
times called coupled transport. Examples of carrier facilitated transport processes
for gas and ion transport are shown in Figure 1.6.

Because the carrier facilitated transport process employs a reactive carrier
species, very high membrane selectivities can be achieved. These selectivities
are often far larger than the selectivities achieved by other membrane pro-
cesses. This one fact has maintained interest in facilitated transport for the past
30 years, but no commercial applications have developed. The principal problem
is the physical instability of the liquid membrane and the chemical instability of
the carrier agent. In recent years a number of potential solutions to this prob-
lem have been developed, which may yet make carrier facilitated transport a
viable process.

The membrane separation processes described above represent the bulk of the
industrial membrane separation industry. Another process, dialysis, is not used
industrially but is used on a large scale in medicine to remove toxic metabolites
from blood in patients suffering from kidney failure. The first successful artificial
kidney was based on cellophane (regenerated cellulose) dialysis membranes and
was developed in 1945. Over the past 50 years, many changes have been made.
Currently, most artificial kidneys are based on hollow-fiber membranes formed
into modules having a membrane area of about 1 m2; the process is illustrated
in Figure 1.7. Blood is circulated through the center of the fiber, while isotonic
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Figure 1.6 Schematic examples of carrier facilitated transport of gas and ions. The gas
transport example shows the transport of oxygen across a membrane using hemoglobin
as the carrier agent. The ion transport example shows the transport of copper ions across
a membrane using a liquid ion-exchange reagent as the carrier agent
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Figure 1.7 Schematic of a hollow fiber artificial kidney dialyser used to remove urea
and other toxic metabolites from blood. About 100 million of these devices are used
every year
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saline, the dialysate, is pumped countercurrently around the outside of the fibers.
Urea, creatinine, and other low-molecular-weight metabolites in the blood diffuse
across the fiber wall and are removed with the saline solution. The process is
quite slow, usually requiring several hours to remove the required amount of the
metabolite from the patient, and must be repeated one or two times per week.
In terms of membrane area used and dollar value of the membrane produced,
artificial kidneys are the single largest application of membranes.

Following the success of the artificial kidney, similar devices were developed to
remove carbon dioxide and deliver oxygen to the blood. These so-called artificial
lungs are used in surgical procedures during which the patient’s lungs cannot
function. The dialysate fluid shown in Figure 1.7 is replaced with a carefully
controlled sweep gas containing oxygen, which is delivered to the blood, and
carbon dioxide, which is removed. These two medical applications of membranes
are described in Chapter 12.

Another major medical use of membranes is in controlled drug delivery
(Chapter 12). Controlled drug delivery can be achieved by a wide range of
techniques, most of which involve membranes; a simple example is illustrated
in Figure 1.8. In this device, designed to deliver drugs through the skin, drug
is contained in a reservoir surrounded by a membrane. With such a system,

Time
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re
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e 
ra

te

Initial high release of
agent that has migrated

into membrane on storage

Constant release as long as
a constant concentration

is maintained in depot

Release rapidly declines when
device approaches exhaustion

Drug

Membrane

Diagram and release curve for a simple reservoir system

Membrane

Drug reservoir

Foil backing

Adhesive

Body

Figure 1.8 Schematic of transdermal patch in which the rate of delivery of drug to the
body is controlled by a polymer membrane. Such patches are used to deliver many drugs
including nitroglycerine, estradiol, nicotine and scopalamine
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the release of drug is constant as long as a constant concentration of drug
is maintained within the device. A constant concentration is maintained if the
reservoir contains a saturated solution and sufficient excess of solid drug. Systems
that operate using this principle are used to moderate delivery of drugs such as
nitroglycerine (for angina), nicotine (for smoking cessation), and estradiol (for
hormone replacement therapy) through the skin. Other devices using osmosis or
biodegradation as the rate-controlling mechanism are also produced as implants
and tablets. The total market of controlled release pharmaceuticals is comfortably
above US$3 billion per year.
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2 MEMBRANE TRANSPORT
THEORY

Introduction

The most important property of membranes is their ability to control the rate of
permeation of different species. The two models used to describe the mechanism
of permeation are illustrated in Figure 2.1. One is the solution-diffusion model, in
which permeants dissolve in the membrane material and then diffuse through the
membrane down a concentration gradient. The permeants are separated because
of the differences in the solubilities of the materials in the membrane and the
differences in the rates at which the materials diffuse through the membrane.
The other model is the pore-flow model, in which permeants are transported by
pressure-driven convective flow through tiny pores. Separation occurs because
one of the permeants is excluded (filtered) from some of the pores in the mem-
brane through which other permeants move. Both models were proposed in the
nineteenth century, but the pore-flow model, because it was closer to normal
physical experience, was more popular until the mid-1940s. However, during
the 1940s, the solution-diffusion model was used to explain transport of gases
through polymeric films. This use of the solution-diffusion model was relatively
uncontroversial, but the transport mechanism in reverse osmosis membranes was
a hotly debated issue in the 1960s and early 1970s [1–6]. By 1980, however,
the proponents of solution-diffusion had carried the day; currently only a few
die-hard pore-flow modelers use this approach to rationalize reverse osmosis.

Diffusion, the basis of the solution-diffusion model, is the process by which
matter is transported from one part of a system to another by a concentration
gradient. The individual molecules in the membrane medium are in constant ran-
dom molecular motion, but in an isotropic medium, individual molecules have
no preferred direction of motion. Although the average displacement of an indi-
vidual molecule from its starting point can be calculated, after a period of time
nothing can be said about the direction in which any individual molecule will
move. However, if a concentration gradient of permeate molecules is formed
in the medium, simple statistics show that a net transport of matter will occur

Membrane Technology and Applications R. W. Baker
 2004 John Wiley & Sons, Ltd ISBN: 0-470-85445-6
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Microporous membranes
separate by molecular
filtration

Dense solution-diffusion
membranes separate because
of differences in the solubility
and mobility of permeants
in the membrane material

Figure 2.1 Molecular transport through membranes can be described by a flow through
permanent pores or by the solution-diffusion mechanism

from the high concentration to the low concentration region. For example, when
two adjacent volume elements with slightly different permeant concentrations
are separated by an interface, then simply because of the difference in the num-
ber of molecules in each volume element, more molecules will move from the
concentrated side to the less concentrated side of the interface than will move
in the other direction. This concept was first recognized by Fick theoretically
and experimentally in 1855 [7]. Fick formulated his results as the equation now
called Fick’s law of diffusion, which states

Ji = −Di

dci

dx
(2.1)

where Ji is the rate of transfer of component i or flux (g/cm2 · s) and dci/dx is the
concentration gradient of component i. The term Di is called the diffusion coef-
ficient (cm2/s) and is a measure of the mobility of the individual molecules. The
minus sign shows that the direction of diffusion is down the concentration gradi-
ent. Diffusion is an inherently slow process. In practical diffusion-controlled sep-
aration processes, useful fluxes across the membrane are achieved by making the
membranes very thin and creating large concentration gradients in the membrane.

Pressure-driven convective flow, the basis of the pore flow model, is most
commonly used to describe flow in a capillary or porous medium. The basic
equation covering this type of transport is Darcy’s law, which can be written as

Ji = K ′ci

dp

dx
(2.2)
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where dp/dx is the pressure gradient existing in the porous medium, ci is the
concentration of component i in the medium and K ′ is a coefficient reflecting the
nature of the medium. In general, convective-pressure-driven membrane fluxes
are high compared with those obtained by simple diffusion.

The difference between the solution-diffusion and pore-flow mechanisms lies in
the relative size and permanence of the pores. For membranes in which transport
is best described by the solution-diffusion model and Fick’s law, the free-volume
elements (pores) in the membrane are tiny spaces between polymer chains caused
by thermal motion of the polymer molecules. These volume elements appear
and disappear on about the same timescale as the motions of the permeants
traversing the membrane. On the other hand, for a membrane in which transport
is best described by a pore-flow model and Darcy’s law, the free-volume elements
(pores) are relatively large and fixed, do not fluctuate in position or volume on the
timescale of permeant motion, and are connected to one another. The larger the
individual free volume elements (pores), the more likely they are to be present
long enough to produce pore-flow characteristics in the membrane. As a rough
rule of thumb, the transition between transient (solution-diffusion) and permanent
(pore-flow) pores is in the range 5–10 Å diameter.

The average pore diameter in a membrane is difficult to measure directly and
must often be inferred from the size of the molecules that permeate the membrane
or by some other indirect technique. With this caveat in mind membranes can be
organized into the three general groups shown in Figure 2.2:

• Ultrafiltration, microfiltration and microporous Knudsen-flow gas separation
membranes are all clearly microporous, and transport occurs by pore flow.

• Reverse osmosis, pervaporation and polymeric gas separation membranes have
a dense polymer layer with no visible pores, in which the separation occurs.
These membranes show different transport rates for molecules as small as
2–5 Å in diameter. The fluxes of permeants through these membranes are
also much lower than through the microporous membranes. Transport is best
described by the solution-diffusion model. The spaces between the polymer
chains in these membranes are less than 5 Å in diameter and so are within
the normal range of thermal motion of the polymer chains that make up the
membrane matrix. Molecules permeate the membrane through free volume
elements between the polymer chains that are transient on the timescale of the
diffusion processes occurring.

• Membranes in the third group contain pores with diameters between 5 Å
and 10 Å and are intermediate between truly microporous and truly solution-
diffusion membranes. For example, nanofiltration membranes are intermediate
between ultrafiltration membranes and reverse osmosis membranes. These
membranes have high rejections for the di- and trisaccharides sucrose and raffi-
nose with molecular diameters of 10–13 Å, but freely pass the monosaccharide
fructose with a molecular diameter of about 5–6 Å.
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Figure 2.2 Schematic representation of the nominal pore size and best theoretical model
for the principal membrane separation processes

In this chapter, permeation through dense nonporous membranes is covered
first; this includes permeation in reverse osmosis, pervaporation, and gas separa-
tion membranes. Transport occurs by molecular diffusion and is described by the
solution-diffusion model. The predictions of this model are in good agreement
with experimental data, and a number of simple equations that usefully rational-
ize the properties of these membranes result. In the second part of the chapter,
transport in microporous ultrafiltration and microfiltration membranes is covered
more briefly. Transport through these membranes occurs by convective flow with
some form of sieving mechanism producing the separation. However, the ability
of theory to rationalize transport in these membranes is poor. A number of fac-
tors concurrently affect permeation, so a simple quantitative description of the
process is not possible. Finally, a brief discussion of membranes that fall into
the ‘intermediate’ category is given.

Solution-diffusion Model
Molecular Dynamics Simulations

The solution-diffusion model applies to reverse osmosis, pervaporation and gas
permeation in polymer films. At first glance these processes appear to be very
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different. Reverse osmosis uses a large pressure difference across the membrane
to separate water from salt solutions. In pervaporation, the pressure difference
across the membrane is small, and the process is driven by the vapor pressure
difference between the feed liquid and the low partial pressure of the permeate
vapor. Gas permeation involves transport of gases down a pressure or concentra-
tion gradient. However, all three processes involve diffusion of molecules in a
dense polymer. The pressure, temperature, and composition of the fluids on either
side of the membrane determine the concentration of the diffusing species at the
membrane surface in equilibrium with the fluid. Once dissolved in the membrane,
individual permeating molecules move by the same random process of molecu-
lar diffusion no matter whether the membrane is being used in reverse osmosis,
pervaporation, or gas permeation. Often, similar membranes are used in very
different processes. For example, cellulose acetate membranes were developed
for desalination of water by reverse osmosis, but essentially identical membranes
have been used in pervaporation to dehydrate alcohol and are widely used in gas
permeation to separate carbon dioxide from natural gas. Similarly, silicone rubber
membranes are too hydrophobic to be useful in reverse osmosis but are used to
separate volatile organics from water by pervaporation and organic vapors from
air in gas permeation.

The advent of powerful computers has allowed the statistical fluctuations in
the volumes between polymer chains due to thermal motion to be calculated.
Figure 2.3 shows the results of a computer molecular dynamics simulation cal-
culation for a small-volume element of a polymer. The change in position of
individual polymer molecules in a small-volume element can be calculated at
short enough time intervals to represent the normal thermal motion occurring in
a polymeric matrix. If a penetrant molecule is placed in one of the small-free-
volume microcavities between polymer chains, its motion can also be calculated.
The simulated motion of a carbon dioxide molecule in a 6FDA-4PDA polyimide
matrix is shown in Figure 2.3 [8]. During the first 100 ps of the simulation,
the carbon dioxide molecule bounces around in the cavity where it has been
placed, never moving more than about 5 Å, the diameter of the microcavity.
After 100 ps, however, a chance thermal motion moves a segment of the poly-
mer chains sufficiently for the carbon dioxide molecule to jump approximately
10 Å to an adjacent cavity where it remains until another movement of the poly-
mer chains allows it to jump to another cavity. By repeating these calculations
many times and averaging the distance moved by the gas molecule, its diffusion
coefficient can be calculated.

An alternative method of representing the movement of an individual molecule
by computational techniques is shown in Figure 2.4 [9]. This figure shows the
movement of three different permeate molecules over a period of 200 ps in a
silicone rubber polymer matrix. The smaller helium molecule moves more fre-
quently and makes larger jumps than the larger methane molecule. Helium, with
a molecular diameter of 2.55 Å, has many more opportunities to move from one
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Figure 2.3 Motion of a carbon dioxide molecule in a 6FDA-4PDA polymer matrix [8].
Reprinted from J. Membr. Sci. 73, E. Smit, M.H.V. Mulder, C.A. Smolders, H. Kar-
renbeld, J. van Eerden and D. Feil, Modeling of the Diffusion of Carbon Dioxide in
Polyimide Matrices by Computer Simulation, p. 247, Copyright 1992, with permission
from Elsevier

position to another than methane, with a molecular diameter of 3.76 Å. Oxygen,
with a molecular diameter of 3.47 Å, has intermediate mobility. The effect of
polymer structure on diffusion can be seen by comparing the distance moved by
the gas molecules in the same 200-ps period in Figures 2.3 and 2.4. Figure 2.3
simulates diffusion in a glassy rigid-backbone polyimide. In 200 ps, the perme-
ate molecule has made only one large jump. Figure 2.4 simulates diffusion in
silicone rubber, a material with a very flexible polymer backbone. In 200 ps, all
the permeants in silicone rubber have made a number of large jumps from one
microcavity to another.

Molecular dynamics simulations also allow the transition from the solution-
diffusion to the pore-flow transport mechanism to be seen. As the microcavities
become larger, the transport mechanism changes from the diffusion process
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Figure 2.4 Simulated trajectories of helium, oxygen and methane molecules during a
200-ps time period in a poly(dimethylsiloxane) matrix [9]. Reprinted with permission from
S.G. Charati and S.A. Stern, Diffusion of Gases in Silicone Polymers: Molecular Dynamic
Simulations, Macromolecules 31, 5529. Copyright 1998, American Chemical Society

simulated in Figures 2.3 and 2.4 to a pore-flow mechanism. Permanent pores
form when the microcavities are larger than about 10 Å in diameter.

However, molecular dynamics calculations are at an early stage of devel-
opment. Current estimates of diffusion coefficients from these simulations are
generally far from matching the experimental values, and enormous computing
power and a better understanding of the interactions between the molecules of
polymer chains will be required to produce accurate predictions. Nonetheless,
the technique demonstrates the qualitative basis of the solution-diffusion model
in a very graphic way. Currently, the best quantitative description of perme-
ation uses phenomenological equations, particularly Fick’s law. This description
is given in the section that follows, which outlines the mathematical basis of the
solution-diffusion model. Much of this section is adapted from a 1995 Journal
of Membrane Science article written with my colleague, Hans Wijmans [10].

Concentration and Pressure Gradients in Membranes

The starting point for the mathematical description of diffusion in membranes
is the proposition, solidly based in thermodynamics, that the driving forces of
pressure, temperature, concentration, and electrical potential are interrelated and
that the overall driving force producing movement of a permeant is the gradient
in its chemical potential. Thus, the flux, Ji(g/cm2 · s), of a component, i, is
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described by the simple equation

Ji = −Li

dµi

dx
(2.3)

where dµi/dx is the chemical potential gradient of component i and Li is a coeffi-
cient of proportionality (not necessarily constant) linking this chemical potential
driving force to flux. Driving forces, such as gradients in concentration, pres-
sure, temperature, and electrical potential can be expressed as chemical potential
gradients, and their effect on flux expressed by this equation. This approach is
extremely useful, because many processes involve more than one driving force,
for example, both pressure and concentration in reverse osmosis. Restricting the
approach to driving forces generated by concentration and pressure gradients, the
chemical potential is written as

dµi = RT d ln(γini) + υidp (2.4)

where ni is the mole fraction (mol/mol) of component i, γi is the activity coef-
ficient (mol/mol) linking mole fraction with activity, p is the pressure, and υi is
the molar volume of component i.

In incompressible phases, such as a liquid or a solid membrane, volume does
not change with pressure. In this case, integrating Equation (2.4) with respect to
concentration and pressure gives

µi = µo
i + RT ln(γini) + υi(p − po

i ) (2.5)

where µo
i is the chemical potential of pure i at a reference pressure, po

i .
In compressible gases, the molar volume changes with pressure. Using the

ideal gas laws in integrating Equation (2.4) gives

µi = µo
i + RT ln(γini) + RT ln

p

po
i

(2.6)

To ensure that the reference chemical potential µo
i is identical in Equations (2.5)

and (2.6), the reference pressure po
i is defined as the saturation vapor pressure

of i, pisat . Equations (2.5) and (2.6) can then be rewritten as

µi = µo
i + RT ln(γini) + υi(p − pisat) (2.7)

for incompressible liquids and the membrane phase, and as

µi = µo
i + RT ln(γini) + RT ln

p

pisat

(2.8)

for compressible gases.
Several assumptions must be made to define any permeation model. Usually,

the first assumption governing transport through membranes is that the fluids on
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either side of the membrane are in equilibrium with the membrane material at the
interface. This assumption means that the gradient in chemical potential from one
side of the membrane to the other is continuous. Implicit in this assumption is that
the rates of absorption and desorption at the membrane interface are much higher
than the rate of diffusion through the membrane. This appears to be the case in
almost all membrane processes, but may fail in transport processes involving
chemical reactions, such as facilitated transport, or in diffusion of gases through
metals, where interfacial absorption can be slow.

The second assumption concerns the pressure and concentration gradients in the
membrane. The solution-diffusion model assumes that when pressure is applied
across a dense membrane, the pressure throughout the membrane is constant at the
highest value. This assumes, in effect, that solution-diffusion membranes transmit
pressure in the same way as liquids. Consequently, the solution-diffusion model
assumes that the pressure within a membrane is uniform and that the chemical
potential gradient across the membrane is expressed only as a concentration
gradient [5,10]. The consequences of these two assumptions are illustrated in
Figure 2.5, which shows pressure-driven permeation of a one-component solution
through a membrane by the solution-diffusion mechanism.

In the solution-diffusion model, the pressure within the membrane is constant
at the high-pressure value (po), and the gradient in chemical potential across the
membrane is expressed as a smooth gradient in solvent activity (γini). The flow
that occurs down this gradient is expressed by Equation (2.3), but because no
pressure gradient exists within the membrane, Equation (2.3) can be rewritten by
combining Equations (2.3) and (2.4). Assuming γi is constant, this gives

Ji = −RT Li

ni

· dni

dx
(2.9)

Chemical potential mi

Pressure p

Solvent activity gi ni

Solution-diffusion model

High-pressure
solution

Membrane Low-pressure
solution

Figure 2.5 Pressure driven permeation of a one-component solution through a mem-
brane according to the solution-diffusion transport model
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In Equation (2.9), the gradient of component i across the membrane is expressed
as a gradient in mole fraction of component i. Using the more practical term
concentration ci (g/cm3) defined as

ci = miρni (2.10)

where mi is the molecular weight of i (g/mol) and ρ is the molar density
(mol/cm3), Equation (2.9) can be written as

Ji = −RTLi

ci

· dci

dx
(2.11)

Equation (2.11) has the same form as Fick’s law in which the term RT Li/ci can
be replaced by the diffusion coefficient Di . Thus,

Ji = −Di

dci

dx
(2.12)

Integrating over the thickness of the membrane then gives1

Ji = Di(cio(m)
− ci�(m)

)

�
(2.13)

By using osmosis as an example, concentration and pressure gradients according
to the solution-diffusion model can be discussed in a somewhat more complex
situation. The activity, pressure, and chemical potential gradients within this type
of membrane are illustrated in Figure 2.6.

Figure 2.6(a) shows a semipermeable membrane separating a salt solution from
the pure solvent. The pressure is the same on both sides of the membrane. For
simplicity, the gradient of salt (component j ) is not shown in this figure, but the
membrane is assumed to be very selective, so the concentration of salt within
the membrane is small. The difference in concentration across the membrane
results in a continuous, smooth gradient in the chemical potential of the water
(component i) across the membrane, from µi� on the water side to µio on the
salt side. The pressure within and across the membrane is constant (that is,
po = pm = p�) and the solvent activity gradient (γi(m)

ni(m)
) falls continuously

from the pure water (solvent) side to the saline (solution) side of the membrane.
Consequently, water passes across the membrane from right to left.

Figure 2.6(b) shows the situation at the point of osmotic equilibrium, when
sufficient pressure has been applied to the saline side of the membrane to bring
the flow across the membrane to zero. As shown in Figure 2.6(b), the pressure

1In the equations that follow, the terms i and j represent components of a solution, and the terms
o and � represent the positions of the feed and permeate interfaces, respectively, of the membrane.
Thus the term cio represents the concentration of component i in the fluid (gas or liquid) in contact
with the membrane at the feed interface. The subscript m is used to represent the membrane phase.
Thus, cio(m)

is the concentration of component i in the membrane at the feed interface (point o).
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Figure 2.6 Chemical potential, pressure, and solvent activity profiles through an osmotic
membrane following the solution-diffusion model. The pressure in the membrane is uni-
form and equal to the high-pressure value, so the chemical potential gradient within the
membrane is expressed as a concentration gradient

within the membrane is assumed to be constant at the high-pressure value (po).
There is a discontinuity in pressure at the permeate side of the membrane, where
the pressure falls abruptly from po to p�, the pressure on the solvent side of the
membrane. This pressure difference (po − p�) can be expressed in terms of the
chemical potential difference between the feed and permeate solutions.
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The membrane in contact with the permeate-side solution is in equilibrium
with this solution. Thus, Equation (2.7) can be used to link the two phases in
terms of their chemical potentials, that is

µi�(m)
= µi� (2.14)

and so
RT ln(γi�(m)

ni�(m)
) + υipo = RT ln(γi�ni�) + υip� (2.15)

On rearranging, this gives

RT ln(γi�(m)
ni�(m)

) − RT ln(γi�ni�) = −υi(po − p�) (2.16)

At osmotic equilibrium �(γini) can also be defined by

�(γini) = γi�ni� − γi�(m)
ni�(m)

(2.17)

and, since γi�ni� ≈ 1, it follows, on substituting Equation (2.17) into (2.16), that

RT ln[1 − �(γini)] = −υi(po − p�) (2.18)

Since �(γini) is small, ln[1 − �(γini)] ≈ �(γini), and Equation (2.18) reduces to

�(γini) = −υi(po − p�)

RT
= −υi�π

RT
(2.19)

Thus, the pressure difference, (po − p�) = �π , across the membrane balances
the solvent activity difference �(γini) across the membrane, and the flow is zero.

If a pressure higher than the osmotic pressure is applied to the feed side of the
membrane, as shown in Figure 2.6(c), then the solvent activity difference across
the membrane increases further, resulting in a flow from left to right. This is the
process of reverse osmosis.

The important conclusion illustrated by Figures 2.5 and 2.6 is that, although
the fluids on either side of a membrane may be at different pressures and con-
centrations, within a perfect solution-diffusion membrane, there is no pressure
gradient—only a concentration gradient. Flow through this type of membrane is
expressed by Fick’s law, Equation (2.13).

Application of the Solution-diffusion Model to Specific Processes

In this section the solution-diffusion model is used to describe transport in dialy-
sis, reverse osmosis, gas permeation and pervaporation membranes. The resulting
equations, linking the driving forces of pressure and concentration with flow, are
then shown to be consistent with experimental observations.

The general approach is to use the first assumption of the solution-diffusion
model, namely, that the chemical potential of the feed and permeate fluids are
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in equilibrium with the adjacent membrane surfaces. From this assumption, the
chemical potential in the fluid and membrane phases can be equated using the
appropriate expressions for chemical potential given in Equations (2.7) and (2.8).
By rearranging these equations, the concentrations of the different species in the
membrane at the fluids interface (cio(m)

and ci�(m)
) can be obtained in terms of the

pressure and composition of the feed and permeate fluids. These values for cio(m)

and ci�(m)
can then be substituted into the Fick’s law expression, Equation (2.13),

to give the transport equation for the particular process.

Dialysis

Dialysis is the simplest application of the solution-diffusion model because only
concentration gradients are involved. In dialysis, a membrane separates two solu-
tions of different compositions. The concentration gradient across the membrane
causes a flow of solute and solvent from one side of the membrane to the other.

Following the general procedure described above, equating the chemical poten-
tials in the solution and membrane phase at the feed-side interface of the mem-
brane gives

µio = µio(m)
(2.20)

Substituting the expression for the chemical potential of incompressible fluids
from Equation (2.7) gives

µo
i + RT ln(γ L

io
nio ) + υi(po − pisat) = µo

i + RT ln(γio(m)
nio(m)

) + υio(m)
(po − pisat)

(2.21)

which leads to2

ln(γ L
io
nio ) = ln(γio(m)

nio(m)
) (2.22)

and thus

nio(m)
= γ L

io

γio(m)

· nio (2.23)

or from Equation (2.10)

cio(m)
= γioρm

γio(m)
ρo

· cio (2.24)

Hence, defining a sorption coefficient KL
i as

KL
i = γioρm

γio(m)
ρo

(2.25)

Equation (2.24) becomes
cio(m)

= KL
i · cio (2.26)

2The superscripts G and L are used here and later to distinguish between gas phase and liquid phase
activity coefficients, sorption coefficients and permeability coefficients.
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On the permeate side of the membrane, the same procedure can be followed,
leading to an equivalent expression

ci�(m)
= KL

i · ci� (2.27)

The concentrations of permeant within the membrane phase at the two interfaces
can then be substituted from Equations (2.26) and (2.27) into the Fick’s law
expression, Equation (2.13), to give the familiar expression describing permeation
through dialysis membranes:

Ji = DiK
L
i

�
(cio − ci�) = P L

i

�
(cio − ci�) (2.28)

The product DiK
L
i is normally referred to as the permeability coefficient, P L

i .
For many systems, Di , KL

i , and thus P L
i are concentration dependent. Thus,

Equation (2.28) implies the use of values for Di , KL
i , and P L

i that are averaged
over the membrane thickness.

The permeability coefficient P L
i is often treated as a pure materials constant,

depending only on the permeant and the membrane material, but in fact the nature
of the solvent used in the liquid phase is also important. From Equations (2.28)
and (2.25), P L

i can be written as

P L
i = Di · γ L

i /γi(m) · ρm

ρo

(2.29)

The presence of the term γ L
i makes the permeability coefficient a function

of the solvent used as the liquid phase. Some experimental data illustrating
this effect are shown in Figure 2.7 [11], which is a plot of the product of the
progesterone flux and the membrane thickness, Ji� against the concentration
difference across the membrane, (cio − ci�). From Equation (2.28), the slope of
this line is the permeability, P L

i . Three sets of dialysis permeation experiments
are reported, in which the solvent used to dissolve the progesterone is water,
silicone oil and poly(ethylene glycol) MW 600 (PEG 600), respectively. The
permeability calculated from these plots varies from 9.5 × 10−7 cm2/s for water
to 6.5 × 10−10 cm2/s for PEG 600. This difference reflects the activity term γ L

i

in Equation (2.28). However, when the driving force across the membrane is

Figure 2.7 Permeation of progesterone through polyethylene vinyl acetate films. The
thickness-normalized progesterone flux (Ji · �) is plotted against the progesterone con-
centration across the membrane, �c [11]. The solvents for the progesterone are (a) water,
(b) silicone oil and (c) poly(ethylene glycol) (PEG 600). Because of the different solu-
bilities of progesterone in these solvents, the permeabilities calculated from these data
through Equation (2.28) vary 1000-fold. All the data can be rationalized onto a single
curve by plotting the thickness-normalized flux against fractional progesterone saturation
as described in the text and shown in (d). The slope of this line, P L

i csat or Dimiρm/γi(m)

is a materials property dependent only on the membrane material and the permeant and
independent of the solvent
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represented not as a difference in concentration but as a difference in fractional
saturation between the feed and permeate solution, all the data fall on a single
line as shown in Figure 2.7(d). The slope of this line is the term P L

i csat. This
result is also in agreement with Equation (2.29), which when combined with
the approximation that, for dilute solutions, the activity of component i can be
written as

γ L
i = 1

nisat

= miρo

cisat

(2.30)

yields

P L
i cisat = Dimiρm

γi(m)

(2.31)

The terms Dimiρm/γi(m)
and, therefore, P L

i csat are determined solely by the per-
meant and the membrane material and are thus independent of the liquid phase
surrounding the membrane.

Reverse Osmosis

Reverse osmosis and normal osmosis (dialysis) are directly related processes.
In simple terms, if a selective membrane (i.e., a membrane freely permeable to
water, but much less permeable to salt) separates a salt solution from pure water,
water will pass through the membrane from the pure water side of the membrane
into the side less concentrated in water (salt side) as shown in Figure 2.8. This
process is called normal osmosis. If a hydrostatic pressure is applied to the salt
side of the membrane, the flow of water can be retarded and, when the applied
pressure is sufficient, the flow ceases. The hydrostatic pressure required to stop

Osmosis

Water Salt
solution

Semipermeable
membrane

Osmotic equilibrium

Osmotic
pressure

(∆p)
Hydrostatic
pressure
(∆p > ∆p)

Reverse osmosis

Figure 2.8 A schematic illustration of the relationship between osmosis (dialysis), os-
motic equilibrium and reverse osmosis
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the water flow is called the osmotic pressure (�π). If pressures greater than the
osmotic pressure are applied to the salt side of the membrane, then the flow of
water is reversed, and water begins to flow from the salt solution to the pure
water side of the membrane. This process is called reverse osmosis, which is an
important method of producing pure water from salt solutions.

Reverse osmosis usually involves two components, water (i) and salt (j ).
Following the general procedure, the chemical potentials at both sides of the
membrane are first equated. At the feed interface, the pressure in the feed solution
and within the membrane are identical (as shown in Figure 2.6c). Equating the
chemical potentials at this interface gives the same expression as in dialysis [cf.
Equation (2.26)]

cio(m)
= KL

i · cio (2.32)

A pressure difference exists at the permeate interface (as shown in Figure 2.6c)
from po within the membrane to p� in the permeate solution. Equating the chem-
ical potentials across this interface gives

µi� = µi�(m)
(2.33)

Substituting the appropriate expression for the chemical potential of an incom-
pressible fluid to the liquid and membrane phases [Equation (2.7)] yields

µo
i + RT ln(γ L

i�
ni�) + υi(p� − pisat) = µo

i + RT ln(γi�(m)
ni�(m)

) + υi(po − pisat)

(2.34)

which leads to

ln(γ L
i�
ni�) = ln(γ L

i�(m)
ni�(m)

) + υi(po − p�)

RT
(2.35)

Rearranging and substituting for the sorption coefficient, KL
i [Equations (2.10)

and (2.25)], gives the expression

ci�(m)
= KL

i · ci� · exp

[−υi(po − p�)

RT

]
(2.36)

The expressions for the concentrations within the membrane at the interface in
Equations (2.32) and (2.36) can now be substituted into the Fick’s law expression,
Equation (2.13), to yield

Ji = DiK
L
i

�

{
cio − ci� exp

[−υi(po − p�)

RT

]}
(2.37)

Equation (2.37) and the equivalent expression for component j give the water
flux and the salt flux across the reverse osmosis membrane in terms of the
pressure and concentration difference across the membrane. There is an analytical
expression for Equation (2.37) for a two-component feed mixture that allows the
performance of the membrane to be calculated for known permeabilities, DiK

L
i /�

and DjK
L
j /�, and feed concentrations, cio and cjo

. However, more commonly
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Equation (2.37) is simplified by assuming that the membrane selectivity is high,
that is, DiK

L
i /� � DjK

L
j /�. This is a good assumption for most of the reverse

osmosis membranes used to separate salts from water. Consider the water flux
first. At the point at which the applied hydrostatic pressure balances the water
activity gradient, that is, the point of osmotic equilibrium in Figure 2.6(b), the
flux of water across the membrane is zero. Equation (2.37) becomes

Ji = 0 = DiK
L
i

�

{
cio − ci� exp

[−υi(�π)

RT

]}
(2.38)

and, on rearranging

ci� = cio exp

[
υi(�π)

RT

]
(2.39)

At hydrostatic pressures higher than �π , Equations (2.37) and (2.39) can be
combined to yield

Ji = DiK
L
i cio

�

(
1 − exp

{−υi[(po − p�) − �π]

RT

})
(2.40)

or

Ji = DiK
L
i cio

�

{
1 − exp

[−υi(�p − �π)

RT

]}
(2.41)

where �p is the difference in hydrostatic pressure across the membrane (po −
p�). A trial calculation shows that the term −υi(�p − �π)/RT is small under
the normal conditions of reverse osmosis. For example, in water desalination,
when �p = 100 atm, �π = 10 atm, and υi = 18 cm3/mol, the term υi(�p −
�π)/RT is about 0.06.

Under these conditions, the simplification 1 − exp(x) → x as x → 0 can be
used, and Equation (2.41) can be written to a very good approximation as

Ji = DiK
L
i cioυi(�p − �π)

�RT
(2.42)

This equation can be simplified to

Ji = A(�p − �π) (2.43)

where A is a constant equal to the term DiK
L
i cioυi/�RT . In the reverse osmosis

literature, the constant A is usually called the water permeability constant.
Similarly, a simplified expression for the salt flux, Jj , through the membrane

can be derived, starting with the equivalent to Equation (2.37)

Jj = DjK
L
j

�

{
cjo

− cj�
exp

[−υj (po − p�)

RT

]}
(2.44)
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Because the term −υj (po − p�)/RT is small, the exponential term in Equa-
tion (2.44) is close to one, and Equation (2.44) can then be written as

Jj = DjK
L
j

�
(cjo

− cj�
) (2.45)

or
Jj = B(cjo

− cj�
) (2.46)

where B is usually called the salt permeability constant and has the value

B = DjK
L
j

�
(2.47)

Predictions of salt and water transport can be made from this application of
the solution-diffusion model to reverse osmosis (first derived by Merten and co-
workers) [12,13]. According to Equation (2.43), the water flux through a reverse
osmosis membrane remains small up to the osmotic pressure of the salt solution
and then increases with applied pressure, whereas according to Equation (2.46),
the salt flux is essentially independent of pressure. Some typical results are shown
in Figure 2.9. Also shown in this figure is a term called the rejection coefficient,
R, which is defined as

R =
(

1 − cj�

cjo

)
× 100 % (2.48)

The rejection coefficient is a measure of the ability of the membrane to separate
salt from the feed solution.

For a perfectly selective membrane the permeate salt concentration, cj�
= 0

and R = 100 %, and for a completely unselective membrane the permeate salt
concentration is the same as the feed salt concentration, cj�

= cjo
and R = 0 %.

The rejection coefficient increases with applied pressure as shown in Figure 2.9,
because the water flux increases with pressure, but the salt flux does not.

Hyperfiltration

By convention, the term reverse osmosis is used to describe the separation of
an aqueous salt solution by pressure-driven flow through a semipermeable mem-
brane. Recently, the same type of process has been applied to the separation of
organic mixtures. For example, Mobil Oil has installed a large plant to separate
methyl ethyl ketone (MEK) from MEK–oil mixtures created in the production of
lubricating oil [14] as described in Chapter 5. Separation of this type of mixture
is probably best called hyperfiltration.
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Figure 2.9 Flux and rejection data for a model seawater solution (3.5 % sodium chloride)
in a good quality reverse osmosis membrane (FilmTec Corp. FT 30 membrane) as a
function of pressure [10]. The salt flux, in accordance with Equation (2.44), is essentially
constant and independent of pressure. The water flux, in accordance with Equation (2.43),
increases with pressure, and, at zero flux, meets the pressure axis at the osmotic pressure
of seawater ∼350 psi

The mathematical description of this process is identical to that of reverse
osmosis given in Equations (2.37) and (2.44) and leads to expressions for the
solute and solvent fluxes

Ji = DiK
L
i

�

{
cio − ci� exp

[−υi(po − p�)

RT

]}
(2.49)
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and

Jj = DjK
L
j

�

{
cjo

− cj�
exp

[−υj (po − p�)

RT

]}
(2.50)

With the advent of the personal computer, the numerical solution to these
equations is straightforward even for multicomponent mixtures. Figure 2.10
shows an example calculation for the separation of a 20 wt% solution of n-
decane in MEK. In these calculations, the ratio of the permeabilities of MEK
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Figure 2.10 Flux and rejection curves calculated using Equations (2.49) and (2.50) for
a 20 wt % n-decane solution in methyl ethyl ketone (MEK). MEK is assumed to be 10
times more permeable than n-decane
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and n-decane, DiKi/DjKj , is set at 10. The curves have essentially the same
form as the salt solution flux data in Figure 2.9. At high pressures, the rejection
approaches a limiting value of 90 %, and the limiting Equations (2.43) for the
solvent (MEK) flux and (2.47) for the solute flux apply.

Gas Separation

In gas separation, a gas mixture at a pressure po is applied to the feed side of the
membrane, while the permeate gas at a lower pressure (p�) is removed from the
downstream side of the membrane. As before, the starting point for the derivation
of the gas separation transport equation is to equate the chemical potentials on
either side of the gas/membrane interface. This time, however, the chemical
potential for the gas phase is given by Equation (2.8) for a compressible fluid,
whereas Equation (2.7) for an incompressible medium is applied to the membrane
phase. Substitution of these equations into Equation (2.20) at the gas/membrane
feed interface yields3

µo
i + RT ln(γ G

io
nio ) + RT ln

po

pisat

= µo
i + RT ln(γio(m)

nio(m)
) + υi(po − pisat)

(2.51)

which rearranges to

nio(m)
= γ G

io

γio(m)

· po

pisat

· nio exp

[−υi(po − pisat)

RT

]
(2.52)

Because the exponential term is again very close to one,4 even for very high
pressures (po), Equation (2.52) reduces to

nio(m)
= γ G

io
nio

γio(m)

· po

pisat

(2.53)

The term niopo is the partial pressure of i in the feed gas, pio . Equation (2.53)
then simplifies to

nio(m)
= γ G

i(o)

γio(m)

· pio

pisat

(2.54)

or

cio(m)
= miρm

γ G
io

pio

γio(m)
pisat

(2.55)

3At this point the superscript G is introduced to denote the gas phase. For example γ G
i , the activity

of component i in the gas phase, and KG
i , the sorption coefficient of component i between the gas

and membrane phases [Equation (2.56)].
4In evaluating this exponential term (the Poynting correction), it is important to recognize that υi is
not the molar volume of i in the gas phase, but the molar volume of i dissolved in the membrane
material, which is approximately equal to the molar volume of liquid i.
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By defining a gas phase sorption coefficient KG
i as

KG
i = miρmγ G

io

γio(m)
pisat

(2.56)

the concentration of component i at the feed interface of the membrane can be
written as

cio(m)
= KG

i · pio (2.57)

In exactly the same way, the concentration of component i at the membrane/
permeate interface can be shown to be

ci�(m)
= KG

i · pi� (2.58)

Combining Equations (2.57) and (2.58) with the Fick’s law expression, Equa-
tion (2.13), gives

Ji = DiK
G
i (pio − pi�)

�
(2.59)

The product DiK
G
i is often abbreviated to a permeability coefficient, P G

i , to give
the familiar expression

Ji = P G
i (pio − pi�)

�
(2.60)

Equation (2.60) is widely used to accurately and predictably rationalize the prop-
erties of gas permeation membranes.

The derivation of Equation (2.60) might be seen as a long-winded way of arriv-
ing at a trivial result. However, this derivation explicitly clarifies the assumptions
behind this equation. First, a gradient in concentration occurs within the mem-
brane, but there is no gradient in pressure. Second, the absorption of a component
into the membrane is proportional to its activity (partial pressure) in the adjacent
gas, but is independent of the total gas pressure. This is related to the approxi-
mation made in Equation (2.52), in which the Poynting correction was assumed
to be 1.

The permeability coefficient, P G
i , equal to the product DiK

G
i can be expressed

from the definition of KG
i in Equation (2.56) as

P G
i = γ G

i Dimiρm

γi(m)
· pisat

(2.61)

In Equation (2.60) the membrane flux, Ji , is a mass flux (g/cm2 · s), whereas
the gas separation literature predominantly uses a molar flux, typically expressed
in the units cm3(STP)/cm2 · s. The molar flux, ji , can be linked to the mass flux,
Ji , by the expression

ji = Ji

υG
i

mi

(2.62)
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where υG
i is the molar volume of gas i (cm3(STP)/mol). Similarly the mass

permeability unit P G
i , defined in Equation (2.60), can be linked to the molar gas

permeability PG
i , usually in the units cm3(STP) · cm/cm2 · s · cmHg, as

PG
i = P G

i υG
i

mi

(2.63)

Equation (2.60) can then be written as

ji = PG
i

�
(pio − pi�) (2.64)

and combining Equations (2.61) and (2.63) gives

PG
i = γ G

i Diυ
G
i ρ(m)

γi(m)
pisat

(2.65)

Equation (2.65) is not commonly used as an expression for gas-phase mem-
brane permeability, but is of interest because it shows that large permeability
coefficients are obtained for compounds with a large diffusion coefficient (Di),
a limited affinity for the gas phase (large γ G

i ), a high affinity for the membrane
material (small γi(m)), and a low saturation vapor pressure (pisat). The molar gas
permeation permeability (PG

i ) is close to being a materials constant, relatively
independent of the composition and pressure of the feed and permeate gases.
This is in sharp contrast to the permeability constant for liquids as described in
the discussion centered on Figure 2.7 earlier, but, even for gases, the concept of
permeability as a materials constant must be treated with caution. For example,
the permeability of vapors at partial pressures close to saturation often increases
substantially with increasing partial pressure. This effect is commonly ascribed
to plasticization and other effects of the permeant on the membrane, changing
Di and γi(m)

in Equation (2.65). However, significant deviations of the vapor’s
activity coefficient, γ G

i , from ideality can also occur at high partial pressures.
Equation (2.65) is also a useful way to rationalize the effect of molecular

weight on permeability. The permeant’s saturation vapor pressure (pisat) and dif-
fusion coefficient both decrease with increasing molecular weight, creating com-
peting effects on the permeability coefficient. In glassy polymers, the decrease
in diffusion coefficient far outweighs other effects, and permeabilities fall sig-
nificantly as molecular weight increases [15]. In rubbery polymers, on the other
hand, the two effects are more balanced. For molecular weights up to 100, per-
meability generally increases with increasing molecular weight because pisat is
the dominant term. Above molecular weight 100, the molecular weight term
gradually becomes dominant, and permeabilities fall with increasing molecular
weight of the permeant. Some data illustrating this behavior for permeation of
simple alkanes in silicone rubber membranes are shown in Figure 2.11. As the
molecular weight increases from CH4 to C5H12, the effect of the decrease in pisat
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Figure 2.11 Permeability coefficient, PG
i , of n-alkanes in poly(dimethylsiloxane) as a

function of saturation pressure (pisat)

is larger than the effect of increasing size or Di . Above pentane, however, the
trend is reversed.

Pervaporation

Pervaporation is a separation process in which a multicomponent liquid is passed
across a membrane that preferentially permeates one or more of the components.
A partial vacuum is maintained on the permeate side of the membrane, so that
the permeating components are removed as a vapor mixture. Transport through
the membrane is induced by maintaining the vapor pressure of the gas on the
permeate side of the membrane at a lower vapor pressure than the feed liquid.
The gradients in chemical potential, pressure, and activity across the membrane
are illustrated in Figure 2.12.

At the liquid solution/membrane feed interface, the chemical potential of the
feed liquid is equilibrated with the chemical potential in the membrane at the
same pressure. Equation (2.7) then gives

µo
i + RT ln(γ L

io
nio ) + υi(po − pisat) = µo

i + RT ln(γio(m)
nio(m)

) + υi(po − pisat)

(2.66)

which leads to an expression for the concentration at the feed side interface

cio(m)
= γ L

io
ρm

γio(m)
ρo

· cio = KL
i · cio (2.67)
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Figure 2.12 Chemical potential, pressure, and activity profiles through a pervaporation
membrane following the solution-diffusion model

where KL
i is the liquid-phase sorption coefficient defined in Equation (2.26) in

the dialysis section.
At the permeate gas/membrane interface, the pressure drops from po in the

membrane to p� in the permeate vapor. The equivalent expression for the chem-
ical potentials in each phase is then

µo
i + RT ln(γ G

i�
ni�) + RT ln

(
p�

pisat

)
= µo

i + RT ln(γi�(m)
ni) + υi(po − pisat)

(2.68)

Rearranging Equation (2.68) gives

ni�(m)
= γ G

i�

γi�(m)

· p�

pisat

· ni� · exp

[−υi(po − pisat)

RT

]
(2.69)

As before, the exponential term is close to unity; thus, the concentration at the
permeate side interface is

ni�(m)
= γ G

i�

γi�(m)

· ni� · p�

pisat

(2.70)

The product ni�p� can be replaced by the partial pressure term pi� , thus

ni�(m)
= γ G

i�

γi�(m)

· pi�

pisat

(2.71)

or, substituting concentration for mole fraction from Equation (2.10),

ci�(m)
= miρm · γ G

i�
pi�

γi�(m)
pisat

= KG
i pi� (2.72)
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where KG
i is the gas-phase sorption coefficient defined in Equation (2.56) in the

gas separation section.
The concentration terms in Equations (2.67) and (2.72) can be substituted into

Equation (2.13) (Fick’s law) to obtain an expression for the membrane flux.

Ji = Di(K
L
i cio − KG

i pi�)

�
(2.73)

However, the sorption coefficient in Equation (2.67) is a liquid-phase coefficient,
whereas the sorption coefficient in Equation (2.72) is a gas-phase coefficient. The
interconversion of these two coefficients can be handled by considering a hypo-
thetical vapor in equilibrium with a feed solution. This vapor–liquid equilibrium
can then be written

µo
i + RT ln(γ L

i nL
i ) + υi(p − pisat) = µo

i + RT ln(γ G
i nG

i ) + RT ln

(
p

pisat

)
(2.74)

where the superscripts L and G represent the liquid and the gas phases. By follow-
ing the same steps as were taken from Equation (2.68) to (2.72), Equation (2.74)
becomes

nL
i = γ G

i pi

γ L
i pisat

(2.75)

Substituting for concentration with Equation (2.10) gives

cL
i = miρ

γ G
i pi

γ L
i pisat

(2.76)

and so

cL
i = KG

i

KL
i

· pi (2.77)

This expression links the concentration of component i in the liquid phase, cL
i

with pi , the partial vapor pressure of i in equilibrium with the liquid. Substitution
of Equation (2.77) into Equation (2.73) yields

Ji = DiK
G
i (pio − pi�)

�
(2.78)

where pio and pi� are the partial vapor pressures of component i on either side
of the membrane. Equation (2.67) can also be written as

Ji = P G
i

�
(pio − pi�) (2.79)

This equation explicitly expresses the driving force in pervaporation as the vapor
pressure difference across the membrane, a form of the pervaporation process
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derived first by Kataoka et al. [16]. Equation (2.77) links the concentration of a
sorbed vapor in the liquid phase (cL

io
) with the equilibrium partial pressure of the

vapor. This is known as Henry’s law and is usually written as5

Hi · cL
i = pi (2.80)

From Equations (2.77) and (2.80) it follows that the Henry’s law coefficient, Hi ,
can be written as

Hi = KL
i

KG
i

= γ L
i pisat

miργ G
i

(2.81)

These expressions can be used to write Equation (2.73) as

Ji = P G
i

�
(cioHi − pi�) (2.82)

or

Ji = P L
i

�
(cio − pi�/Hi) (2.83)

Equation (2.79) expresses the driving force in pervaporation in terms of the vapor
pressure. The driving force could equally well have been expressed in terms
of concentration differences, as in Equation (2.83). However, in practice, the
vapor pressure expression provides much more useful results and clearly shows
the connection between pervaporation and gas separation, Equation (2.60). Also,
P G

i , the gas phase coefficient, is much less dependent on temperature than P L
i .

The reliability of Equation (2.79) has been amply demonstrated experimentally
[17,18]. Figure 2.13, for example, shows data for the pervaporation of water as a
function of permeate pressure. As the permeate pressure (pi�) increases, the water
flux falls, reaching zero flux when the permeate pressure is equal to the feed-
liquid vapor pressure (pisat) at the temperature of the experiment. The straight
lines in Figure 2.13 indicate that the permeability coefficient (P G

i ) of water in
silicone rubber is constant, as expected in this and similar systems in which the
membrane material is a rubbery polymer and the permeant swells the polymer
only moderately.

Greenlaw et al. [18] have studied the effect of feed and permeate pressure
on pervaporation flux in some detail; some illustrative results are shown in

5In Equation (2.80), the Henry’s law coefficient Hi has the units atm · cm3/g. More commonly,
Henry’s law is written in terms of mole fraction:

H ′
i · nL

i = pi

where H ′
i has the units atm/mol fraction. Using Equation (2.10), the two coefficients are linked by

the expression

Hi = H ′
i

mi · pi
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Figure 2.13 The effect of permeate pressure on the water flux through a silicone rubber
pervaporation membrane. The arrows on the lower axis represent the saturation vapor
pressures of the feed solution at the temperature of these experiments as predicted by
Equation (2.79) [15]

Figure 2.14. As Figure 2.14(a) shows, the dependence of flux on permeate pres-
sure in pervaporation is in accordance with Equation (2.79). The flux decreases
with increasing permeate pressure, reaching a minimum value when the perme-
ate pressure equals the saturation vapor pressure of the feed. The curvature of
the line in Figure 2.14(a) shows that the permeability coefficient decreases with
decreasing permeate pressure, that is, P G

hexane decreases as hexane concentration in
the membrane decreases. This behavior is typical of membranes that are swollen
significantly by the permeant. If, on the other hand, as shown in Figure 2.14(b),
the permeate pressure is fixed at a low value, the hydrostatic pressure of the feed
liquid can be increased to as much as 20 atm without any significant change
in the flux. This is because increased hydrostatic pressure produces a minimal
change in the partial pressure of the feed liquid partial pressure (pio ), the true
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Figure 2.14 The effect of feed and permeate pressure on the flux of hexane through
a rubbery pervaporation membrane. The flux is essentially independent of feed pres-
sure up to 20 atm but is extremely sensitive to permeate pressure [18]. The explanation
for this behavior is in the transport equation (2.79). Reprinted from J. Membr. Sci. 2,
F.W. Greenlaw, W.D. Prince, R.A. Shelden and E.V. Thompson, Dependence of Diffu-
sive Permeation Rates by Upstream and Downstream Pressures, p. 141, Copyright 1977,
with permission from Elsevier

driving force shown in Equation (2.79). Thus, the properties of pervaporation
membranes illustrated in Figures 2.13 and 2.14 are easily rationalized by the
solution-diffusion model but are much more difficult to explain by a pore-flow
mechanism, although this has been tried.

Evidence for the Solution-diffusion Model

In the discussion above, the solution-diffusion model was used to derive equations
that predict the experimentally observed performance of the membrane processes
of dialysis, gas separation, reverse osmosis, and pervaporation. It was not nec-
essary to resort to any additional process-specific model to obtain these results.
This agreement between theory and experiment is good evidence for the validity
of the solution-diffusion model. Moreover, the large body of permeability, dif-
fusion, and partition coefficient data obtained over the past 20 years for these
membrane processes are in good numerical agreement with one another. This
universality and the simplicity of the solution-diffusion model are its most useful
features and are a strong argument for the validity of the model. Finally, a num-
ber of direct experimental measurements can be made to distinguish between the
solution-diffusion model and other models, such as the pore-flow model.

One prediction of the solution-diffusion model, controversial during the 1970s,
is that the action of an applied pressure on the feed side of the membrane is to
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decrease the concentration of the permeant on the low pressure side of the mem-
brane. This counterintuitive effect is illustrated by Figures 2.5 and 2.6. A number
of workers have verified this prediction experimentally with a variety of polymer
membranes, ranging from diffusion of water in glassy cellulose acetate mem-
branes to diffusion of organics in swollen rubbers [19–21]. Convincing examples
of this type of experiment are the results of Rosenbaum and Cotton shown in
Figure 2.15 [20]. In these experiments, four thin cellulose acetate films were
laminated together, placed in a high pressure reverse osmosis cell, and subjected
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Figure 2.15 Measurements of Rosenbaum and Cotton [20] of the water concentration
gradients in a laminated reverse osmosis cellulose acetate membrane under applied pres-
sures of 68 and 136 atm. Reprinted from Steady-state Distribution of Water in Cellulose
Acetate Membrane, S. Rosenbaum and O. Cotton, J. Polym. Sci. 7, 101; Copyright 
1969. This material is used by permission of John Wiley & Sons, Inc.
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to feed pressures of 68 or 136 atm. The permeate was maintained at atmospheric
pressure. After permeation through the membrane laminate had reached a steady
state, the membrane was quickly removed from the cell, and the water concen-
tration in each laminate measured. As predicted by the solution-diffusion model
and shown in Figure 2.15, the applied pressure decreases the concentration of
water on the permeate side of the membrane. Also, the concentration difference
across the membrane at 136 atm applied pressure is about twice that observed at
68 atm, and the measured concentration on the permeate side is within 20 % of
the expected value calculated from Equation (2.36).

Another series of papers by Paul and co-workers [4–6,19,22] focuses on the
same phenomenon using rubbery membranes and permeation of organic solvents
such as hexane, benzene and carbon tetrachloride. Such membranes are highly
swollen by the organic solvents and, when operated in reverse osmosis mode,
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Figure 2.16 Pressure permeation (reverse osmosis) of iso-octane and methyl ethyl ketone
through crosslinked 265-µm-thick natural rubber membranes. The change in the concen-
tration gradient in the membrane as the applied pressure is increased is illustrated by the
inserts. At high applied pressures, the concentration gradient and the permeation fluxes
approach their limiting values [4]. Reprinted from Pressure-induced Diffusion of Organic
Liquids Through Highly Swollen Polymer Membranes,” D.R. Paul and O.M. Ebra-Lima,
J. Appl. Polym. Sci. 14, 2201; Copyright  1970. This material is used by permission of
John Wiley & Sons, Inc.
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large concentration gradients develop through the membrane even at relatively
modest applied pressures. This means that the concentration in the membrane on
the permeate side approaches zero and the flux through the membrane reaches a
limiting value as the feed pressure is increased. Representative data are shown
in Figure 2.16.

Paul and Paciotti [19] took this work a step further by measuring the flux of
a liquid (hexane) through a membrane both in pervaporation experiments with
atmospheric pressure on the feed side of the membrane and a vacuum on the per-
meate side, and in reverse osmosis experiments with liquid at elevated pressures
on the feed side and at atmospheric pressure on the permeate side. The hexane
flux obtained in these two sets of experiments is plotted in Figure 2.17 against
the hexane concentration difference in the membrane (cio(m)

− ci�(m)
). The concen-

trations, cio(m)
and ci�(m)

, were calculated from Equations (2.26), (2.36) and (2.72).

Hexane concentration difference in membrane,
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Figure 2.17 Flux of n-hexane through a rubbery membrane as a function of the hexane
concentration difference in the membrane. Data taken from both reverse osmosis (ž) and
pervaporation (Ž) experiments. Feed-side and permeate-side membrane concentrations,
cio(m)

and ci�(m)
, calculated from the operating conditions through Equations (2.26), (2.36)

and (2.76). Maximum flux is obtained at the maximum concentration difference, when the
permeate-side membrane concentration (ci�(m)

), equals zero [19]. Reprinted from Driving
Force for Hydraulic and Pervaporation Transport in Homogeneous Membranes, D.R. Paul
and D.J. Paciotti, J. Polym. Sci., Polym. Phys. Ed. 13, 1201; Copyright  1975. This
material is used by permission of John Wiley & Sons, Inc.
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Sorption data were used to obtain values for KL
i . As pointed out by Paul and

Paciotti, the data in Figure 2.17 show that reverse osmosis and pervaporation obey
one unique transport equation—Fick’s law. In other words, transport follows
the solution-diffusion model. The slope of the curve decreases at the higher
concentration differences, that is, at smaller values for ci�(m)

because of decreases
in the diffusion coefficient, as the swelling of the membrane decreases.

The results illustrated in Figure 2.16 show that the solvent flux tends towards
a limiting value at very high pressures. This value is reached when the concen-
tration of sorbed solvent at the permeate side of the membrane reaches zero, the
limiting value.

Structure–Permeability Relationships in Solution-diffusion
Membranes

In the preceding section the effect of concentration and pressure gradient driving
forces on permeation through membranes was described in terms of the solution-
diffusion model and Fick’s law. The resulting equations all contain a permeability
term, P , that must be experimentally determined. This section describes how the
nature of the membrane material affects permeant diffusion and sorption coeffi-
cients, which in turn determine membrane permeability. This is a difficult subject.
By analyzing the factors that determine membrane permeability, useful corre-
lations and rules of thumb can be derived to guide the selection of membrane
materials with the optimum flux and selectivity properties. Most of the experimen-
tal data in this area have been obtained with gas-permeable membranes. However,
the same general principles apply to all polymeric solution-diffusion membranes.

The problem of predicting membrane permeability can be divided into two
parts because permeability is the product of the diffusion coefficient and the
sorption coefficient:

P = D · K (2.84)

The sorption coefficient (K) in Equation (2.84) is the term linking the concen-
tration of a component in the fluid phase with its concentration in the membrane
polymer phase. Because sorption is an equilibrium term, conventional thermo-
dynamics can be used to calculate solubilities of gases in polymers to within
a factor of two or three. However, diffusion coefficients (D) are kinetic terms
that reflect the effect of the surrounding environment on the molecular motion of
permeating components. Calculation of diffusion coefficients in liquids and gases
is possible, but calculation of diffusion coefficients in polymers is much more
difficult. In the long term, the best hope for accurate predictions of diffusion in
polymers is the molecular dynamics calculations described in an earlier section.
However, this technique is still under development and is currently limited to
calculations of the diffusion of small gas molecules in amorphous polymers; the
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Figure 2.18 Diffusion and sorption coefficients plotted for gases in a family of 18 related
polyimides. Data of Tanaka et al. [23]

agreement between theory and experiment is modest. In the meantime, simple
correlations based on polymer free volume must be used.

As a general rule, membrane material changes affect the diffusion coefficient
of a permeant much more than the sorption coefficient. For example, Figure 2.18
shows some typical gas permeation data taken from a paper of Tanaka et al. [23].
The diffusion and sorption coefficients of four gases in a family of 18 related
polyimides are plotted against each other. Both sorption and diffusion coefficients
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are fairly well grouped for each gas. However, for any one gas the difference
in diffusion coefficient from the highest to lowest value is approximately 100-
fold, whereas the spread in sorption coefficient is only 2- to 4-fold. Changes
in polymer chemistry affect both the sorption and diffusion coefficients, but the
effect on the diffusion coefficient is much more profound.

More detailed examination of the data shown in Figure 2.18 shows that the
relative position of each polymer within the group of 18 is approximately the
same for all gases. That is, the polymer with the highest diffusion coefficient for
methane also has the highest diffusion coefficient for nitrogen, carbon dioxide and
hydrogen. The trend for the solubility coefficients is similar. As a general rule,
changes in polymer chemistry and structure that change the diffusion coefficient
or sorption coefficient of one gas change the properties of other gases in the
same way. This is why membrane permeabilities can be easily varied by orders
of magnitude by changing the membrane material, whereas changing membrane
selectivities (proportional to the ratio of permeabilities) by more than a factor of
two or three is difficult.

In the following sections the factors that determine the magnitude of diffusion
and solubility coefficients in polymers are discussed.

Diffusion Coefficients

The Fick’s law diffusion coefficient of a permeating molecule is a measure of
the frequency with which the molecule moves and the size of each movement.
Therefore, the magnitude of the diffusion coefficient is governed by the restrain-
ing forces of the medium on the diffusing species. Isotopically labeled carbon
in a diamond lattice has a very small diffusion coefficient. The carbon atoms of
diamond move infrequently, and each movement is very small—only 1 to 2 Å.
On the other hand, isotopically labeled carbon dioxide in a gas has an extremely
large diffusion coefficient. The gas molecules are in constant motion and each
jump is of the order of 1000 Å or more. Table 2.1 lists some representative values
of diffusion coefficients in different media.

Table 2.1 Typical diffusion coefficients in various media (25 ◦C)

Permeant/material Diffusion coefficient, D
(cm2/s)

Oxygen in air (atmospheric pressure) 1 × 10−1

Salt in water 1.5 × 10−5

Albumin (MW 60 000) in water 6 × 10−7

Oxygen in silicone rubber 1 × 10−5

Oxygen in polysulfone 4 × 10−8

Sodium atoms in sodium chloride crystals 1 × 10−20

Aluminum atoms in metallic copper 1 × 10−30
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The main observation from Table 2.1 is the enormous range of values of
diffusion coefficients—from 10−1 to 10−30 cm2/s. Diffusion in gases is well
understood and is treated in standard textbooks dealing with the kinetic theory
of gases [24,25]. Diffusion in metals and crystals is a topic of considerable inter-
est to the semiconductor industry but not to membrane permeation. This book
focuses principally on diffusion in liquids and polymers in which the diffusion
coefficient can vary from about 10−5 to about 10−10 cm2/s.

Diffusion in Liquids

Liquids are simple, well defined systems and provide the starting point for modern
theories of diffusion. An early and still fundamentally sound equation was derived
by Einstein who applied simple macroscopic hydrodynamics to diffusion at the
molecular level. He assumed the diffusing solute to be a sphere moving in a
continuous fluid of solvent, in which case it can be shown that

D = kT

6πaη
(2.85)

where k is Boltzmann’s constant, a is the radius of the solute and η is the
solution viscosity. This is known as the Stokes–Einstein equation. The equation
is a good approximation for large solutes with radii greater than 5–10 Å. But,
as the solute becomes smaller, the approximation of the solvent as a continuous
fluid becomes less valid. In this case there may be slip of solvent at the solute
molecule’s surface. A second limiting case assumes complete slip at the surface
of the solute sphere; in this case

D = kT

4πaη
(2.86)

Thus, the Stokes–Einstein equation is perhaps best expressed as

D = kT

nπaη
4 ≤ n ≤ 6 (2.87)

An important conclusion to be drawn from the Stokes–Einstein equation is that
the diffusion coefficient of solutes in a liquid only changes slowly with molec-
ular weight, because the diffusion coefficient is proportional to the reciprocal of
the radius, which in turn is approximately proportional to the cube root of the
molecular weight.

Application of the Stokes–Einstein equation requires a value for the solute
radius. A simple approach is to assume the molecule to be spherical and to
calculate the solute radius from the molar volume of the chemical groups making
up the molecule. Using values for the solute radius calculated this way along
with measured and known diffusion coefficients of solutes in water, Edward [26]
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Figure 2.19 Value of the coefficient n in the Stokes–Einstein equation [Equation (2.87)]
required to achieve agreement between calculation and experimental solute diffusion coef-
ficients in water. [26]. Reprinted with permission from the Journal of Chemical Education
47, No. 4, 1970, pp. 261–270, Figure 12, copyright  1970, Division of Chemical Edu-
cation, Inc.

constructed the graph of the coefficient n in the Stokes–Einstein equation, Equa-
tion (2.87), as a function of solute radius as shown in Figure 2.19. With large
solutes, n approaches 6, that is, Einstein’s application of normal macroscopic
fluid dynamics at the molecular level is a valid approximation. However, when
the solute radius falls below about 4 Å water can no longer be regarded as a
continuous fluid, and n falls below 6. Nonetheless, that an equation based on
macroscopic hydrodynamic theory applies to molecules to the 4 Å level is an
interesting result.

The Stokes–Einstein equation works well for diffusion of solutes in simple
liquids but fails in more complex fluids, such as a solution of a high-molecular-
weight polymer. Dissolving a polymer in a liquid increases the solvent’s viscosity,
but the solute’s diffusion coefficient is not significantly affected. For example, as
the concentration of poly(vinyl pyrrolidone) dissolved in water is changed from 0
to 20 wt %, the viscosity of the solution increases by several orders of magnitude.
However, the diffusion coefficient of sucrose in these solutions only changes by a
factor of four [27]. The long polymer chains of dissolved poly(vinyl pyrrolidone)
molecules link distant parts of the aqueous solution and change the viscosity of the
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fluid substantially, but, in the fluid immediately surrounding the diffusing sucrose
molecule, the effect of polymer chain length is much less noticeable. This result
illustrates the difference between the microscopic viscosity in the immediate
environment of the diffusing solute and the macroscopic viscosity measured by
conventional viscometers. In simple liquids the macroscopic and microscopic
viscosities are the same, but in liquids containing dissolved macromolecules,
or in gels and polymer films, the microscopic viscosity and the macroscopic
viscosity differ significantly.

Diffusion in Polymers

The concept that the local environment around the permeating molecule determines
the permeate’s diffusion coefficient is key to understanding diffusion in polymer
membranes. Polymers can be divided into two broad categories—rubbery and
glassy. In a rubbery polymer, segments of the polymer backbone can rotate freely
around their axis; this makes the polymer soft and elastic. Thermal motion of these
segments also leads to high permeant diffusion coefficients. In a glassy polymer,
steric hindrance along the polymer backbone prohibits rotation of polymer seg-
ments; the result is a rigid, tough polymer. Thermal motion in this type of material
is limited, so permeant diffusion coefficients are low. If the temperature of a glassy
polymer is raised, a point is reached at which the increase in thermal energy is
sufficient to overcome the steric hindrance restricting rotation of polymer back-
bone segments. At this temperature, called the glass transition temperature (Tg),
the polymer changes from a glass to a rubber.

Figure 2.20 shows a plot of diffusion coefficient as a function of molecu-
lar weight for permeants diffusing through a liquid (water), two soft rubbery
polymers (natural rubber and silicone rubber), and a hard, stiff glassy polymer
(polystyrene) [28]. For very small molecules, such as helium and hydrogen, the
diffusion coefficients in all of the media are comparable, differing by no more
than a factor of two or three. These very small molecules only interact with
one or two atoms in their immediate proximity. The local environment for these
small solutes in the three polymers is not radically different to that in a liquid
such as water. On the other hand, larger diffusing solutes with molecular weights
of 200 to 300 and above have molecular diameters of 6 to 10 Å. Such solutes
are in quite different local environments in the different media. In water, the
Stokes–Einstein equation applies, and the resistance to movement of the solute
is not much larger than that of a very small solute. In polymer membranes, how-
ever, several segments of the polymer chain are involved in each movement of
the diffusing species. This type of cooperative movement is statistically unlikely;
consequently, diffusion coefficients are much smaller than in liquid water. More-
over, the differences between the motion of polymer segments in the flexible
rubbery membranes and in the stiff polystyrene membrane are large. The poly-
mer chains in rubbers are considerably more flexible and rotate more easily than
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Figure 2.20 Permeant diffusion coefficient as a function of permeant molecular weight
in water, natural rubber, silicone rubber and polystyrene. Diffusion coefficients of solutes
in polymers usually lie between the value in natural rubber, an extremely permeable
polymer, and the value in polystyrene, an extremely impermeable material [28]

those in polystyrene. One manifestation of this difference in chain flexibility is the
difference in elastic properties; another is the difference in diffusion coefficient.

An example of the change in diffusion coefficient as the matrix material
changes is illustrated by Figure 2.21. In this example, the polymer matrix material
is changed by plasticization of the polymer, ethyl cellulose, by the perme-
ant, dichloroethane [29]. The resulting change in the diffusion coefficient is
shown in the figure. The concentration of dichloroethane in the polymer matrix
increases from very low levels (<1 % dichloroethane) to very high levels (>90 %
dichloroethane). As the concentration of dichloroethane increases, the polymer
changes from a glassy polymer to a rubbery polymer, to a solvent-swollen gel,
and finally to a dilute polymer solution. Ethyl cellulose is a glassy polymer with
a glass transition of about 45–50 ◦C. At low concentrations of dichloroethane
(below about 5 vol %) in the polymer, the ethyl cellulose matrix is glassy, and
the dichloroethane diffusion coefficient is in the range 1 to 5 × 10−9 cm2/s. As

FOR REFERENCE PURPOSES ONLY



MEMBRANE TRANSPORT THEORY 55

Volume fraction, dichloroethane
0 0.2 0.4 0.6

Polymer
solution

Polymer
gel

Rubbery
polymer

From Artsis et al. (1972)

Glassy
polymer

0.8 1.0

10−6

10−7

10−8

10−9

D
ic

hl
or

oe
th

an
e 

di
ffu

si
on

 c
oe

ffi
ci

en
t (

cm
2 /

s)

Figure 2.21 Changes in the diffusion coefficient of dichloroethane in ethyl cellulose as
a function of the volume fraction of dichloroethane dissolved in the polymer matrix. Data
of Artsis et al. [29]

the dichloroethane concentration increases to above 5 vol %, enough solvent has
dissolved in the polymer to reduce the glass transition temperature to below the
temperature of the experiment. The polymer chains then have sufficient freedom
to rotate, and the polymer becomes rubbery. As the dichloroethane concentration
increases further, the polymer chain mobility also increases as does the diffusion
coefficient of dichloroethane. At 20 % dichloroethane, the diffusion coefficient
is 1 × 10−7 cm2/s, 100 times greater than the diffusion coefficient in the glassy
polymer. Above 20 vol % dichloroethane, sufficient solvent is present to allow
relatively large segments of the polymer chain to move. In this range, between 20
and 70 vol % dichloroethane, the matrix is best characterized as a solvent-swollen
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gel, and the diffusion coefficient of dichloroethane increases from 1 × 10−7 to
2 × 10−6 cm2/s. Finally, at dichloroethane concentrations above 70 vol %, suffi-
cient solvent is present for the matrix to be characterized as a polymer solution.
In this final solvent concentration range, the increase in diffusion coefficient with
further increases in dichloroethane concentration is relatively small.

Figures 2.20 and 2.21 show the significant difference between diffusion in
liquids and in rubbery and glassy polymers. A great deal of work has been
performed over the last two decades to achieve a quantitative link between the
structure of polymers and their permeation properties. No such quantitative struc-
ture–property relationship is at hand or even in sight. What has been achieved
is a set of semiempirical rules that allow the permeation properties of related
families of polymers to be correlated based on small changes in their chemical
structures. The correlating tool most generally used is the polymer’s fractional
free volume vf (cm3/cm3), usually defined as

vf = v − vo

v
(2.88)

where v is the specific volume of the polymer (cm3/g), that is, the reciprocal of
the polymer density, and vo is the volume occupied by the molecules themselves
(cm3/g). The free volume of a polymer is the sum of the many small spaces
between the polymer chains in these amorphous, noncrystalline materials.

The free volume of a polymer can be determined by measuring the polymer’s
specific volume, then calculating the occupied volume (vo) of the groups that
form the polymer. Tables of the molar volume of different chemical groups have
been prepared by Bondi [30] and Van Krevelen [31]. By summing the molar
volume of all the groups in the polymer repeat unit, the occupied molar volume
of the polymer can be calculated. The occupied volume obtained in this way
is about 1.3 times larger than the Van der Waals volume of the groups. The
factor of 1.3 occurs because some unoccupied space is inevitably present even in
crystals at 0 K. The fractional free volumes of a number of important membrane
materials are given in Table 2.2.

The concept of polymer free volume is illustrated in Figure 2.22, which shows
polymer specific volume (cm3/g) as a function of temperature. At high tem-
peratures the polymer is in the rubbery state. Because the polymer chains do
not pack perfectly, some unoccupied space—free volume—exists between the
polymer chains. This free volume is over and above the space normally present
between molecules in a crystal lattice; free volume in a rubbery polymer results
from its amorphous structure. Although this free volume is only a few percent of
the total volume, it is sufficient to allow some rotation of segments of the poly-
mer backbone at high temperatures. In this sense a rubbery polymer, although
solid at the macroscopic level, has some of the characteristics of a liquid. As
the temperature of the polymer decreases, the free volume also decreases. At the
glass transition temperature, the free volume is reduced to a point at which the
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Table 2.2 Calculated fractional free volume for representative membrane materials at
ambient temperatures (Bondi method)

Polymer Polymer
type

Glass transition
temperature, Tg

( ◦C)

Fractional free
volume

(cm3/cm3)

Silicone rubber Rubber −129 0.16
Natural rubber Rubber −73 0.16
Polycarbonate Glass 150 0.16
Poly(phenylene oxide) Glass 167 0.20
Polysulfone Glass 186 0.16
6FDA-ODA polyimide Glass 300 0.16
Poly(4-methyl-2-pentyne) (PMP) Glass >250 0.28
Poly(1-trimethylsilyl-1-propyne) (PTMSP) Glass >250 0.34

Temperature

Occupied
volume

(uo)

Free
volume

Specific
volume
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Figure 2.22 The change in specific volume as a function of temperature for a typi-
cal polymer

polymer chains can no longer rotate freely. Segmental motion then ceases, and
the remaining free volume elements between the polymer chains are essentially
frozen into the polymer matrix. As the polymer temperature is reduced further,
its occupied volume will continue to decrease as the vibrational energy of the
groups forming the polymer decreases, but the free volume elements remain
essentially constant. Therefore, a glassy polymer contains both the normal free
volume elements caused by the incomplete packing of the groups making up the
polymer chains and the excess free volume elements frozen into the polymer
matrix because the polymer chains cannot rotate.
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Figure 2.23 Structure of two high-free-volume substituted polyacetylenes, PTMSP and
PMP. The carbon–carbon double bond is completely rigid, and depending on the size
of the substituents, rotation around the carbon–carbon single bond can be very restricted
also. The result is very stiff-backboned, rigid polymer chains which pack very poorly,
leading to unusually high fractional free volumes

The fractional free volume of most materials is quite small and the value
depends on the methods used for the calculation. For rubbers, the volume calcu-
lated by the Bondi method is generally about 10 to 15 % and for glassy polymers
slightly higher, generally in the range 15 to 20 % because of the excess free vol-
ume contribution. Recently, a number of substituted polyacetylene polymers with
extraordinarily rigid polymer backbones have been prepared. The structures of
two such polymers are shown in Figure 2.23. Their glass transition temperatures
are very high, and their free volumes are correspondingly unusually high—as
much as 25 to 35 % of the polymers’ volume is unoccupied space.

Correlation of the permeation properties of a wide variety of polymers with
their free volume is not possible [32]. But, within a single class of materials,
there is a correlation between the free volume of polymers and gas diffusion
coefficients; an example is shown in Figure 2.24 [33]. The relationship between
the free volume and the sorption and diffusion coefficients of gases in polymers,
particularly glassy polymers, has been an area of a great deal of experimen-
tal and theoretical work. The subject has recently been reviewed in detail by
Petropoulos [34] and by Paul and co-workers [35,36].

Sorption Coefficients in Polymers

The second key factor determining permeability in polymers is the sorption coef-
ficient. The data in Figure 2.18 show that sorption coefficients for a particular gas
are relatively constant within a single family of related materials. In fact, sorp-
tion coefficients of gases in polymers are relatively constant for a wide range
of chemically different polymers. Figure 2.25 plots sorption and diffusion coeffi-
cients of methane in Tanaka’s fluorinated polyimides [23], carboxylated polyvinyl
trimethylsiloxane [37] and substituted polyacetylenes [38], all amorphous glassy
polymers, and a variety of substituted siloxanes [39], all rubbers. The diffusion
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Figure 2.24 Correlation of the oxygen permeability coefficient for a family of related
polysulfones with inverse fractional free volume (calculated using the Bondi method)
[33]. Reprinted with permission from C.L. Aitken, W.J. Koros and D.R. Paul, Effect of
Structural Symmetry on Gas Transport Properties of Polysulfones, Macromolecules 25,
3424. Copyright 1992, American Chemical Society

coefficients of methane in the different polymers vary by more than 100 000,
showing the extraordinary sensitivity of the permeant diffusion coefficients to
changes in the packing of the polymer chains and to their flexibility. In contrast,
sorption coefficients vary by only a factor of 10 around a mean value of about
15 × 10−3 cm3(STP)/cm3 · cmHg.

The sorption coefficients of gases in polymers remain relatively constant be-
cause sorption in polymers behaves as though the polymers were ideal fluids.
Gas sorption in a polymer is expressed from Equation (2.57) as

ci(m)
= KG

i pi (2.89)

By substituting for the sorption coefficient KG
i from Equation (2.56), Equa-

tion (2.89) can be written as

ci(m)
= miρm

γ G
i pi

γi(m)
pisat

(2.90)

From the conversion of concentration to mole fraction [Equation (2.10)], it fol-
lows that

ci(m)
= miρmni(m)

(2.91)
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Figure 2.25 Diffusion and sorption coefficients of methane in different families of poly-
mer materials. Diffusion coefficients change over a wide range but sorption coefficients
are relatively constant. Data from references [23,35–37]
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and so Equation (2.90) can be written as

ci(m)

ρmmi

= ni(m)
= γ G

i pi

γi(m)
pisat

(2.92)

For an ideal gas dissolving in an ideal liquid, γ G
i and γi(m)

are both unity, so
Equation (2.92) can be written as

ni(m)
= pi

pisat

(2.93)

where ni(m)
is the mole fraction of the gas sorbed in the liquid, pi is the partial

pressure of the gas, and pisat is the saturation vapor pressure at the pressure and
temperature of the liquid. To apply Equation (2.93), the gas saturation vapor pres-
sure must be determined. This can be done by extrapolating from available vapor
pressure data to the ambient range using the Clausius–Clapeyron equation. For
some gases the vapor pressure thereby obtained does not correspond to a stable
gas–liquid equilibrium because the gas is supercritical at ambient temperatures.
However, the calculated value is adequate to calculate the sorption coefficient
using Equation (2.93) [40]. At 25 ◦C the saturation vapor pressure of methane
extrapolated in this way is 289 atm. Thus, from Equation (2.93) the mole fraction
of methane dissolved in an ideal liquid is 1/289 or 0.0035. The ideal solubility
and measured solubilities of methane in a number of common liquids are given in
Table 2.3. Although there is some spread in the data, particularly for small polar
solvent molecules such as water or methanol, the overall agreement is remarkably
good. A more detailed discussion of the solubility of gases in liquids is given in
the book by Fogg and Gerrard [41].

To apply the procedure outlined above to a polymer, it is necessary to use the
Flory–Huggins theory of polymer solution, which takes into account the entropy
of mixing of solutes in polymers caused by the large difference in molecular size

Table 2.3 Mole fraction of methane in vari-
ous solvents at 25 ◦C and 1 atm. The solubil-
ity of methane in an ideal liquid under these
conditions is 0.0035 [40]

Liquid Methane solubility
(mole fraction)

Ethyl ether 0.0045
Cyclohexane 0.0028
Carbon tetrachloride 0.0029
Acetone 0.0022
Benzene 0.0021
Methanol 0.0007
Water 0.00002
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between the two components. The Flory–Huggins expression for the free energy
of mixing of a gas in polymer solution can be written [42]

�G = RT ln
pi

pisat

= RT

[
ln Vi +

(
1 − υi

υj

)
(1 − Vi)

]
(2.94)

where υi and υj are the molar volumes of the gas i and the polymer j respec-
tively, and Vi the volume fraction of the polymer j occupied by the sorbed gas
i. When υi ≈ υj , that is, the gas and polymer molecules are approximately the
same size, Equation (2.94) reduces to Equation (2.93), the ideal liquid case. When
υi � υj , that is, when the molar volume of a gas (υi) is much smaller than the
molar volume of the polymer (υj ), then υi/υj → 0 and Equation (2.94) becomes

ln
pi

pisat

= ln Vi + (1 − Vi) (2.95)

Equation (2.95) can be rearranged to

Vi = pi/pisat

exp(1 − Vi)
(2.96)

and since Vi is small, exp(1 − V1) is approximately exp(1) ≈ 2.72, Equation
(2.95) then becomes

Vi = pi/pisat

2.72
(2.97)

Comparing Equations (2.93) and (2.97), we see that the volume fraction of gas
sorbed by an ideal polymer is 1/2.72 of the mole fraction of a gas sorbed in an
ideal liquid.6

The results of such a calculation are shown in Table 2.4. In Figure 2.26, the
calculated sorption coefficients in an ideal polymer from Table 2.4 are plot-
ted against the average sorption coefficients of the same gases in Tanaka’s
polyimides [23]. The calculated values are within a factor of two of the experi-
mental values, which is extremely good agreement considering the simplicity of
Equation (2.97). A more detailed discussion of sorption of gases in polymers is
given in a review by Petropoulos [34].

As shown above, thermodynamics can qualitatively predict the sorption of
simple gases in polymers to within a factor of two. Moreover, Equation (2.97)
predicts that all polymers should have about the same sorption for the same gas
and that sorption is inversely proportional to saturation vapor pressure.

Another way of showing the same effect is to plot gas sorption against some
convenient measure of saturation vapor pressure, such as the gas boiling point

6Vi is the volume fraction of the gas sorbed in the polymer. To calculate the amount of gas sorbed
in cm3 (STP)/cm3, the molar density of the sorbed gas must be known. We assume this density is
1/MW (mol/cm3).
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Table 2.4 Solubility of gases in an ideal liquid and an ideal polymer (35 ◦C)

Gas Calculated saturation
vapor pressure,

pisat (atm)

Ideal solubility in a
liquid at 1 atm
(mole fraction)

[Equation (2.93)]

Ideal solubility in a polymer
[10−3 cm3(STP)/cm3 · cmHg]

[Equation (2.97)]

N2 1400 0.0007 2.6
O2 700 0.0014 4.8
CH4 366 0.0027 18.4
CO2 79.5 0.0126 29.5
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Figure 2.26 Average sorption coefficients of simple gases in a family of 18 related
polyimides plotted against the expected sorption in an ideal polymer calculated using
Equation (2.97). Data from Tanaka et al. [23]

or critical temperature. Figure 2.27 shows a plot of this type for a typical glassy
polymer (polysulfone), a typical rubber (silicone rubber), and the values for the
ideal solubility of a gas in a polymer calculated using Equation (2.97) [43]. The
figure shows that the difference in gas sorptions of polymers is relatively small
and the values are grouped around the calculated value.

Although all of these predictions are qualitatively correct, the differences
between the behavior of an ideal polymer and an actual polymer are important
in selecting the optimum material for a particular separation. The usual starting
point for this fine-tuning is the dual-sorption model originally proposed by Bar-
rer et al. [44]. This model has since been extended by Michaels et al. [45], Paul
et al. [46], Koros et al. [47] and many others.
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Figure 2.27 Solubilities as a function of critical temperature (Tc) for a typical glassy
polymer (polysulfone) and a typical rubbery polymer (silicone rubber) compared with
values for the ideal solubility calculated from Equation (2.97)[43]

According to the dual-sorption model, gas sorption in a polymer (cm) occurs in
two types of sites. The first type is filled by gas molecules dissolved in the equi-
librium free volume portion of material (concentration cH ). In rubbery polymers
this is the only population of dissolved gas molecules, but in glassy polymers
a second type of site exists. This population of dissolved molecules (concentra-
tion cD) is dissolved in the excess free volume of the glassy polymer. The total
sorption in a glassy polymer is then

cm = cD + cH (2.98)

The number of molecules (cD) dissolved in the equilibrium free volume por-
tion of the polymer will behave as in normal sorption in a liquid and can be
related to the pressure in the surrounding gas by a linear expression equivalent
to Equation (2.89)

cD = KDp (2.99)

This fraction of the total sorption is equivalent to the value calculated in Equa-
tion (2.97). The other fraction (cH ) is assumed to be sorbed into the excess

FOR REFERENCE PURPOSES ONLY



MEMBRANE TRANSPORT THEORY 65

free volume elements, which are limited, so sorption will cease when all the
sites are filled. Sorption in these sites is best approximated by a Langmuir-type
absorption isotherm

cH = c′
Hbp

1 + bp
(2.100)

At high pressures cH → c′
H , where c′

H is the saturation sorption concentration at
which all excess free volume sites are filled.

From Equations (2.99) and (2.100) it follows that the total sorption can be
written as

cm = KDp + c′
Hbp

1 + bp
(2.101)

The form of the sorption isotherm predicted from the dual sorption model is
shown in Figure 2.28. Because the expressions for sorption contain three ad-
justable parameters, good agreement between theory and experiment is obtained.

Often, much is made of the particular values of the constants c′
H , b, and K .

However, these constants should be treated with caution because they depend
totally on the starting point of the curve-fitting exercise. That is, starting with
an arbitrary value of c′

H , the other constants b and K can usually be adjusted to
obtain good agreement of Equation (2.101) with experiment. If the starting value
for c′

H is changed, then equally good agreement between theory and experiment
can still be obtained but with different values of b and K [48].
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Figure 2.28 An illustration of the two components that contribute to gas sorption in a
glassy polymer according to the dual sorption model. Henry’s law sorption occurs in the
equilibrium free volume portion of the polymer. Langmuir sorption occurs in the excess
free volume between polymer chains that exists in glassy polymers
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Permeation of gases in glassy polymers can also be described in terms of the
dual sorption model. One diffusion coefficient (DD) is used for the portion of
the gas dissolved in the polymer according to the Henry’s law expression and
a second, somewhat larger, diffusion coefficient (DH ) for the portion of the gas
contained in the excess free volume. The Fick’s law expression for flux through
the membrane has the form

J = −DD

dcD

dx
− DH

dcH

dx
(2.102)

Pore-flow Membranes

The creation of a unified theory able to rationalize transport in the dense mem-
branes used in reverse osmosis, pervaporation and gas separation occurred over
a 20-year period from about 1960 to 1980. Development of this theory was one
of the successes of membrane science. The theory did not form overnight as the
result of one single breakthrough but rather as the result of a series of incre-
mental steps. The paper of Lonsdale et al. [12] applying the solution-diffusion
model to reverse osmosis for the first time was very important.7 Also important
was the series of papers by Paul and co-workers showing the connection between
hydraulic permeation (reverse osmosis) and pervaporation [4–6, 19] and provid-
ing the experimental support for the solution-diffusion model as applied to these
processes. Unfortunately no equivalent unified theory to describe transport in
microporous membranes has been developed. Figure 2.29 illustrates part of the
problem, namely the extremely heterogeneous nature of microporous membranes.
All of the microporous membranes shown in this figure perform approximately
the same separation, but their porous structure and the mechanism of the sep-
aration differ significantly. The nucleation track membrane (Figure 2.29a) and
the asymmetric Loeb–Sourirajan membrane (Figure 2.29d) both separate par-
ticles by molecular sieving. The cellulose acetate/cellulose nitrate membrane
(Figure 2.29c) is a depth filter which captures particles within the interior of the
membrane by adsorption. The expanded film membrane (Figure 2.29b) captures
particles by both methods. The materials from which these membranes are made
also differ, ranging from polyethylene and polysulfone, both hydrophobic, low-
surface-energy materials, to cellulose acetate, a hydrophilic material that often
carries charged surface groups.

The parameters available to characterize the complexity of microporous
membranes are also imperfect. Some widely used parameters are illustrated in
Figure 2.30. The membrane porosity (ε) is the fraction of the total membrane

7This paper was initially submitted by its three industrial authors for publication to the Journal of
Physical Chemistry and was rejected as insufficiently fundamental. More than 30 years after it was
finally published in the Journal of Applied Polymer Science, it remains one of the most cited papers
on membrane transport theory.
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(a) Track etch

(c) Phase separation

(b) Expanded film

(d) Loeb−Sourirajan

Figure 2.29 Scanning electron micrographs at approximately the same magnification
of four microporous membranes having approximately the same particle retention.
(a) Nuclepore (polycarbonate) nucleation track membrane; (b) Celgard (polyethylene)
expanded film membrane; (c) Millipore cellulose acetate/cellulose nitrate phase separation
membrane made by water vapor imbibition (Courtesy of Millipore Corporation, Billerica,
MA); (d) anisotropic polysulfone membrane made by the Loeb–Sourirajan phase
separation process

volume that is porous. Typical microporous membranes have average porosities
in the range 0.3–0.7. This number can be obtained easily by weighing the
membrane before and after filling the pores with an inert liquid. The average
porosity obtained this way must be treated with caution, however, because the
porosity of a membrane can vary from place to place. For example, anisotropic
membranes, such as the Loeb–Sourirajan phase separation membrane shown in
Figure 2.29(d), often have an average porosity of 0.7–0.8, but the porosity of
the skin layer that performs the actual separation may be as low as 0.05.

The membrane tortuosity (τ ) reflects the length of the average pore compared to
the membrane thickness. Simple cylindrical pores at right angles to the membrane
surface have a tortuosity of one, that is, the average length of the pore is the
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Figure 2.30 Microporous membranes are characterized by their tortuosity (τ ), their
porosity (ε), and their average pore diameter (d)

membrane thickness. Usually pores take a more meandering path through the
membrane, so typical tortuosities are in the range 1.5–2.5.

The most important property characterizing a microporous membrane is the
pore diameter (d). Some of the methods of measuring pore diameters are described
in Chapter 7. Although microporous membranes are usually characterized by a
single pore diameter value, most membranes actually contain a range of pore
sizes. In ultrafiltration, the pore diameter quoted is usually an average value, but
to confuse the issue, the pore diameter in microfiltration is usually defined in
terms of the largest particle able to penetrate the membrane. This nominal pore
diameter can be 5 to 10 times smaller than the apparent pore diameter based on
direct microscopic examination of the membrane.

Permeation in Ultrafiltration and Microfiltration Membranes

Microporous ultrafiltration and microfiltration membranes used to filter particu-
lates from liquids fall into the two general categories illustrated in Figure 2.31.
The first category (a) is the surface or screen filter; such membranes contain sur-
face pores smaller than the particles to be removed. Particles in the permeating
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(a) Screen filtration (b) Depth filtration

Figure 2.31 Separation of particulates can take place at the membrane surface according
to a screen filtration mechanism (a) or in the interior of the membrane by a capture
mechanism as in depth filtration (b)

fluid are captured and accumulate on the surface of the membrane. These mem-
branes are usually anisotropic, with a relatively finely microporous surface layer
on a more open microporous support. Particles small enough to pass through the
surface pores are not normally captured in the interior of the membrane. Most
ultrafiltration membranes are screen filters.

The second category of microporous membranes is the depth filter (b), which
captures the particles to be removed in the interior of the membrane. The average
pore diameter of a depth filter is often 10 times the diameter of the smallest
particle able to permeate the membrane. Some particles are captured at small
constrictions within the membrane, others by adsorption as they permeate the
membrane by a tortuous path. Depth filters are usually isotropic, with a similar
pore structure throughout the membrane. Most microfiltration membranes are
depth filters.

Screen Filters

The mechanism of particle filtration by screen filters has been the subject of
many studies because it is relatively easily described mathematically; Bungay
has published a review of this work [49]. Ferry [50] was the first to model
membrane retention by a screen filter; in his model pores were assumed to be
equal circular capillaries with a large radius, r , compared to the solvent molecule
radius. Therefore, the total area of the pore is available for transport of solvent.
A solute molecule whose radius, a, is an appreciable fraction of the pore radius
cannot approach nearer than one molecular radius of the pore overall. The model
is illustrated in Figure 2.32.

The area, A, of the pore available for solute transport is given by the equation

A

Ao

= (r − a)2

r2
(2.103)
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Figure 2.32 Illustration of the Ferry mechanical exclusion model of solute transport in
small pores

where Ao is the area of the pore available for solvent molecules. Later, Renkin
[51] showed that Equation (2.103) has to be modified to account for the parabolic
velocity profile of the fluid as it passes through the pore. The effective fractional
pore area available for solutes in this case is

(
A

Ao

)′
= 2

(
1 − a

r

)2 −
(

1 − a

r

)4
(2.104)

where (A/Ao)
′ is equal to the ratio of the solute concentration in the filtrate (c�)

to the concentration in the feed (co), that is,

(
A

Ao

)′
=

(
c�

co

)
(2.105)

FOR REFERENCE PURPOSES ONLY



MEMBRANE TRANSPORT THEORY 71

It follows that from Equation (2.105) and the definition of solution rejection
[Equation (2.48)] that the rejection of the membrane is

R =
[

1 − 2
(

1 − a

r

)2 +
(

1 − a

r

)4
]

× 100 % (2.106)

The Ferry–Renkin equation can be used to estimate the pore size of ultrafiltra-
tion membranes from the membrane’s rejection of a solute of known radius. The
rejections of globular proteins by four typical ultrafiltration membranes plotted
against the cube root of the protein molecular weight (an approximate measure
of the molecular radius) are shown in Figure 2.33(a). The theoretical curves
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Figure 2.33 (a) Rejection of globular proteins by ultrafiltration membranes of increasing
pore size; (b) calculated rejection curves from the Ferry–Renkin equation (2.106) plotted
on the same scale [52]
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Table 2.5 Marker molecules used to characterize ultrafiltration membranes

Species Molecular weight
(×1000)

Estimated molecular
diameter (Å)

Sucrose 0.34 11
Raffinose 0.59 13
Vitamin B12 1.36 17
Bacitracin 1.41 17
Insulin 5.7 27
Cytochrome c 13.4 38
Myoglobin 17 40
α-Chymotrysinogene 25 46
Pepsin 35 50
Ovalbumin 43 56
Bovine albumin 67 64
Aldolase 142 82
γ -Globulin 150 84

calculated from Equation (2.106) are shown directly in Figure 2.33(b) [52]. The
abscissae of both figures have been made comparable because the radius of gyra-
tion of albumin is approximately 30 Å. A pore size that appears to be reasonable
can then be obtained by comparing the two graphs. This procedure for obtain-
ing an approximate pore size from membrane retention measurements shown in
Figure 2.33 has been widely used. Globular proteins are usually the basis for
this work because their molecular weights and molecular diameter can be cal-
culated precisely. A list of some commonly used molecular markers is given in
Table 2.5.

Depth Filters

The mechanism of particle capture by depth filtration is more complex than for
screen filtration. Simple capture of particles by sieving at pore constructions in
the interior of the membrane occurs, but adsorption of particles on the interior
surface of the membrane is usually at least as important. Figure 2.34 shows four
mechanisms that contribute to particle capture in depth membrane filters. The
most obvious mechanism, simple sieving and capture of particles at constrictions
in the membrane, is often a minor contributor to the total separation. The three
other mechanisms, which capture particles by adsorption, are inertial capture,
Brownian diffusion and electrostatic adsorption [53,54]. In all cases, particles
smaller than the diameter of the pore are captured by adsorption onto the internal
surface of the membrane.

In inertial capture, relatively large particles in the flowing liquid cannot follow
the fluid flow lines through the membrane’s tortuous pores. As a result, such
particles are captured as they impact the pore wall. This capture mechanism is
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Figure 2.34 Particle capture mechanism in filtration of liquid solutions by depth micro-
filters. Four capture mechanisms are shown: simple sieving; electrostatic adsorption;
inertial impaction; and Brownian diffusion

more frequent for larger diameter particles. In experiments with colloidal gold
particles and depth filtration membranes with tortuous pores approximately 5 µm
in diameter, Davis showed that 60 % of 0.05-µm-diameter particles were captured
[55]. Nucleation track membranes with 5-µm, almost straight-through pores and
no tortuosity retained less than 1 % of the particles. The retention of the small
particles by the depth filter was caused by the greater tortuosity which led to
inertial capture.

The second mechanism is capture by Brownian diffusion, which is more of
a factor for smaller particles. Small particles are easily carried along by the
moving fluid. However, because the particles are small, they are subject to random
Brownian motion that periodically brings them into contact with the pore walls.
When this happens, capture by surface adsorption occurs.

The third mechanism is capture of charged particles by membranes having
surface-charged groups. Many common colloidal materials carry a slight nega-
tive charge, so membranes containing an excess of positive groups can provide
enhanced removals. Several microfiltration membrane manufacturers produce this
type of charged membrane. One problem is that the adsorption capacity of the
charged group is exhausted as filtration proceeds, and the retention falls.
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Figure 2.35 Gas-borne particle penetration through an ultrathin PVDF membrane [55,56]

In filtration of gas-borne aerosol particles by microfiltration membranes, cap-
ture by adsorption is usually far more important than capture by sieving. This
leads to the paradoxical result that the most penetrating particle may not be the
smallest one. This is because capture by inertial interception is most efficient for
larger particles, whereas capture by Brownian motion is most efficient for smaller
particles. As a result the most penetrating particle has an intermediate diameter,
as shown in Figure 2.35 [55,56].

Knudsen Diffusion and Surface Diffusion in Microporous Membranes

Essentially all industrial gas separation membranes involve permeation through
dense polymeric membranes. But the study of gas permeation through finely
microporous membranes has a long history dating back to Graham’s work in the
1850s. To date, the only application of these membranes has been the separation
of U235F6 and U238F6 in the Manhattan project. More recently finely microporous
membranes made by carbonizing poly(vinylidene chloride) and other polymers
have been developed and taken to the pilot plant scale.

If the pores of a microporous membrane are 0.1 µm or larger, gas permeation
will take place by normal convective flow described by Poiseuille’s law. As
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the pore radius (r) decreases it can become smaller than the mean free path
(λ) of the gas. (At atmospheric pressure the mean free path of common gases
is in the range 500–2000 Å.) When this occurs the ratio of the pore radius to
the gas mean free path (r/λ) is less than one. Diffusing gas molecules then
have more collisions with the pore walls than with other gas molecules. Gas
permeation in this region is called Knudsen diffusion. At every collision with the
pore walls, the gas molecules are momentarily adsorbed and then reflected in a
random direction. Molecule–molecule collisions are rare, so each gas molecule
moves independently of all others. Hence with gas mixtures in which the different
species move at different average velocities, a separation is possible. The gas flow
in a membrane made of cylindrical right capillaries for Knudsen diffusion is given
by Equation (2.103)

j = 4rε

3
·
(

2RT

πm

)1/2

· po − p�

� · RT
(2.107)

where m is the molecular weight of the gas, j is the flux in gmol/cm2 · s, ε is
the porosity of the membrane, r is the pore radius, � is the pore length and po

and p� are the absolute pressures of the gas species at the beginning of the pore
(x = 0) and at the end (x = �).

The equivalent equation for permeation by Poiseuille flow is

j = r2ε

8η
· [po − p�][po + p�]

� · RT
(2.108)

where η is the viscosity of the gas. Equation (2.108) differs from the more famil-
iar Poiseuille equation for liquids by the additional term [po + p�] which arises
from the expansion of a gas as it moves down the pressure gradient.

Figure 2.36 shows the effect of the ratio r/λ on the relative proportions of
Knudsen to Poiseuille flow in a cylindrical capillary [57]. When r/λ is greater
than one, Poiseuille flow predominates. Because the mean free path of gases
at atmospheric pressure is in the range of 500–2000 Å, for Knudsen flow to
predominate and a separation to be obtained, the membrane pore radius must be
less than 500 Å.

It follows from Equation (2.107) that the permeability of a gas (i) through a
Knudsen diffusion membrane is proportional to 1/

√
mi . The selectivity of this

membrane (αi/j ), proportional to the ratio of gas permeabilities, is given by
the expression

αi/j =
√

mj

mi

(2.109)

This result was first observed experimentally by Graham and is called Graham’s
law of diffusion. Knudsen diffusion membranes have been used to separate gas
isotopes that are difficult to separate by other methods, for example tritium from
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Figure 2.36 Illustration of the proportion of Knudsen to Poiseuille flow as a function
of r/λ (after Barrer) [57]

hydrogen, C12H4 from C14H4 and most importantly U235F6 from U238F6. The
membrane selectivity for U235F6/U238F6 mixtures is only 1.0043, so hundreds of
separation stages are required to produce a complete separation. Nevertheless, at
the height of the Cold War, the US Atomic Energy Commission operated three
plants fitted with microporous metal membranes that processed almost 20 000
tons/year of uranium.

When the pore diameter of a microporous membrane decreases to the 5–10 Å
range, the pores begin to separate gases by a molecular sieving effect. The
difficulty of making these membranes defect-free has so far prevented their
application to industrial separations. However, in the laboratory, spectacular sep-
arations have been reported for gases that differ in size by only 0.1 Å. Figure 2.37
shows some data for permeation through microporous silica membranes [58]. No
polymeric membranes can match this separation.

Surface adsorption and diffusion add a second contribution to gas permeation
that can occur in small-pore-diameter membranes. This phenomenon is shown
schematically in Figure 2.38. Adsorption onto the walls of the small pores
becomes noticeable when the pore diameter drops below about 100 Å. At this
pore diameter the surface area of the pore walls is in the range 100 m2/cm3 of
material. Significant amounts of gas then adsorb onto the pore walls, particularly
if the gas is condensable. Often the amount of gas sorbed on the pore walls is
much greater than the amount of nonsorbed gas. Sorbed gas molecules are mobile
and can move by a process of surface diffusion through the membrane according
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Figure 2.37 Permeability coefficients as a function of the gas kinetic diameter in micro-
porous silica hollow fine fibers [58]. Reprinted from J. Membr. Sci. 75, A.B. Shelekhin,
A.G. Dixon and Y.H. Ma, Adsorption, Permeation, and Diffusion of Gases in Microporous
Membranes, 233, Copyright 1992, with permission from Elsevier

to a Fick’s law type of expression

Js = −Ds

dcs

dx
(2.110)

where Js is the contribution to permeation by surface diffusion of the sorbed
gas cs and Ds is a surface diffusion coefficient. At room temperature, typical
surface diffusion coefficients are in the range 1 × 10−3 –1 × 10−4 cm2/s, inter-
mediate between the diffusion coefficients of molecules in gases and liquids [59].
Although these coefficients are less than the diffusion coefficients for nonsorbed
gas, surface diffusion still makes a significant contribution to total permeation.

Some typical results illustrating the effect of surface diffusion are shown in
Figure 2.39 for permeation of gases through microporous glass [60]. The expected
permeability normalized for gas molecular weight, P√

m, is constant, but only
the very low boiling gases, helium, hydrogen and neon, approach this value. As
the condensability of the gas increases (as measured by boiling point or critical
temperature) the amount of surface adsorption increases and the contribution of
surface diffusion to gas permeation increases. For butane, for example, 80 % of
the total gas permeation is due to surface diffusion.

In experiments with mixtures of condensable and noncondensable gases, ad-
sorption of the condensable gas component can restrict or even completely block
permeation of the noncondensable gas [61,62]. This effect was first noticed by
Barrer and Pope in experiments with sulfur dioxide/hydrogen mixtures [63]; some
of the data are shown in Figure 2.40. Sorption of sulfur dioxide on the pore walls
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(a) Knudsen diffusion

Mixtures of noncondensable gases

(b) Molecular sieving

(c) Knudsen diffusion
     and surface diffusion

Mixtures of condensable and noncondensable gases

(d) Surface diffusion
     and capillary condensation

Figure 2.38 Permeation of noncondensable and condensable gas mixtures through finely
microporous membranes. With noncondensable gases molecular sieving occurs when the
pore wall reaches the 5- to 10-Å diameter range. With gas mixtures containing condensable
gases surface diffusion increases as the pore diameter decreases and the temperature
decreases (increasing adsorption)

of the microporous carbon membrane inhibits the flow of hydrogen. If adsorption
is increased by increasing the sulfur dioxide partial pressure or by lowering the
temperature, sufficient sulfur dioxide is adsorbed to cause capillary condensation
of sulfur dioxide in the membrane pores, completely blocking permeation of
hydrogen. At this point the membrane only permeates sulfur dioxide.
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Figure 2.39 Molecular-weight-normalized permeability of gases through Vycor microp-
orous glass membranes [60]. Reprinted from Techniques of Chemistry, Vol. VII, Membranes
in Separations, S.T. Hwang and K. Kammermeyer; A. Weissberger (ed.); Copyright 
1975. This material is used by permission of John Wiley & Sons, Inc.

Microporous carbonized hollow fibers were developed over a period of 20 years
by Soffer, Koresh, and others (64) at Carbon Membranes Ltd. and were brought
to the small module scale. Spectacular separations were reported, but the mem-
branes were difficult to make defect-free and were relatively sensitive to fouling
and breaking. More recently, Rao, Sirkar, and others at Air Products tried to
use microporous membranes to separate hydrogen/light hydrocarbon gas mix-
tures found in refinery waste gas streams [65,66]. They also used microporous
carbon membranes, this time formed by vacuum carbonization of polymer films
cast onto microporous ceramic supports. The adsorbed hydrocarbons permeate
the membranes by surface diffusion while permeation of hydrogen in the gas
phase is blocked by capillary condensation in the membrane pores. The process
was tried at the pilot-plant scale, but eventually abandoned in part because of
blocking of the membranes by permanently adsorbed higher hydrocarbons in the
feed gas.

Despite these failures, microporous carbon membranes continue to be a sub-
ject of research by a number of groups [67–70]. The selectivities obtained are
often very good, even for simple gas mixtures such as oxygen/nitrogen or carbon
dioxide/methane. However long-term, it is difficult to imagine carbon membranes
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Figure 2.40 Blocking of hydrogen in hydrogen/sulfur dioxide gas mixture permeation
experiments with finely microporous membranes [63] as a function of the amount of sulfur
dioxide adsorbed by the membrane. As sulfur dioxide sorption increases the hydrogen
permeability is reduced until at about 140 cm3(SO2)(STP)/g, the membrane is completely
blocked and only sulfur dioxide permeates. Data obtained at several temperatures fall
on the same master curve (ž, 0 ◦C; �, −10 ◦C; �, −20.7 ◦C; �, −33.6 ◦C). Reprinted
from R. Ash, R.M. Barrer and C.G. Pope, Flow of Adsorbable Gases and Vapours in
Microporous Medium, Proc. R. Soc. London, Ser. A, 271, 19 (1963) with permission from
The Royal Society

competing with polymeric membranes for these separations. Carbon membranes
are likely to be 10 to 100 times more expensive than equivalent polymeric
membranes. This cost differential can only be tolerated in applications in which
polymeric membranes completely fail to make the separation. Such applications
might be the high-temperature separation of hydrocarbon vapor/vapor mixtures;
the chemical and physical stability of ceramic and carbon membranes is a real
advantage in this type of separation.

Although the literature of gas separation with microporous membranes is domi-
nated by inorganic materials, polymer membranes have also been tried with some
success. The polymers used are substituted polyacetylenes, which can have an
extraordinarily high free volume, on the order of 25 vol %. The free volume is so
high that the free volume elements in these polymers are probably interconnected.
Membranes made from these polymers appear to function as finely microporous
materials with pores in the 5 to 15 Å diameter range [71,72]. The two most
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widely studied polyacetylenes are poly(1-trimethylsilyl-1-propyne) (PTMSP) and
poly(4-methyl-2-pentyne) (PMP), with the structures shown in Figure 2.23. Gas
permeabilities in these materials are orders of magnitude higher than those of
conventional, low-free-volume glassy polymers, and are even substantially higher
than those of poly(dimethylsiloxane), for many years the most permeable polymer
known. The extremely high free volume provides a sorption capacity as much as
10 times that of a conventional glassy polymer. More dramatically, diffusion coef-
ficients are 103 to 106 times greater than those observed in conventional glassy
polymers. This combination of extraordinarily high permeabilities, together with
the very high free volume, hints at a pore-flow contribution. Nonetheless, the
ratio of the diffusion coefficients of oxygen and nitrogen (DO2/DN2) is 1.4, a
small value for a glassy polymer membrane but still more than would be expected
for a simple Knudsen diffusion membrane.

These high-free-volume polymers also have unusual permeability characteris-
tics with mixtures of condensable and noncondensable gases. For example, in
the presence of as little as 1200 ppm of a condensable vapor such as the per-
fluorocarbon FC-77 (a perfluoro octane-perfluoro decane mixture), the nitrogen
permeability of PTMSP is 20 times lower than the pure nitrogen permeability
[71], as shown in Figure 2.41. When the condensable vapor is removed from the
feed gas the nitrogen permeability rapidly returns to its original value. The best
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Figure 2.41 The change in nitrogen flux through a PTMSP membrane caused by the
presence of a condensable vapor in the feed gas [71]. This behavior is characteris-
tic of extremely finely porous microporous ceramic or ultrahigh-free-volume polymeric
membranes such as PTMSP. The condensable vapor adsorbs in the 5- to 15-Å-diameter
pores of the membrane, blocking the flow of the noncondensable nitrogen gas
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explanation for these unusual vapor permeation properties is that PTMSP, because
of its very high free volume, is an ultra-microporous membrane in which pore-
flow transport occurs. The FC-77 vapor causes capillary condensation in which
the pores are partially or completely blocked by the adsorbed vapor, preventing
the flow of noncondensed gases (nitrogen) through the membrane.

The Transition Region

The transition between pore-flow and solution-diffusion transport seems to occur
with membranes having very small pores. Ultrafiltration membranes that reject
sucrose and raffinose but pass all micro-ions are clearly pore-flow membranes,
whereas desalination-grade sodium-chloride-rejecting reverse osmosis membranes
clearly follow the solution-diffusion model. Presumably, the transition is in the
nanofiltration range, with membranes having good rejections to divalent ions and
most organic solutes, but rejection of monovalent ions in the 20–70 % range. The
performance of a family of nanofiltration membranes of this type is illustrated in
Table 2.6 [73]. The FT30 membrane is clearly a good reverse osmosis membrane,
whereas the XP-20 is a very small pore flow ultrafiltration membrane. The XP-45
membrane is intermediate in character.

The transition between reverse osmosis membranes with a salt rejection of
more than 95 % and molecular weight cutoffs below 50 and ultrafiltration mem-
branes with a salt rejection of less than 10 % and a molecular weight cutoff
of more than 1000 is shown in Figure 2.42 [74]. The very large change in the
pressure-normalized flux of water that occurs as the membranes become more
retentive is noteworthy. Because these are anisotropic membranes, the thick-
ness of the separating layer is difficult to measure, but clearly the permeability of

Table 2.6 Rejection of microsolutes by nanofiltration mem-
branes (FilmTec data) [73]. Reprinted from Desalination, 70,
J. Cadotte, R. Forester, M. Kim, R. Petersen and T. Stocker,
Nanofiltration Membranes Broaden the Use of Membrane Sepa-
ration Technology, p. 77, Copyright 1988, with permission from
Elsevier

Solute Solute rejection (%)

FT-30 XP-45 XP-20

NaC1 99.5 50 20
MgCl2 >99.5 83 —
MgSO4 >99.5 97.5 85
NaNO3 90 <20 0
Ethylene glycol 70 24 11
Glycerol 96 44 15
Glucose 99 95 60
Sucrose 100 100 89
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Figure 2.42 Diagram of the region of nanofiltration membrane performance relative to
reverse osmosis and ultrafiltration membranes [74]

water through the pores of ultrafiltration membranes is orders of magnitude higher
than permeability through dense solution-diffusion reverse osmosis membranes.
Gas permeation also places high-free-volume substituted polyacetylene polymer
membranes in the transition area between solution-diffusion and pore flow.

Conclusions and Future Directions

During the last 30 years the basis of permeation through membranes has become
much clearer. This is particularly true for reverse osmosis, gas permeation and
pervaporation for which the solution-diffusion model is now almost universally
accepted and well-supported by a body of experimental evidence. This model
provides simple equations that accurately link the driving forces of concentration
and pressure with flux and selectivity. The solution-diffusion model has been
less successful at providing a link between the nature of the membrane material
and the membrane permeation properties. This link requires an ability to cal-
culate membrane diffusion and sorption coefficients. These calculations require
knowledge of the molecular level of interactions of permeant molecules and their
motion in the polymer matrix that is not yet available. Only semiempirical corre-
lations such as the dual sorption model or free volume correlations are available.
The best hope for future progress towards a priori methods of calculating perme-
ant sorption and diffusion coefficients lies in computer-aided molecular dynamic
simulations, but accurate predictions using this technique are years—perhaps
decades—away.
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The theory of permeation through microporous membranes in ultrafiltration
and microfiltration is much less developed and it is difficult to see a clear path
forward. Permeation through these membranes is affected by a variety of hard-
to-compute effects and is also very much a function of membrane structure and
composition. Measurements of permeation through ideal uniform-pore-diameter
membranes made by the nucleation track method are in good agreement with
theory. Unfortunately, industrially useful membranes have nonuniform tortuous
pores and are often anisotropic as well. Current theories cannot predict the per-
meation properties of these membranes.
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3 MEMBRANES AND
MODULES

Introduction

The surge of interest in membrane separation processes that began in the late
1960s was prompted by two developments: first, the ability to produce high flux,
essentially defect-free membranes on a large scale and second, the ability to
form these membranes into compact, high-surface-area, economical membrane
modules. These breakthroughs in membrane technology took place in the 1960s
to early 1970s, as part of the development of reverse osmosis and ultrafiltra-
tion. Adaptation of the technology to other membrane processes took place in
the 1980s.

Several factors contribute to the successful fabrication of a high-performance
membrane module. First, membrane materials with the appropriate chemical,
mechanical and permeation properties must be selected; this choice is very
process-specific. However, once the membrane material has been selected, the
technology required to fabricate this material into a robust, thin, defect-free
membrane and then to package the membrane into an efficient, economical, high-
surface-area module is similar for all membrane processes. Therefore, this chapter
focuses on methods of forming membranes and membrane modules. The criteria
used to select membrane materials for specific processes are described in the
chapters covering each application.

In this chapter membrane preparation techniques are organized by membrane
structure: isotropic membranes, anisotropic membranes, ceramic and metal mem-
branes, and liquid membranes. Isotropic membranes have a uniform composition
and structure throughout; such membranes can be porous or dense. Anisotropic
(or asymmetric) membranes, on the other hand, consist of a number of layers each
with different structures and permeabilities. A typical anisotropic membrane has
a relatively dense, thin surface layer supported on an open, much thicker micro-
porous substrate. The surface layer performs the separation and is the principal
barrier to flow through the membrane. The open support layer provides mechani-
cal strength. Ceramic and metal membranes can be either isotropic or anisotropic.

Membrane Technology and Applications R. W. Baker
 2004 John Wiley & Sons, Ltd ISBN: 0-470-85445-6
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However, these membranes are grouped separately from polymeric membranes
because their preparation methods are so different.

Liquid membranes are the final membrane category. The selective barrier in
these membranes is a liquid phase, usually containing a dissolved carrier that
selectively reacts with a specific permeant to enhance its transport rate through the
membrane. Liquid membranes are used almost exclusively in carrier facilitated
transport processes, so preparation of these membranes is covered in that chapter
(Chapter 11).

The membrane classification scheme described above works fairly well. How-
ever, a major membrane preparation technique, phase separation, also known as
phase inversion, is used to make both isotropic and anisotropic membranes. This
technique is covered under anisotropic membranes.

Isotropic Membranes
Isotropic Nonporous Membranes

Dense nonporous isotropic membranes are rarely used in membrane separation
processes because the transmembrane flux through these relatively thick mem-
branes is too low for practical separation processes. However, they are widely
used in laboratory work to characterize membrane properties. In the laboratory,
isotropic (dense) membranes are prepared by solution casting or thermal melt-
pressing. The same techniques can be used on a larger scale to produce, for
example, packaging material.

Solution Casting

Solution casting is commonly used to prepare small samples of membrane for
laboratory characterization experiments. An even film of an appropriate polymer
solution is spread across a flat plate with a casting knife. The casting knife
consists of a steel blade, resting on two runners, arranged to form a precise gap
between the blade and the plate onto which the film is cast. A typical hand-held
knife is shown in Figure 3.1. After casting, the solution is left to stand, and the
solvent evaporates to leave a thin, uniform polymer film. A detailed description
of many types of hand casting knives and simple casting machines is given in
the book by Gardner and Sward [1].

The polymer solution used for solution casting should be sufficiently viscous
to prevent it from running over the casting plate, so typical polymer concen-
trations are in the range 15–20 wt%. Preferred solvents are moderately volatile
liquids such as acetone, ethyl acetate and cyclohexane. Films cast from these
solutions are dry within a few hours. Solvents with high boiling points such as
dimethyl formamide or N -methyl pyrrolidone are unsuitable for solution casting,
because their low volatility requires long evaporation times. During an extended
solvent evaporation time, the cast film can absorb sufficient atmospheric water to
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Figure 3.1 A typical hand-casting knife. (Courtesy of Paul N. Gardner Company, Inc.,
Pompano Beach, FL)

precipitate the polymer, producing a mottled, hazy surface. Very volatile solvents
such as methylene chloride can also cause problems. Rapid evaporation of the
solvent cools the casting solution, causing gelation of the polymer. The result
is a film with a mottled, orange-peel-like surface. Smooth films can be obtained
with rapidly evaporating solvents by covering the cast film with a glass plate
raised 1 to 2 cm above the film to slow evaporation. When the solvent has com-
pletely evaporated the dry film can be lifted from the glass plate. If the cast film
adheres to the plate, soaking in a swelling non-solvent such as water or alcohol
will usually loosen the film.

Solution-cast film is produced on a larger scale for medical applications, battery
separators, or other specialty uses with machinery of the type shown in Figure 3.2
[2]. Viscous film is made by this technique. The solution is cast onto the surface
of a rotating drum or a continuous polished stainless steel belt. These machines
are generally enclosed to control water vapor pickup by the film as it dries and
to minimize solvent vapor losses to the atmosphere.

Melt Extruded Film

Many polymers, including polyethylene, polypropylene, and nylons, do not dis-
solve in appropriate solvents at room temperature, so membranes cannot be
made by solution casting. To prepare small pieces of film, a laboratory press
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Figure 3.2 Machinery used to make solution-cast film on a commercial scale

as shown in Figure 3.3 can be used. The polymer is compressed between two
heated plates. Typically, a pressure of 2000–5000 psi is applied for 1–5 min, at
a plate temperature just below the melting point of the polymer. Melt extrusion
is also used on a very large scale to make dense films for packaging appli-
cations, either by extrusion as a sheet from a die or as blown film. Detailed
descriptions of this equipment can be found in specialized monographs. A good
overview is given in the article by Mackenzie in the Encyclopedia of Chemical
Technology [2].

Isotropic Microporous Membranes

Isotropic microporous membranes have much higher fluxes than isotropic dense
membranes and are widely used as microfiltration membranes. Further significant
uses are as inert spacers in battery and fuel cell applications and as the rate-
controlling element in controlled drug delivery devices.

The most important type of microporous membrane is formed by one of the
phase separation techniques discussed in the next section; about half of the
isotropic microporous membrane used is made in this way. The remaining types
are made by various proprietary techniques, the more important of which are
described below.

Track-etch Membranes

Track-etch membranes were developed by the General Electric Corporation
Schenectady Laboratory [3]. The two-step preparation process is illustrated in
Figure 3.4. First, a thin polymer film is irradiated with fission particles from a
nuclear reactor or other radiation source. The massive particles pass through the
film, breaking polymer chains and leaving behind a sensitized track of damaged
polymer molecules. These tracks are much more susceptible to chemical attack
than the base polymer material. So when the film is passed through a solution

FOR REFERENCE PURPOSES ONLY



MEMBRANES AND MODULES 93

Figure 3.3 A typical laboratory press used to form melt-pressed membranes. (Courtesy
of Carver, Inc., Wabash, IN)

that etches the polymer, the film is preferentially etched along the sensitized
nucleation tracks, thereby forming pores. The exposure time of the film to
radiation determines the number of membrane pores; the etch time determines
the pore diameter [4]. A feature of the track-etch preparation technique is that
the pores are uniform cylinders traversing the membrane at right angles. The
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‘Tracks’
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Figure 3.4 Diagram of the two-step process to manufacture nucleation track membranes
[4] and photograph of resulting structure. (Photograph courtesy of Whatman plc, Maid-
stone, Kent, UK)

membrane tortuosity is, therefore, close to one, and all pores have the same
diameter. These membranes are almost a perfect screen filter; therefore, they
are widely used to measure the number and type of suspended particles in air or
water. A known volume of fluid is filtered through the membrane, and all particles
larger than the pore diameter are captured on the surface of the membrane so they
can be easily identified and counted. To minimize the formation of doublet holes
produced when two nucleation tracks are close together, the membrane porosity
is usually kept relatively low, about 5 % or less. This low porosity results in low
fluxes. General Electric, the original developers of these membranes, assigned
the technology to a spin-off company, the Nuclepore Corporation, in 1972
[5]. Nuclepore membranes remain the principal commercially available track-
etch membranes. Polycarbonate or polyester films are usually used as the base
membrane material and sodium hydroxide as the etching solution. Other materials
can also be used; for example, etched mica has been used in research studies.

Expanded-film Membranes

Expanded-film membranes are made from crystalline polymers by an orientation
and annealing process. A number of manufacturers produce porous membranes
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by this technique. The original development was due to a group at Celanese,
which made microporous polypropylene membranes by this process under the
trade name Celgard [6]. In the first step of the process, a highly oriented film
is produced by extruding polypropylene at close to its melting point coupled
with a very rapid drawdown. The crystallites in the semi-crystalline polymer
are then aligned in the direction of orientation. After cooling and annealing,
the film is stretched a second time, up to 300 %. During this second elongation
the amorphous regions between the crystallites are deformed, forming slit-like
voids, 200 to 2500 Å wide, between the polymer crystallites. The pore size of
the membrane is controlled by the rate and extent of the second elongation step.
The formation process is illustrated in Figure 3.5. This type of membrane is
also made from poly(tetrafluoroethylene) film by W.L. Gore and sold under the

(a)

(b)

Melt extrusion die

Drawing

Direction of
uniaxial stretching

Interlamellar
region

Stretching

Lamellar

Bridging
structure
Micropores

1 µm

Figure 3.5 (a) Preparation method of a typical expanded polypropylene film membrane,
in this case Celgard. (b) Scanning electron micrograph of the microdefects formed on
uniaxial stretching of films [6]
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trade name Gore-Tex [7]. Expanded film membrane was originally produced
as rolled flat sheets. More recently the process has also been adapted to the
production of hollow fibers [8]; Membrana produces this type of fiber on a
large scale for use in blood oxygenator equipment (Chapter 12) and membrane
contactors (Chapter 13). Gore-Tex poly(tetrafluoroethylene) film is widely used
as a water-vapor-permeable (that is, breathable) but liquid-water-impermeable
fabric. The commercial success of these membranes has motivated a number of
other companies to produce similar materials [9,10].

Template Leaching

Template leaching is another method of producing isotropic microporous mem-
branes from insoluble polymers such as polyethylene, polypropylene and poly(tet-
rafluoroethylene). In this process a homogeneous melt is prepared from a mixture
of the polymeric membrane matrix material and a leachable component. To finely
disperse the leachable component in the polymer matrix, the mixture is often
homogenized, extruded, and pelletized several times before final extrusion as a
thin film. After formation of the film, the leachable component is removed with
a suitable solvent, and a microporous membrane is formed [11–13]. The leach-
able component can be a soluble, low-molecular-weight solid, a liquid such as
liquid paraffin, or even a polymeric material such as polystyrene. A drawing of
a template leaching membrane production machine is shown in Figure 3.6.

Anisotropic Membranes
Anisotropic membranes are layered structures in which the porosity, pore size,
or even membrane composition change from the top to the bottom surface of
the membrane. Usually anisotropic membranes have a thin, selective layer sup-
ported on a much thicker, highly permeable microporous substrate. Because the
selective layer is very thin, membrane fluxes are high. The microporous substrate

Diluent
supply

Hopper

Extruder

Extraction
Chill
roll

DieDrier

Heat
setting

Windup
Guide rolls

Figure 3.6 Flow schematic of a melt extruder system used to make polypropylene mem-
branes by template leaching [13]
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provides the strength required for handling the membrane. The importance of
anisotropic membranes was not recognized until Loeb and Sourirajan prepared
the first high-flux, anisotropic reverse osmosis membranes by what is now known
as the Loeb–Sourirajan technique [14]. Hindsight makes it clear that some of
the membranes produced in the 1930s and 1940s were also anisotropic. Loeb
and Sourirajan’s discovery was a critical breakthrough in membrane technol-
ogy. Their anisotropic reverse osmosis membranes were an order of magnitude
more permeable than the isotropic membranes produced previously from the
same materials. For a number of years the Loeb–Sourirajan technique was the
only method of making anisotropic membranes, but the demonstrated bene-
fits of the anisotropic structure encouraged the development of other methods.
Improvements in anisotropic membrane preparation methods and properties were
accelerated by the availability in the late 1960s of the scanning electron micro-
scope (SEM), which allowed the effects of changes in the membrane formation
process on structure to be assessed easily.

Membranes made by the Loeb–Sourirajan process consist of a single mem-
brane material, but the porosity and pore size change in different layers of the
membrane. Anisotropic membranes made by other techniques and used on a large
scale often consist of layers of different materials which serve different functions.
Important examples are membranes made by the interfacial polymerization pro-
cess discovered by Cadotte [15] and the solution-coating processes developed by
Ward [16], Francis [17] and Riley [18]. The following sections cover four types
of anisotropic membranes:

• Phase separation membranes. This category includes membranes made by
the Loeb–Sourirajan technique involving precipitation of a casting solution
by immersion in a nonsolvent (water) bath. Also covered are a variety of
related techniques such as precipitation by solvent evaporation, precipitation
by absorption of water from the vapor phase, and precipitation by cooling.

• Interfacial polymerization membranes. This type of anisotropic membrane is
made by polymerizing an extremely thin layer of polymer at the surface of a
microporous support polymer.

• Solution-coated composite membranes. To prepare these membranes, one or
more thin, dense polymer layers are solution coated onto the surface of a
microporous support.

• Other anisotropic membranes. This category covers membranes made by a
variety of specialized processes, such as plasma deposition, in the laboratory
or on a small industrial scale to prepare anisotropic membranes for specific
applications.

Phase Separation Membranes

The Loeb–Sourirajan technique is now recognized as a special case of a more
general class of membrane preparation process, best called the phase separation
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Table 3.1 Phase separation membrane preparation procedures

Procedure Process

Water precipitation (the
Loeb–Sourirajan
process)

The cast polymer solution is immersed in a nonsolvent bath
(typically water). Absorption of water and loss of solvent
cause the film to rapidly precipitate from the top surface
down

Water vapor absorption The cast polymer solution is placed in a humid atmosphere.
Water vapor absorption causes the film to precipitate

Thermal gelation The polymeric solution is cast hot. Cooling causes
precipitation

Solvent evaporation A mixture of solvents is used to form the polymer casting
solution. Evaporation of one of the solvents after casting
changes the solution composition and causes precipitation

process, but sometimes called the phase inversion process or the polymer pre-
cipitation process. The term phase separation describes the process most clearly,
namely, changing a one-phase casting solution into two separate phases. In all
phase separation processes, a liquid polymer solution is precipitated into two
phases: a solid, polymer-rich phase that forms the matrix of the membrane and
a liquid, polymer-poor phase that forms the membrane pores.

Precipitation of the cast liquid polymer solution to form the anisotropic mem-
brane can be achieved in several ways, as summarized in Table 3.1. Precipitation
by immersion in a bath of water was the technique discovered by Loeb and Souri-
rajan, but precipitation can also be caused by absorption of water from a humid
atmosphere. A third method is to cast the film as a hot solution. As the cast film
cools, a point is reached at which precipitation occurs to form a microporous
structure; this method is called thermal gelation. Finally, evaporation of one of
the solvents in the casting solution can be used to cause precipitation. In this
technique the casting solution consists of a polymer dissolved in a mixture of a
volatile good solvent and a less volatile nonsolvent (typically water or alcohol).
When a film of the solution is cast and allowed to evaporate, the volatile good
solvent evaporates first, the film then becomes enriched in the nonvolatile non-
solvent, and finally precipitates. Many combinations of these processes have also
been developed. For example, a cast film placed in a humid atmosphere can pre-
cipitate partly because of water vapor absorption but also because of evaporation
of one of the more volatile components.

Polymer Precipitation by Water (the Loeb–Sourirajan Process)

The first phase separation membrane was developed at UCLA from 1958 to 1960
by Sidney Loeb, then working on his Master’s degree, and Srinivasa Sourirajan,
then a post-doctoral researcher. In their process, now called the Loeb–Sourirajan
technique, precipitation is induced by immersing the cast film of polymer solution
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in a water bath. In the original Loeb–Sourirajan process, a solution containing
20 to 25 wt% cellulose acetate dissolved in a water-miscible solvent was cast as
a thin film on a glass plate. The film was left to stand for 10–100 s to allow
some of the solvent to evaporate, after which the film was immersed in a water
bath to precipitate the film and form the membrane. The membrane was usually
post-treated by annealing in a bath of hot water. The steps of the process are
illustrated in Figure 3.7.

The Loeb–Sourirajan process remains by far the most important membrane-
preparation technique. The process is part of the overall membrane preparation
procedure for almost all reverse osmosis and ultrafiltration and for many gas
separation membranes. Reverse osmosis and gas separation membranes made
by this technique consist of a completely dense top surface layer (the skin)
on top of a microporous support structure. Ultrafiltration membranes, support
membranes for solution coating, and interfacial polymerization membranes have
the same general anisotropic structure, but the skin layer is very finely microp-
orous, typically with pores in the 10- to 200-Å diameter range. Also, the porous
substrate of ultrafiltration membranes is usually more open, often consisting of
large finger-like cavities extending from just under the selective skin layer to
the bottom surface of the membrane. Scanning electron micrographs of typi-
cal sponge-structure reverse-osmosis type and finger-structure ultrafiltration-type
membranes are shown in Figure 3.8 [19]. These photographs show how small

Casting

Evaporation

Precipitation

Annealing

Figure 3.7 Process scheme used to form Loeb–Sourirajan water precipitation phase
separation membranes [14]
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(a) Sponge structure cast from 22 wt% Nomex in dimethylacetamide

(b) Finger structure cast from 18 wt% Nomex in dimethylacetamide

Structure within
the membrane

5 µ

20 µ
Bottom skin cross-section

Top skin cross-section

Top skin cross-sectionTop skin

Structure within
the membrane

20 µ

5 µ

Figure 3.8 Scanning electron micrographs of aromatic polyamide (Nomex, Du Pont)
Loeb–Sourirajan membranes cast from 22 and 18 wt% Nomex in dimethylacetamide [19]

changes in the casting solution can produce major differences in membrane
properties. Both membranes are prepared from a Nomex (DuPont, Wilmington,
DE) polyamide-dimethylacetamide casting solution, but the polymer concentra-
tion in the solutions is different.

The Loeb–Sourirajan water precipitation membranes shown in Figure 3.8 were
made by casting the membranes onto glass plates. This procedure is still used
in the laboratory, but for commercial production large casting machines produce
rolls of membrane up to 5000 m long and 1 to 2 m wide. A diagram of a small
casting machine is shown in Figure 3.9. The polymer solution is cast onto a
moving nonwoven paper web. The cast film is then precipitated by immersion
in a water bath. The water precipitates the top surface of the cast film rapidly,
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Adjustable
level

overflow

Tap Water Overflow

Flowmeter

Rinse tankGel tank

Drain

Solution trough

Doctor blade Squeegee wiper blade

Take-up
roll

Tensioning roller
Fabric roll
Spreader roller

Figure 3.9 Schematic of Loeb–Sourirajan membrane casting machine used to prepare
reverse osmosis or ultrafiltration membranes. A knife and trough are used to coat the
casting solution onto a nonwoven paper web. The coated web then enters the water-filled
gel tank, where the casting solution precipitates. After the membrane has formed, it is
washed thoroughly to remove residual solvent before being wound up on the take-up roll

forming the dense, selective skin. This skin slows entry of water into the under-
lying polymer solution, which precipitates much more slowly and forms a more
porous substructure. Depending on the polymer, the casting solution, and other
parameters, the thickness of the dense skin varies from 0.1 to 1.0 µm. Casting
machine speeds vary from as low as 1 to 2 m/min for slowly precipitating casting
solutions, such as cellulose acetate, to 10 m/min for rapidly precipitating casting
solutions, such as polysulfone. A listing of some typical casting solutions and
precipitation conditions for membranes made by the Loeb–Sourirajan technique
is given in Table 3.2 [14,20–23].

Since the discovery of the Loeb–Sourirajan technique in the 1960s, devel-
opment of the technology has proceeded on two fronts. Industrial users of the
technology have generally taken an empirical approach, making improvements in
the technique based on trial and error experience. Concurrently, theories of mem-
brane formation based on fundamental studies of the precipitation process have
been developed. These theories originated with the early industrial developers of
membranes at Amicon [19,22,24] and were then taken up at a number of aca-
demic centers. Unfortunately, much of the recent academic work is so complex
that many industrial producers of phase separation membranes no longer follow
this literature.
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Table 3.2 Historically important examples of conditions for preparation of solution-
precipitation (Loeb–Sourirajan) membranes

Casting solution
composition

Precipitation conditions Application and
comments

22.2 wt% cellulose acetate
(39.8 wt% acetyl
polymer)

66.7 wt% acetone
10.0 wt% water
1.1 wt% magnesium

perchlorate

3 min evaporation,
precipitate into
0 ◦C water, anneal
for 5 min at
65–85 ◦C

The first Loeb–Sourirajan
reverse osmosis
membrane [14]

25 wt% cellulose acetate
(39.8 wt% acetyl
polymer)

45 wt% acetone
30 wt% formamide

0.5–2 min
evaporation, cast
into 0 ◦C water,
anneal for 5 min at
65–85 ◦C

The Manjikian formulation
widely used in early
1970s for reverse
osmosis membranes
[20]

8.2 wt% cellulose acetate
(39.8 wt% acetyl
polymer)

8.2 wt% cellulose triacetate
(43.2 wt% acetyl
polymer)

45.1 wt% dioxane
28.7 wt% acetone
7.4 wt% methanol
2.5 wt% maleic acid

Up to 3 min
evaporation at
−10 ◦C,
precipitation into
an ice bath, anneal
at 85–90 ◦C for
3 min

A high-performance
reverse osmosis
cellulose acetate blend
membrane [21]

15 wt% polysulfone (Udell
P 1700)

85 wt%
N-methyl-2-pyrrolidone

Cast into 25 ◦C water
bath. No
evaporation or
annealing step
necessary

An early ultrafiltration
membrane formulation
[22]. Similar
polysulfone-based
casting solutions are
still widely used

20.9 wt% polysulfone
33.2 wt% dimethyl

formamide
33.2 wt% tetrahydrofuran
12.6 wt% ethanol

Forced evaporation
with humid air
10–15 s.
Precipitate into
20 ◦C water

A high-performance gas
separation membrane
with a completely dense
nonporous skin ∼1000Å
thick [23]

Empirical Approach to Membrane Formation by Water Precipitation

Over the years several rules of thumb have developed to guide producers of
solution precipitation membranes. These rules can be summarized as follows:

Choice of Polymer. The ideal polymer is a tough, amophorous, but not brittle
thermoplastic with a glass transition temperature more than 50 ◦C above the
expected use temperature. A high molecular weight is important. Commercial
polymers made for injection molding have molecular weights in the 30 000
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to 40 000 Dalton range, but, for solution precipitation, polymers with higher
molecular weights are usually preferable. If the polymer is crystalline or a rigid
glass, the resulting membrane may be too brittle and will break if bent during later
handling. The polymer must also be soluble in a suitable water-miscible solvent.
Polymers that meet these specifications include cellulose acetate, polysulfone,
poly(vinylidine fluoride), polyetherimide and aromatic polyamides.

Choice of Casting Solution Solvent. Generally the best casting solution sol-
vents are aprotic solvents such as dimethyl formamide, N -methyl pyrrolidone
and dimethyl acetamide. These solvents dissolve a wide variety of polymers, and
casting solutions based on these solvents precipitate rapidly when immersed in
water to give porous, very anisotropic membranes. Casting solutions using low-
solubility-parameter solvents, such as tetrahydrofuran, acetone, dioxane and ethyl
formate, are generally not appropriate. Such casting solutions precipitate slowly
and give relatively nonporous membranes. However, small amounts of these sol-
vents may be added as casting solution modifiers (see below). Figure 3.10 illus-
trates the apparent correlation between solvent solubility parameter and membrane
porosity as demonstrated by So et al. [25].
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From So et al.  1970

Figure 3.10 The porosity of cellulose acetate membranes cast from 15-wt% solutions
with various solvents. The same trend of high porosity and rapid precipitation with high
solubility-parameter solvents was seen with a number of other membrane materials [25]
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Increasing the polymer casting solution concentration always reduces the poros-
ity and flux of the membrane. Typical concentrations for porous ultrafiltration
membranes are in the range 15–20 wt%. Polymer casting solution concentra-
tions for reverse osmosis or gas separation membranes are higher, generally
about 25 wt%, and casting solutions used to make hollow fiber membranes by
spinning a hot solution at 60 to 80 ◦C may contain as much as 35 % polymer.

Precipitation Medium. Water is almost always the casting solution precipitation
medium. Some work has been done with organic solvents, particularly to form
hollow fiber membranes for which the mechanical and safety problems of han-
dling an organic solvent precipitation bath and limiting atmospheric emissions are
more easily controlled than in flat sheet casting. In general, the results obtained
with nonaqueous precipitation baths have not justified the increased complex-
ity of the process. Organic-based solvent precipitation media such as methanol
or isopropanol almost always precipitate the casting solution more slowly than
water, and the resulting membranes are usually denser, less anisotropic, and lower
flux than membranes precipitated with water.

The temperature of the water used to precipitate the casting solution is impor-
tant; this temperature is controlled in commercial membrane plants. Generally
low-temperature precipitation produces lower flux, more retentive membranes.
For this reason chilled water is frequently used to prepare cellulose acetate reverse
osmosis membranes.

Casting Solution Modifiers. Membrane properties are often tailored by adding
small amounts of modifiers to the casting solution. The casting solutions shown
in Table 3.2 contain two to four components, but modern commercial casting
solutions may be more complex. Even though the solution may contain only
5 to 20 wt% modifiers, these modifiers can change the membrane performance
significantly. This aspect of membrane preparation is a black art, and most prac-
titioners have their preferred ingredients. Addition of low solubility solvents such
as acetone, tetrahydrofuran or dioxane will normally produce denser, more reten-
tive membranes. Increasing the polymer concentration of the casting solution
will also make the membrane more dense. Addition of salts such as zinc chloride
and lithium chloride usually gives more open membranes. Polymeric additives
may also be used—commonly poly(vinyl pyrrolidone) and poly(ethylene glycol);
generally these polymers make the membrane more porous. Also, although most
of these water-soluble polymers and salts are removed during precipitation and
washing of the membrane, a portion remains trapped, making the final membrane
more hydrophilic.

When developing membranes from a new polymer, practitioners of the empir-
ical approach usually prepare a series of trial casting solutions based on past
experience with similar polymers. Membrane films are made by casting onto
glass plates and precipitation in a water bath. The casting solutions most likely
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to yield good membranes are often immediately apparent. The rate of precipitation
is important. Slow precipitation produces dense, more isotropic membranes;
rapid precipitation produces porous, anisotropic membranes. The appearance and
mechanical properties of the membrane surface—shine, brittleness and thick-
ness—compared to casting solution thickness also provide clues to the membrane
structure. Based on these trials one or more casting solutions will be selected for
systematic parametric development.

Theoretical Approach to Membrane Formation

Over the years several approaches have been used to rationalize the formation of
Loeb–Sourirajan (solution precipitation) and other phase inversion membranes.
Most have involved the polymer–solvent–precipitation medium phase diagrams
popularized by Michaels [22], Strathmann [19,24,26] and Smolders [27–29]. In
this approach the change in composition of the casting solution as membrane for-
mation takes place is tracked as a path through the phase diagram. The path starts
at a point representing the original casting solution and finishes at a point repre-
senting the composition of the final membrane. The casting solution composition
moves to the final membrane composition by losing solvent and gaining water.

A typical three-component phase diagram for the components used to pre-
pare Loeb–Sourirajan membranes is shown in Figure 3.11. The corners of the

Solvent

Polymer

One-phase
stable solution

region

Typical initial
casting solution

composition

One-phase
gel region

Glassy
region

Binodal
boundary

Spinodal
boundary

Tie lines

Metastable
region

Unstable
region

Non-solvent
(water)

Figure 3.11 Schematic of the three-component phase diagram often used to rationalize
the formation of water-precipitation phase separation membranes
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triangle represent the three pure components—polymer, solvent, and nonsolvent
(water); points within the triangle represent mixtures of the three components.
The diagram has two principal regions: a one-phase region, in which all compo-
nents are miscible; and a two-phase region, in which the system separates into
a solid (polymer-rich) phase and a liquid (polymer-poor) phase. During precip-
itation of the membrane casting solution, the solution loses solvent and gains
water. The casting solution moves from a composition in the one-phase region
to a composition in the two-phase region.

Although the one-phase region in the phase diagram is thermodynamically
continuous, for practical purposes it can be conveniently subdivided into a liq-
uid polymer solution region, a polymer gel region, and a glassy solid polymer
region. Thus, in the low-polymer-concentration region, typical of the original
casting solution, the compositions are viscous liquids. But, if the concentration
of polymer is increased, the viscosity of compositions in the one-phase region
increases rapidly, reaching such high values that the system can be regarded as
a solid gel. The transition between the liquid and gel regions is arbitrary but can
be placed at a polymer concentration of 30 to 40 wt%. If the one-phase solution
contains more than 90 wt% polymer, the swollen polymer gel may become so
rigid that the polymer chains can no longer rotate. The polymer gel then becomes
a solid polymer glass.

During the precipitation process, the casting solution enters the two-phase
region of the phase diagram by crossing the so-called binodal boundary. This
brings the casting solution into a metastable two-phase region. Polymer solu-
tion compositions in this region are thermodynamically unstable but will not
normally precipitate unless well nucleated. The metastable region in the phase
diagrams of low-molecular-weight materials is very small, but can be large for
high-molecular-weight materials. As more solvent leaves the casting solution and
water enters the solution, the composition crosses into another region of the phase
diagram in which a one-phase solution is always thermodynamically unstable. In
this region, polymer solutions spontaneously separate into two phases with com-
positions linked by tie lines. The boundary between the metastable and unstable
regions is called the spinodal boundary.

Thus, the membrane precipitation process is a series of steps. First, solvent
exchange with the precipitation medium occurs. Then, as the composition enters
the two-phase region of the phase diagram, phase separation or precipitation
begins. The time taken for solvent–water exchange before precipitation occurs
can be measured because the membrane turns opaque as soon as precipitation
begins. Depending on the casting solution composition, the time to first precipi-
tation may be almost instantaneous to as long as 30–60 s. Initially, the polymer
phase that separates on precipitation may be a liquid or semi-liquid gel, and
the precipitation domains may be able to flow and agglomerate at this point.
In the final step of the precipitation process, desolvation of the polymer phase
converts the polymer to a relatively solid gel phase, and the membrane structure
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is fixed. The solid polymer phase forms the matrix of the final membrane, and
the liquid solvent–nonsolvent phase forms the pores. The precipitation behav-
ior of polymer–solvent mixtures is further complicated by slow kinetics caused
by the viscosity of polymer solutions and by thermodynamic effects that allow
metastable solutions to exist for a prolonged time without precipitating. Much
has been made of these effects in a number of theoretical papers, but application
to concretely predicting membrane permeation properties has proved difficult.

The original approach of Strathmann et al. [24] was to present the process
of membrane formation as a line through the phase diagram. This approach is
shown in Figure 3.12. During membrane formation, the composition changes
from a composition A, which represents the initial casting solution composi-
tion, to a composition D, which represents the final membrane composition. At
composition D, the two phases are in equilibrium: a solid (polymer-rich) phase,
which forms the matrix of the final membrane, represented by point S, and a
liquid (polymer-poor) phase, which constitutes the membrane pores filled with
precipitant, represented by point L. The position of composition D on the line
S-L determines the overall porosity of the membrane. The entire precipitation
process is represented by the path A-D, along which the solvent is exchanged
by the precipitant. The point B along the path is the concentration at which the

Solvent

Polymer

Initial
casting
solution Two-phase

region

Point of
solidification

S

D

A

C

L Non-solvent
(water)

Point of
precipitation

B

Figure 3.12 Membrane formation in water-precipitation membranes was first rational-
ized as a path through the three-component phase diagram from the initial polymer casting
solution (A) to the final membrane (D) [24]
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polymer initially precipitates. As precipitation proceeds, more solvent is lost, and
precipitant is imbibed by the polymer-rich phase, raising the viscosity. At some
point, the viscosity is high enough for the precipitated polymer to be regarded as
a solid. This composition is at C in Figure 3.12. Once the precipitated polymer
solidifies, further bulk movement of the polymer is hindered.

The precipitation path in Figure 3.12 is shown as a single line representing the
average composition of the whole membrane. In fact, the rate of precipitation and
the precipitation path through the phase diagram differ at different points in the
membrane. When the cast film of polymer solution is exposed to the precipitation
medium, the top surface begins to precipitate first. This surface layer precipitates
rapidly, so the two phases formed on precipitation do not have time to agglom-
erate. The resulting structure is finely microporous. However, the precipitated
surface layer then becomes a barrier that slows further loss of solvent and imbi-
bition of nonsolvent by the cast film. The result is increasingly slow precipitation
from the top surface to the bottom surface of the film. As precipitation slows, the
average pore size increases because the two phases formed on precipitation have
more time to separate. The differences between the precipitation rates and the
pathway taken by different places in the casting solution mean that the precipi-
tation process is best represented by the movement of a line through the phase
diagram rather than a single point. This concept was developed in a series of
papers on phase-separation membranes by Smolders and co-workers at Twente
University [27–29]. The movement of this line is illustrated in Figure 3.13 [27].
At time t2, for example, a few seconds after the precipitation process has begun,
the top surface of the polymer film has almost completely precipitated, and the
composition of this surface layer is close to the polymer nonsolvent axis. On the
other hand, at the bottom surface of the film where precipitation has only just
begun, the composition is close to that of the original casting solution.

In Figure 3.13 the precipitation pathway enters the two-phase region of the
phase diagram above the critical point at which the binodal and spinodal lines
intersect. This is important because it means that precipitation will occur as a
liquid droplet in a continuous polymer-rich phase. If dilute casting solutions are
used, in which the precipitation pathway enters the two-phase region of the phase
diagram below the critical point, precipitation produces polymer gel particles in
a continuous liquid phase. The membrane that forms is then weak and powdery.

The simplified treatment of membrane formation using the three-component
phase diagram given above is about as far as this approach can be usefully taken.
Experimental measurement of the path taken by the membrane during the forma-
tion process is difficult. Recently, much effort has been made to calculate these
pathways through the phase diagrams and to use them to predict the effect of
membrane formation variables on the fine membrane structure. As quantitative
predictors of membrane performance this approach has failed. However, as a tool
to qualitatively rationalize the complex interplay of factors determining mem-
brane performance, the phase diagram approach has proved useful. Many of the
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Figure 3.13 The surface layer of water-precipitation membranes precipitates faster than
the underlying substrate. The precipitation pathway is best represented by the movement
of a line through the three-component phase diagram [27]

recent papers describing the application of the phase diagram approach to mem-
brane formation are a heavy read for industrial membrane producers faced with
real-world problems. This literature is reviewed in detail elsewhere [27,30–32].

Polymer Precipitation by Cooling

Perhaps the simplest solution-precipitation membrane preparation technique is
thermal gelation, in which a film is cast from a hot, one-phase polymer/solvent
solution. As the cast film cools, the polymer precipitates, and the solution sepa-
rates into a polymer matrix phase containing dispersed pores filled with solvent.
Because cooling is usually uniform throughout the cast film, the resulting mem-
branes are relatively isotropic microporous structures with pores that can be
controlled within 0.1–10 µm.

The precipitation process that forms thermal gelation membranes can be repre-
sented by the phase diagram shown in Figure 3.14 and described in an early Akzo
patent of Castro [33]. This is a simplified drawing of the actual phase diagram,
which was described later in papers by Lloyd et al. [34], Vadalia et al. [35]
and Caneba and Soong [36]. The phase diagram shows the metastable region
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Figure 3.14 Phase diagram showing the composition pathway traveled by the casting
solution during precipitation by cooling

between the binodal and spinodal phase boundaries discussed in reference to
Figure 3.11, with additional complications caused by the crystalline nature of
many of the polymers used to form thermal phase-separation membranes. The
pore volume in the final membrane is determined mainly by the initial compo-
sition of the solution, because this determines the ratio of the polymer to liquid
phase in the cooled film. However, the spatial distribution and size of the pores
are determined largely by the rate of cooling and hence, precipitation of the film.
In general, more rapid cooling produces smaller membrane pores and greater
membrane anisotropy [37,38]. Membrane preparation by thermal gelation is pos-
sible with many polymers, but the technique is used mainly to make membranes
from polyethylene and polypropylene, which cannot be formed into microporous
membranes by standard solution-casting methods.

Polymer precipitation by cooling to produce microporous membranes was
first developed and commercialized by Akzo [33,37], which continues to mar-
ket microfiltration polypropylene and poly(vinylidene fluoride) membranes pro-
duced by this technique under the trade name Accurel. Flat sheet and hol-
low fiber membranes are made. Polypropylene membranes are prepared from a
solution of polypropylene in N,N -bis(2-hydroxyethyl)tallowamine. The amine
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and polypropylene form a clear solution at temperatures above 100–150 ◦C.
Upon cooling, the solvent and polymer phases separate to form a microporous
structure. If the solution is cooled slowly, an open cell structure of the type
shown in Figure 3.15(a) results. The interconnecting passageways between cells
are generally in the micrometer range. If the solution is cooled and precipitated

(a)

(b)

50 µm

20 µm

Figure 3.15 Polypropylene structures. (a) Type I: open cell structure formed at low
cooling rates. (b) Type II: fine structure formed at high cooling rates [37]. Reprinted with
permission from W.C. Hiatt, G.H. Vitzthum, K.B. Wagener, K. Gerlach and C. Josefiak,
Microporous Membranes via Upper Critical Temperature Phase Separation, in Materials
Science of Synthetic Membranes, D.R. Lloyd (ed.), ACS Symposium Series Number 269,
Washington, DC. Copyright 1985, American Chemical Society and American Pharma-
ceutical Association
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Figure 3.16 Equipment to prepare microporous membranes by the polymer precipitation
by cooling technique [37]. Reprinted with permission from W.C. Hiatt, G.H. Vitzthum,
K.B. Wagener, K. Gerlach and C. Josefiak, Microporous Membranes via Upper Critical
Temperature Phase Separation, in Materials Science of Synthetic Membranes, D.R. Lloyd
(ed.), ACS Symposium Series Number 269, Washington, DC. Copyright 1985, American
Chemical Society and American Pharmaceutical Association

rapidly, a much finer structure is formed, as shown in Figure 3.15(b). The rate
of cooling is, therefore, a key parameter determining the final structure of the
membrane. The anisotropy of the membranes can be increased by cooling the
top and bottom surface of the cast film at different rates.

A schematic diagram of a commercial-scale thermal gelation polymer precip-
itation process is shown in Figure 3.16. The hot polymer solution is cast onto
a water-cooled chill roll, which cools the solution, causing the polymer to pre-
cipitate. The precipitated film is passed through an extraction tank containing
methanol, ethanol or isopropanol to remove the solvent. Finally, the membrane
is dried, sent to a laser inspection station, trimmed and rolled up.

Polymer Precipitation by Solvent Evaporation

This technique, one of the earliest methods of making microporous membranes,
was used by Bechhold, Elford, Pierce, Ferry and others in the 1920s and 1930s
[39–43]. In the simplest form of the method, a polymer is dissolved in a two-
component solvent mixture consisting of a volatile solvent, such as methylene
chloride or acetone, in which the polymer is readily soluble, and a less volatile
nonsolvent, typically water or an alcohol. The polymer solution is cast onto a glass
plate. As the volatile solvent evaporates, the casting solution is enriched in the
nonvolatile solvent, so the polymer precipitates, forming the membrane structure.
The process can be continued until the membrane has completely formed, or it
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can be stopped, and the membrane structure fixed, by immersing the cast film in
a precipitation bath of water or other nonsolvent. The precipitation process used
to form these membranes is much slower than precipitation by immersion into
liquid water (the Loeb–Sourirajan process). As a result membranes formed by
solvent evaporation are only modestly anisotropic and have large pores. Scanning
electron micrographs of some membranes made by this process are shown in
Figure 3.17 [44].

Many factors determine the porosity and pore size of membranes formed
by the solvent evaporation method. As Figure 3.17 shows, if the membrane is
immersed in a nonsolvent after a short evaporation time, the resulting structure
will be finely microporous. If the evaporation step is prolonged before fixing the
structure by immersion in water, the average pore size will be larger. In gen-
eral, increasing the nonsolvent content of the casting solution, or decreasing the
polymer concentration, increases porosity. It is important for the nonsolvent to
be completely incompatible with the polymer. If partially compatible nonsolvents

1 min 3 min

10 min 26 min

10 µm

Figure 3.17 SEM photomicrographs of the bottom surface of cellulose acetate mem-
branes cast from a solution of acetone (volatile solvent) and 2-methyl-2,4-pentanediol
(nonvolatile nonsolvent). The evaporation time before the structure is fixed by immersion
in water is shown [44]. Reprinted from J. Membr. Sci., 87, L. Zeman and T. Fraser, For-
mation of Air-cast Cellulose Acetate Membranes, p. 267, Copyright 1994, with permission
from Elsevier
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are used, the precipitating polymer phase contains sufficient residual solvent to
allow it to flow, and the pores will collapse as the solvent evaporates. The result
is a dense rather than a microporous film.

Polymer Precipitation by Absorption of Water Vapor

Preparation of microporous membranes by solvent evaporation alone is not widely
practiced. However, a combination of solvent evaporation and absorption of water
vapor from a humid atmosphere is an important method of making microfiltration
membranes. The processes involve proprietary casting formulations not normally
disclosed by membrane developers. However, during the development of com-
posite membranes at Gulf General Atomic, Riley et al. prepared this type of
membrane and described the technology in some detail in a series of Office
of Saline Water Reports [45]. These reports remain the best published descrip-
tion of the technique. Casting solutions used to prepare these membranes are
complex and often contain 5 to 10 components. For example, a typical casting
solution composition taken from Riley’s report [45] comprises 8.1 wt% cellulose
nitrate, 1.3 wt% cellulose acetate, 49.5 wt% acetone (a volatile good solvent),
22.3 wt% ethanol and 14.7 wt% n-butanol (nonvolatile poor solvents), 2.6 wt%
water (a nonsolvent), 0.5 wt% Triton X-100 (a surfactant solution modifier), and
1.2 wt% glycerin (a polymer plasticizer).

The type of equipment used by Riley et al. is shown in Figure 3.18. The cast-
ing solution is cast onto a moving stainless steel belt. The cast film then passes
through a series of environmental chambers. Warm, humid air is usually cir-
culated through the first chamber, where the film loses the volatile solvent by
evaporation and simultaneously absorbs water. A key issue is to avoid formation
of a dense surface skin on the air side of the membrane. Dense skin formation is

Take-up
roll

Casting
solution

Doctor
blade

Environmental
chambers

Membrane

Stainless steel belt

Figure 3.18 Schematic of casting machine used to make microporous membranes by
water vapor absorption. A casting solution is deposited as a thin film on a moving stainless
steel belt. The film passes through a series of humid and dry chambers, where the solvent
evaporates from the solution, and water vapor is absorbed. This precipitates the polymer,
forming a microporous membrane that is taken up on a collection roll [45]

FOR REFERENCE PURPOSES ONLY



MEMBRANES AND MODULES 115

generally prevented by incorporating sufficient polymer nonsolvent in the cast-
ing solution. Polymer precipitation and formation of two phases then occur when
even a small portion of the volatile solvent component in the mixture evaporates.
The total precipitation process is slow, taking about 10–30 min to complete.
Typical casting speeds are of the order of 1 to 5 ft/min. To allow higher casting
speeds the casting machine must be very long—commercial machines can be
up to 100 feet. The resulting membrane structure is more isotropic and more
microporous than membranes precipitated by immersion in water. After precip-
itation in the environmental chambers, the membrane passes to a second oven,
through which hot, dry air is circulated to evaporate the remaining solvent and
dry the film. The formed membrane is then wound onto a take-up roll. This
type of membrane is widely used in microfiltration. Membranes made by the
water vapor absorption-solvent evaporation precipitation process often have the
characteristic nodular form shown in Figure 3.19. A discussion of some of the

10 µm

Figure 3.19 Characteristic structure of a phase-separation membrane made by water
vapor absorption and solvent evaporation. (Courtesy of Millipore Corporation, Biller-
ica, MA)
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practical considerations involved in making this type of membrane is given in a
recent book by Zeman and Zydney [46].

Interfacial Polymerization Membranes

The production by Loeb and Sourirajan of the first successful anisotropic mem-
branes spawned numerous other techniques in which a microporous membrane
is used as a support for a thin, dense separating layer. One of the most impor-
tant of these was interfacial polymerization, an entirely new method of making
anisotropic membranes developed by John Cadotte, then at North Star Research.
Reverse osmosis membranes produced by this technique had dramatically improv-
ed salt rejections and water fluxes compared to those prepared by the Loeb–Souri-
rajan process. Almost all reverse osmosis membranes are now made by the
interfacial polymerization process, illustrated in Figure 3.20. In this method,
an aqueous solution of a reactive prepolymer, such as a polyamine, is first
deposited in the pores of a microporous support membrane, typically a polysul-
fone ultrafiltration membrane. The amine-loaded support is then immersed in a
water-immiscible solvent solution containing a reactant, such as a diacid chloride
in hexane. The amine and acid chloride react at the interface of the two immiscible

Surface of polysulfone
support film Amine

coating Reacted
zone

Aqueous
amine

solution

Hexane-acid
chloride
solution

Cross-
linked
amine

Figure 3.20 Schematic of the interfacial polymerization process. The microporous film
is first impregnated with an aqueous amine solution. The film is then treated with a mul-
tivalent crosslinking agent dissolved in a water-immiscible organic fluid, such as hexane
or Freon-113. An extremely thin polymer film forms at the interface of the two solutions
[47]. Reprinted from L.T. Rozelle, J.E. Cadotte, K.E. Cobian, and C.V. Knopp, Jr, Non-
polysaccharide Membranes for Reverse Osmosis: NS-100 Membranes, in Reverse Osmosis
and Synthetic Membranes, S. Sourirajan (ed.), National Research Council Canada, Ottawa,
Canada (1977) by permission from NRC Research Press
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solutions to form a densely crosslinked, extremely thin membrane layer. The first
membrane made by Cadotte was based on polyethyleneimine crosslinked with
toluene-2,4-diisocyanate, to form the structure shown in Figure 3.21 [47]. The
process was later refined by Cadotte et al. at FilmTec Corp. [15,48], Riley et al.
at UOP [49], and Kamiyama et al. [50] at Nitto in Japan.

Membranes made by interfacial polymerization have a dense, highly cross-
linked polymer layer formed on the surface of the support membrane at the
interface of the two solutions. A less crosslinked, more permeable hydrogel layer
forms under this surface layer and fills the pores of the support membrane.
The dense, crosslinked polymer layer, which can only form at the interface, is
extremely thin, on the order of 0.1 µm or less, so the membrane permeabil-
ity is high. Because the polymer is highly crosslinked, its selectivity is also
high. Although the crosslinked interfacial polymer layer determines membrane
selectivity, the nature of the microporous support film affects membrane flux
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Figure 3.21 Idealized structure of polyethyleneimine crosslinked with toluene 2,4-diiso-
cyanate. This was called the NS-100 membrane. The chemistry was first developed by
Cadotte to make interfacial reverse osmosis membranes with almost twice the water flux
and one-fifth the salt leakage of the best reverse osmosis membranes then available. Even
better membranes have since been developed by Cadotte and others [47]

FOR REFERENCE PURPOSES ONLY



118 MEMBRANE TECHNOLOGY AND APPLICATIONS

significantly. The film has to be very finely porous to withstand the high pres-
sures applied but must also have a high surface porosity so it is not a barrier to
flow. The first reverse osmosis membranes made by the interfacial polymeriza-
tion method were five times less salt-permeable than the best cellulose acetate
Loeb–Sourirajan membranes but had better water fluxes. Since then interfa-
cial polymerization chemistry has been refined. The first membrane produced
by this method (and shown in Figure 3.21) was based on the reaction of a
polyethyleneimine (in water) and toluene-2,4-diisocyanate or isophthaloyl chlo-
ride (in hexane). These NS-100 membranes had very good permeation properties
but were very sensitive to even trace amounts (ppb levels) of chlorine commonly
used as an antibacterial agent in water. The chlorine caused chain cleavage of
the polymer at the amide bonds resulting in loss of salt rejection. A number
of other chemistries have been developed over the years; the FT-30 membrane
produced by reaction of phenylenediamine with trimesoyl chloride, also devel-
oped by Cadotte when at FilmTec (Dow Chemical), is particularly important.
This membrane, which has a high water flux and consistent salt rejections of
greater than 99.5 % with seawater [51], made single-pass seawater desalination
with anisotropic membranes possible. A more detailed description of the chem-
istry of interfacial composite membranes is given in the discussion of reverse
osmosis membranes in Chapter 5 and in a review by Petersen [48].

Production of interfacial polymerization membranes in the laboratory is rel-
atively easy, but development of equipment to produce these membranes on a
large scale required some ingenuity. The problem is the fragility of the inter-
facial surface film, which cannot be handled once formed. One solution to this
problem is illustrated in Figure 3.22. The polysulfone or other material used as
the support film is first immersed in an aqueous amine bath. On leaving this bath
the membrane passes to a second organic acid chloride bath and then through a
drying/curing oven. The transfer rollers are arranged so that the surface layer of
the polymer on which the membrane forms never contacts a roller. On leaving
the oven, the interfacial membrane is completely formed. This membrane is then
coated with a protective solution of a water-soluble polymer such as poly(vinyl
alcohol). When this solution is dried, the membrane is wound onto a take-up
roll. The poly(vinyl alcohol) layer protects the membrane from damage during
subsequent handling as it is formed into spiral-wound modules. When the module
is used for the first time, the feed water washes off the water-soluble poly(vinyl
alcohol) layer to expose the interfacial polymerized membrane, and the module
is ready for use.

Interfacial polymerization membranes are widely used in reverse osmosis and
nanofiltration but not for gas separation because of the water-swollen hydro-
gel that fills the pores of the support membrane. In reverse osmosis, this layer is
hydrated and offers little resistance to water flow, but when the membrane is dried
for use in gas separation the gel becomes a rigid glass with very low gas perme-
ability. This glassy polymer fills the membrane pores and, as a result, defect-free
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Figure 3.22 Schematic of the type of machinery used to make interfacial compos-
ite membranes

interfacial composite membranes usually have low gas fluxes, although their
selectivities can be good.

Solution-coated Composite Membranes

Another important group of anisotropic composite membranes is formed by
solution-coating a thin (0.5–2.0 µm) selective layer on a suitable microporous
support. Membranes of this type were first prepared by Ward, Browall, and oth-
ers at General Electric [52] and by Forester and Francis at North Star Research
[17,53] using a type of Langmuir trough system. In this system, a dilute poly-
mer solution in a volatile water-insoluble solvent is spread over the surface of a
water-filled trough.

The apparatus used to make small sections of water-cast composite mem-
branes is shown in Figure 3.23. The dilute polymer solution is cast on the surface
between two Teflon rods. The rods are then moved apart to spread the film. The
thin polymer film formed on the water surface is picked up on a microporous
support. The main problem with this method is the transfer of the fragile, ultrathin
film onto the microporous support. This is usually done by sliding the support
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Figure 3.23 Schematic of the apparatus developed by Ward et al. [52] to prepare water-
cast composite membranes. Reprinted from J. Membr. Sci., 1, W.J. Ward, III, W.R.
Browall and R.M. Salemme, Ultrathin Silicone Rubber Membranes for Gas Separations,
p. 99, Copyright 1976, with permission from Elsevier

membrane under the spread film. With care, small pieces of membrane as thin
as 200 Å can be made.

The water-casting procedure was scaled up to produce continuous composite
membrane films at General Electric. Figure 3.24 shows a schematic of the sys-
tem used to produce composite polycarbonate-silicone copolymer membranes for
small air separation units to produce oxygen-enriched air for medical use. The
polymer casting solution added to the surface of the water bath spreads as a thin
film and is picked up on the moving microporous support membrane. Membranes
as thin as 0.1–0.2 µm can be made. This water-casting technique was used at
General Electric and its spinoff, the Oxygen Enrichment Company, to make gas
separation membranes for several years in the 1970s. The technique has also been
adapted to coat hollow fiber membranes for gas separation applications [54,55].

Currently, most solution-coated composite membranes are prepared by the
method first developed by Riley and others [45,56,57]. In this technique, a poly-
mer solution is cast directly onto the microporous support. The support must
be clean, defect-free and very finely microporous, to prevent penetration of the
coating solution into the pores. If these conditions are met, the support can be
coated with a liquid layer 50–100 µm thick, which after evaporation leaves
a thin selective film 0.5–2 µm thick. A schematic drawing of the meniscus-
coating technique is shown in Figure 3.25 [58]. Obtaining defect-free films by
this technique requires considerable attention to the preparation procedure and
the coating solution.

FOR REFERENCE PURPOSES ONLY



MEMBRANES AND MODULES 121

Microporous
support

Composite
membrane

Polymer
disolved
in water-

immiscible
solvent

Water

Figure 3.24 Method developed by Ward, Browall and others at General Electric to make
multilayer composite membranes by the water casting technique [55]

The characteristics of the microporous support are very important. Because the
selective layer is extremely thin, the support layer can contribute significantly to
the total resistance to transport through the membrane. Not only does the resis-
tance of the support decrease the flux through the membrane, but it can affect
the separation [32,59]. To achieve the intrinsic selectivity of the selective mem-
brane layer, the flux of the uncoated support material must be at least 10 times
that of the coated support. This ensures that more than 90 % of the resistance
to flow lies within the selective coating layer. As well as having a high flux,
the surface layer of the microporous support material must also be very finely
microporous. The pores must be small enough to support the thin selective layer
under high pressure, and must also be close together so the permeating com-
ponents do not take a long tortuous path to reach the pore. When the selective
layer is only a few tenths of a micrometer thick this requirement may be difficult
to meet. One solution to the problem is an intermediate gutter layer of a highly
permeable polymer between the microporous support and the selective layer. The
gutter layer material is much more permeable than the thin selective layer and
acts as a conduit to transport material to the support membrane pores. Finally,
because the selective layer of the composite membrane is often very thin and
correspondingly delicate, such membranes are often protected by a sealing layer,
also formed from a highly permeable material, to protect the membrane from
damage during handling. A schematic of a multilayer composite membrane of
this type is shown in Figure 3.26 together with a scanning electron micrograph.
A discussion of the issues involved in preparing this type of membrane is found
in the review by Koros and Pinnau [32].
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Figure 3.25 Schematic diagram of a film coating apparatus [58]

Other Anisotropic Membranes

Most anisotropic membranes are produced by solution precipitation, interfacial
polymerization or solution coating. A number of other techniques developed in
the laboratory are reviewed briefly below; none are used on a large scale.

Plasma Polymerization Membranes

Plasma polymerization of films was first used to form electrical insulation and
protective coatings, but a number of workers have also prepared selective mem-
branes by this method [60–63]. A simple plasma polymerization apparatus is
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Figure 3.26 Schematic and scanning electron micrograph of a multilayer composite
membrane on a microporous support. (Courtesy of Membrane Technology and Research,
Inc.)

shown in Figure 3.27. Most workers used radio frequency fields at frequencies
of 2–50 MHz to generate the plasma. In a typical plasma experiment helium,
argon, or another inert gas is introduced at a pressure of 50–100 mTorr and a
plasma is initiated. Monomer vapor is then introduced to bring the total pressure
to 200–300 mTorr. These conditions are maintained for a period of 1–10 min,
during which a thin polymer film is deposited on the membrane sample held in
the plasma field.
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Figure 3.27 Simple bell jar plasma coating apparatus

Monomer polymerization proceeds by a complex mechanism involving ionized
molecules and radicals and is completely different from conventional polymer-
ization reactions. In general, the polymer films are highly crosslinked and may
contain radicals that slowly react on standing. The stoichiometry of the film
may also be quite different from the original monomer due to fragmentation of
monomer molecules during the plasma polymerization process. The susceptibility
of monomers to plasma polymerization or the characteristics of the resulting poly-
mer film are difficult to predict. For example, many vinyl and acrylic monomers
polymerize very slowly, whereas unconventional monomers such as benzene and
hexane polymerize readily. The vapor pressure of the monomers, the power and
voltage used in the discharge reaction, and the type and temperature of the sub-
strate all affect the polymerization reaction. The inert gas used in the plasma
may also enter into the reaction. Nitrogen and carbon monoxide, for example,
are particularly reactive. In summary, the products of plasma polymerization
are ill-defined and vary according to the experimental procedures. However, the
resulting films can be very thin and have been shown to be quite selective.

The most extensive studies of plasma-polymerized membranes were performed
in the 1970s and early 1980s by Yasuda, who tried to develop high-performance
reverse osmosis membranes by depositing plasma films onto microporous poly-
sulfone films [60,61]. More recently other workers have studied the gas perme-
ability of plasma-polymerized films. For example, Stancell and Spencer [62] were
able to obtain a gas separation plasma membrane with a hydrogen/methane selec-
tivity of almost 300, and Kawakami et al. [63] have reported plasma membranes

FOR REFERENCE PURPOSES ONLY



MEMBRANES AND MODULES 125

with an oxygen/nitrogen selectivity of 5.8. Both selectivities are good compared
to those of other membranes, and the plasma films were also quite thin. How-
ever, in both cases the plasma film was formed on a substrate made from a thick
(25–100 µm), dense polymer film, so the flux through the composite membrane
was still low. Scale-up of plasma polymerization is likely to prove difficult, so
the process will remain a laboratory technique until membranes with unique
properties are produced.

Dynamically Formed Membranes

In the late 1960s and early 1970s, much attention was devoted to preparing
dynamically formed anisotropic membranes, principally by Johnson, Kraus and
others at Oak Ridge National Laboratory [64,65]. The general procedure is to
form a layer of inorganic or polymeric colloids on the surface of a microporous
support membrane by filtering a solution containing suspended colloid through
the support membrane. A thin colloidal layer is laid down on the membrane
surface and acts as a semipermeable membrane. Over time the colloidal surface
layer is lost, and membrane performance falls. The support membrane is then
cleaned, and a new layer of colloid is deposited. In the early development of
this technique a wide variety of support membranes were used. Recently, micro-
porous ceramic or porous carbon tubes have become the most commonly used
materials. Typical colloidal materials used to make the selective membrane layer
are polyvinyl methyl ether, acrylic acid copolymers or hydrated metal oxides
such as zirconium hydroxide.

Dynamically formed membranes were pursued for many years for reverse
osmosis because of their high water fluxes and relatively good salt rejection,
especially with brackish water feeds. However, the membranes proved to be
unstable and difficult to reproduce reliably and consistently. For these reasons,
and because high-performance interfacial composite membranes were developed
in the meantime, dynamically formed reverse osmosis membranes fell out of
favor. A small application niche in high-temperature nanofiltration and ultrafil-
tration remains, and Rhône Poulenc continues their production. The principal
application is poly(vinyl alcohol) recovery from hot wash water produced in
textile dyeing operations.

Reactive Surface Treatment

Recently several groups have tried to improve the properties of anisotropic gas
separation membranes by chemically modifying the surface selective layer. For
example, Langsam at Air Products and Paul et al. at the University of Texas,
Austin have treated films and membranes with dilute fluorine gas [66–71]. In
this treatment fluorine chemically reacts with the polymer structure. By careful
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Table 3.3 Effect of fluorination on the carbon dioxide/methane selectivity of various
glassy membrane materials

Base polymer Carbon dioxide/methane selectivity

Before fluorination After fluorination

Poly(1-trimethylsilyl-1-propyne)
(PTMSP) [69]

2.0 48

Poly(phenylene oxide) [71] 15 50–60
Poly(4-methyl-1-pentene) [70] 5.4 30–40

control of the process conditions, the reaction can be limited to a 100- to 200-Å
surface layer. The dramatic improvements in selectivity produced by this surface
treatment are illustrated by the data in Table 3.3. Scaling up this process for safe
operation on a large scale will be difficult, but several groups are studying the
approach. Ozone has also been suggested as a possible reactive surface treatment
agent [72].

Repairing Membrane Defects

In preparing anisotropic membranes, the goal is to make the selective layer that
performs the separation as thin as possible, but still defect free. Over the past
20 years, a great deal of work has been devoted to understanding the factors
that determine the properties and thickness of the selective layer. The selective
layer can be dense, as in reverse osmosis or gas separation membranes, or finely
microporous with pores in the 100- to 500-Å diameter range, as in ultrafiltra-
tion membranes. In good quality membranes a thickness as low as 500–1000 Å
can be achieved, but with layers as thin as this, formation of minute membrane
defects is a problem. The defects, caused by gas bubbles, dust particles and
support fabric imperfections, can be very difficult to eliminate. Such defects
may not significantly affect the performance of anisotropic membranes used
in liquid separation processes, such as ultrafiltration and reverse osmosis, but
can be disastrous in gas separation applications. Browall [55] solved this prob-
lem by overcoating defective solution-cast composite membranes with a second
thin coating layer of a highly permeable polymer to seal defects, as shown in
Figure 3.28.

Later Henis and Tripodi [73] showed that membrane defects in anisotropic
Loeb–Sourirajan membranes could be overcome in a similar way by coating the
membrane with a thin layer of a relatively permeable material such as silicone
rubber. A sufficiently thin coating does not change the properties of the under-
lying selective layer but does plug defects, through which simple convective gas
flow can occur. Henis and Tripodi’s membrane is illustrated in Figure 3.29. The
silicone rubber layer is many times more permeable than the selective layer and
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Figure 3.28 Method developed by Ward, Browall and others at General Electric to seal
membrane defects in composite membranes made by the water coating technique [55]

(a) Defective Loeb-Sourirajan anisotropic membrane

(b) Henis and Tripodi silicone rubber-coated membrane
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Figure 3.29 Schematic of (a) Loeb–Sourirajan and (b) Henis and Tripodi gas separation
membranes [73]
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does not function as a selective barrier but rather plugs defects, thereby reducing
non-diffusive gas flow. The flow of gas through the portion of the silicone rub-
ber layer over the pore is high compared to the flow through the defect-free
portion of the membrane. However, because the area of membrane defects is
very small, the total gas flow through these plugged defects is negligible. When
this coating technique is used, the polysulfone skin layer of the Loeb–Sourirajan
membrane no longer has to be completely defect free; therefore, the membrane
can be made with a thinner skin than is possible with an uncoated membrane.
The increase in flux obtained by decreasing the thickness of the selective skin
layer more than compensates for the slight reduction in flux due to the silicone
rubber sealing layer.

Metal Membranes and Ceramic Membranes

Metal Membranes

Metal membranes, particularly palladium-based, have been considered for hydro-
gen separation for a long time. In the 1950s and 1960s, Union Carbide installed
and operated a palladium membrane plant to separate hydrogen from a refinery
off-gas stream [74]. The plant produced 99.9 % pure hydrogen in a single pass
through 25-µm-thick palladium membranes. However, even at a feed pressure of
450 psi, the membranes had to be operated at 370 ◦C to obtain a useful trans-
membrane hydrogen flux. A further problem was the very high membrane cost;
a 25-µm-thick palladium membrane requires approximately 250 g palladium/m2

of membrane. At current palladium costs of US$20/g, the metal cost alone is
US$5000/m2 of membrane, which is 50 times the total cost of typical polymeric
membranes used for gas separations. Small-scale palladium membrane systems,
to produce ultrapure hydrogen for specialized applications, are marketed by John-
son Matthey and Company. These systems use palladium/silver alloy membranes
based on those developed by Hunter [75,76].

If noble metal membranes are ever to be used on a large scale their cost
must be reduced. One approach [77,78] is to sputter-coat a 500- to 1000-Å
film of the metal on a polymer support. Because the film is extremely thin
these membranes have extremely high hydrogen fluxes even at room temperature.
Another approach, used by Buxbaum [79,80], is to coat a thin layer of palladium
on a tantalum or vanadium support film. Tantalum and vanadium are also quite
permeable to hydrogen and much less expensive than palladium. These metals
cannot be used alone because they easily form an impenetrable oxide surface
film. However, protected by a thin palladium layer, these membranes are quite
permeable at high temperatures. Edlund [81,82] is pursuing a similar approach.
A detailed discussion of hydrogen permeation in metals is given in the book by
Alefeld and Völkl [83].
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Ceramic Membranes

Metal Oxide Membranes

Several companies have developed inorganic ceramic membranes for ultrafiltra-
tion and microfiltration. These microporous membranes are made from aluminum,
titanium or silica oxides. Ceramic membranes have the advantages of being chem-
ically inert and stable at high temperatures, conditions under which polymer
membranes fail. This stability makes ceramic microfiltration/ultrafiltration mem-
branes particularly suitable for food, biotechnology and pharmaceutical applica-
tions in which membranes require repeated steam sterilization and cleaning with
aggressive solutions. Pore diameters in ceramic membranes for microfiltration
and ultrafiltration range from 0.01 to 10 µm; these membranes are generally
made by a slip coating-sintering procedure. Other techniques, particularly sol-gel
methods, are used to produce membranes with pores from 10 to 100 Å. Sol-gel
membranes are the subject of considerable research interest particularly for gas
separation applications, but so far have found only limited commercial use. A
number of reviews covering the general area of ceramic membrane preparation
and use have appeared recently [84,85].

In the slip coating-sintering process a porous ceramic support tube is made by
pouring a dispersion of a fine-grain ceramic material and a binder into a mold and
sintering at high temperature. The pores between the particles that make up this
support tube are large. One surface of the tube is then coated with a suspension of
finer particles in a solution of a cellulosic polymer or poly(vinyl alcohol) which
acts as a binder and viscosity enhancer to hold the particles in suspension. This
mixture is called a slip suspension; when dried and sintered at high temperatures,
a finely microporous surface layer remains. Usually several slip-coated layers
are applied in series, each layer being formed from a suspension of progressively
finer particles and resulting in an anisotropic structure. Most commercial ceramic
ultrafiltration membranes are made this way, generally in the form of tubes or
perforated blocks. A scanning electron micrograph of the surface of this type of
multilayer membrane is shown in Figure 3.30.

The slip coating-sintering procedure can be used to make membranes with pore
diameters down to about 100–200 Å. More finely porous membranes are made
by sol-gel techniques. In the sol-gel process slip coating is taken to the colloidal
level. Generally the substrate to be coated with the sol-gel is a microporous
ceramic tube formed by the slip coating-sintering technique. The solution coated
onto this support is a colloidal or polymeric gel of an inorganic hydroxide. These
solutions are prepared by controlled hydrolysis of metal salts or metal alkoxides
to hydroxides.

Sol-gel methods fall into two categories, depending on how the colloidal coat-
ing solution is formed. The processes are shown schematically in Figure 3.31

FOR REFERENCE PURPOSES ONLY



130 MEMBRANE TECHNOLOGY AND APPLICATIONS

Alumina is sintered
to form a monolithic

porous element.

Feed Stream

The feed stream flows
through the channels.

Permeate

The permeate produced by
the membrane passes relatively

unimpeded through the
porous layers.

Feed stream channels
within the porous alumina
structure are lined with a

selective membrane layer.
Pore diameters range from

0.2 to 5 µm.

Figure 3.30 Cross-sectional scanning electron micrograph of a three-layered alumina
membrane/support (pore sizes of 0.2, 0.8 and 12 µm, respectively). (Courtesy of Pall
Corporation, Filterite Division, Timonium, MD)

[86–88]. In the particulate-sol method a metal alkoxide dissolved in alcohol is
hydrolyzed by addition of excess water or acid. The precipitate that results is
maintained as a hot solution for an extended period during which the precipitate
forms a stable colloidal solution. This process is called peptization from the Greek
pep—to cook (not a misnomer; many descriptions of the sol-gel process have
a strong culinary flavor). The colloidal solution is then cooled and coated onto
the microporous support membrane. The layer formed must be dried carefully to
avoid cracking the coating. In the final step the film is sintered at 500–800 ◦C.
The overall process can be represented as:

Precipitation:

γ -AI2O3 · H2O    γ -AI2O3 + H2O

oAI(OH)3 γ -AI2O3 · H2O (Böhmite) or   -AI2O3 · 3H2O (Bayerite)

Sintering:

Peptization:

AI(OR)3 + H2O AI(OH)3
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Figure 3.31 Slip coating-sintering and sol-gel processes used to make ceramic membranes

In the polymeric sol-gel process, partial hydrolysis of a metal alkoxide dis-
solved in alcohol is accomplished by adding the minimum of water to the solution.
The active hydroxyl groups on the alkoxides then react to form an inorganic poly-
mer molecule that can then be coated onto the ceramic support. On drying and
sintering, the metal oxide film forms. Chemically the polymeric sol-gel process
can be represented as:

Ti(OR)4 + H2O Ti(OR)2(OH)2 + ROH Hydrolysis:

nTi(OR)2(OH)2 Ti(OR)2 O n + H2OPolymerization:

Crosslinking: Ti(OR)2 Ti(OH)2 OO Ti(OH)

O

n O
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Depending on the starting material and the coating procedure, a wide range
of membranes can be made by the sol-gel process. The problem of cracking
the films on drying and sintering can be alleviated by adding small amounts
of a polymeric binder to the coating solution. The coating process may also be
repeated several times to give a defect-free film. With care, membranes with pore
sizes in the 10- to 100-Å range can be made by this method. In principle these
membranes could be useful in a number of processes—membrane reactors, for
example. Currently the technology is still at the laboratory stage.

Microporous Carbon Membranes

The first microporous carbon membranes were produced by Barrer in the 1950s
and 1960s by compressing high-surface-area carbon powders at very high pres-
sures [89,90]. The resulting porous plugs had pores of 5- to 30-Å diameter and
were used to study diffusion of gases and vapors. More recently, practical ways
of producing microporous carbon membranes have been developed by Koresh
and Soffer [91], Hayashi et al. [92] and at Air Products by Rao and Sirkar [93].
All three groups are producing extremely finely microporous carbon membranes
by pyrolizing preformed polyimide or polyacrylonitrile membranes in an inert
atmosphere or vacuum at 500 to 800 ◦C. Under these conditions the polymer
is converted to carbon. Permeation properties show that the carbon membranes
have pores from 10 to 20 Å diameter. The Air Products membranes are made
as thin films coated onto a ceramic support. The membranes of Koresh and Sof-
fer are made as hollow fine fibers. These membranes are brittle and difficult to
produce on a large scale, but have exceptional separation properties for some
gas mixtures.

Microporous Glass Membranes

Microporous glass membranes in the form of tubes and fibers have been made
by Corning, PPG, and Schott. Currently only the Corning membranes are still
available, under the trade name Vycor. The leaching process used to make this
type of membrane has been described by Beaver [94]. The starting material is
a glass containing 30–70 % silica, as well as oxides of zirconium, hafnium or
titanium and extractable materials. The extractable materials comprise one or
more boron-containing compounds and alkali metal oxides and/or alkaline earth
metal oxides. Glass hollow fibers produced by melt extrusion are treated with
dilute hydrochloric acid at 90 ◦C for 2–4 h to leach out the extractable materials,
washed to remove residual acid, and then dried.

Liquid Membranes
Liquid membranes containing carriers to facilitate selective transport of gases or
ions were the subject of a considerable research effort in the 1970s and 1980s.
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A number of published reviews summarize this work [95,96]. Although these
membranes are still being studied in a number of laboratories, improvements
in selective conventional polymer membranes have diminished interest in pro-
cesses using liquid membranes. The preparation and use of these membranes are
described in Chapter 11.

Hollow Fiber Membranes

The membrane preparation techniques described so far were developed to pro-
duce flat-sheet membranes. However, these techniques can be adapted to produce
membranes in the form of thin tubes or fibers. An important advantage of hollow
fiber membranes is that compact modules with very high membrane surface areas
can be formed. However, this advantage is offset by the generally lower fluxes of
hollow fiber membranes compared to flat-sheet membranes made from the same
materials. Nonetheless, the development of hollow fiber membranes by Mahon
and the group at Dow Chemical in 1966 [97] and their later commercialization
by Dow, Monsanto, Du Pont, and others represents one of the major events in
membrane technology. A good review of the early development of hollow fiber
membranes is given by Baum et al. [98]. Reviews of more recent developments
are given by Moch [99] and McKelvey et al. [100].

The diameter of hollow fibers varies over a wide range, from 50 to 3000 µm.
Fibers can be made with a uniformly dense structure, but preferably are formed
as a microporous structure having a dense selective layer on either the outside or
the inside surface. The dense surface layer can be either integral with the fiber
or a separate layer coated onto the porous support fiber. Many fibers must be
packed into bundles and potted into tubes to form a membrane module; modules
with a surface area of even a few square meters require many kilometers of
fibers. Because a module must contain no broken or defective fibers, hollow
fiber production requires high reproducibility and stringent quality control.

The types of hollow fiber membranes in production are illustrated in Figure
3.32. Fibers of 50- to 200-µm diameter are usually called hollow fine fibers. Such
fibers can withstand very high hydrostatic pressures applied from the outside, so
they are used in reverse osmosis or high-pressure gas separation applications in
which the applied pressure can be 1000 psig or more. The feed fluid is applied
to the outside (shell side) of the fibers, and the permeate is removed down the
fiber bore. When the fiber diameter is greater than 200–500 µm, the feed fluid
is commonly applied to the inside bore of the fiber, and the permeate is removed
from the outer shell. This technique is used for low-pressure gas separations and
for applications such as hemodialysis or ultrafiltration. Fibers with a diameter
greater than 500 µm are called capillary fibers.

Two methods are used to prepare hollow fibers: solution spinning and melt
spinning [98,99]. The most common process is solution spinning or wet spin-
ning, in which a 20–30 wt% polymer solution is extruded and precipitated
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Figure 3.32 Schematic of the principal types of hollow fiber membranes

into a nonsolvent, generally water. Fibers made by solution spinning have the
anisotropic structure of Loeb–Sourirajan membranes. This technique is generally
used to make relatively large, porous hemodialysis and ultrafiltration fibers. In
the alternative technique of melt spinning, a hot polymer melt is extruded from
an appropriate die and is then cooled and solidified in air prior to immersion in
a quench tank. Melt-spun fibers are usually denser and have lower fluxes than
solution-spun fibers, but, because the fiber can be stretched after it leaves the
die, very fine fibers can be made. Melt-spun fibers can also be produced at high
speeds. The technique is usually used to make hollow fine fibers for high-pressure
reverse osmosis and gas separation applications and is also used with polymers
such as poly(trimethylpentene), which are not soluble in convenient solvents and
are difficult to form by wet spinning. The distinction between solution spinning
and melt spinning has gradually faded over the years. To improve fluxes, sol-
vents and other additives are generally added to melt spinning dopes so spinning
temperatures have fallen considerably. Many melt-spun fibers are now produced
from spinning dopes containing as much as 30 to 60 wt% solvent, which requires
the spinner to be heated to only 70–100 ◦C to make the dope flow. These fibers
are also often cooled and precipitated by spinning into a water bath, which also
helps to form an anisotropic structure.

The first hollow fiber spinneret system was devised by Mahon at Dow [97].
Mahon’s spinneret consists of two concentric capillaries, the outer capillary
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having a diameter of approximately 400 µm, and the central capillary having
an outer diameter of approximately 200 µm and an inner diameter of 100 µm.
Polymer solution is forced through the outer capillary, while air or liquid is forced
through the inner one. The rate at which the core fluid is injected into the fibers
relative to the flow of polymer solution governs the ultimate wall thickness of
the fiber. Figure 3.33 shows a cross-section of this type of spinneret, which is
widely used to produce the large-diameter fibers used in ultrafiltration. Exper-
imental details of this type of spinneret can be found elsewhere [101–103]. A
complete hollow fiber spinning system is shown in Figure 3.34.

Polymer solution
injection port

OrificeCapillary
tube

Injection
port for

bore-forming
fluid (water,
oil, air, etc.)

Figure 3.33 Twin-orifice spinneret design used in solution-spinning of hollow fiber
membranes. Polymer solution is forced through the outer orifice, while bore-forming
fluid is forced through the inner capillary

Take-up

Heat treatmentWashing

Coagulation bath

Evaporation gap

Spinneret

Figure 3.34 A complete hollow fiber solution-spinning system. The fiber is spun into a
coagulation bath, where the polymer spinning solution precipitates forming the fiber. The
fiber is then washed, dried, and taken up on a roll
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The evaporation time between the solution exiting the spinneret and entering
the coagulation bath is a critical variable, as are the compositions of the bore
fluid and the coagulation bath. The position of the dense anisotropic skin can be
adjusted by varying the bath and bore solutions. For example, if water is used as
the bore fluid and the coagulation bath contains some solvent, precipitation will
occur first and most rapidly on the inside surface of the fiber. If the solutions are
reversed so that the bore solution contains some solvent and the coagulation bath
is water, the skin will tend to be formed on the outside surface of the fiber, as
shown in Figure 3.35. In many cases precipitation will begin on both surfaces of
the fiber, and a dense layer will form on both inside and outside surfaces. This
ability to manipulate the position of the dense skin is important because the skin
should normally face the feed fluid.

Generally, the spinning dope used in solution spinning has a higher polymer
concentration and is more viscous than the casting solutions used to form equi-
valent flat sheet membranes. This is because hollow fiber membranes must be
able not only to perform the separation required but also to withstand the applied
pressure of the process without collapsing. The mechanical demands placed on the
microporous substructure of hollow fiber membranes are more demanding than
for their flat-sheet equivalents. Consequently, a finer, stronger, and higher density
microporous support structure is required. Because more concentrated casting
solutions are used, the thickness of the skin layer of hollow fiber membranes
is also greater than their flat-sheet equivalents. Usually lower membrane fluxes
result. However, the low cost of producing a large membrane area in hollow fiber
form compensates for the poorer performance.

Hollow fiber spinning dopes and preparation procedures vary over a wider
range than their flat-sheet equivalents, but some representative dopes and spinning
conditions taken from the patent literature [98,103,104] are given in Table 3.4.

Recently some interest in forming more complex hollow fibers has developed;
for example, composite hollow fibers in which the microporous shell of the
fiber provides the mechanical strength, but the selective layer is a coating of a

Inside precipitation Outside precipitation Outside and inside precipitation

Figure 3.35 Depending on the bore fluid and the composition of the coagulation bath,
the selective skin layer can be formed on the inside, the outside or both sides of the
hollow fiber membrane
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Table 3.4 Preparation parameters for various hollow fiber membranes

Casting dope Bore fluid Precipitation bath Membrane type

37 wt% polysulfone
(Udel P3500)

36 wt% N-methyl
pyrrolidone

27 wt% propionic acid
(spun at 15–100 ◦C)

Water Water 25–50 ◦C Gas separation fiber
αO2/N2 5.2,
≈50 µm diameter,
anisotropic
outside-skinned
fibers, finely
microporous
substrate [103]

25 wt%
polyacrylonitrile-vinyl
acetate copolymer

68 wt% dimethyl
formamide

7 wt% formamide (spun
at 65 ◦C)

10 wt% dimethyl
formamide in
water

40 wt% dimethyl
formamide in
water 4 ◦C

Ultrafiltration
capillary
membrane, inside
skin, 98 % rejection
to 110 000 MW
dextran [104]

69 wt% cellulose
triacetate (spun at
200 ◦C)

17.2 wt% sulfolane
13.8 wt% poly(ethylene

glycol) (MW 400)

Air No precipitation
bath used; fiber
forms on
cooling.
Solvents
removed in later
extraction step

Early (Dow)
80-µm-diameter
fine fiber reverse
osmosis membrane
[98]

different material. Ube, Praxair, Air Products and Medal all produce this type
of fiber for gas separation applications. Various techniques are described in the
patent literature [105–107]. A device proposed by Air Products is shown in
Figure 3.36. The preformed hollow fiber support membrane is drawn through a
volatile solution of the coating polymer. The thickness of the film formed on the
outer surface of the fiber is controlled by the concentration of polymer in the
casting solution and the diameter of the orifice in the coating die. The solvent is
evaporated and the fiber wound up.

Another method of producing composite hollow fibers, described by Kusuki
et al. at Ube [108] and Kopp et al. at Memtec [109], is to spin double-layered
fibers with a double spinneret of the type shown in Figure 3.37. This system
allows different spinning solutions to be used for the outer and inner surface
of the fibers and gives more precise control of the final structure. Often, two
different polymers are incorporated into the same fiber. The result is a hollow fiber
composite membrane equivalent to the flat sheet membrane shown in Figure 3.26.
A reason for the popularity of composite hollow fiber membranes is that different
polymers can be used to form the mechanically strong support and the selective
layer. This can reduce the amount of selective polymer required. The tailor-
made polymers developed for gas separation applications can cost as much as
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Figure 3.36 Apparatus to make composite hollow fiber membranes by coating a hollow
fiber support membrane with a thin selective coating [105]
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Figure 3.37 A double capillary spinneret sometimes used to produce two-layer hollow
fibers. After Kopp et al. [109]
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US$5–10/g. Single-layer hollow fiber membranes contain 10–20 g of polymer
per square meter of membrane, for a material cost alone of US$50–200/m2. Thus,
using a composite structure consisting of a relatively inexpensive core polymer
material coated with a thin layer of the expensive selective polymer reduces the
overall membrane material cost significantly.

Membrane Modules
Industrial membrane plants often require hundreds to thousands of square meters
of membrane to perform the separation required on a useful scale. Before a
membrane separation can be performed industrially, therefore, methods of eco-
nomically and efficiently packaging large areas of membrane are required. These
packages are called membrane modules. The development of the technology to
produce low-cost membrane modules was one of the breakthroughs that led to
commercial membrane processes in the 1960s and 1970s. The earliest designs
were based on simple filtration technology and consisted of flat sheets of mem-
brane held in a type of filter press: these are called plate-and-frame modules.
Membranes in the form of 1- to 3-cm-diameter tubes were developed at about
the same time. Both designs are still used, but because of their relatively high cost
they have been largely displaced in most applications by two other designs—the
spiral-wound module and the hollow fiber module.

Despite the importance of membrane module technology, many researchers
are astonishingly uninformed about module design issues. In part this is because
module technology has been developed within companies, and developments are
only found in patents, which are ignored by many academics. The following
sections give an overview of the principal module types, followed by a section
summarizing the factors governing selection of particular types for different mem-
brane processes. Cost is always important, but perhaps the most important issues
are membrane fouling and concentration polarization. This is particularly true for
reverse osmosis and ultrafiltration systems, but concentration polarization issues
also affect the design of gas separation and pervaporation modules.

Plate-and-frame Modules

Plate-and-frame modules were one of the earliest types of membrane system. A
plate-and-frame design proposed by Stern [110] for early Union Carbide plants
to recovery helium from natural gas is shown in Figure 3.38. Membrane, feed
spacers, and product spacers are layered together between two end plates. The
feed mixture is forced across the surface of the membrane. A portion passes
through the membrane, enters the permeate channel, and makes its way to a
central permeate collection manifold.
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Figure 3.38 Early plate-and-frame design developed by Stern et al. [110] for the separa-
tion of helium from natural gas. Reprinted with permission from S.A. Stern, T.F. Sinclaire,
P.J. Gareis, N.P. Vahldieck and P.H. Mohr, Helium Recovery by Permeation, Ind. Eng.
Chem. 57, 49. Copyright 1965, American Chemical Society and American Pharmaceutical
Association

Plate-and-frame units have been developed for some small-scale applications,
but these units are expensive compared to the alternatives, and leaks through
the gaskets required for each plate are a serious problem. Plate-and-frame mod-
ules are now only used in electrodialysis and pervaporation systems and in a
limited number of reverse osmosis and ultrafiltration applications with highly
fouling feeds. An example of one of these reverse osmosis units is shown in
Figure 3.39 [111].

Tubular Modules

Tubular modules are now generally limited to ultrafiltration applications, for
which the benefit of resistance to membrane fouling due to good fluid hydrody-
namics outweighs their high cost. Typically, the tubes consist of a porous paper
or fiberglass support with the membrane formed on the inside of the tubes, as
shown in Figure 3.40.

The first tubular membranes were between 2 and 3 cm in diameter, but more
recently, as many as five to seven smaller tubes, each 0.5–1.0 cm in diameter,
are nested inside a single, larger tube. In a typical tubular membrane system a
large number of tubes are manifolded in series. The permeate is removed from
each tube and sent to a permeate collection header. A drawing of a 30-tube
system is shown in Figure 3.41. The feed solution is pumped through all 30
tubes connected in series.
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Figure 3.39 Schematic of a plate-and-frame module. Plate-and-frame modules provide
good flow control on both the permeate and feed side of the membrane, but the large
number of spacer plates and seals lead to high module costs. The feed solution is directed
across each plate in series. Permeate enters the membrane envelope and is collected
through the central permeate collection channel [111]

Spiral-wound Modules

Spiral-wound modules were used in a number of early artificial kidney designs,
but were fully developed for industrial membrane separations by Gulf General
Atomic (a predecessor of Fluid Systems, Inc.). This work, directed at reverse
osmosis membrane modules, was carried out under the sponsorship of the Office
of Saline Water [112–114]. The design shown in Figure 3.42 is the simplest,
consisting of a membrane envelope of spacers and membrane wound around a
perforated central collection tube; the module is placed inside a tubular pressure
vessel. Feed passes axially down the module across the membrane envelope.
A portion of the feed permeates into the membrane envelope, where it spirals
towards the center and exits through the collection tube.

Small laboratory spiral-wound modules consist of a single membrane envelope
wrapped around the collection tube, as shown in Figure 3.42. The membrane
area of these modules is typically 0.2 to 1.0 m2. Industrial-scale modules contain
several membrane envelopes, each with an area of 1–2 m2, wrapped around the
central collection pipe. The multi-envelope design developed at Gulf General
Atomic by Bray [113] and others is illustrated in Figure 3.43. Multi-envelope
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Figure 3.40 Typical tubular ultrafiltration module design. The membrane is usually cast
on a porous fiberglass or paper support, which is then nested inside a plastic or steel
support tube. In the past, each plastic housing contained a single 2- to 3-cm-diameter
tube. More recently, several 0.5- to 1.0-cm-diameter tubes, nested inside single housings,
have been introduced. (Courtesy of Koch Membrane Systems)

designs minimize the pressure drop encountered by the permeate fluid traveling
towards the central pipe. If a single membrane envelope were used in a large-
membrane-area module, the path taken by the permeate to reach the central
collection pipe would be several meters long, depending on the module diameter.
Such a long permeate path would result in a large pressure drop in the permeate
collection channel. By using multiple short envelopes the pressure drop in any
one envelope is kept at a manageable level. The standard industrial spiral-wound
module has an 8-in. diameter and is 40 in. long. Twelve-inch-diameter modules
up to 60 in. long have been made and offer some economy of scale. There
is, therefore, a trend towards increasing the module diameter for larger plants.
The approximate membrane area and number of membrane envelopes used in
industrial 40-in.-long spiral-wound modules are given in Table 3.5.

Four to six spiral-wound membrane modules are normally connected in series
inside a single pressure vessel (tube). A typical 8-in.-diameter tube containing six
modules has 100–200 m2 of membrane area. An exploded view of a membrane
tube containing two modules is shown in Figure 3.44 [115]. The end of each
module is fitted with an anti-telescoping device (ATD) which is designed to
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Figure 3.41 Exploded view of a tubular ultrafiltration system in which 30 tubes are
connected in series. Permeate from each tube is collected in the permeate manifold

prevent the module leaves shifting under the feed-to-residue pressure difference
required to force feed fluid through the module. The ATD is also fitted with
a rubber seal to form a tight connection between the module and the pressure
vessel. This seal prevents fluid bypassing the module in the gap between the
module and the vessel wall.

In some applications of reverse osmosis and ultrafiltration spiral-wound mod-
ules in the food industry, it may be desirable to allow a small portion of the
feed solution to bypass the module to prevent bacteria growing in the otherwise
stagnant fluid. One way of achieve this bypass is by perforating the ATD as
illustrated in Figure 3.45 [115].

Hollow Fiber Modules

Hollow fiber membrane modules are formed in two basic geometries. The first is
the shell-side feed design illustrated in Figure 3.46(a) and used, for example, by
Monsanto in their hydrogen separation systems and by Du Pont in their reverse
osmosis systems. In such a module, a loop or a closed bundle of fibers is contained
in a pressure vessel. The system is pressurized from the shell side; permeate
passes through the fiber wall and exits through the open fiber ends. This design
is easy to make and allows very large membrane areas to be contained in an
economical system. Because the fiber wall must support considerable hydrostatic
pressure, the fibers usually have small diameters and thick walls, typically 50-µm
internal diameter and 100- to 200-µm outer diameter.
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Figure 3.42 Exploded view and cross-section drawings of a spiral-wound module. Feed
solution passes across the membrane surface. A portion passes through the membrane and
enters the membrane envelope where it spirals inward to the central perforated collection
pipe. One solution enters the module (the feed) and two solutions leave (the residue and
the permeate). Spiral-wound modules are the most common module design for reverse
osmosis and ultrafiltration as well as for high-pressure gas separation applications in the
natural gas industry
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Figure 3.43 Multi-envelope spiral-wound module [113], used to avoid excessive pres-
sure drops on the permeate side of the membrane. Large-diameter modules may have as
many as 30 membrane envelopes, each with a membrane area of 1–2 m2

Table 3.5 Typical membrane area and number of membrane envelopes for 40-in.-
long industrial spiral-wound modules. The thickness of the membrane spacers used for
different applications causes the variation in membrane area

Module diameter (in.) 4 6 8 12
Number of membrane envelopes 4–6 6–10 15–30 30–40
Membrane area (m2) 3–6 6–12 20–40 30–60

The second type of hollow fiber module is the bore-side feed type illustrated
in Figure 3.46(b). The fibers in this type of unit are open at both ends, and the
feed fluid is circulated through the bore of the fibers. To minimize pressure drop
inside the fibers, the diameters are usually larger than those of the fine fibers used
in the shell-side feed system and are generally made by solution spinning. These
so-called capillary fibers are used in ultrafiltration, pervaporation, and some low-
to medium-pressure gas applications. Feed pressures are usually limited to below
150 psig in this type of module.

In bore-side feed modules, it is important to ensure that all of the fibers
have identical fiber diameters and permeances. Even fiber variation as small as
±10 % from the average fiber can lead to large variations in module performance
[116,117]. The flow of fluid through the fiber bore is proportional to the fiber
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Figure 3.44 Schematic of a spiral-wound module [115] installed in a multimodule pres-
sure vessel. Typically four to six modules are installed in a single pressure vessel.
Reprinted from Reverse Osmosis Technology, B.S. Parekh (ed.), Marcel Dekker, New
York (1988), p. 81, by courtesy of Marcel Dekker, Inc.

Feed
port

Direction
of feed

End
cap

Bypass
flow

Clamp

Chevron
seal

Bypass
flow

Cartridge
housing

RO cartridge

Anti-telescoping
device

Figure 3.45 By perforating the antitelescoping device, a small controlled bypass of
fluid past the module seal is achieved to eliminate the stagnant area between the reverse
osmosis module and the pressure vessel walls. This device is used in food and other
sanitary applications of spiral-wound modules [115]. Reprinted from Reverse Osmosis
Technology, B.S. Parekh (ed.), Marcel Dekker, New York (1988), p. 359, by courtesy of
Marcel Dekker, Inc.
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Figure 3.46 Two types of hollow-fiber modules used for gas separation, reverse
osmosis, and ultrafiltration applications. Shell-side feed modules are generally used for
high-pressure applications up to 1000 psig. Fouling on the feed side of the membrane can
be a problem with this design, and pretreatment of the feed stream to remove particulates
is required. Bore-side feed modules are generally used for medium-pressure feed streams
up to 150 psig, for which good flow control to minimize fouling and concentration
polarization on the feed side of the membrane is desired
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diameter to the fourth power, whereas the membrane area only changes by the
second power. The effect is particularly important in the production of nitrogen
from air and in hollow-fiber kidney modules, in which high levels of removal of
the permeable component in a single pass are desired. If the fibers have different
diameters, a few overly large or overly small fibers can significantly affect the
removal achieved by the module.

Concentration polarization is well controlled in bore-side feed modules. The
feed solution passes directly across the active surface of the membrane, and
no stagnant dead spaces are produced. This is far from the case in shell-side
feed modules in which flow channeling and stagnant areas between fibers, which
cause significant concentration polarization problems, are difficult to avoid [118].
Any suspended particulate matter in the feed solution is easily trapped in these
stagnant areas, leading to irreversible fouling of the membrane. Baffles to direct
the feed flow have been tried [119,120], but are not widely used. A more common
method of minimizing concentration polarization is to direct the feed flow normal
to the direction of the hollow fibers as shown in Figure 3.47. This produces a
cross-flow module with relatively good flow distribution across the fiber surface.
Several membrane modules may be connected in series, so high feed solution
velocities can be used. A number of variants on this basic design have been
patented [121,122] and are reviewed by Koros and Fleming [123].

A second problem in shell-side feed hollow fine fibers is permeate side par-
asitic pressure drops. The permeate channel in these fibers is so narrow, and
presents such a resistance to fluid passage, that a significant pressure drop devel-
ops along the length of the permeate channel, reducing the pressure difference
across the membrane that provides the driving force for permeation. In appli-
cations involving separation of mixtures of relatively impermeable components,
such as oxygen and nitrogen in air, the pressure drop that develops is small

Hollow fiber
O-ring

Concentrated
water

Feed water

Vessel Resin
layer

End plate

End plate

O-ring

Product
water

Figure 3.47 A cross-flow hollow fiber module used to obtain better flow distribution
and reduce concentration polarization (the Tyobo Hollosep reverse osmosis module). Feed
enters through the perforated central pipe and flows towards the module shell
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and unimportant. But in separations of more permeable gas mixtures, such as
hydrogen or carbon dioxide from methane, the pressure drop can be a signifi-
cant fraction of the total applied pressure. Permeate-side pressure drops also tend
to develop in spiral-wound modules. However, because the permeate channels
are wider in this type of module, pressure drops are usually smaller and less
significant.

The greatest single advantage of hollow fiber modules is the ability to pack a
very large membrane area into a single module. The magnitude of this advantage
can be gauged by the membrane area per module data shown in Table 3.6. This
table shows the calculated membrane area contained in an 8-in.-diameter, 40-in.-
long module; a spiral-wound module of this size would contain about 20–40 m2

of membrane area. The equivalent hollow fiber module, filled with fibers with a
diameter of 100 µm, will contain approximately 300 m2 of membrane area, 10
times the area in a spiral-wound module. As the diameter of the fibers in the mod-
ule increases, the membrane area decreases. Capillary ultrafiltration membrane
modules have almost the same area as equivalent-sized spiral-wound modules.

Table 3.6 also shows the huge numbers of hollow fibers required for high-
surface-area modules. A hollow fine fiber module with an area of 300 m2 will
contain 1000 km of fiber. Expensive, sophisticated, high-speed automated spin-
ning and fiber handling and module fabrication equipment is required to produce
these modules. A typical hollow fiber spinning operation will have 50–100 spin-
nerets. In general the capital investment for a hollow fine fiber production plant
is so large that the technology can only be considered when large numbers
of modules are being produced on a round-the-clock basis. The technology is
maintained as a trade secret within the handful of companies that produce this
type of module. A clue to the type of machinery involved can be obtained
from the patent literature. Figure 3.48, for example, shows a module winding
machine from an old Du Pont patent [124]. Fibers from several bobbins are
wound around a porous paper sheet, laying down the bundle that ultimately
becomes the module insert.

Table 3.6 Effect of fiber diameter on membrane area and the number of fibers in a
module 20 cm (8 in.) in diameter and 1 m (40 in.) long. Twenty-five percent of the module
volume is filled with fiber. A spiral-wound module of this size contains approximately
20–40 m2 of membrane area and has a packing density of 6–13 cm2/cm3

Module use High-pressure
reverse osmosis

and gas
separation

Low-pressure
gas separation

Ultrafiltration

Fiber diameter (µm) 100 250 500 1000 2000
Number of fibers/module (thousands) 1000 250 40 10 2.5
Membrane area (m2) 315 155 65 32 16
Packing density (cm2/cm3) 100 50 20 10 5
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Figure 3.48 Hollow fiber module winding apparatus from a 1972 Du Pont patent [124].
Machines of this general type are still used to produce hollow fiber modules

Vibrating and Rotating Modules

In all of the module designs described thus far, the fluid to be separated (gas or
liquid) is pumped across the surface of the membrane at high velocity to con-
trol concentration polarization. A few vibrating or rotating modules, in which
the membrane moves, and moves much faster than the fluid flowing across
its surface, have been developed. One such design, a vibrating module, from
New Logic International, is shown in Figure 3.49 [125,126]. Vibration of the
membrane at high speed creates interior agitation directly at the membrane sur-
face. These modules have proved to be able to ultrafilter extremely concentrated,
viscous solutions that could not be treated by conventional module designs. Cur-
rently the modules are extremely expensive—in the range US$2000–5000/m2

membrane—compared to alternative designs. This limits their application to
high-value separations that cannot be performed by other processes.
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Figure 3.49 New Logic International vibrating plate-and-frame module design [125]. A
motor taps a metal plate (the seismic mass) supported by a rubber mount at 60 times/s.
A bar that acts as a torsion spring connects the vibrating mass to a plate-and-frame
membrane module, which then vibrates by 1–2 in. at the same frequency. By shaking
the membrane module, high turbulence is induced in the pressurized feed fluid flowing
through the module. The turbulence occurs directly at the membrane surface, providing
good control of membrane fouling

Module Selection

The choice of the most suitable membrane module type for a particular mem-
brane separation must balance a number of factors. The principal module design
parameters that enter into the decision are summarized in Table 3.7.

Cost, always important, is difficult to quantify because the actual selling price
of the same module design varies widely, depending on the application. Gen-
erally, high-pressure modules are more expensive than low-pressure or vacuum
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Table 3.7 Parameters for membrane module design

Parameter Hollow fine
fibers

Capillary
fibers

Spiral-wound Plate-and-frame Tubular

Manufacturing cost
(US$/m2)

5–20 10–50 5–100 50–200 50–200

Concentration
polarization fouling
control

Poor Good Moderate Good Very good

Permeate-side
pressure drop

High Moderate Moderate Low Low

Suitability for
high-pressure
operation

Yes No Yes Yes Marginal

Limited to specific
types of membrane
material

Yes Yes No No No

modules. The total volume of product likely to be produced to satisfy a particular
application is a key issue. For example, spiral-wound modules for reverse osmosis
are produced by three or four manufacturers in large volumes, resulting in severe
competition and low prices. Similar modules used in ultrafiltration are produced
in much lower numbers and so are much more expensive. Hollow fiber modules
are significantly cheaper, per square meter of membrane, than spiral-wound or
plate-and-frame modules but can only be economically produced for very high
volume applications that justify the expense of developing and building the spin-
ning and module fabrication equipment. This cost advantage is often offset by
the lower fluxes of the membranes compared with their flat-sheet equivalents. An
estimate of module manufacturing cost is given in Table 3.7; the selling price is
typically two to five times higher.

Two other major factors determining module selection are concentration polar-
ization control and resistance to fouling. Concentration polarization control is a
particularly important issue in liquid separations such as reverse osmosis and
ultrafiltration. In gas separation applications, concentration polarization is more
easily controlled but is still a problem with high-flux, highly selective membranes.
Hollow fine fiber modules are notoriously prone to fouling and concentration
polarization and can be used in reverse osmosis applications only when extensive,
costly feed solution pretreatment removes all particulates. These fibers cannot be
used in ultrafiltration applications at all.

Another factor is the ease with which various membrane materials can be
fabricated into a particular module design. Almost all membranes can be formed
into plate-and-frame, spiral-wound and tubular modules, but many membrane
materials cannot be fabricated into hollow fine fibers or capillary fibers. Finally,
the suitability of the module design for high-pressure operation and the relative
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magnitude of pressure drops on the feed and permeate sides of the membrane
can be important factors.

The types of modules generally used in some of the major membrane processes
are listed in Table 3.8.

In reverse osmosis, the commonly used modules are spiral-wound. Plate-and-
frame and tubular modules are limited to a few applications in which membrane
fouling is particularly severe, for example, in food applications or processing
heavily contaminated industrial wastewater. The hollow fiber reverse osmosis
modules used in the past have now been almost completely displaced by spiral-
wound modules, which are inherently more fouling resistant, and require less
feed pretreatment.

For ultrafiltration applications, hollow fine fibers have never been seriously
considered because of their susceptibility to fouling. If the feed solution is
extremely fouling, tubular systems are still used. Recently, however, spiral-wound
modules with improved resistance to fouling have been developed; these modules
are increasingly displacing the more expensive tubular systems. This is partic-
ularly the case with clean feed solutions, for example, in the ultrafiltration of
boiler feed water or municipal water to make ultrapure water for the electronics
industry. Capillary systems are also used in some ultrafiltration applications.

Table 3.8 Module designs most commonly used in the major membrane separation
processes

Application Module type

Reverse osmosis: seawater Spiral-wound modules. Only one hollow fiber
producer remains

Reverse osmosis: industrial
and brackish water

Spiral-wound modules used almost exclusively; fine
fibers too susceptible to scaling and fouling

Ultrafiltration Tubular, capillary and spiral-wound modules all used.
Tubular generally limited to highly fouling feeds
(automotive paint), spiral-wound to clean feeds
(ultrapure water)

Gas separation Hollow fibers for high volume applications with low
flux, low selectivity membranes in which
concentration polarization is easily controlled
(nitrogen from air)

Spiral-wound when fluxes are higher, feed gases
more contaminated and concentration polarization
a problem (natural gas separations, vapor
permeation)

Pervaporation Most pervaporation systems are small so
plate-and-frame systems were used in the first
systems

Spiral-wound and capillary modules being introduced
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For high-pressure gas separation applications, hollow fine fibers have a major
segment of the market. Hollow fiber modules are clearly the lowest cost design
per unit membrane area, and their poor resistance to fouling is not a problem
in many gas separation applications because gaseous feed streams can easily be
filtered. Also, gas separation membrane materials are often rigid glassy polymers
such as polysulfones, polycarbonates and polyimides, which are easily formed
into hollow fine fibers. Spiral-wound modules are used to process natural gas
streams, which are relatively dirty, often containing oil mist and condensable
components that would foul hollow fine fiber modules rapidly.

Spiral-wound modules are much more commonly used in low-pressure or vac-
uum gas separation applications, such as the production of oxygen-enriched air
or the separation of organic vapors from air. In these applications, the feed gas
is at close to ambient pressure, and a vacuum is drawn on the permeate side of
the membrane. Parasitic pressure drops on the permeate side of the membrane
and the difficulty in making high-performance hollow fine fiber membranes from
the rubbery polymers used to make them both work against hollow fine fiber
modules for such applications.

Pervaporation operates under constraints similar to those for low-pressure gas
separation. Pressure drops on the permeate side of the membrane must be small,
and many pervaporation membrane materials are rubbery, so both spiral-wound
modules and plate-and-frame systems are in use. Plate-and-frame systems are
competitive in this application despite their high cost, primarily because they
can be operated at high temperatures with relatively aggressive feed solutions,
conditions under which spiral-wound modules might fail.

Conclusions and Future Directions

The technology to fabricate ultrathin high-performance membranes into high-
surface-area membrane modules has steadily improved during the modern mem-
brane era. As a result the inflation-adjusted cost of membrane separation processes
has decreased dramatically over the years. The first anisotropic membranes made
by Loeb–Sourirajan processes had an effective thickness of 0.2–0.4 µm. Cur-
rently, various techniques are used to produce commercial membranes with a
thickness of 0.1 µm or less. The permeability and selectivity of membrane mate-
rials have also increased two to three fold during the same period. As a result,
today’s membranes have 5 to 10 times the flux and better selectivity than mem-
branes available 30 years ago. These trends are continuing. Membranes with
an effective thickness of less than 0.05 µm have been made in the laboratory
using advanced composite membrane preparation techniques or surface treat-
ment methods.

As a result of these improvements in membrane performance, the major fac-
tors determining system performance have become concentration polarization and
membrane fouling. All membrane processes are affected by these problems, so
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membrane modules with improved fluid flow to minimize concentration polar-
ization and modules formed from membranes that can be easily cleaned if fouled
are likely to become increasingly important development areas.
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4 CONCENTRATION
POLARIZATION

Introduction

In membrane separation processes, a gas or liquid mixture contacts the feed
side of the membrane, and a permeate enriched in one of the components of
the mixture is withdrawn from the downstream side of the membrane. Because
the feed mixture components permeate at different rates, concentration gradients
form in the fluids on both sides of the membrane. The phenomenon is called
concentration polarization. Figure 4.1 illustrates a dialysis experiment in which
a membrane separates two solutions containing different concentrations of dis-
solved solute. Solute (i) diffuses from right to left; solvent (j) diffuses from left
to right. Unless the solutions are extremely well stirred, concentration gradients
form in the solutions on either side of the membrane. The same phenomenon
occurs in other processes that involve transport of heat or mass across an inter-
face. Mathematical descriptions of these processes can be found in monographs
on heat and mass transfer, for example, the books by Carslaw and Jaeger [1],
Bird et al. [2] and Crank [3].

The layer of solution immediately adjacent to the membrane surface becomes
depleted in the permeating solute on the feed side of the membrane and enriched
in this component on the permeate side. Equivalent gradients also form for the
other component. This concentration polarization reduces the permeating com-
ponent’s concentration difference across the membrane, thereby lowering its
flux and the membrane selectivity. The importance of concentration polariza-
tion depends on the membrane separation process. Concentration polarization can
significantly affect membrane performance in reverse osmosis, but it is usually
well controlled in industrial systems. On the other hand, membrane performance
in ultrafiltration, electrodialysis, and some pervaporation processes is seriously
affected by concentration polarization.

Figure 4.1 also shows the formation of concentration polarization gradients on
both sides of the membrane. However, in most membrane processes there is a bulk
flow of liquid or gas through the membrane, and the permeate-side composition
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J( i )

J( j )

Figure 4.1 Concentration gradients formed when a dialysis membrane separates two
solutions of different concentrations

depends only on the ratio of the components permeating the membrane. When this
is the case, concentration gradients only form on the feed side of the membrane.

Two approaches have been used to describe the effect of concentration polar-
ization. One has its origins in the dimensional analysis used to solve heat transfer
problems. In this approach the resistance to permeation across the membrane and
the resistance in the fluid layers adjacent to the membrane are treated as resis-
tances in series. Nothing is assumed about the thickness of the various layers or
the transport mechanisms taking place.

Using this model and the assumption that concentration polarization occurs
only on the feed side of the membrane, the flux Ji across the combined resistances
of the feed side boundary layer and the membrane can be written as

Ji = kov(cib − cip ) (4.1)

where kov is the overall mass transfer coefficient, cib is the concentration of
component i in the bulk feed solution, and cip is the concentration of component
i in the bulk permeate solution. Likewise, the flux across the boundary layer is
also Ji and can be written as

Ji = kb�(cib − cio) (4.2)
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where kb� is the fluid boundary layer mass transfer coefficient, and cio is the
concentration of component i in the fluid at the feed/membrane interface, and
the flux across the membrane can be written as

Ji = km(cio − cip ) (4.3)

where km is the mass transfer coefficient of the membrane.
Since the overall concentration drop (cib − cip ) is the sum of the concentration

drops across the boundary layer and the membrane, a simple restatement of the
resistances-in-series model using the terms of Equations (4.1–4.3) is

1

kov

= 1

km

+ 1

kb�

(4.4)

When the fluid layer mass-transfer coefficient (kb�) is large, the resistance 1/kb� of
this layer is small, and the overall resistance is determined only by the membrane.
When the fluid layer mass-transfer coefficient is small, the resistance term 1/kb�

is large, and becomes a significant fraction of the total resistance to permeation.
The overall mass transfer coefficient (kov) then becomes smaller, and the flux
decreases. The boundary layer mass transfer coefficient is thus an arithmetical
fix used to correct the membrane permeation rate for the effect of concentration
polarization. Nothing is revealed about the causes of concentration polarization.

The boundary layer mass-transfer coefficient is known from experiment to
depend on many system properties; this dependence can be expressed as an
empirical relationship of the type

kb� = constant QαhβDγ T δ . . . .. (4.5)

where, for example, Q is the fluid velocity through the membrane module, h

is the feed channel height, D is the solute diffusion coefficient, T is the feed
solution temperature, and so on. Empirical mass-transfer correlations obtained
this way can be used to estimate the performance of a new membrane unit by
extrapolation from an existing body of experimental data [4–7]. However, these
correlations have a limited range of applicability and cannot be used to obtain
a priori estimates of the magnitude of concentration polarization. This approach
also does not provide insight into the dependence of concentration polarization
on membrane properties. A more detailed and more sympathetic description of
the mass-transfer approach is given in Cussler’s monograph [8].

The second approach to concentration polarization, and the one used in this
chapter, is to model the phenomenon by assuming that a thin layer of unmixed
fluid, thickness δ, exists between the membrane surface and the well-mixed bulk
solution. The concentration gradients that control concentration polarization form
in this layer. This boundary layer film model oversimplifies the fluid hydrodynam-
ics occurring in membrane modules and still contains one adjustable parameter,
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the boundary layer thickness. Nonetheless this simple model can explain most of
the experimental data.

Boundary Layer Film Model

The usual starting point for the boundary layer film model is illustrated in
Figure 4.2, which shows the velocity profile in a fluid flowing through the chan-
nel of a membrane module. The average velocity of the fluid flowing down the
channel is normally of the order 1–5 m/s. This velocity is far higher than the
average velocity of the fluid flowing at right angles through the membrane, which
is typically 10–20 µm/s. However, the velocity in the channel is not uniform.
Friction at the fluid–membrane surface reduces the fluid velocity next to the
membrane to essentially zero; the velocity increases as the distance from the
membrane surface increases. Thus, the fluid flow velocity in the middle of the
channel is high, the flow there is often turbulent, and the fluid is well mixed. The
velocity in the boundary layer next to the membrane is much lower, flow is lami-
nar, and mixing occurs by diffusion. Concentration gradients due to concentration
polarization are assumed to be confined to the boundary layer.

Figure 4.1 shows the concentration gradients that form on either side of a
dialysis membrane. However, dialysis differs from most membrane processes in
that the volume flow across the membrane is usually small. In processes such
as reverse osmosis, ultrafiltration, and gas separation, the volume flow through
the membrane from the feed to the permeate side is significant. As a result
the permeate concentration is typically determined by the ratio of the fluxes of
the components that permeate the membrane. In these processes concentration
polarization gradients form only on the feed side of the membrane, as shown in
Figure 4.3. This simplifies the description of the phenomenon. The few membrane
processes in which a fluid is used to sweep the permeate side of the membrane,

Fluid
velocity
profile

Laminar boundary layer

Laminar boundary layerMembrane

Turbulent region

d

Figure 4.2 Fluid flow velocity through the channel of a membrane module is nonuni-
form, being fastest in the middle and essentially zero adjacent to the membrane. In the
film model of concentration polarization, concentration gradients formed due to transport
through the membrane are assumed to be confined to the laminar boundary layer
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to change the permeate-side concentration from the value set by the ratio of
permeating components, are discussed in the final section of this chapter.

In any process, if one component is enriched at the membrane surface, then
mass balance dictates that a second component is depleted at the surface. By
convention, concentration polarization effects are described by considering the
concentration gradient of the minor component. In Figure 4.3(a), concentration
polarization in reverse osmosis is represented by the concentration gradient of
salt, the minor component rejected by the membrane. In Figure 4.3(b), which
illustrates dehydration of aqueous ethanol solutions by pervaporation, concentra-
tion polarization is represented by the concentration gradient of water, the minor
component that preferentially permeates the membrane.

Bulk of
feed

Boundary
layer

Membrane
selective

layer

Volume flow

Permeate

cip
 < cib

cip
 > cib

Jv

(a) Component enriched at membrane surface
(for example, salt in desalination of water by reverse osmosis)

(b) Component depleted at membrane surface
(for example, water in dehydration of ethanol by pervaporation)

cib

cib

cio

cio

cip

cip

Figure 4.3 Concentration gradients formed as a result of permeation through a selec-
tive membrane. By convention, concentration polarization is usually represented by the
gradient of the minor component—salt in the reverse osmosis example and water in the
pervaporation example (dehydration of an ethanol solution)
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In the case of desalination of water by reverse osmosis illustrated in Fig-
ure 4.3(a), the salt concentration cio adjacent to the membrane surface is higher
than the bulk solution concentration cib because reverse osmosis membranes
preferentially permeate water and retain salt. Water and salt are brought toward
the membrane surface by the flow of solution through the membrane Jv .1 Water
and a little salt permeate the membrane, but most of the salt is rejected by
the membrane and retained at the membrane surface. Salt accumulates at the
membrane surface until a sufficient gradient has formed to allow the salt to
diffuse to the bulk solution. Steady state is then reached.

In the case of dehydration of ethanol by pervaporation illustrated in Fig-
ure 4.3(b), the water concentration cio adjacent to the membrane surface is lower
than the bulk solution concentration cib because the pervaporation membrane
preferentially permeates water and retains ethanol. Water and ethanol are brought
towards the membrane surface by the flow of solution through the membrane.
Water and a little ethanol permeate the membrane, but most of the ethanol is
retained at the membrane surface. Ethanol accumulates at the membrane surface
until a sufficient gradient has formed to allow it to diffuse back to the bulk
solution. An equal and opposite water gradient must form; thus, water becomes
depleted at the membrane surface.

The formation of these concentration gradients can be expressed in mathe-
matical form. Figure 4.4 shows the steady-state salt gradient that forms across a
reverse osmosis membrane.

The salt flux through the membrane is given by the product of the permeate
volume flux Jv and the permeate salt concentration cip . For dilute liquids the
permeate volume flux is within 1 or 2 % of the volume flux on the feed side
of the membrane because the densities of the two solutions are almost equal.
This means that, at steady state, the net salt flux at any point within the boundary
layer must also be equal to the permeate salt flux Jvcip . In the boundary layer this
net salt flux is also equal to the convective salt flux towards the membrane Jvci

minus the diffusive salt flux away from the membrane expressed by Fick’s law
(Didci /dx). So, from simple mass balance, transport of salt at any point within
the boundary layer can be described by the equation

Jvci − Didci/dx = Jvcip (4.6)

where Di is the diffusion coefficient of the salt, x is the coordinate perpendicular
to the membrane surface, and Jv is the volume flux in the boundary layer gener-
ated by permeate flow through the membrane. The mass balance equation (4.6)
can be integrated over the thickness of the boundary layer to give the well-known
polarization equation first derived by Brian [9] for reverse osmosis:

cio − cip

cib − cip

= exp(Jvδ/Di) (4.7)

1In this chapter, the term Jv is the volume flux (cm3/cm2 · s) through the membrane measured at
the feed-side conditions of the process.
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In the boundary layer Jvci − Di dci = Jvcip
dx

Figure 4.4 Salt concentration gradients adjacent to a reverse osmosis desalination mem-
brane. The mass balance equation for solute flux across the boundary layer is the basis
of the film model description of concentration polarization

In this equation, cio is the concentration of solute in the feed solution at the
membrane surface, and δ is the thickness of the boundary layer. An alternative
form of Equation (4.7) replaces the concentration terms by an enrichment factor
E, defined as cip /cib . The enrichment obtained in the absence of a boundary layer
Eo is then defined as cip /cio , and Equation (4.7) can be written as

1/Eo − 1

1/E − 1
= exp(Jvδ/Di) (4.8)

In the case of reverse osmosis, the enrichment factors (E and Eo) are less than
1.0, typically about 0.01, because the membrane rejects salt and permeates water.
For other processes, such as dehydration of aqueous ethanol by pervaporation,
the enrichment factor for water will be greater than 1.0 because the membrane
selectively permeates the water.

The increase or decrease of the permeate concentration at the membrane sur-
face cio , compared to the bulk solution concentration cib , determines the extent of
concentration polarization. The ratio of the two concentrations, cio /cib is called the
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concentration polarization modulus and is a useful measure of the extent of con-
centration polarization. When the modulus is 1.0, no concentration polarization
occurs, but as the modulus deviates farther from 1.0, the effect of concentration
polarization on membrane selectivity and flux becomes increasingly important.
From the definitions of E and Eo, the concentration polarization modulus is equal
to E/Eo and, from Equations (4.7) and (4.8), the modulus can be written as

cio

cib

= exp(Jvδ/Di)

1 + Eo[exp(Jvδ/Di) − 1]
(4.9)

Depending on the enrichment term (Eo) of the membrane, the modulus can
be larger or smaller than 1.0. For reverse osmosis Eo is less than 1.0, and the
concentration polarization modulus is normally between 1.1 and 1.5; that is, the
concentration of salt at the membrane surface is 1.1 to 1.5 times larger than it
would be in the absence of concentration polarization. The salt leakage through
the membrane and the osmotic pressure that must be overcome to produce a
flow of water are increased proportionately. Fortunately, modern reverse osmosis
membranes are extremely selective and permeable, and can still produce useful
desalted water under these conditions. In other membrane processes, such as
pervaporation or ultrafiltration, the concentration polarization modulus may be
as large as 5 to 10 or as small as 0.2 to 0.1, and may seriously affect the
performance of the membrane.

Equation (4.9) shows the factors that determine the magnitude of concentration
polarization, namely the boundary layer thickness δ, the membrane enrichment
Eo, the volume flux through the membrane Jv , and the diffusion coefficient of
the solute in the boundary layer fluid Di . The effect of changes in each of these
parameters on the concentration gradients formed in the membrane boundary
layer are illustrated graphically in Figure 4.5 and discussed briefly below.

Of the four factors that affect concentration polarization, the one most easily
changed is the boundary layer thickness δ. As δ decreases, Equation (4.9) shows
that the concentration polarization modulus becomes exponentially smaller. Thus,
the most straightforward way of minimizing concentration polarization is to
reduce the boundary layer thickness by increasing turbulent mixing at the mem-
brane surface. Factors affecting turbulence in membrane modules are described
in detail in the review of Belfort et al. [10]. The most direct technique to pro-
mote mixing is to increase the fluid flow velocity past the membrane surface.
Therefore, most membrane modules operate at relatively high feed fluid veloci-
ties. Membrane spacers are also widely used to promote turbulence by disrupting
fluid flow in the module channels, as shown in Figure 4.6 [11]. Pulsing the feed
fluid flow through the membrane module is another technique [12]. However, the
energy consumption of the pumps required and the pressure drops produced place
a practical limit to the turbulence that can be obtained in a membrane module.
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Figure 4.5 The effect of changes in boundary layer thickness δ, membrane enrichment
Eo, membrane flux Jv , and solute diffusion Di on concentration gradients in the stagnant
boundary layer

The membrane’s intrinsic enrichment Eo also affects concentration polariza-
tion. If the membrane is completely unselective, Eo = 1. The relative concen-
trations of the components passing through the membrane do not change, so
concentration gradients are not formed in the boundary layer. As the difference
in permeability between the more permeable and less permeable components
increases, the intrinsic enrichment Eo achieved by the membrane increases, and
the concentration gradients that form become larger. As a practical example, in
pervaporation of organics from water, concentration polarization is much more
important when the solute is toluene (with an enrichment Eo of 5000 over water)
than when the solute is methanol (with an enrichment Eo less than 5).

Another important characteristic of Equation (4.9) is that the enrichment
Eo produced by the membrane, not the intrinsic selectivity α, determines the
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Figure 4.6 Flow dynamics around the spacer netting often used to promote turbulence
in a membrane module and reduce concentration polarization

membrane separation performance and the concentration polarization modulus.
Enrichment and intrinsic selectivity are linked but are not identical. This
distinction is illustrated by the separation of hydrogen from inert gases in
ammonia plant purge gas streams, which typically contain 30 % hydrogen.
Hydrogen is 100 to 200 times more permeable than the inert gases nitrogen,
methane, and argon, so the intrinsic selectivity of the membrane is very high.
The high selectivity means that the membrane permeate is 97 % hydrogen; even
so, the enrichment Eo is only 97/30, or 3.3, so the concentration polarization
modulus is small. On the other hand, as hydrogen is removed, its concentration
in the feed gas falls. When the feed gas contains 5 % hydrogen, the permeate
will be 90 % hydrogen and the enrichment 90/5 or 18. Under these conditions,
concentration polarization can affect the membrane performance.

Equation (4.9) shows that concentration polarization increases exponentially as
the total volume flow Jv through the membrane increases. This is one of the rea-
sons why modern spiral-wound reverse osmosis membrane modules are operated
at low pressures. Modern membranes have two to five times the water perme-
ability, at equivalent salt selectivities, of the first-generation cellulose acetate
reverse osmosis membranes. If membrane modules containing these new mem-
branes were operated at the same pressures as early cellulose acetate modules,
two to five times the desalted water throughput could be achieved with the same
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number of modules. However, at such high fluxes, spiral-wound modules suffer
from excessive concentration polarization, which leads to increased salt leak-
age and scale formation. For this reason, modern, high permeability modules are
operated at about the same volume flux as the early modules, but at lower applied
pressures. This reduces energy costs.

The final parameter in Equation (4.9) that determines the value of the concen-
tration polarization modulus is the diffusion coefficient Di of the solute away
from the membrane surface. The size of the solute diffusion coefficient explains
why concentration polarization is a greater factor in ultrafiltration than in reverse
osmosis. Ultrafiltration membrane fluxes are usually higher than reverse osmosis
fluxes, but the difference between the values of the diffusion coefficients of the
retained solutes is more important. In reverse osmosis the solutes are dissolved
salts, whereas in ultrafiltration the solutes are colloids and macromolecules. The
diffusion coefficients of these high-molecular-weight components are about 100
times smaller than those of salts.

In Equation (4.9) the balance between convective transport and diffusive trans-
port in the membrane boundary layer is characterized by the term Jvδ/Di . This
dimensionless number represents the ratio of the convective transport Jv and
diffusive transport Di /δ and is commonly called the Peclet number. When the
Peclet number is large (Jv � Di /δ), the convective flux through the membrane
cannot easily be balanced by diffusion in the boundary layer, and the concentra-
tion polarization modulus is large. When the Peclet number is small (Jv � Di /δ),
convection is easily balanced by diffusion in the boundary layer, and the con-
centration polarization modulus is close to unity.

Wijmans et al. [13] calculated the concentration polarization modulus using
Equation (4.9) as a function of the Peclet number Jvδ/Di that is, the varying
ratio of convection to diffusion. The resulting, very informative plot is shown
in Figure 4.7. This figure is divided into two regions depending on whether
the concentration polarization modulus, cio /cib , is smaller or larger than 1. The
polarization modulus is smaller than 1 when the permeating minor component
is enriched in the permeate. In this case, the component becomes depleted in
the boundary layer, for example, in the dehydration of ethanol by pervaporation
shown in Figure 4.3(b). The polarization modulus is larger than 1 when the per-
meating minor component is depleted in the permeate. In this case, the component
is enriched in the boundary layer, for example, in the reverse osmosis of salt solu-
tions shown in Figure 4.3(a). As might be expected, the concentration polarization
modulus deviates increasingly from unity as the Peclet number increases. At high
values of the ratio Jvδ/Di , the exponential term in Equation (4.9) increases toward
infinity, and the concentration polarization modulus cio /cib approaches a limiting
value of 1/Eo.

A striking feature of Figure 4.7 is its asymmetry with respect to enrichment
and rejection of the minor component by the membrane. This means that, under
comparable conditions, concentration polarization is much larger when the minor
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Figure 4.7 Concentration polarization modulus cio /cib as a function of the Peclet number
Jvδ/Di for a range of values of the intrinsic enrichment factor Eo. Lines calculated through
Equation (4.9). This figure shows that components that are enriched by the membrane
(Eo > 1) are affected more by concentration polarization than components that are rejected
by the membrane (Eo < 1) [13]

component of the feed is preferentially permeated by the membrane than when
it is rejected. This follows from the form of Equation (4.9). Consider the case
when the Peclet number Jvδ/Di is 1. The concentration polarization modulus
expressed by Equation (4.9) then becomes

cio

cib

= exp(1)

1 + Eo[exp(1) − 1]
= 2.72

1 + Eo(1.72)
(4.10)

For components rejected by the membrane (Eo ≤ 1) the enrichment Eo produced
by the membrane lies between 1 and 0. The concentration polarization modulus
cio /cib then lies between 1 (no concentration polarization) and a maximum value
of 2.72. That is, the flux of the less permeable component cannot be more than
2.72 times higher than that in the absence of concentration polarization. In con-
trast, for a component enriched by the membrane in the permeate (Eo ≥ 1), no
such limitation on the magnitude of concentration polarization exists. For dilute
solutions (cib small) and selective membranes, the intrinsic enrichment can be
100 to 1000 or more. The concentration polarization modulus can then change
from 1 (no concentration polarization) to close to zero (complete concentration
polarization). These two cases are illustrated in Figure 4.8.

Determination of the Peclet Number
Equation (4.9) and Figure 4.7 are powerful tools to analyze the importance of
concentration polarization in membrane separation processes. However, before
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Figure 4.8 Concentration gradients that form adjacent to the membrane surface for
components (a) rejected or (b) enriched by the membrane. The Peclet number, character-
izing the balance between convection and diffusion in the boundary layer, is the same
Jvδ/Di = 1. When the component is rejected, the concentration at the membrane sur-
face cio cannot be greater than 2.72 cib , irrespective of the membrane selectivity. When
the minor component permeates the membrane, the concentration at the membrane sur-
face can decrease to close to zero, so the concentration polarization modulus becomes
very small

these tools can be used, the appropriate value to be assigned to the Peclet num-
ber Jvδ/Di must be determined. The volume flux Jv through the membrane is
easily measured, so determining the Peclet number then becomes a problem of
measuring the coefficient Di /δ.

One approach to the boundary layer problem is to determine the ratio Di /δ
experimentally. This can be done using a procedure first proposed by Wilson [14].
The starting point for Wilson’s approach is Equation (4.8), which can be writ-
ten as

ln

(
1 − 1

E

)
= ln

(
1 − 1

Eo

)
− Jvδ/Di (4.11)

The boundary layer thickness δ in Equation (4.11) is a function of the feed
solution velocity u in the module feed flow channel; thus, the term δ/Di can be
expressed as

Di

δ
= kou

n (4.12)
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where u is the superficial velocity in the feed flow channel and ko and n are
constants. Equation (4.11) can then be rewritten as

ln

(
1 − 1

E

)
= ln

(
1 − 1

Eo

)
− Jv

koun
(4.13)

Equation (4.13) can be used to calculate the dependence of pervaporation system
performance on concentration polarization. One method is to use data obtained
with a single module operated at various feed solution velocities. A linear regres-
sion analysis is used to fit data obtained at different feed velocities to obtain an
estimate for ko and Eo; the exponent n is adjusted to minimize the residual error.
Figure 4.9 shows some data obtained in pervaporation experiments with dilute
aqueous toluene solutions and silicone rubber membranes [15]. Toluene is con-
siderably more permeable than water through these membranes. In Figure 4.9,
when the data were regressed, the best value for n was 0.96. The values of Eo,
the intrinsic enrichment of the membrane, and ko obtained by regression analysis
are 3600 and 7.1 × 10−4, respectively. The boundary layer coefficient, Di /δ is
given by

Di

δ
= 7.1 × 10−4u0.96 (4.14)

where u is the superficial velocity in the module.
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Figure 4.9 Derivation of the mass transfer coefficient by Wilson’s method. Toluene/water
enrichments are plotted as a function of feed solution superficial velocity in pervaporation
experiments. Enrichments were measured at different feed solution superficial velocities
with spiral-wound membrane modules [15]
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A second method of determining the coefficient (Di /δ) and the intrinsic enrich-
ment of the membrane Eo is to use Equation (4.11). The term ln(1 − 1/E) is
plotted against the permeate flux measured at constant feed solution flow rates
but different permeate pressures or feed solution temperatures. This type of plot
is shown in Figure 4.10 for data obtained with aqueous trichloroethane solutions
in pervaporation experiments with silicone rubber membranes.

The coefficients Di /δ obtained at each velocity in Figure 4.10 can then be
plotted as a function of the feed superficial velocity. The data show that the ratio
Di /δ varies with the superficial velocity according to the equation

Di/δ = 9 × 10−4u0.8 (4.15)

From Equations (4.14) and (4.15), the value of the term Di /δ at a fluid velocity of
30 cm/s is 1.6–1.8 × 10−2 cm/s. Based on a trichloroethane diffusion coefficient
in the boundary layer of 2 × 10−5 cm2/s, this yields a boundary layer thickness
of 10–15 µm. This boundary layer thickness is in the same range as values
calculated for reverse osmosis with similar modules.
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Figure 4.10 Trichloroethane enrichment [ln(1 − 1/E)] as a function of permeate flux
Jv in pervaporation experiments with silicone rubber membranes in spiral-wound modules
using solutions of 100 ppm trichloromethane in water [15]. Feed solution flow rates are
shown
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Concentration Polarization in Liquid Separation Processes

The effect of concentration polarization on specific membrane processes is dis-
cussed in the individual application chapters. However, a brief comparison of
the magnitude of concentration polarization is given in Table 4.1 for processes
involving liquid feed solutions. The key simplifying assumption is that the bound-
ary layer thickness is 20 µm for all processes. This boundary layer thickness is
typical of values calculated for separation of solutions with spiral-wound modules
in reverse osmosis, pervaporation, and ultrafiltration. Tubular, plate-and-frame,
and bore-side feed hollow fiber modules, because of their better flow velocities,
generally have lower calculated boundary layer thicknesses. Hollow fiber modules
with shell-side feed generally have larger calculated boundary layer thicknesses
because of their poor fluid flow patterns.

Table 4.1 shows typical enrichments and calculated Peclet numbers for mem-
brane processes with liquid feeds. In this table it is important to recognize the
difference between enrichment and separation factor. The enrichments shown are
calculated for the minor component. For example, in the dehydration of ethanol,
a typical feed solution of 96 % ethanol and 4 % water yields a permeate con-
taining about 80 % water; the enrichment, that is, the ratio of the permeate to
feed concentration, is about 20. In Figure 4.11, the calculated Peclet numbers
and enrichments shown in Table 4.1 are plotted on the Wijmans graph to show
the relative importance of concentration polarization for the processes listed.

Table 4.1 Representative values of the concentration polarization modulus calculated for
a variety of liquid separation processes. For these calculations a boundary layer thickness
of 20 µm, typical of that in most spiral-wound membrane modules, is assumed

Process Typical
enrichment,

Eo

Typical flux
[in engineering
units and as Jv

(10−3 cm/s)]

Diffusion
coefficient

(10−6 cm2/s)

Peclet
number,
Jvδ/Di

Concentration
polarization

modulus
[Equation (4.9)]

Reverse osmosis

Seawater
desalination

0.01 30 gal/ft2 · day(1.4) 10 0.28 1.3

Brackish water
desalination

0.01 50 gal/ft2 · day(2.3) 10 0.46 1.5

Ultrafiltration

Protein separation 0.01 30 gal/ft2 · day(1.4) 0.5 5.6 70

Pervaporation

Ethanol
dehydration

20 0.1 kg/m2 · h(0.003) 20 0.0003 1.0

VOC from water 2000 1.0 kg/m2 · h(0.03) 20 0.003 0.14

Coupled transport

Copper from water 1000 60 mg/cm2 · min(0.001) 10 0.0002 0.8
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Figure 4.11 Peclet numbers and intrinsic enrichments for the membrane separation pro-
cesses shown in Table 4.1 superimposed on the concentration polarization plot of Wijmans
et al. [13]

In coupled transport and solvent dehydration by pervaporation, concentration
polarization effects are generally modest and controllable, with a concentration
polarization modulus of 1.5 or less. In reverse osmosis, the Peclet number of
0.3–0.5 was calculated on the basis of typical fluxes of current reverse osmosis
membrane modules, which are 30- to 50-gal/ft2 · day. Concentration polarization
modulus values in this range are between 1.0 and 1.5.

Figure 4.11 shows that ultrafiltration and pervaporation for the removal of
organic solutes from water are both seriously affected by concentration polar-
ization. In ultrafiltration, the low diffusion coefficient of macromolecules pro-
duces a concentration of retained solutes 70 times the bulk solution volume
at the membrane surface. At these high concentrations, macromolecules pre-
cipitate, forming a gel layer at the membrane surface and reducing flux. The
effect of this gel layer on ultrafiltration membrane performance is discussed in
Chapter 6.

In the case of pervaporation of dissolved volatile organic compounds (VOCs)
from water, the magnitude of the concentration polarization effect is a function
of the enrichment factor. The selectivity of pervaporation membranes to dif-
ferent VOCs varies widely, so the intrinsic enrichment and the magnitude of
concentration polarization effects depend strongly on the solute. Table 4.2 shows
experimentally measured enrichment values for a series of dilute VOC solutions
treated with silicone rubber membranes in spiral-wound modules [15]. When
these values are superimposed on the Wijmans plot as shown in Figure 4.12,
the concentration polarization modulus varies from 1.0, that is, no concentration
polarization, for isopropanol, to 0.1 for trichloroethane, which has an enrichment
of 5700.
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Table 4.2 Enrichment factors measured for the
pervaporation of VOCs from dilute solutions with
silicone rubber spiral-wound modules

Solute Enrichment (Eo)

Trichloroethylene 5700
Toluene 3600
Ethyl acetate 270
Isopropanol 18

Peclet number, Jvd/Di
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Figure 4.12 A portion of the Wijmans plot shown in Figure 4.7 expanded to illus-
trate concentration polarization in pervaporation of dilute aqueous organic solutions. With
solutes such as toluene and trichloroethylene, high intrinsic enrichments produce severe
concentration polarization. Concentration polarization is much less with solutes such as
ethyl acetate (enrichment 270), and is essentially eliminated with isopropanol (enrichment
18) [15]

Concentration Polarization in Gas Separation Processes

Concentration polarization in gas separation processes has not been widely stud-
ied, and the effect is often assumed to be small because of the high diffusion coef-
ficients of gases. However, the volume flux of gas through the membrane is also
high, so concentration polarization effects are important for several processes.

In calculating the expression for the concentration polarization modulus of
gases, the simplifying assumption that the volume fluxes on each side of the
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membrane are equal cannot be made. The starting point for the calculation is the
mass-balance Equation (4.6), which for gas permeation is written

Jvf
ci − Didci

dx
= Jvp

cip (4.16)

where Jvf
is the volume flux of gas on the feed side of the membrane and Jvp

is the volume flux on the permeate side. These volume fluxes (cm3/cm2 · s) can
be linked by correcting for the pressure on each side of the membrane using
the expression

Jvf
po = Jvp

p� (4.17)

where po and p� are the gas pressures on the feed and permeate sides of the
membrane. Hence,

Jvf

po

p�

= Jvf
ϕ = Jvp

(4.18)

where ϕ is the pressure ratio po/p� across the membrane. Substituting Equation
(4.18) into Equation (4.16) and rearranging gives

−Di

dci

dx
= Jvf

(ϕ cip − ci) (4.19)

Integrating across the boundary layer thickness, as before, gives

cio/ϕ − cip

cib/ϕ − cip

= exp

(
Jvf

δ

D

)
(4.20)

For gases, the enrichment terms, E and Eo, are most conveniently expressed in
volume fractions, so that

Eo = cip

p�

po

cio

= cip

cio

ϕ (4.21)

and

E = cip

p�

· po

cib

= cip

cib

· ϕ (4.22)

Equation (4.20) can then be written as

exp

(
Jvf

δ

Di

)
= 1 − 1/Eo

1 − 1/E
(4.23)

which on rearranging gives

E/Eo = cio/cib = exp(Jvf
δ/Di)

1 + Eo[exp(Jvf
δ/Di) − 1]

(4.24)
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Figure 4.13 A portion of the Wijmans plot shown in Figure 4.7 expanded to illustrate
concentration polarization in some important gas separation applications

Equation (4.24) has the same form as the expression for the concentration polar-
ization modulus of liquids, Equation (4.9).

Equation (4.24) can be used to calculate the expected concentration polar-
ization modulus for some of the better-known gas separation applications. The
results of the calculations are tabulated in Table 4.3 and shown on a Wijmans
plot in Figure 4.13. To obtain agreement between these calculations and indus-
trial experience [16,17], it is necessary to assume the boundary layer thickness
in gases is far greater than in liquids. In the calculations of Peclet numbers listed
in Table 4.3 a boundary layer thickness of 2000 µm is used, 100 times larger
than the value used in similar calculations for the Peclet number for liquid sep-
aration processes given in Table 4.1. A boundary layer thickness this large does
not seem physically reasonable and in some cases is more than the membrane
channel width. The reason for this huge difference between gases and liquids
may be related to the difference in the densities of these fluids. Channeling,
in which a portion of the feed gas completely bypasses contact with the mem-
brane through some flow maldistribution in the module, can also reduce module
efficiency in a way that is difficult to separate from concentration polarization.
Channeling is much more noticeable in gas permeation modules than in liquid
permeation modules.
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Cross-flow, Co-flow and Counter-flow
In the discussion of concentration polarization to this point, the assumption is
made that the volume flux through the membrane is large, so the concentration on
the permeate side of the membrane is determined by the ratio of the component
fluxes. This assumption is almost always true for liquid separation processes,
such as ultrafiltration or reverse osmosis, but must be modified in a few gas
separation and pervaporation processes. In these processes, a lateral flow of gas
is sometimes used to change the composition of the gas on the permeate side
of the membrane. Figure 4.14 illustrates a laboratory gas permeation experiment
using this effect. As the pressurized feed gas mixture is passed over the membrane
surface, certain components permeate the membrane. On the permeate side of the
membrane, a lateral flow of helium or other inert gas sweeps the permeate from
the membrane surface. In the absence of the sweep gas, the composition of the
gas mixture on the permeate side of the membrane is determined by the flow
of components from the feed. If a large flow of sweep gas is used, the partial

Permeate
gas activity

profile
Permeate

concentration
gradient

Feed
boundary

layer

Feed

Membrane

Sweep gas
(helium)

Permeate
boundary

layer

No sweep gas flow

Some sweep gas flow

Large sweep gas flow

(b)

(a)

Figure 4.14 (a) Flow schematic of permeation using a permeate-side sweep gas some-
times used in laboratory gas separation and pervaporation experiments. (b) The concen-
tration gradients that form on the permeate side of the membrane depend on the volume of
sweep gas used. In laboratory experiments a large sweep-gas-to-permeate-gas flow ratio
is used, so the concentration of permeate at the membrane surface is very low
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pressure of the permeating components on the permeate side of the membrane is
reduced to a low value. The difference in partial pressure of the permeating gases
from the feed to the permeate side of the membrane is thereby increased, and the
flow across the membrane increases proportionately. Sweep gases are sometimes
used in gas permeation and pervaporation laboratory experiments. The sweep
gas is generally helium and the helium/permeate gas mixture is fed to a gas
chromatograph for analysis.

The drawback of using an external permeate-side sweep gas to lower the partial
pressure on the permeate side of the membrane for an industrial process is that
the sweep gas and permeating component must subsequently be separated. In
some cases this may not be difficult; some processes that have been suggested
but rarely used are shown in Figure 4.15. In these examples, the separation of
the sweep gas and the permeating component is achieved by condensation. If the
permeating gas is itself easily condensed, an inert gas such as nitrogen can be used
as the sweep [18]. An alternative is a condensable vapor such as steam [19–21].

In the examples illustrated in Figures 4.14 and 4.15, the sweep gas is an inert
gas that is unlike the permeating components. However, the sweep gas could be a
mixture of the permeating components at a different composition. An example of
this type of process is shown schematically in Figure 4.16, which illustrates the
separation of nitrogen from air using a membrane that preferentially permeates
oxygen. The feed air, containing approximately 20 vol% oxygen, is introduced
under pressure at one end of the module. The permeate gas at this end of the
module typically contains about 50 vol% oxygen (at a lower pressure). As the
feed gas travels down the membrane module it becomes increasingly depleted in
oxygen (enriched in nitrogen) and leaves the module as a residue gas containing
99 % nitrogen. The permeate gas at this end of the module contains about 5 vol%
oxygen and 95 vol% nitrogen. If this gas is directed to flow counter to the incom-
ing feed gas, as shown in Figure 4.16, the effect is to sweep the permeate side
of the membrane with a flow of oxygen-depleted, nitrogen-enriched gas. This is
beneficial because the oxygen gradient through the membrane is increased, which
increases its flux through the membrane. Simultaneously the nitrogen gradient is
decreased, which decreases its flux through the membrane. An opposite negative
result would result if the permeate gas were moved in the same direction as the
feed gas (that is co-flow). This would have the effect of sweeping the permeate
side of the membrane with oxygen-enriched gas.

The cross-, co- and counter-flow schemes are illustrated in Figure 4.17, together
with the concentration gradient across a median section of the membrane. It fol-
lows from Figure 4.17 that system performance can be improved by operating
a module in an appropriate flow mode (generally counter-flow). However, such
improvements require that the concentration at the membrane permeate surface
equals the bulk concentration of the permeate at that point. This condition cannot
be met with processes such as ultrafiltration or reverse osmosis in which the per-
meate is a liquid. In these processes, the selective side of the membrane faces the

FOR REFERENCE PURPOSES ONLY



184 MEMBRANE TECHNOLOGY AND APPLICATIONS

Gas mixture
(A,B) Component B

Component A

Condenser

Two-phase
separator

Inert gas
(N2)

Separation of a condensable
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an inert gas sweep (e.g. N2) [18]
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gas (A) from a mixture using a
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Liquid A

Condenser

Three-phase
separator

Steam

Evaporator

Separation of an organic vapor
mixture with an immiscible sweep
gas (e.g. steam) [20,21]

Figure 4.15 Sweep gas systems proposed for industrial processes

feed solution, and a microporous support layer faces the permeate. Concentra-
tion gradients easily build up in this boundary layer, completely outweighing the
benefit of counter-flow. Thus, counter-flow (sweep) module designs are limited
to gas separation and pervaporation processes. In these processes the permeate
is a gas, and permeate-side concentration gradients are more easily controlled
because diffusion coefficients in gases are high.
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20% O2
80% N2

Mole fraction O2: 0.5
Mole fraction N2: 0.5

Mole fraction O2: 0.05
Mole fraction N2: 0.95

1% O2
99% N2

Figure 4.16 An illustration of a counter-flow module for the separation of nitrogen
from air. Directing the permeate to flow counter to the feed sweeps the permeate side of
the membrane with a flow of oxygen-depleted gas. This increases the oxygen flux and
decreases the nitrogen flux through the membrane

Feed
boundary

layer

Permeate
boundary

layer

Counter-flow

Cross-flow

(a) Cross-flow

Feed Residue

Permeate

(b) Co-flow

Feed Residue

Permeate

(c) Counter-flow

Feed Residue

Permeate

Co-flow

Concentration gradients
of the more permeable

component

Membrane

Figure 4.17 (a) Cross-, (b) co- and (c) counter-flow schemes in a membrane module
and the changes in the concentration gradients that occur across a median section of the
membrane

The benefit obtained from counter-flow depends on the particular separa-
tion, but it can often be substantial, particularly in gas separation and per-
vaporation processes. A comparison of cross-flow, counter-flow, and counter-
flow/sweep for the same membrane module used to dehydrate natural gas is
shown in Figure 4.18. Water is a smaller molecule and much more condens-
able than methane, the main component of natural gas, so membranes with a
water/methane selectivity of 400–500 are readily available. In the calculations
shown in Figure 4.18, the membrane is assumed to have a pressure-normalized
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1MMscfd
1000 psia

1000 ppm H2O

Dry gas
100 ppm H2O

(a) Cross-flow module

Permeate gas
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6 140 ppm H2O

114 m2

1MMscfd
1000 psia

1000 ppm H2O

Dry gas
100 ppm H2O

(b) Counter-flow module

61 m2

Permeate gas
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13 300 ppm H2O

Dry gas
100 ppm H2O

(c) Counter-flow/sweep
module

20 m2

Permeate gas
50 psia
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1 MMscfd
1000 psia

1000 ppm H2O

Figure 4.18 Comparison of (a) cross-flow, (b) counter-flow and (c) counter-flow sweep
module performance for the separation of water vapor from natural gas. Pressure-
normalized methane flux: 5 × 10−6cm3(STP)/cm2 · s · cmHg; membrane selectivity,
water/methane: 200

methane flux of 5 × 10−6 cm3(STP)/cm2 · s · cmHg and a water/methane selec-
tivity of 200. Counter-flow/sweep modules have a substantial advantage in this
separation because the separation is completely pressure-ratio-limited.2

2The importance of the pressure ratio in separating gas mixtures can be illustrated by considering the
separation of a gas mixture with component concentrations (mol%) nio and njo

at a feed pressure of
po. A flow of component across the membrane can only occur if the partial pressure of component
i on the feed side of the membrane, niopo, is greater than the partial pressure of component i on the
permeate side of the membrane, ni�p�. That is

niopo > ni�p�

It follows that the maximum enrichment achieved by the membrane can be expressed as

ni�

nio

≤ po

p�
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In the cross-flow module illustrated in Figure 4.18(a) the average concentration
of water on the feed side of the membrane as it decreases from 1000 to 100 ppm
is 310 ppm (the log mean). The pooled permeate stream has a concentration
of 6140 ppm. The counter-flow module illustrated in Figure 4.18(b) performs
substantially better, providing a pooled permeate stream with a concentration of
13 300 ppm. Not only does the counter-flow module perform a two-fold better
separation, it also requires only about half the membrane area.

In the case of the counter-flow/sweep membrane module illustrated in
Figure 4.18(c) a portion of the dried residue gas stream is expanded across a
valve and used as the permeate-side sweep gas. The separation obtained depends
on how much gas is used as a sweep. In the calculation illustrated, 5 % of the
residue gas is used as a sweep; even so the result is dramatic. The concentration
of water vapor in the permeate gas is 13 000 ppm, almost the same as the perfect
counter-flow module shown in Figure 4.18(b), but the membrane area required
to perform the separation is one-third of the counter-flow case. Mixing separated
residue gas with the permeate gas improves the separation! The cause of this
paradoxical result is illustrated in Figure 4.19 and discussed in a number of
papers by Cussler et al. [16].

Figure 4.19(a) shows the concentration of water vapor on the feed and perme-
ate sides of the membrane module in the case of a simple counter-flow module.
On the high-pressure side of the module, the water vapor concentration in the
feed gas drops from 1000 ppm to about 310 ppm halfway through the module
and to 100 ppm at the residue end. The graph directly below the module drawing
shows the theoretical maximum concentration of water vapor on the permeate
side of the membrane. This maximum is determined by the feed-to-permeate
pressure ratio of 20 as described in the footnote to page 186. The actual calcu-
lated permeate-side concentration is also shown. The difference between these
two lines is a measure of the driving force for water vapor transport across the
membrane. At the feed end of the module, this difference is about 1000 ppm,
but at the permeate end the difference is only about 100 ppm.

Figure 4.19(b) shows an equivalent figure for a counter-flow module in which
5 % of the residue gas containing 100 ppm water vapor is expanded to 50 psia
and introduced as a sweep gas. The water vapor concentration in the permeate gas
at the end of the membrane then falls from 1900 ppm to 100 ppm, producing
a dramatic increase in water vapor permeation through the membrane at the
residue end of the module. The result is a two-thirds reduction in the size of
the module.

This means that the enrichment can never exceed the pressure ratio of po/p�, no matter how
selective the membrane. In the example above, the maximum water vapor enrichment across the
membrane is 20 (1000 psia/50 psia) even though the membrane is 200 times more permeable to
water than methane.
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Conclusions and Future Directions

Few membrane processes are unaffected by concentration polarization, and the
effect is likely to become more important as membrane materials and mem-
brane fabrication techniques improve. As membrane flux and selectivity increase
concentration polarization effects become exponentially larger. In the laboratory,
concentration polarization is controlled by increasing the turbulence of the feed
fluid. However, in industrial systems this approach has practical limits. In ultra-
filtration and electrodialysis, for example, liquid recirculation pumps are already
a major portion of the plant’s capital cost and consume 20 to 40 % of the power
used for the separation. The best hope for minimizing concentration polarization
effects lies in improving membrane module design, understanding the basis for
the choice of channel spacer materials, and developing methods of controlling
the feed fluid flow in the module. Unfortunately, this type of work is generally
performed in membrane system manufacturing companies and is not well covered
in the open literature.
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5 REVERSE OSMOSIS

Introduction and History
Reverse osmosis is a process for desalting water using membranes that are per-
meable to water but essentially impermeable to salt. Pressurized water containing
dissolved salts contacts the feed side of the membrane; water depleted of salt is
withdrawn as a low-pressure permeate. The ability of membranes to separate
small solutes from water has been known for a very long time. Pfeffer, Traube
and others studied osmotic phenomena with ceramic membranes as early as the
1850s. In 1931 the process was patented as a method of desalting water, and the
term reverse osmosis was coined [1]. Modern interest dates from the work of Reid
and Breton, who in 1959 showed that cellulose acetate films could perform this
type of separation [2]. Their films were 5–20 µm thick so fluxes were very low
but, by pressurizing the feed salt solution to 1000 psi, they obtained salt removals
of better than 98 % in the permeate water. The breakthrough discovery that made
reverse osmosis a practical process was the development of the Loeb–Sourirajan
anisotropic cellulose acetate membrane [3]. This membrane had 10 times the flux
of the best membrane of Reid and Breton and equivalent rejections. With these
membranes, water desalination by reverse osmosis became a potentially practical
process, and within a few years small demonstration plants were installed. The
first membrane modules were tubular or plate-and-frame systems, but Westmore-
land, Bray, and others at the San Diego Laboratories of Gulf General Atomics
(the predecessor of Fluid Systems Inc.) soon developed practical spiral-wound
modules [4,5]. Later, Du Pont [6], building on the earlier work of Dow, intro-
duced polyaramide hollow fine fiber reverse osmosis modules under the name
Permasep.

Anisotropic cellulose acetate membranes were the industry standard through
the 1960s to the mid-1970s, until Cadotte, then at North Star Research, developed
the interfacial polymerization method of producing composite membranes [7].
Interfacial composite membranes had extremely high salt rejections, combined
with good water fluxes. Fluid Systems introduced the first commercial interfacial
composite membrane in 1975. The construction of a large seawater desalination
plant at Jiddah, Saudi Arabia using these membranes was a milestone in reverse

Membrane Technology and Applications R. W. Baker
 2004 John Wiley & Sons, Ltd ISBN: 0-470-85445-6

FOR REFERENCE PURPOSES ONLY



192 MEMBRANE TECHNOLOGY AND APPLICATIONS

osmosis development [8]. Later, at FilmTec, Cadotte developed a fully aromatic
interfacial composite membrane based on the reaction of phenylene diamine and
trimesoyl chloride [9,10]. This membrane has become the new industry standard.
The most recent development, beginning in the mid-1980s, was the introduction
of low-pressure nanofiltration membranes by all of the major reverse osmosis
companies [11,12]. These membranes are used to separate trace amounts of salts
and other dissolved solutes from already good-quality water to produce ultra-
pure water for the electronics industry. An important recent advance by Grace
Davison working with Mobil Oil, now ExxonMobil, is the development of a
reverse osmosis (hyperfiltration) process to separate a solution of methyl ethyl
ketone and lube oil. A plant installed at a Beaumont, Texas, refinery in 1998
was the first large-scale use of pressure-driven membranes to separate organic
solvent mixtures.

Currently, approximately one billion gal/day of water are desalted by reverse
osmosis. Half of this capacity is installed in the United States, Europe, and Japan,
principally to produce ultrapure industrial water. The remainder is installed in
the Middle East and other desert regions to produce municipal drinking water
from brackish groundwater or seawater. In recent years, the interfacial com-
posite membrane has displaced the anisotropic cellulose acetate membrane in
most applications. Interfacial composite membranes are supplied in spiral-wound
module form; the market share of hollow fiber membranes is now less than

1960

Desalination capability of cellulose acetate film demonstrated
Breton and Reid - 1959

Asymmetric cellulose acetate membrane developed
Loeb and Sourirajan - 1962

First practical spiral-wound module
General Atomics - 1963

First commercially successful hollow fiber module
Du Pont - 1967

Interfacial composite membrane developed
Cadotte - 1972

First commercial
interfacial composite
Riley at Fluid Systems
Jiddah seawater plant
installed - 1975

First fully aromatic thin
film composite (FT-30)
Cadotte - 1978

Grace-Davison and
Mobil install first large
hyperfiltration solvent
separation plant
Beaumont Texas 
refinery - 1998

Low pressure nanofiltration membrane 
widely available Fluid Systems, 
Nitto Denko, FilmTec - 1986

1970 1980 1990 2000

Figure 5.1 Milestones in the development of reverse osmosis

FOR REFERENCE PURPOSES ONLY



REVERSE OSMOSIS 193

10 % of new installed capacity and shrinking [13]. Tubular and plate-and-frame
systems, which are only competitive for small niche applications involving par-
ticularly highly fouling water, have less than 5 % of the market. Some of the
milestones in the development of the reverse osmosis industry are summarized
in Figure 5.1.

Theoretical Background
Salt and water permeate reverse osmosis membranes according to the solution-
diffusion transport mechanism are described in Chapter 2. The water flux, Ji ,
is linked to the pressure and concentration gradients across the membrane by
the equation

Ji = A(�p − �π) (5.1)

where �p is the pressure difference across the membrane, �π is the osmotic
pressure differential across the membrane, and A is a constant. As this equation
shows, at low applied pressure, when �p < �π , water flows from the dilute to
the concentrated salt-solution side of the membrane by normal osmosis. When
�p = �π , no flow occurs, and when the applied pressure is higher than the
osmotic pressure, �p > �π , water flows from the concentrated to the dilute
salt-solution side of the membrane.

The salt flux, Jj , across a reverse osmosis membrane is described by the equation

Jj = B(cjo
− cj�

) (5.2)

where B is the salt permeability constant and cjo
and cj�

, respectively, are the
salt concentrations on the feed and permeate sides of the membrane. The con-
centration of salt in the permeate solution (cj�

) is usually much smaller than the
concentration in the feed (cjo

), so equation (5.2) can be simplified to

Jj = Bcjo
(5.3)

It follows from these two equations that the water flux is proportional to the
applied pressure, but the salt flux is independent of pressure. This means that
the membrane becomes more selective as the pressure increases. Selectivity can
be measured in a number of ways, but conventionally, it is measured as the salt
rejection coefficient R, defined as

R =
[

1 − cj�

cjo

]
× 100 % (5.4)

The salt concentration on the permeate side of the membrane can be related to
the membrane fluxes by the expression

cj�
= Jj

Ji

× ρi (5.5)
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where ρi is the density of water (g/cm3). By combining equations (5.1) to (5.5),
the membrane rejection can be expressed as

R =
[

1 − ρi · B
A(�p − �π)

]
× 100 % (5.6)

The effects of the most important operating parameters on membrane water
flux and salt rejection are shown schematically in Figure 5.2 [14]. The effect
of feed pressure on membrane performance is shown in Figure 5.2(a). As pre-
dicted by Equation (5.1), at a pressure equal to the osmotic pressure of the feed
(350 psi), the water flux is zero; thereafter, it increases linearly as the pressure
is increased. The salt rejection also extrapolates to zero at a feed pressure of
350 psi as predicted by Equation (5.6), but increases very rapidly with increased
pressure to reach salt rejections of more than 99 % at an applied pressure of
700 psi (twice the feed solution osmotic pressure).

The effect of increasing the concentration of salt in the feed solution on mem-
brane performance is illustrated in Figure 5.2(b). Increasing the salt concentration
effectively increases the osmotic pressure term in Equation (5.1); consequently,
at a constant feed pressure, the water flux falls with increasing salt concentration
at a feed pressure of 1000 psi. The water flux approaches zero when the salt con-
centration is about 10 wt%, at which point the osmotic pressure equals the applied
hydrostatic pressure. The salt rejection also extrapolates to zero rejection at this
point but increases rapidly with decreasing salt concentration. Salt rejections of
more than 99 % are reached at salt concentrations below 6 %, corresponding to
a net applied pressure of about 400 psi.

The effect of temperature on salt rejection and water flux illustrated in Fig-
ure 5.2(c) is more complex. Transport of both salt and water represented by Equa-
tions (5.1) and (5.3) is an activated process, and both increase exponentially with
increasing temperature. As Figure 5.2(c) shows, the effect of temperature on the
water flux of membranes is quite dramatic: the water flux doubles as the temper-
ature is increased by 30 ◦C. However, the effect of temperature on the salt flux is
even more marked. This means that the salt rejection coefficient, proportional to the
ratio B/A in Equation (5.6), actually declines slightly as the temperature increases.

Measurements of the type shown in Figure 5.2 are typically obtained with
small laboratory test cells. A typical test system is illustrated in Figure 5.3. Such
systems are often used in general membrane quality control tests with a number
of cells arranged in series through which fluid is pumped. The system is usually
operated with a test solution of 0.2 to 1.0 % sodium chloride at pressures ranging
from 150 to 600 psi. The storage tank and flow recirculation rate are made large
enough that changes in concentration of the test solution due to loss of permeate
can be ignored.

Some confusion can occur over the rejection coefficients quoted by membrane
module manufacturers. The intrinsic rejection of good quality membranes mea-
sured in a laboratory test system might be in the range 99.5 to 99.7 %, whereas
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Figure 5.2 Effect of pressure, feed salt concentration and feed temperature on the prop-
erties of good quality seawater desalination membranes (SW-30) [14]
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Figure 5.3 Flow schematic of a high-pressure laboratory reverse osmosis test system

the same membrane in module form may have a salt rejection of 99.4 to 99.5 %.
This difference is due to small membrane defects introduced during module pro-
duction and to concentration polarization, which has a small but measurable
effect on module rejection. Manufacturers call the module value the nominal
rejection. However, manufacturers will generally only guarantee a lower figure,
for example, 99.3 % for the initial module salt rejection to take into account
variations between modules. To complicate matters further, module performance
generally deteriorates slowly during the 1- to 3-year guaranteed module lifetime
due to membrane compaction, membrane fouling, and membrane degradation
from hydrolysis, chlorine attack, or membrane cleaning. A decrease in the mem-
brane flux by 20 % over the 3-year lifetime of typical modules is not unusual, and
the rejection can easily fall by 0.2–0.3 %. Reverse osmosis system manufacturers
allow for this decline in performance when designing systems.

Membranes and Materials

A number of membrane materials and membrane preparation techniques have
been used to make reverse osmosis membranes. The target of much of the early
work was seawater desalination (approximately 3.5 wt% salt), which requires
membranes with salt rejections of greater than 99.3 % to produce an acceptable
permeate containing less than 500 ppm salt. Early membranes could only meet

FOR REFERENCE PURPOSES ONLY



REVERSE OSMOSIS 197

this target performance when operated at very high pressures, up to 1500 psi. As
membrane performance has improved, this pressure has dropped to 800–1000 psi.
Recently, the need for desalination membranes has shifted more to brackish water
feeds with salt concentrations of 0.2–0.5 wt%. For this application, membranes
are typically operated at pressures in the 150–400 psi range with a target salt
rejection of about 99 %. With the growth of the electronics industry the demand
for ultrapure water to wash silicon wafers has increased. The feed to an ultra-
pure water reverse osmosis plant is often municipal drinking water, which may
only contain 100 to 200 ppm dissolved salts, mostly divalent ions. The target
membrane performance in this case may be 98–99 % sodium chloride rejection
but more than 99.5 % divalent ion rejection. These membranes are operated at
low pressures, typically in the 100–200 psi range. Many manufacturers tailor
the properties of a single membrane material to meet the requirements of dif-
ferent applications. Invariably a significant trade-off between flux and rejection
is involved.

A brief description of the commercially important membranes in current
use follows. More detailed descriptions can be found in specialized reviews
[13,15,16]. Petersen’s review on interfacial composite membranes is particularly
worth noting [17].

Cellulosic Membranes

Cellulose acetate was the first high-performance reverse osmosis membrane mate-
rial discovered. The flux and rejection of cellulose acetate membranes have now
been surpassed by interfacial composite membranes. However, cellulose acetate
membranes still maintain a small fraction of the market because they are easy to
make, mechanically tough, and resistant to degradation by chlorine and other
oxidants, a problem with interfacial composite membranes. Cellulose acetate
membranes can tolerate up to 1 ppm chlorine, so chlorination can be used to
sterilize the feed water, a major advantage with feed streams having significant
bacterial loading.

The water and salt permeability of cellulose acetate membranes is extremely
sensitive to the degree of acetylation of the polymer used to make the membrane
[2,18,19]. The effect of degree of acetylation on salt and water permeability
is illustrated in Figure 5.4 [20]. Fully substituted cellulose triacetate (44.2 wt%
acetate) has an extremely high water-to-salt permeability ratio, reflecting its very
high selectivity. Unfortunately the water permeability is low so these mem-
branes have low water fluxes. Nonetheless, cellulose triacetate hollow fine fiber
membranes are still produced for some seawater desalination plants because salt
rejections of about 99.5 % with a seawater feed are attainable. However, most
commercial cellulose acetate membranes use a polymer containing about 40 wt%
acetate with a degree of acetylation of 2.7. These membranes generally achieve
98–99 % sodium chloride rejection and have reasonable fluxes. The permeability
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Figure 5.4 Permeabilities of cellulose acetate to water and sodium chloride as a function
of acetyl content at 25 ◦C. Data from Lonsdale et al. [20]

data shown in Figure 5.4 can be replotted to show expected salt rejections, as
shown in Figure 5.5.

The data in Figure 5.5 show that thick films of cellulose acetate made from
39.8 wt% acetate polymer should reject 99.5 % sodium chloride. In practice, this
theoretical rejection is very difficult to obtain with practical thin membranes [21].
Figure 5.6 shows the salt rejection properties of 39.8 wt% acetate membranes
made by the Loeb–Sourirajan process [22]. The freshly formed membranes have
very high water fluxes of almost 200 gal/ft2 · day (gfd) but almost no rejection of
sodium chloride. The membranes appear to have a finely microporous structure
and are permeable to quite large solutes such as sucrose. The rejection of these
membranes can be greatly improved by heating in a bath of hot water for a few
minutes. Apparently, this annealing procedure, used with all cellulose acetate
membranes, modifies the salt rejection layer of the membrane by eliminating
the micropores and producing a denser, more salt-rejecting skin. The water flux
decreases, and the sodium chloride rejection increases. The temperature of this
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annealing step determines the final properties of the membrane. A typical rejec-
tion/flux curve for various annealed membranes is shown in Figure 5.6. Because
their properties change on heating, cellulose acetate membranes are generally not
used above about 35 ◦C. The membranes also slowly hydrolyze over time, so the
feed water is usually adjusted to pH 4–6, the range in which the membranes are
most stable [23].

Throughout the 1960s considerable effort was expended on understanding the
Loeb–Sourirajan membrane production process to improve the quality of the
membranes produced. The casting solution composition is critically important.
Other important process steps are the time of evaporation before precipitation,
the temperature of the precipitation bath, and the temperature of the annealing
step. Most of the early membranes were made of 39.8 wt% acetate polymer
because this material was readily available and had the most convenient solubility
properties. By the 1970s, however, a number of workers, particularly Saltonstall
and others at Envirogenics, had developed better membranes by blending the
39.8 wt% acetate polymer with small amounts of triacetate polymer (44.2 wt%
acetate) or other cellulose esters such as cellulose acetate butyrate [24]. These
blends are generally used to form current cellulose acetate membranes. Good-
quality blend membranes with seawater salt rejections of 99.0–99.5 %, close
to the theoretical salt rejection determined by thick film measurements, can be
made, but the flux of these membranes is modest. However, most applications
of cellulose acetate membranes do not require such high salt rejections, so the
typical commercial cellulose acetate membrane has good fluxes and a sodium
chloride rejection of about 96 %.

Noncellulosic Polymer Membranes

During the 1960s and 1970s the Office of Saline Water sponsored development
of noncellulosic reverse osmosis membranes. Many polymers were evaluated as
Loeb–Sourirajan membranes but few matched the properties of cellulose acetate.
Following the development of interfacial composite membranes by Cadotte, this
line of research was abandoned by most commercial membrane producers.

Nonetheless a few commercially successful noncellulosic membrane materials
were developed. Polyamide membranes in particular were developed by several
groups. Aliphatic polyamides have low rejections and modest fluxes, but aromatic
polyamide membranes were successfully developed by Toray [25], Chemstrad
(Monsanto) [26] and Permasep (Du Pont) [27], all in hollow fiber form. These
membranes have good seawater salt rejections of up to 99.5 %, but the fluxes are
low, in the 1 to 3 gal/ft2 · day range. The Permasep membrane, in hollow fine
fiber form to overcome the low water permeability problems, was produced under
the names B-10 and B-15 for seawater desalination plants until the year 2000.
The structure of the Permasep B-15 polymer is shown in Figure 5.7. Polyamide
membranes, like interfacial composite membranes, are susceptible to degradation
by chlorine because of their amide bonds.
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Figure 5.7 Aromatic polyamide used by Du Pont in its Permasep B-15 hollow fine
fibers [27]
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Figure 5.8 Membranes based on sulfonated polysulfone and substituted poly(vinyl alco-
hol) are produced by Hydranautics (Nitto) for nanofiltration applications

Loeb–Sourirajan membranes based on sulfonated polysulfone and substituted
poly(vinyl alcohol) produced by Hydranautics (Nitto) have also found a commer-
cial market as high-flux, low-rejection membranes in water softening applications
because their divalent ion rejection is high. These membranes are also chlorine-
resistant and have been able to withstand up to 40 000 ppm · h of chlorine expo-
sure without degradation.1 The structures of the polymers used by Hydranautics
are shown in Figure 5.8.

Interfacial Composite Membranes

Since the discovery by Cadotte and his co-workers that high-flux, high-rejection
reverse osmosis membranes can be made by interfacial polymerization [7,9,10],
this method has become the new industry standard. Interfacial composite mem-
branes have significantly higher salt rejections and fluxes than cellulose acetate
membranes. The first membranes made by Cadotte had salt rejections in tests with
3.5 % sodium chloride solutions (synthetic seawater) of greater than 99 % and
fluxes of 18 gal/ft2 · day at a pressure of 1500 psi. The membranes could also be
operated at temperatures above 35 ◦C, the temperature ceiling for Loeb–Sourirajan
cellulose acetate membranes. Today’s interfacial composite membranes are signif-
icantly better. Typical membranes, tested with 3.5 % sodium chloride solutions,

1The ability of a reverse osmosis membrane to withstand chlorine attack without showing significant
loss in rejection is measured in ppm · h. This is the product of chlorine exposure expressed in ppm
and the length of exposure expressed in hours. Thus, 1000 ppm · h is 1 ppm chlorine for 1000 h or
10 ppm chlorine for 100 h or 1000 ppm chlorine for 1 h, and so on.
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have a salt rejection of 99.5 % and a water flux of 30 gal/ft2 · day at 800 psi; this
is less than half the salt passage of the cellulose acetate membranes and twice the
water flux. The rejection of low-molecular-weight dissolved organic solutes by
interfacial membranes is also far better than cellulose acetate. The only drawback
of interfacial composite membranes, and a significant one, is the rapid, perma-
nent loss in selectivity that results from exposure to even ppb levels of chlorine
or hypochlorite disinfectants [28]. Although the chlorine resistance of interfacial
composite membranes has been improved, these membranes still cannot be used
with feed water containing more than a few ppb of chlorine.

The chemistry and properties of some of the important interfacial compos-
ite membranes developed over the past 25 years are summarized in Table 5.1
[10,12,29,30]. The chemistry of the FT-30 membrane, which has an all-aromatic
structure based on the reaction of phenylene diamine and trimesoyl chloride,
is widely used. This chemistry, first developed by Cadotte [9] and shown in
Figure 5.9, is now used in modified form by all the major reverse osmosis mem-
brane producers.

For a few years after the development of the first interfacial composite mem-
branes, it was believed that the amine portion of the reaction chemistry had to be
polymeric to obtain good membranes. This is not the case, and the monomeric
amines, piperazine and phenylenediamine, have been used to form membranes
with very good properties. Interfacial composite membranes based on urea or
amide bonds are subject to degradation by chlorine attack, but the rate of degra-
dation of the membrane is slowed significantly if tertiary aromatic amines are used
and the membranes are highly crosslinked. Chemistries based on all-aromatic or
piperazine structures are moderately chlorine tolerant and can withstand very
low level exposure to chlorine for prolonged periods or exposure to ppm levels

NH

NHCO CONH NH

CO

CO

NHCOCO

COOH NH

Figure 5.9 Chemical structure of the FT-30 membrane developed by Cadotte using the
interfacial reaction of phenylene diamine with trimesoyl chloride
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Table 5.1 Characteristics of major interfacial polymerization reverse osmosis membranes

Membrane Developer Properties

NS100
Polyethylenimine
crosslinked with
toluene
2,4-diisocyanate

Cadotte [29] North
Star Research

The first interfacial
composite membrane
achieved seawater
desalination
characteristics of >99 %
rejection, 18 gal/ft2 · day
at 1500 psi with seawater

PA 300/RC-100
Epamine
(epichlorohydrin-
ethylenediamine
adduct) crosslinked
with isophthalyl
or toluene
2,4-diisocyanate

Riley et al. [30] Fluid
Systems, San
Diego

The PA 300, based on
isophthalyl chloride, was
introduced first but
RC-100, based on toluene
2,4-diisocyanate, proved
more stable. This
membrane was used at
the first large reverse
osmosis seawater
desalination plant (Jiddah,
Saudia Arabia)

NF40 and NTR7250
Piperazine crosslinked
with trimesoyl
chloride

Cadotte FilmTec [10]
and Kamiyama
Nitto Denko [12]

The first all-monomeric
interfacial membrane.
Only modest seawater
desalination properties
but is a good brackish
water membrane. More
chlorine-tolerant than
earlier membranes
because of the absence of
secondary amine bonds

FT-30/SW-30
m-Phenylenediamine
crosslinked with
trimesoyl chloride

Cadotte FilmTec [10] An all-aromatic, highly
crosslinked structure
giving exceptional salt
rejection and very high
fluxes. By tailoring the
preparation techniques,
brackish water or
seawater membranes can
be made. Seawater
version has a rejection
99.3–99.5 % at 800 psi.
Brackish water version
has >99 % salt rejection
at 25 gal/ft2 · day and
225 psi. All the major
reverse osmosis
companies produce
variations of this
membrane
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for a few days. Early interfacial composite membranes such as the NS100 or
PA300 membrane showed significant degradation at a few hundred ppm · h. Cur-
rent membranes, such as the fully aromatic FilmTec FT-30 or the Hydranautics
ESPA membrane, can withstand up to 1000 ppm · h chlorine exposure. A number
of chlorine tolerance studies have been made over the years; a discussion of the
literature has been given by Glater et al. [31]. Heavy metal ions such as iron
appear to strongly catalyze chlorine degradation. For example, the FT-30 fully
aromatic membrane is somewhat chlorine resistant in heavy-metal-free water, but
in natural waters, which normally contain heavy metal ions, chlorine resistance
is low. The rate of chlorine attack is also pH sensitive.

Other Membrane Materials

An interesting group of composite membranes with very good properties is pro-
duced by condensation of furfuryl alcohol with sulfuric acid. The first membrane
of this type was made by Cadotte at North Star Research and was known as
the NS200 membrane [32]. These membranes are not made by the interfacial
composite process; rather a polysulfone microporous support membrane is con-
tacted first with an aqueous solution of furfuryl alcohol and then with sulfuric
acid. The coated support is then heated to 140 ◦C. The furfuryl alcohol forms
a polymerized, crosslinked layer on the polysulfone support; the membrane is
completely black. The chemistry of condensation and reaction is complex, but a
possible polymerization scheme is shown in Figure 5.10.

These membranes have exceptional properties, including seawater salt rejec-
tions of up to 99.6 % and fluxes of 23 gal/ft2 · day at 800 psi. Unfortunately,
they are even more sensitive to oxidants such as chlorine or dissolved oxygen
than the polyamide/polyurea interfacial composites. The membranes lose their
excellent properties after a few hundred hours of operation unless the feed water
is completely free of dissolved chlorine and oxygen. A great deal of work was
devoted to stabilizing this membrane, with little success.

Later, Kurihara and co-workers [33] at Toray produced a related membrane,
using 1,3,5-tris(hydroxy ethyl) isocyanuric acid as a comonomer. A possible reac-
tion scheme is shown in Figure 5.11. This membrane, commercialized by Toray
under the name PEC-1000, has the highest rejection of any membrane developed,

CH2OH H2SO4+
O

CH2 CH2

CH2

O O
CH2O

SO3H

Figure 5.10 Formation of the NS200 condensation membrane
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Figure 5.11 Reaction sequence for Toray’s PEC-1000 membrane

with seawater rejections of 99.9 % and fluxes of 12 gal/ft2 · day at 1000 psi.
The membrane also shows the highest known rejections to low-molecular-weight
organic solutes, typically more than 95 % from relatively concentrated feed solu-
tions [34]. Unfortunately these exceptional selectivities are accompanied by the
same sensitivity to dissolved oxidants as the NS200 membrane. This problem was
never completely solved, so the PEC-1000 membrane, despite its unsurpassed
properties, is no longer commercially available.

Reverse Osmosis Membrane Categories
Reverse osmosis membranes can be grouped into three main categories:

• Seawater and brackish water desalination membranes operated with 0.5 to
5 wt% salt solutions at pressures of 200–1000 psi.

• Low-pressure nanofiltration membranes operated with 200–5000 ppm salt solu-
tions at pressures of 100–200 psi.

• Hyperfiltration membranes used to separate solutes from organic solvent
solutions.

Seawater and Brackish Water Desalination Membranes

The relative performances of membranes produced for the desalination market
are shown in Figure 5.12, a plot of sodium chloride rejection as a function of
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Figure 5.12 Performance characteristics of membranes operating on seawater at 56 kg/cm2

(840 psi) and 25 ◦C [13]

membrane flux. The figure is divided into two sections by a dotted line at a
rejection of 99.3 %. This salt rejection is generally considered to be the mini-
mum sodium chloride rejection that can produce potable water from seawater
in a practical single-stage reverse osmosis plant. Membranes with lower sodium
chloride rejections can be used to desalinate seawater, but at least a portion of the
product water must be treated in a second-stage operation to achieve the target
average permeate salt concentration of less than 500 ppm. Two-stage operation
is generally not competitive with alternative desalination technologies.

As Figure 5.12 shows, Toray’s PEC-1000 crosslinked furfuryl alcohol mem-
brane has by far the best sodium chloride rejection combined with good fluxes.
This explains the sustained interest in this membrane despite its extreme sen-
sitivity to dissolved chlorine and oxygen in the feed water. Hollow fine fiber
membranes made from cellulose triacetate by Toyobo or aromatic polyamides by
Permasep (Du Pont) are also comfortably in the one-stage seawater desalination
performance range, but the water fluxes of these membranes are low. However,
because large-surface-area, hollow fine fiber reverse osmosis modules can be
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produced very economically, these membranes remained competitive until 2000,
when DuPont finally ceased production. Currently, all new seawater desalination
plants are based on interfacial composite membranes of the fully aromatic type,
such as the SW-30 membrane of FilmTec (Dow) or the SWC membrane of Hydra-
nautics (Nitto). Even the best Loeb–Sourirajan cellulose acetate membranes are
not suitable for one-stage seawater desalination because their maximum salt rejec-
tion is less than 99 %.

Brackish water generally has a salt concentration in the 2000–10 000 ppm
range. Groundwater aquifers with these salt levels must be treated to make the
water useful. The objective of the desalination plant is to convert 80–90 % of
the feed water to a desalted permeate containing 200–500 ppm salt and a con-
centrated brine that is reinjected into the ground, sent to an evaporation pond, or
discharged to the sea. In this application, membranes with 95–98 % sodium chlo-
ride rejection are usually adequate. For this reason some brackish water plants
still use cellulose acetate membranes with salt rejections of 96–98 %, although
interfacial composite membranes are more common. The fluxes and rejections
of the composite membranes at the same operating pressures are usually greater
than those of cellulose acetate membranes. Therefore, composite membranes are
always preferred for large operations such as municipal drinking water plants,
which can be built to handle the membrane’s chlorine sensitivity. Some small
system operators, on the other hand, still prefer cellulose acetate membranes
because of their greater stability. The membranes are often operated at higher
pressures to obtain the required flux and salt rejection.

The comparative performance of high-pressure, high-rejection reverse osmosis
membranes, medium-pressure brackish water desalting membranes, and low-
pressure nanofiltration membranes is shown in Table 5.2. Generally, the per-
formance of a membrane with a particular salt can be estimated reliably once the

Table 5.2 Properties of current good-quality commercial membranes

Parameter Seawater
membrane
(SW-30)

Brackish water
membrane (CA)

Nanofiltration
membrane

(NTR-7250)

Pressure (psi) 800–1000 300–500 100–150
Solution concentration (%) 1–5 0.2–0.5 0.05
Rejection (%)

NaCl 99.5 97 60
MgCl2 99.9 99 89
MgSO4 99.9 99.9 99
Na2SO4 99.8 99.1 99
NaNO3 90 90 45
Ethylene glycol 70 — —
Glycerol 96 — —
Ethanol — 20 20
Sucrose 100 99.9 99.0
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performance of the membrane with one or two marker salts, such as sodium chlo-
ride and magnesium sulfate, is known. The rejection of dissolved neutral organic
solutes is less predictable. For example, the PEC-1000 membrane had rejections
of greater than 95 % for almost all dissolved organics, but the rejections of even
the best cellulose acetate membrane are usually no greater than 50–60 %.

Nanofiltration Membranes

The goal of most of the early work on reverse osmosis was to produce desalina-
tion membranes with sodium chloride rejections greater than 98 %. More recently
membranes with lower sodium chloride rejections but much higher water per-
meabilities have been produced. These membranes, which fall into a transition
region between pure reverse osmosis membranes and pure ultrafiltration mem-
branes, are called loose reverse osmosis, low-pressure reverse osmosis, or more
commonly, nanofiltration membranes. Typically, nanofiltration membranes have
sodium chloride rejections between 20 and 80 % and molecular weight cutoffs for
dissolved organic solutes of 200–1000 dalton. These properties are intermediate
between reverse osmosis membranes with a salt rejection of more than 90 % and
molecular weight cut-off of less than 50 and ultrafiltration membranes with a salt
rejection of less than 5 %.

Although some nanofiltration membranes are based on cellulose acetate, most
are based on interfacial composite membranes. The preparation procedure used
to form these membranes can result in acid groups attached to the polymeric
backbone. Neutral solutes such as lactose, sucrose and raffinose are not affected
by the presence of charged groups and the membrane rejection increases in pro-
portion to solute size. Nanofiltration membranes with molecular weight cut-offs
to neutral solutes between 150 and 1500 dalton are produced. Typical rejection
curves for low molecular weight solutes by two representative membranes are
shown in Figure 5.13 [35].

The rejection of salts by nanofiltration membranes is more complicated and
depends on both molecular size and Donnan exclusion effects caused by the
acid groups attached to the polymer backbone. The phenomenon of Donnan
exclusion is described in more detail in Chapter 10. In brief, charged groups
tend to exclude ions of the same charge, particularly multivalent ions while being
freely permeable to ions of the opposite charge, particularly multivalent ions.

Some results obtained by Peters et al. that illustrate the type of results that can
be produced are shown in Figure 5.14 [36], in which the permeation properties
of neutral, positively charged and negatively charged membranes are compared.

The neutral nanofiltration membrane rejects the various salts in proportion to
molecular size, so the order of rejection is simply

Na2SO4 > CaCl2 > NaCl

The anionic nanofiltration membrane has positive groups attached to the poly-
mer backbone. These positive charges repel positive cations, particularly divalent
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Figure 5.13 Rejection of neutral solutes by two membrane types spanning the range of
commonly available nanofiltration membranes [35]

cations such as Ca2+, while attracting negative anions, particularly divalent anions
such as SO4

2−. The result is an order of salt rejection

CaCl2 > NaCl > Na2SO4

The cationic nanofiltration membrane has negative groups attached to the poly-
mer backbone. These negative charges repel negative anions, such as SO4

2−,
while attracting positive cations, particularly divalent cations such as Ca2+. The
result is an order of salt rejection

Na2SO4 > NaCl > CaCl2

Many nanofiltration membranes follow these rules, but oftentimes the behavior
is more complex. Nanofiltration membranes frequently combine both size and
Donnan exclusion effects to minimize the rejection of all salts and solutes. These
so-called low-pressure reverse osmosis membranes have very high rejections and
high permeances of salt at low salt concentrations, but lose their selectivity at salt
concentrations above 1000 or 2000 ppm salt in the feed water. The membranes
are therefore used to remove low levels of salt from already relatively clean water.
The membranes are usually operated at very low pressures of 50–200 psig.

Hyperfiltration Organic Solvent Separating Membranes

A promising new application of reverse osmosis in the chemical industry is the
separation of organic/organic mixtures. These separations are difficult because
of the high osmotic pressures that must be overcome and because they require
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showing the effect of Donnan exclusion and solute size on relative rejections. Data of
Peters et al. [36]

membranes that are sufficiently solvent-resistant to be mechanically stable, but are
also sufficiently permeable for good fluxes to be obtained. Nonetheless this is an
area of keen industrial interest, and from 1988 to 2002 more than 70 US patents
covering membranes and membrane systems for these applications were issued.

Developing membranes for processing organic solvent solutions is more dif-
ficult than conventional reverse osmosis because different membranes must be
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developed for each category of solvent. In the 1980s, Nitto Denko developed
polyimide-based ultrafiltration membranes that found a small use in the recovery
of acetone, toluene, ethyl acetate and hexane and other solvents from waste paint
and polymer solutions [37]. These were microporous membranes with a molecu-
lar weight cut-off of 2000–6000. The first dense, solution-diffusion, hyperfiltra-
tion membranes did not appear until the late 1990s. Kiryat Weitzman, Ltd, now
part of Koch (Abcor), produced crosslinked silicone composite membranes that
have some uses in the hyperfiltration of nonpolar solvents [38,39]. The flux of dif-
ferent simple solvents through these membranes is shown in Figure 5.15. These
membranes can be used as nanofiltration membranes to separate large dyes or
catalyst solutes from solvents. However, because the membranes are made from
rubbers that are easily swollen and plasticized by most solvents, they show poor
selectivity when used to separate simple solvent mixtures.

The first, and currently only, successful solvent-permeable hyperfiltration mem-
brane is the Starmem series of solvent-resistant membranes developed by W.R.
Grace [40]. These are asymmetric polyimide phase-inversion membranes pre-
pared from Matrimid (Ciba-Geigy) and related materials. The Matrimid poly-
imide structure is extremely rigid with a Tg of 305 ◦C and the polymer remains
glassy and unswollen even in aggressive solvents. These membranes found their
first large-scale commercial use in Mobil Oil’s processes to separate lube oil
from methyl ethyl ketone–toluene solvent mixtures [41–43]. Scarpello et al. [44]
have also achieved rejections of >99 % when using these membranes to separate
dissolved phase transfer catalysts (MW ∼ 600) from tetrahydrofuran and ethyl
acetate solutions.
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Figure 5.15 Normalized flux of homologous solvent series versus the number of carbon
atoms in the solvent molecules (MFP-60 Kiryat Weitzman membranes) [39]
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Figure 5.17 Organic rejection data for the PEC-1000 membrane compared to FT-30,
anisotropic aramide and anisotropic cellulose membranes [28]

Membrane Selectivity
Rautenbach and Albrecht [45] have proposed some general guidelines for mem-
brane selectivity that can be summarized as follows:

1. Multivalent ions are retained better than monovalent ions. Although the abso-
lute values of the salt rejection vary over a wide range, the ranking for the
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different salts is the same for all membranes. In general, the order of rejection
of ions by reverse osmosis membranes is as shown below.
For cations:

Fe3+ > Ni2+ ≈ Cu2+ > Mg2+ > Ca2+ > Na+ > K+ (5.7)

For anions:

PO4
3− > SO4

2− > HCO3
− > Br− > Cl− > NO3

− ≈ F− (5.8)

2. Dissolved gases such as ammonia, carbon dioxide, sulfur dioxide, oxygen,
chlorine and hydrogen sulfide always permeate well.

3. Rejection of weak acids and bases is highly pH dependent. When the acid or
base is in the ionized form the rejection will be high, but in the nonionized
form rejection will be low [46,47]. Data for a few weak acids are shown in
Figure 5.16. At pHs above the acid pKa, the solute rejection rises signifi-
cantly, but at pHs below the pKa, when the acid is in the neutral form, the
rejection falls.

4. Rejection of neutral organic solutes generally increases with the molecular
weight (or diameter) of the solute. Components with molecular weights above
100 are well rejected by all reverse osmosis membranes. Although differ-
ences between the rejection of organic solutes by different membranes are
substantial, as the data in Figure 5.17 show, the rank order is generally con-
sistent between membranes. Caprolactam rejection, for example, is better than
ethanol rejection for all reverse osmosis membranes. The dependence of solute
rejection on molecular weight is shown for three different membranes in
Figure 5.18.

5. Negative rejection coefficients, that is, a higher concentration of solute in the
permeate than in the feed are occasionally observed, for example, for phenol
and benzene with cellulose acetate membranes [48].

Membrane Modules

Currently, 8-in.-diameter, 40-in.-long spiral-wound modules are the type most
commonly used for reverse osmosis. Five to seven modules are housed inside a
filament-wound, fiber-glass-reinforced plastic tube. Larger modules, up to 12 in.
diameter and 60 in. length, are produced by some manufacturers but have not
been widely adopted. The module elements can be removed from the pressure
vessels and exchanged as needed. A photograph of a typical skid-mounted system
is shown in Figure 5.19. A typical spiral-wound 8-in.-diameter membrane module
will produce 8000–10 000 gal/day of permeate, so the 75-module plant shown
in Figure 5.19 has a capacity of about 700 000 gal/day.
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Figure 5.18 Organic solute rejection as a function of solute molecular weight for three
representative reverse osmosis membranes [45]: the interfacial composite membranes,
(Ž) PA300 (UOP) and (�) NTR 7197 (Nitto), and the crosslinked furfuryl alcohol mem-
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Processes, Copyright  1989. This material is used by permission of John Wiley &
Sons, Inc.
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Figure 5.19 Skid-mounted reverse osmosis plant able to produce 700 000 gal/day of
desalted water. Courtesy of Christ Water Technology Group

Hollow fine fiber modules made from cellulose triacetate or aromatic
polyamides were produced in the past for seawater desalination. These modules
incorporated the membrane around a central tube, and feed solution flowed
rapidly outward to the shell. Because the fibers were extremely tightly packed
inside the pressure vessel, flow of the feed solution was quite slow. As much
as 40–50 % of the feed could be removed as permeate in a single pass through
the module. However, the low flow and many constrictions meant that extremely
good pretreatment of the feed solution was required to prevent membrane fouling
from scale or particulates. A schematic illustration of such a hollow fiber module
is shown in Figure 3.47.

Membrane Fouling Control

Membrane fouling is the main cause of permeant flux decline and loss of product
quality in reverse osmosis systems, so fouling control dominates reverse osmosis
system design and operation. The cause and prevention of fouling depend greatly
on the feed water being treated, and appropriate control procedures must be
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devised for each plant. In general, sources of fouling can be divided into four
principal categories: scale, silt, bacteria, and organic. More than one category
may occur in the same plant.

Fouling control involves pretreatment of the feed water to minimize fouling
as well as regular cleaning to handle any fouling that still occurs. Fouling by
particulates (silt), bacteria and organics such as oil is generally controlled by
a suitable pretreatment procedure; this type of fouling affects the first modules
in the plant the most. Fouling by scaling is worse with more concentrated feed
solutions; therefore, the last modules in the plant are most affected because they
are exposed to the most concentrated feed water.

Scale

Scale is caused by precipitation of dissolved metal salts in the feed water on
the membrane surface. As salt-free water is removed in the permeate, the con-
centration of ions in the feed increases until at some point the solubility limit
is exceeded. The salt then precipitates on the membrane surface as scale. The
proclivity of a particular feed water to produce scale can be determined by per-
forming an analysis of the feed water and calculating the expected concentration
factor in the brine. The ratio of the product water flow rate to feed water flow
rate is called the recovery rate, which is equivalent to the term stage-cut used in
gas separation.

Recovery Rate = product flow rate

feed flow rate
(5.9)

Assuming all the ions remain in the brine solution, the concentration factor is
given by

Concentration factor = 1

1 − recovery rate
(5.10)

The relationship between brine solution concentration factor and water recov-
ery rate is shown in Figure 5.20. With plants that operate below a concentration
factor of 2, that is, 50 % recovery rate, scaling is not normally a problem. How-
ever, many brackish water reverse osmosis plants operate at recovery rates of 80
or 90 %. Salt concentrations on the brine side of the membrane may then be far
above the solubility limit. In order of importance, the salts that most commonly
form scale are:

• calcium carbonate;

• calcium sulfate;

• silica complexes;

• barium sulfate;
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Figure 5.20 The effect of water recovery rate on the brine solution concentration factor

• strontium sulfate;

• calcium fluoride.

Scale control is complex; the particular procedure depends on the composi-
tion of the feed water. Fortunately, calcium carbonate scale, by far the most
common problem, is easily controlled by acidifying the feed or by using an
ion exchange water softener to exchange calcium for sodium. Alternatively, an
antiscalant chemical such as sodium hexametaphosphate can be added. Antis-
calants interfere with the precipitation of the insoluble salt and maintain the salt
in solution even when the solubility limit is exceeded. Polymeric antiscalants
may also be used, sometimes in combination with a dispersant to break up any
flocs that occur.

Silica can be a particularly troublesome scalant because no effective antiscalant
or dispersant is available. The solubility of silica is a strong function of pH and
temperature, but in general the brine should not exceed 120 ppm silica. Once
formed, silica scale is difficult to remove.

Silt

Silt is formed by suspended particulates of all types that accumulate on the
membrane surface. Typical sources of silt are organic colloids, iron corrosion
products, precipitated iron hydroxide, algae, and fine particulate matter. A good
predictor of the likelihood of a particular feed water to produce fouling by silt is
the silt density index (SDI) of the feed water. The SDI, an empirical measurement
(ASTM Standard D-4189-82, 1987), is the time required to filter a fixed volume of
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Shutoff valve

Pressure regulator

Pressure gauge
(test run at 30 psig)

Millipore filter holder
(0.45 µm - 47 mm diameter

Millipore filter)

Graduated cylinder
(measure rate with

stop watch)

Feed supply

P

(1) Measure the amount of time required for 500 ml of feed water to flow
through a 0.45 micrometer Millipore filter (47 mm in diameter) at a
pressure of 30 psig.

(2) Allow the feed water to continue flowing at 30 psig applied pressure
and measure the time required for 500 ml to flow through the filter
after 5, 10 and 15 minutes.

(3) After completion of the test, calculate the SDI by using the equation
below.

where SDI = Silt Density Index
     Tt = Total elapsed test time (either 5, 10 or 15 minutes)
    Ti = Initial time in seconds required to collect the 500 ml

sample
     Tf = Time in seconds required to collect the second 500 ml

sample after test time Tt (normally after 15 minutes).

SDI = 
100 (1 − Ti/Tf)

Tt

Figure 5.21 The silt density index (SDI) test [49]. Reprinted with permission from
Noyes Publications
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water through a standard 0.45-µm pore size microfiltration membrane. Suspended
material in the feed water that plugs the microfilter increases the sample filtration
time, giving a higher SDI. The test procedure is illustrated in Figure 5.21 [49].

An SDI of less than 1 means that the reverse osmosis system can run for several
years without colloidal fouling. An SDI of less than 3 means that the system can
run several months between cleaning. An SDI of 3–5 means that particulate
fouling is likely to be a problem and frequent, regular cleaning will be needed.
An SDI of more than 5 is unacceptable and indicates that additional pretreatment
is required to bring the feed water into an acceptable range. The maximum
tolerable SDI also varies with membrane module design. Spiral-wound modules
generally require an SDI of less than 5, whereas hollow fine fiber modules are
more susceptible to fouling and require an SDI of less than 3.

To avoid fouling by suspended solids, some form of feed water filtration is
required. All reverse osmosis units are fitted with a 0.45-µm cartridge filter in
front of the high-pressure pump, but a sand filter, sometimes supplemented by
addition of a flocculating chemical such as alum or a cationic polymer, may be
required. The target SDI after filtration is normally less than 3–5. Groundwaters
usually have very low SDI values, and cartridge filtration is often sufficient. How-
ever, surface or seawater may have an SDI of up to 200, requiring flocculation,
coagulation, and deep-bed multimedia filtration before reverse osmosis treatment.

Biofouling

Biological fouling is the growth of bacteria on the membrane surface. The
susceptibility of membranes to biological fouling is a strong function of the
membrane composition. Cellulose acetate membranes are an ideal nutrient for
bacteria and can be completely destroyed by a few weeks of uncontrolled bac-
terial attack. Therefore, feed water to cellulose acetate membranes must always
be sterilized. Polyamide hollow fibers are also somewhat susceptible to bacterial
attack, but thin-film composite membranes are generally quite resistant. Periodic
treatment of such membranes with a bactericide usually controls biological foul-
ing. Thus, control of bacteria is essential for cellulose acetate membranes and
desirable for polyamides and composite membranes. Because cellulose acetate
can tolerate up to 1 ppm chlorine, sufficient chlorination is used to maintain
0.2 ppm free chlorine. Chlorination can also be used to sterilize the feed water
to polyamide and interfacial composite membranes, but residual chlorine must
then be removed because the membranes are chlorine-sensitive. Dechlorination is
generally achieved by adding sodium metabisulfate. In ultrapure water systems,
water sterility is often maintained by UV sterilizers.

Organic Fouling

Organic fouling is the attachment of materials such as oil or grease onto the
membrane surface. Such fouling may occur accidentally in municipal drinking
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Figure 5.22 Flow scheme showing the pretreatment steps in a typical seawater reverse
osmosis system [50]

water systems, but is more common in industrial applications in which reverse
osmosis is used to treat a process or effluent stream. Removal of the organic
material from the feed water by filtration or carbon adsorption is required.

An example of a complete pretreatment flow scheme for a seawater reverse
osmosis plant is shown in Figure 5.22 [50]. The water is controlled for pH, scale,
particulates and biological fouling. The feed water is first treated with chlorine
to sterilize the water and to bring it to a pH of 5–6. A polyelectrolyte is added
to flocculate suspended matter, and two multilayer depth filters then remove sus-
pended materials. The water is dechlorinated by dosing with sodium bisulfite
followed by passage through an activated carbon bed. As a final check the pH
is adjusted a second time, and the water is filtered through a 1- to 5-µm car-
tridge filter before being fed to the reverse osmosis modules. Obviously, such
pretreatment is expensive and may represent as much as one-third of the oper-
ating and capital cost of the plant; however, it is essential for reliable long-term
operation.

Membrane Cleaning

A good pretreatment system is essential to achieve a long reverse osmosis
membrane life, but pretreatment must be backed up by an appropriate clean-
ing schedule. Generally this is done once or twice a year, but more often if
the feed is a problem water. As with pretreatment, the specific cleaning proce-
dure is a function of the feed water chemistry, the type of membrane, and the
type of fouling. A typical cleaning regimen consists of flushing the membrane
modules by recirculating the cleaning solution at high speed through the mod-
ule, followed by a soaking period, followed by a second flush, and so on. The
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chemical cleaning agents commonly used are acids, alkalis, chelatants, detergents,
formulated products, and sterilizers.

Acid cleaning agents such as hydrochloric, phosphoric, or citric acids effec-
tively remove common scaling compounds. With cellulose acetate membranes the
pH of the solution should not go below 2.0 or else hydrolysis of the membrane
will occur. Oxalic acid is particularly effective for removing iron deposits. Acids
such as citric acid are not very effective with calcium, magnesium, or barium
sulfate scale; in this case a chelatant such as ethylene diamine tetraacetic acid
(EDTA) may be used.

To remove bacteria, silt or precipitates from the membrane, alkalis combined
with surfactant cleaners are often used. Biz and other laundry detergents con-
taining enzyme additives are useful for removing biofoulants and some organic
foulants. Most large membrane module producers now distribute formulated prod-
ucts, which are a mixture of cleaning compounds. These products are designed
for various common feed waters and often provide a better solution to membrane
cleaning than devising a cleaning solution for a specific feed.

Sterilization of a membrane system is also required to control bacterial growth.
For cellulose acetate membranes, chlorination of the feed water is sufficient to
control bacteria. Feed water to polyamide or interfacial composite membranes
need not be sterile, because these membranes are usually fairly resistant to
biological attack. Periodic shock disinfection using formaldehyde, peroxide or
peracetic acid solutions as part of a regular cleaning schedule is usually enough
to prevent biofouling.

Repeated cleaning gradually degrades reverse osmosis membranes. Most man-
ufacturers now supply membrane modules with a 1- to 2-year limited warranty
depending on the application. Well designed and maintained plants with good
feed water pretreatment can usually expect membrane lifetimes of 3 years, and
lifetimes of 5 years or more are not unusual. As membranes approach the end
of their useful life, the water flux will normally have dropped by at least 20 %,
and the salt rejection will have begun to fall. At this point operators may try
to ‘rejuvenate’ the membrane by treatment with a dilute polymer solution. This
surface treatment plugs microdefects and restores salt rejection [51]. Typical
polymers are poly(vinyl alcohol)/vinyl acetate copolymers or poly(vinyl methyl
ether). In this procedure the membrane modules are carefully cleaned and then
flushed with dilute solutions of the rejuvenation polymer. The exact mechanism
of rejuvenation is unclear.

Applications
Approximately one-half of the reverse osmosis systems currently installed are
desalinating brackish or seawater. Another 40 % are producing ultrapure water for
the electronics, pharmaceutical, and power generation industries. The remainder
are used in small niche applications such as pollution control and food processing.
A review of reverse osmosis applications has been done by Williams et al. [52].
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Figure 5.23 Comparative costs of the major desalination technologies as a function of
salt concentration. These costs should be taken as a guide only; site-specific factors can
affect costs significantly [53]

The relative cost of reverse osmosis compared with other desalting technolo-
gies (ion exchange, electrodialysis, and multi-effect evaporation) is shown in
Figure 5.23. The operating costs of electrodialysis and ion exchange scale almost
linearly in proportion to the salt concentration in the feed. Therefore, these tech-
nologies are best suited to low-salt-concentration feed streams. On the other hand,
the cost of multi-effect evaporation is relatively independent of the salt concen-
tration and is mainly proportional to the mass of water to be evaporated. Thus,
desalination by evaporation is best performed with concentrated salt solution
feeds. Reverse osmosis costs increase significantly with salt concentration but at
a lower rate than electrodialysis does. The result is that reverse osmosis is the
lowest-cost process for streams containing between 3000 and 10 000 ppm salt.
However, site-specific factors or plant size often make the technology the best
approach for more dilute feed water or for streams as concentrated as seawater
(35 000 ppm salt).

The approximate operating costs for brackish and seawater reverse osmosis
plants are given in Table 5.3. These numbers are old, but improvements in
membrane technology have kept pace with inflation so the costs remain rea-
sonably current.
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Table 5.3 Operating costs for large brackish water and seawater reverse osmosis plants
[49]. Capital costs are approximately US$1.25 per gal/day capacity for the brackish water
plant and US$4–5 per gal/day capacity for the seawater plant

Brackish water
(US$/1000 gal product)

Seawater
(US$/1000 gal product)

Energy (US$0.06/kWh) 0.36 1.80
Chemicals 0.09 0.14
Labor 0.12 0.19
Maintenance 0.05 0.22
Membrane replacement 0.10 0.90
Amortization (12 %/20 years) 0.48 1.75

Total 1.20 5.00

Brackish Water Desalination

The salinity of brackish water is usually between 2000 and 10 000 mg/L. The World
Health Organization (WHO) recommendation for potable water is 500 mg/L, so
up to 90 % of the salt must be removed from these feeds. Early cellulose acetate
membranes could achieve this removal easily, so treatment of brackish water was
one of the first successful applications of reverse osmosis. Several plants were
installed as early as the 1960s.

The osmotic pressure of brackish water is approximately 11 psi per 1000 ppm
salt, so osmotic pressure effects do not generally limit water recovery signifi-
cantly. Limitations are generally due to scaling. Typical water recoveries are in
the 70–90 % range, which means the brine stream leaving the system is up to 10
times more concentrated in calcium, sulfate and silica ions present in the feed.
If scaling occurs, the last modules in the system must be replaced first.

A simplified flow scheme for a brackish water reverse osmosis plant is shown
in Figure 5.24. In this example, it is assumed that the brackish water is heavily
contaminated with suspended solids, so flocculation followed by a sand filter and
a cartridge filter is used to remove particulates. The pH of the feed solution might
be adjusted, followed by chlorination to sterilize the water to prevent bacterial
growth on the membranes and addition of an anti-scalant to inhibit precipitation
of multivalent salts on the membrane. Finally, if chlorine-sensitive interfacial
composite membranes are used, sodium sulfite is added to remove excess chlorine
before the water contacts the membrane. Generally, more pretreatment is required
in plants using hollow fiber modules than in plants using spiral-wound modules.
This is one reason why hollow fiber modules have been displaced by spiral-wound
systems for most brackish water installations.

A feature of the system design shown in Figure 5.24 is the staggered arrange-
ment of the module pressure vessels. As the volume of the feed water is reduced
as water is removed in the permeate, the number of modules arranged in parallel
is also reduced. In the example shown, the feed water passes initially through
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Figure 5.24 Flow schematic of a typical brackish water reverse osmosis plant. The
plant contains seven pressure vessels each containing six membrane modules. The pressure
vessels are in a ‘Christmas tree’ array to maintain a high feed velocity through the modules

four modules in parallel, then through two, and finally through a single module in
series. This is called a ‘Christmas tree’ or ‘tapered module’ design and provides
a high average feed solution velocity through the modules. As the volume of the
feed water is reduced by removing water as permeate, the number of modules
arranged in parallel is reduced also.

The operating pressure of brackish water reverse osmosis systems has gradually
fallen over the past 20 years as the permeability and rejections of membranes
have steadily improved. The first plants operated at pressures of 800 psi, but
typical brackish water plants now operate at pressures in the 200- to 300-psi
range. Capital costs of brackish water plants have stayed remarkably constant for
almost 20 years; the rule of thumb of US$1.00 per gal/day capacity is still true.
Accounting for inflation, this reflects a very large reduction in real costs resulting
from the better performance of today’s membranes.

Seawater Desalination

Seawater has a salt concentration of 3.2–4.0 %, depending on the region of
the world. Because of this high salinity, only membranes with salt rejections
of 99.3 % or more can produce potable water in a single pass. Application to
seawater desalination of the first-generation cellulose acetate membranes, with
rejections of 97–99 %, was limited. With the development of the polyamide hol-
low fine fibers and interfacial composites, suitable seawater membranes became
available, and many plants have been installed. In general, membranes are not
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Figure 5.25 Effect of water recovery on the seawater feed osmotic pressure and net
driving pressure of a plant operating at 1000 psi

competitive for large seawater desalination plants—multistage flash evaporation
is usually used for plants larger than 10 million gal/day capacity. Often these
plants are powered by waste steam from an adjacent electric power generation
unit. A number of these very large plants have been installed in the Middle
East. In the 1–10 million gal/day range membranes are more competitive, and
the flexibility of membrane systems as well as their easy start-up/shut-down and
turndown capability are advantages.

Early seawater reverse osmosis plants operated at very high pressures, up
to 1500 psi, but as membranes improved, operating pressures dropped to
800–1000 psi. The osmotic pressure of seawater is about 350 psi, and the osmotic
pressure of the rejected brine can be as much as 600 psi, so osmotic pressure
affects the net operating pressure in a plant markedly. This effect is illustrated in
Figure 5.25. Typical seawater plants do not operate at a recovery rate of more than
35–45 % because of the high brine osmotic pressure; at this modest recovery rate,
more than half of the feed water leaves the plant as pressurized brine. Because
of the high pressures involved in seawater desalination, recovery of compression
energy from the high-pressure brine stream is almost always worthwhile. This can
be achieved with a hydro-turbine linked to the high-pressure feed water pump,
lowering total power costs by as much as 30 %.

Raw seawater requires considerable pretreatment before it can be desalinated
(Figure 5.22), but these pretreatment costs can be reduced by using shallow sea-
front wells as the water source. The SDI of this water is usually quite low, and
little more than a sand filter may be required for particulate control. However,
sterilization of the water and addition of antiscalants will still be necessary.

Ultrapure Water

Production of ultrapure water for the electronics industry is an established and
growing application of reverse osmosis [54,55]. The usual feed is municipal
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Table 5.4 Ultrapure water specifications for typical wafer manufacturing process and
levels normally found in drinking water

Ultrapure water Typical drinking water

Resistivity at 25 ◦C (megohm-cm) 18.2 —
TOC (ppb) <5 5000
Particles/L by laser >0.1 µm <100 —
Bacteria/100 mL by culture <0.1 <30
Silica, dissolved (ppb) <3 3000
Boron (ppb) <1 40
Ions (ppb)

Na+ <0.01 3000
K+ <0.02 2000
Cl− <0.02 10 000
Br− <0.02 —
NO3

− <0.02 —
SO4

2− <0.02 15 000
Total ions <0.1 <100 000

drinking water, which often contains less than 200 ppm dissolved solids. How-
ever, the electronics industry requires water of extraordinarily high purity for
wafer production, so extensive treatment of municipal water is required. Table 5.4
shows the target water quality required by a modern electronics plant compared
to that of typical municipal drinking water.

The first ultrapure water reverse osmosis system was installed at a Texas Instru-
ments plant in 1970 as a pretreatment unit to an ion exchange process. These
systems have increased in complexity as the needs of the industry for better
quality water have increased. The flow scheme for a typical modern ultrapure
water treatment system is shown in Figure 5.26. The plant comprises a complex
array of operations, each requiring careful maintenance to achieve the necessary
water quality. As the key part of the process, the reverse osmosis plant typi-
cally removes more than 98 % of all the salts and dissolved particulates in the
feed water. Because the feed water is dilute, these systems often operate at very
high recovery rates—90 % or more. Carbon adsorption then removes dissolved
organics, followed by ion exchange to remove final trace amounts of ionic impu-
rities. Bacterial growth is a major problem in ultrapure water systems; sterility
is maintained by continuously recirculating the water through UV sterilizers and
cartridge microfilters.

Wastewater Treatment

In principle, pollution control should be a major application for reverse osmosis.
In practice, membrane fouling, causing low plant reliability, has inhibited its
widespread use in this area. The most common applications are special situations
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Reverse
osmosis

unit

30 ppm
rinse
water

Part conveyor belt

Rinse tanks

Drag out

Nickel concentrate
~5 wt%

Hot nickel
plating bath

27 wt% nickel

Rinse Tanks

Filters

Figure 5.27 Flow scheme showing the use of a reverse osmosis system to control nickel
loss from rinse water produced in a countercurrent electroplating rinse tank

in which the chemicals separated from the water are valuable. An example is
the recovery of nickel from nickel-plating rinse tanks, shown schematically in
Figure 5.27. Watts nickel-plating baths contain high concentrations of nickel and
other plating chemicals. After plating, a conveyor belt moves the parts through
a series of connected rinse tanks. Water circulates through these tanks to rinse
the part free of nickel for the next plating operating. A typical countercurrent
rinse tank produces a waste stream containing 2000–3000 ppm nickel; the water
is a pollution problem and valuable material is lost. This is an ideal application
for reverse osmosis because the rinse water is at nearly neutral pH, in contrast
to many plating rinse waters which are very acidic [56,57]. The reverse osmosis
unit produces permeate water containing only 20–50 ppm nickel that can be
reused and a small nickel concentrate stream that can be sent to the plating
tank. Although the concentrate is more dilute than the plating tank drag-out,
evaporation from the hot plating bath tank compensates for the extra water.

In the early days of membrane development, membranes were expected to be
widely used in the tertiary treatment of water to produce drinking water from
sewage. At a cost of US$2–3 per 1000 gal, this idea makes good economic sense
in many water-limited regions of the world. However, psychological barriers have
inhibited its widespread adoption. A few small plants have been introduced in
Japan and at least one large plant in the US. This plant, called Water Factory 21,
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is in Orange County, California, an arid region where the principal local surface
water source, the Colorado River, has a total salinity of 750 ppm. Operation
of this 5-million-gal/day system is described in detail by Nusbaum and Argo
[58]. The system treats secondary sewage to produce good-quality water, which
is reinjected into the aquifer below the county. The water is then mixed with
natural groundwater before being removed and used as a drinking water supply
elsewhere in the county. Apparently, confusing the source of the water supply in
this way makes the process acceptable.

Nanofiltration

Nanofiltration membrane usually have high rejections to most dissolved organic
solutes with molecular weights above 100–200 and good salt rejection at salt
concentrations below 1000–2000 ppm salt. The membranes are also two- to
five-fold more permeable than brackish and sea water reverse osmosis mem-
branes, so they can be operated at pressures as low as 50–150 psig and still
produce useful fluxes. For these reasons, their principal application has been in
the removal of low levels of contaminants from already relatively clean water.
For example, nanofiltration membranes are widely used as point-of-use drinking
water treatment units in southern California and the southwestern United States.
The water in this region contains on the order of 700 ppm dissolved salt and trace
amounts of agricultural run-off contaminants. Many households use small 0.5-m2

spiral-wound nanofiltration modules (under-the-sink modules) to filter this water
using the 30- to 50-psig tap water pressure to provide the driving force. On a
larger scale, similar membranes are used to soften municipal water by removing
sulfate and divalent cations or as an initial pretreatment unit for an ultrapure
water treatment plant.

Organic Solvent Separation

The use of membranes to separate organic solvent solutions is still at a very early
stage. One application that has already become commercial is the separation of
small solvent molecules from larger hydrocarbons in mixtures resulting from
the extraction of vacuum resid oil in refineries [41–43]. Figure 5.28(a) shows a
simplified flow diagram of a refining lube oil separation process–these operations
are very large. In a 100 000–200 000-barrel/day refinery, about 15 000–30 000
barrels/day of the oil entering the refinery remain as residual oil. A large fraction
of this oil is sent to the lube oil plant, where the heavy oil is mixed with 3–10
volumes of a solvent such as methyl ethyl ketone and toluene. On cooling the
mixture, the heavy wax components precipitate out and are removed by a drum
filter. The light solvent is then stripped from the lube oil by vacuum distillation
and recycled through the process. The vacuum distillation step is very energy
intensive because of the high solvent-to-oil ratios employed.
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(a) Conventional solvent dewaxing process
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(b) Mobil Oil's solvent dewaxing process

Figure 5.28 Simplified flow schemes of (a) a conventional and (b) Mobil Oil’s mem-
brane solvent dewaxing processes. Refrigeration economizers are not shown. The first 3
million gallon/day commercial unit was installed at Mobil’s Beaumont refinery in 1998.
Polyimide membranes in spiral-wound modules were used [41–43]

A hyperfiltration process developed by Mobil Oil, now ExxonMobil, for this
separation is illustrated in Figure 5.28(b). Polyimide membranes formed into
spiral-wound modules are used to separate up to 50 % of the solvent from the
dewaxed oil. The membranes have a flux of 10–20 gal/ft2 day at a pressure of
450–650 psi. The solvent filtrate bypasses the distillation step and is recycled
directly to the incoming oil feed. The net result is a significant reduction in the
refrigeration load required to cool the oil and in the size and energy consumption
of the solvent recovery vacuum distillation section.

ExxonMobil is now licensing this technology to other refineries. Development
of similar applications in other operations is likely. Initially, applications will
probably involve relatively easy separations such as the separation of methyl
ethyl ketone/toluene from lube oil described above or soybean oil from hexane in
food oil production. Long-term, however, the technology may become sufficiently
advanced to be used in more important refining operations, such as fractionation
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of linear from branched paraffins, or the separation of benzene and other aromatics
from paraffins and olefins in the gasoline pool.

Conclusions and Future Directions
The reverse osmosis industry is now well established. The market is divided
between three or four large manufacturers, who between them produce 70 % of
the membrane modules, and a much larger number of system builders. The system
builders buy modules almost as commodities from the various suppliers according
to their particular needs. A handful of companies serving various niche markets
produce both modules and systems. Total membrane module sales in 1998 were
about US$200 million worldwide; system sales were another US$200 million.
Short-term prospects for future growth are good. The demand for reverse osmo-
sis systems to produce ultrapure water for the electronics and pharmaceutical
industries is very strong. Municipalities in arid regions of the world are also
continuing to buy brackish water and some seawater desalination units.

The industry is extremely competitive, with the manufacturers producing sim-
ilar products and competing mostly on price. Many incremental improvements
have been made to membrane and module performance over the past 20 years,
resulting in steadily decreasing water desalination costs in inflation-adjusted dol-
lars. Some performance values taken from a paper by Furukawa are shown in
Table 5.5. Since 1980, just after the introduction of the first interfacial composite
membranes, the cost of spiral-wound membrane modules on a per square meter
basis has decreased seven-fold. At the same time the water flux has doubled, and
the salt permeability has decreased seven-fold. Taking these improvements into
account, today’s membranes are almost 100 times better than those of the 1980s.
This type of incremental improvement is likely to continue for some time.

The key short-term technical issue is the limited chlorine resistance of inter-
facial composite membranes. A number of incremental steps made over the past
10–15 years have improved resistance, but current chlorine-resistant interfacial
composites do not have the rejection and flux of the best conventional membranes.

Table 5.5 Advances in spiral-wound module reverse osmosis performance

Year Cost normalized
(1980 US$)

Productivity
normalized
(to 1980)

Reciprocal salt
passage normalized

(to 1980)

Figure of
merita

1980 1.00 1.00 1.00 1.0
1985 0.65 1.10 1.56 2.6
1990 0.34 1.32 2.01 7.9
1995 0.19 1.66 3.52 30.8
2000 0.14 1.94 7.04 99.3

a Figure of merit = (productivity) × (reciprocal salt passage/cost).
Source: Dave Furukawa.

FOR REFERENCE PURPOSES ONLY



232 MEMBRANE TECHNOLOGY AND APPLICATIONS

All the major membrane manufacturers are working on this problem, which is
likely to be solved in the next few years. Three longer-term, related techni-
cal issues are fouling resistance, pretreatment, and membrane cleaning. Current
membrane modules are subject to fouling by particulates and scale; this fouling
can only be controlled by good (and expensive) feed water pretreatment and
by membrane cleaning. In some large potential reverse osmosis markets, such
as municipal wastewater reclamation and industrial process water treatment, the
complexity, expense, and low reliability due to membrane fouling limit expansion
significantly.

A further long-term area of research is likely to be the development of reverse
osmosis membranes to recover organic solutes from water. This chapter has
focused almost entirely on the separation of ionic solutes from water, but some
membranes (such as the PEC-1000 membrane) have excellent organic solute
rejections also. The PEC-1000 membrane was chemically unstable, but it demon-
strated what is achievable with membranes. A stable membrane with similar
properties could be used in many wastewater applications.
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6 ULTRAFILTRATION

Introduction and History
Ultrafiltration uses a finely porous membrane to separate water and microsolutes
from macromolecules and colloids. The average pore diameter of the membrane
is in the 10–1000 Å range. The first synthetic ultrafiltration membranes were
prepared by Bechhold from collodion (nitro cellulose) [1]. Bechhold was prob-
ably the first to measure membrane bubble points, and he also coined the term
‘ultrafilter’. Other important early workers were Zsigmondy and Bachmann [2],
Ferry [3] and Elford [4]. By the mid-1920s, collodion ultrafiltration and micro-
filtration membranes were commercially available for laboratory use. Although
collodion membranes were widely used in laboratory studies, no industrial appli-
cations existed until the 1960s. The crucial breakthrough was the development of
the anisotropic cellulose acetate membrane by Loeb and Sourirajan in 1963 [5].
Their goal was to produce high-flux reverse osmosis membranes, but others, par-
ticularly Michaels at Amicon, realized the general applicability of the technique.
Michaels and his coworkers [6] produced ultrafiltration membranes from cellu-
lose acetate and many other polymers including polyacrylonitrile copolymers,
aromatic polyamides, polysulfone and poly(vinylidene fluoride). These materials
are still widely used to fabricate ultrafiltration membranes.

In 1969, Abcor (now a division of Koch Industries) installed the first commer-
cially successful industrial ultrafiltration system equipped with tubular membrane
modules [7] to recover electrocoat paint from automobile paint shop rinse water.
The economics were compelling, and within a few years many similar systems
were installed. Shortly thereafter (1970), the first cheese whey ultrafiltration sys-
tem was installed. Within a decade, 100 similar systems had been sold worldwide.
These early systems used tubular or plate-and-frame modules, which were rela-
tively expensive, but lower cost designs were gradually introduced. Hollow fiber
(capillary) modules were first sold by Romicon in 1973, and spiral-wound mod-
ules, adapted to ultrafiltration applications by Abcor, became a commercial item
by 1979–1980. Over the last 20 years, the ultrafiltration industry has grown
steadily. The principal problem inhibiting wider application of the technology
is membrane fouling. The problem is controlled, but not eliminated, by module
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Figure 6.1 Milestones in the development of ultrafiltration

and system design and by regular membrane cleaning protocols. Development of
membranes with surface properties designed to minimize fouling has also helped.
Recently, several companies have developed ceramic-based ultrafiltration mem-
branes. Although much more expensive than their polymeric equivalents, these
have found a place in applications that require resistance to high temperatures or
require regular cleaning with harsh solutions to control membrane fouling. Some
of the milestones in the development of ultrafiltration membranes are charted
in Figure 6.1.

Characterization of Ultrafiltration Membranes

Ultrafiltration membranes are usually anisotropic structures made by the
Loeb–Sourirajan process. They have a finely porous surface layer or skin
supported on a much more open microporous substrate. The finely porous surface
layer performs the separation; the microporous substrate provides mechanical
strength. The membranes discriminate between dissolved macromolecules of
different sizes and are usually characterized by their molecular weight cut-off,
a loosely defined term generally taken to mean the molecular weight of the
globular protein molecule that is 90 % rejected by the membrane. Ultrafiltration
and microfiltration are related processes—the distinction between the two lies in
the pore size of the membrane. Microfiltration membranes have larger pores and
are used to separate particles in the 0.1–10 µm range, whereas ultrafiltration is
generally considered to be limited to membranes with pore diameters from 10
to 1000 Å.
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Figure 6.2 Laboratory ultrafiltration test systems

Laboratory-scale ultrafiltration experiments are performed with small, stirred
batch cells or flow-through cells in a recirculation system. Diagrams of the two
types of system are shown in Figure 6.2. Because ultrafiltration experiments are
generally performed at pressures below 100 psi, plastic components can be used.
Stirred batch cells are often used for quick experiments, but flow-through systems
are preferred for systematic work. In flow-through systems, the feed solution
can be more easily maintained at a constant composition, and the turbulence at
the membrane surface required to control membrane fouling is high and easily
reproducible. This allows reliable comparative measurements to be made.
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The cut-off of ultrafiltration membranes is usually characterized by solute
molecular weight, but several other factors affect permeation through these
membranes. One important example is the shape of the molecule to be retained.
When membrane retention measurements are performed with linear, water-
soluble molecules such as polydextran, poly(ethylene glycol) or poly(vinyl
pyrrolidone), the measured rejection is much lower than the rejection measured
for proteins of the same molecular weight. It is believed that linear, water-
soluble polymer molecules are able to snake through the membrane pores, as
illustrated in Figure 6.3. Protein molecules, however, exist in solution as tightly
wound globular coils held together by hydrogen bonds. These globular molecules
cannot deform to pass through the membrane pores and are therefore rejected.
Some results showing the rejection of different molecules for a polysulfone
ultrafiltration membrane are listed in the table accompanying Figure 6.3 [8]. The
membrane shows significant rejection to globular protein molecules as small as
pepsin (MW 35 000) and cytochrome c (MW 13 000) but is completely permeable
to a flexible linear polydextran, with an average molecular weight of more than
100 000.

The pH of the feed solution is another factor that affects permeation through
ultrafiltration membranes, particularly with polyelectrolytes. For example,

Skin of
UF membrane

Porous
substructure

Globular
molecule

Linear
molecule

Solute Pepsin Cytochrome c Polydextran

Globular Proteins Linear Polymer

MW (1000s) 35 13 100
Rejection (%) 90 70 0

Figure 6.3 Ultrafiltration membranes are rated on the basis of nominal molecular weight
cut-off, but the shape of the molecule to be retained has a major effect on retentivity.
Linear molecules pass through a membrane, whereas globular molecules of the same
molecular weight may be retained. The table shows typical results obtained with globular
protein molecules and linear polydextran for the same polysulfone membrane [8]
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poly(acrylic acid) is usually very well rejected by ultrafiltration membranes at
pH 5 and above, but is completely permeable through the same membrane at pH 3
and below. This change in rejection behavior with pH is related to the change in
configuration of the polyacid. In solutions at pH 5 and above, poly(acrylic acid)
is ionized. In the ionized form, the negatively charged carboxyl groups along the
polymer backbone repel each other; the polymer coil is then very extended and
relatively inflexible. In this form, the molecule cannot readily permeate the small
pores of an ultrafiltration membrane. At pH 3 and below, the carboxyl groups
along the poly(acrylic acid) polymer backbone are all protonated. The resulting
neutral molecule is much more flexible and can pass through the membrane pores.

Concentration Polarization and Membrane Fouling
A key factor determining the performance of ultrafiltration membranes is
concentration polarization, which causes membrane fouling due to deposition
of retained colloidal and macromolecular material on the membrane surface.
A number of reviews have described the process in detail [9–13]. The pure
water flux of ultrafiltration membranes is often very high—greater than
1 cm3/cm2 · min (350 gal/ft2 · day). However, when membranes are used to
separate macromolecular or colloidal solutions, the flux falls within seconds,
typically to 0.1 cm3/cm2 · min. This immediate drop in flux is caused by the
formation of a gel layer of retained solutes on the membrane surface due to
concentration polarization. This gel layer forms a secondary barrier to flow
through the membrane, as illustrated in Figure 6.4 and described in detail below.
This first decline in flux is determined by the composition of the feed solution and
its fluid hydrodynamics. Sometimes the resulting flux is constant for a prolonged
period, and when the membrane is retested with pure water, its flux returns
to the original value. More commonly, however, a further slow decline in flux
occurs over a period of hours to weeks, depending on the feed solution. Most
of this second decrease in flux is caused by slow consolidation of the secondary
layer formed by concentration polarization on the membrane surface. Formation
of this consolidated gel layer, called membrane fouling, is difficult to control.
Control techniques include regular membrane cleaning, back flushing, or using
membranes with surface characteristics that minimize adhesion. Operation of the
membrane at the lowest practical operating pressure also delays consolidation of
the gel layer.

A typical plot illustrating the slow decrease in flux that can result from con-
solidation of the secondary layer is shown in Figure 6.5 [14]. The pure water
flux of these membranes is approximately 50 gal/min but, on contact with an
electrocoat paint solution containing 10–20 % latex, the flux immediately falls
to about 10–12 gal/min. This first drop in flux is due to the formation of the
gel layer of latex particles on the membrane surface, as shown in Figure 6.4.
Thereafter, the flux declines steadily over a 2-week period. This second drop in
flux is caused by slow densification of the gel layer under the pressure of the
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Internal
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fouling

BULK SOLUTION

Colloidal or
particulate material

Surface
fouling

Figure 6.4 Schematic representation of fouling on an ultrafiltration membrane. Sur-
face fouling is the deposition of solid material on the membrane that consolidates over
time. This fouling layer can be controlled by high turbulence, regular cleaning and using
hydrophilic or charged membranes to minimize adhesion to the membrane surface. Sur-
face fouling is generally reversible. Internal fouling is caused by penetration of solid
material into the membrane, which results in plugging of the pores. Internal membrane
fouling is generally irreversible

system. In this particular example, the densified gel layer could be removed by
periodic cleaning of the membrane. When the cleaned membrane is exposed to
the latex solution again, the flux is restored to that of a fresh membrane.

If the regular cleaning cycle shown in Figure 6.5 is repeated many times, the
membrane flux eventually does not return to the original value on cleaning. Part
of this slow, permanent loss of flux is believed to be due to precipitates on
the membrane surface that are not removed by the cleaning procedure. A further
cause of the permanent flux loss is believed to be internal fouling of the membrane
by material that penetrates the membrane pores and becomes lodged in the interior
of the membrane, as illustrated in Figure 6.4. Ultrafiltration membranes are often
used to separate colloids from water and microsolutes. In this case the tendency
is to use relatively high-molecular-weight cut-off membranes, but the higher
fluxes of these membranes can be transitory because they are more susceptible
to internal fouling. A membrane with a lower molecular weight cut-off, even
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Figure 6.5 Ultrafiltration flux as a function of time of an electrocoat paint latex solu-
tion. Because of fouling, the flux declines over a period of days. Periodic cleaning is
required to maintain high fluxes [14]. Reprinted from R. Walker, Recent Developments
in Ultrafiltration of Electrocoat Paint, Electrocoat 82, 16 (1982) with permission from
Gardner Publications, Inc., Cincinnati, OH

though it may have a lower pure water flux, often provides a more sustained flux
with the actual feed solutions because less internal fouling occurs.

As described above, the initial cause of membrane fouling is concentration
polarization, which results in deposition of a layer of material on the membrane
surface. The phenomenon of concentration polarization is described in detail in
Chapter 4. In ultrafiltration, solvent and macromolecular or colloidal solutes are
carried towards the membrane surface by the solution permeating the membrane.
Solvent molecules permeate the membrane, but the larger solutes accumulate at
the membrane surface. Because of their size, the rate at which the rejected solute
molecules can diffuse from the membrane surface back to the bulk solution is
relatively low. Thus their concentration at the membrane surface is typically
20–50 times higher than the feed solution concentration. These solutes become
so concentrated at the membrane surface that a gel layer is formed and becomes
a secondary barrier to flow through the membrane. The formation of this gel
layer on the membrane surface is illustrated in Figure 6.6. The gel layer model
was developed at the Amicon Corporation in the 1960s [8].

The formation of the gel layer is easily described mathematically. At any point
within the boundary layer shown in Figure 6.6, the convective flux of solute to
the membrane surface is given by the volume flux, Jv , of the solution through the
membrane multiplied by the concentration of the solute, ci . At steady state, this
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Figure 6.6 Illustration of the formation of a gel layer of colloidal material on the surface
of an ultrafiltration membrane by concentration polarization

convective flux within the laminar boundary layer is balanced by the diffusive
flux of retained solute in the opposite direction. This balance is expressed by
the equation

Jvci = Di

dci

dx
(6.1)

where Di is the diffusion coefficient of the macromolecule in the boundary layer.
Once the gel layer has formed, the concentrations of solute at both surfaces of
the boundary layer are fixed. At one surface the concentration is the feed solution
concentration cib ; at the other surface it is the concentration at which the solute
forms an insoluble gel (cgel). Integration of Equation (6.1) over the boundary
layer thickness (δ) then gives

cgel

cib

= exp

(
Jvδ

Di

)
(6.2)

where cgel is the concentration of retained solute at the membrane surface where
the solute gels and cib is the concentration in the bulk solution. In any particular
ultrafiltration test, the terms cib , cgel, Di and δ in Equation (6.2) are fixed because
the solution and the operating conditions of the test are fixed. From Equation (6.2)
this means that the volume flux Jv through the membrane is also fixed and quite
independent of the intrinsic permeability of the membrane. In physical terms, this
is because a membrane with a higher intrinsic permeability only causes a thicker

FOR REFERENCE PURPOSES ONLY



ULTRAFILTRATION 245

gel layer to form on the surface of the membrane. This lowers the membrane flux
until the rate at which solutes are brought toward the membrane surface and the
rate at which they are removed are again balanced, as expressed in Equation (6.1).

The formation of a gel layer of colloidal material at the ultrafiltration mem-
brane surface produces a limiting or plateau flux that cannot be exceeded at any
particular operating condition. Once a gel layer has formed, increasing the applied

Applied pressure, p

Membrane
pure water flux

Membrane flux
with a macromolecular

solution

p4p3p2p1

p4p3p2p1

Pressure:

M
em

br
an
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Figure 6.7 The effect of pressure on ultrafiltration membrane flux and the formation of
a secondary gel layer. Ultrafiltration membranes are best operated at pressures between
p2 and p3 at which the gel layer is thin. Operation at high pressures such as p4 leads
to formation of thick gel layers, which can consolidate over time, resulting in permanent
fouling of the membrane
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pressure does not increase the flux but merely increases the gel thickness. This is
also shown in Equation (6.2), which contains no term for the applied pressure.

The effect of the gel layer on the flux through an ultrafiltration membrane at
different feed pressures is illustrated in Figure 6.7. At a very low pressure p1,
the flux Jv is low, so the effect of concentration polarization is small, and a gel
layer does not form on the membrane surface. The flux is close to the pure water
flux of the membrane at the same pressure. As the applied pressure is increased
to pressure p2, the higher flux causes increased concentration polarization, and
the concentration of retained material at the membrane surface increases. If the
pressure is increased further to p3, concentration polarization becomes enough
for the retained solutes at the membrane surface to reach the gel concentration cgel

and form the secondary barrier layer. This is the limiting flux for the membrane.
Further increases in pressure only increase the thickness of the gel layer, not
the flux.

Experience has shown that the best long-term performance of an ultrafiltra-
tion membrane is obtained when the applied pressure is maintained at or just
below the plateau pressure p3 shown in Figure 6.7. Operating at higher pres-
sures does not increase the membrane flux but does increase the thickness and
density of retained material at the membrane surface layer. Over time, material
on the membrane surface can become compacted or precipitate, forming a layer
of deposited material that has a lower permeability; the flux then falls from the
initial value.

A series of experimental results obtained with latex solutions illustrating the
effect of concentration and pressure on flux are shown in Figure 6.8. The point
at which the flux reaches a plateau value depends on the concentration of the
latex in the solution: the more concentrated the solution, the lower the plateau
flux. The exact relationship between the maximum flux and solute concentration
can be obtained by rearranging Equation (6.2) to obtain

Jmax = −D

δ
(ln cib − ln cgel) (6.3)

where Jmax is the plateau or limiting flux through the membrane.
Plots of the limiting flux Jmax as a function of solution concentration for latex

solution data are shown in Figure 6.9 for a series of latex solutions at various
feed solution flow rates. A series of straight line plots is obtained, and these
extrapolate to the gel concentration cgel at zero flux. The slopes of the plots in
Figure 6.9 are proportional to the term D/δ in Equation (6.3). The increase in
flux resulting from an increase in the fluid recirculation rate is caused by the
decrease in the boundary layer thickness δ.

Plots of maximum flux as a function of solute concentration for different
solutes using the same membrane under the same conditions are shown in
Figure 6.10 [15]. Protein or colloidal solutions, which easily form precipitated
gels, have low fluxes and extrapolate to low gel concentrations. Particulate
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Figure 6.8 The effect of pressure on membrane flux for styrene–butadiene polymer
latex solutions in a high-turbulence, thin-channel test cell [13]
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Figure 6.9 Ultrafiltration flux with a latex solution at an applied pressure of 60 psi (in
the limiting flux region) as a function of feed solution latex concentration. These results
were obtained in a high-turbulence, thin-channel cell. The solution recirculation rate is
shown in the figure [13]
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Figure 6.10 Effect of solute type and concentration on flux through the same type
of ultrafiltration membrane operated under the same conditions [15]. Reproduced from
M.C. Porter, Membrane Filtration, in Handbook of Separation Techniques for Chemi-
cal Engineers, P.A. Schweitzer (ed.), p. 2.39, Copyright  1979, with permission of
McGraw-Hill, New York, NY

suspensions, pigments, latex particles, and oil-in-water emulsions, which do not
easily form gels, have higher fluxes at the same concentration and operating
conditions and generally extrapolate to higher gel concentrations.

Studies of concentration polarization such as those illustrated in
Figures 6.8–6.10 are usually performed during the first few hours of the
membrane use. Compaction of the secondary membrane layer has then only
just begun, and membrane fluxes are often high. Fluxes obtained in industrial
processes, which must operate for days or weeks without cleaning, are usually
much lower.

The gel layer model described above is very appealing and is widely used to
rationalize the behavior of ultrafiltration membranes. Unfortunately a number of
issues cannot be easily explained by this simple form of the model:

• The flux of many macromolecular colloidal and particulate solutions is too high
(sometimes by an order of magnitude) to be rationalized by a reasonable value
of the diffusion coefficient and the boundary layer thickness in Equation (6.2).

• In the plateau region of the flux–pressure curves of the type shown in
Figure 6.8, different solutes should have fluxes proportional to the value
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of their diffusion coefficients D in Equation (6.3). This is not the case, as
shown in Figure 6.10. For example, latex and particulate solutes with very
small diffusion coefficients typically have higher ultrafiltration limiting fluxes
than protein solutions measured with the same membranes under the same
conditions. This is the opposite of the expected behavior.

• Experiments with different ultrafiltration membranes and the same feed solu-
tion often yield very different ultrafiltration limiting fluxes. But according to
the model shown in Figure 6.6 and represented by Equation (6.2), the ultrafil-
tration limiting flux is independent of the membrane type.

Contrary to normal experience that falling bread always lands jam-side down,
the trend of these observations is that experiment produces a better result than
theory predicts. For this reason the observations are lumped together and called
the flux paradox [9]. The best working model seems to be that, in addition to
simple diffusion, solute is also being removed from the membrane surface as
undissolved gel particles by a scouring action of the feed fluid [16]. This explains
why protein solutions that form tough adherent gels have lower fluxes under
the same conditions than pigment and latex solutions that form looser gels. The
model also explains why increasing the hydrophilicity of the membrane surface or
changing the charge on the surface can produce higher limiting fluxes. Decreased
adhesion between the gel and the membrane surface allows the flowing feed
solution to remove gel particles more easily.

Figure 6.11 illustrates how turbulent eddies caused by the high velocity of the
solution passing through the narrow channel of a spiral-wound module might
remove gel particles from the membrane surface. Because of the high velocity of
the feed solution and the feed spacer netting used in ultrafiltration modules, the
feed liquid is normally very turbulent. Although a relatively laminar boundary
layer may form next to the membrane surface, as described by the film model,
periodic turbulent eddies may also occur. These eddies can dislodge gel from the
membrane surface, carrying it away with the feed solution.

The most important effect of concentration polarization is to reduce the
membrane flux, but it also affects the retention of macromolecules. Retention
data obtained with dextran polysaccharides at various pressures are shown in
Figure 6.12 [17]. Because these are stirred batch cell data, the effect of increased
concentration polarization with increased applied pressure is particularly marked.
A similar drop of retention with pressure is observed with flow-through cells,
but the effect is less because concentration polarization is better controlled
in such cells. With macromolecular solutions, the concentration of retained
macromolecules at the membrane surface increases with increased pressure, so
permeation of the macromolecules also increases, lowering rejection. The effect
is particularly noticeable at low pressures, under which conditions increasing the
applied pressure produces the largest increase in flux, and hence concentration
polarization, at the membrane surface. At high pressure, the change in flux with
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Figure 6.11 An illustration of the channel of a spiral-wound module showing how
periodic turbulent eddies can dislodge deposited gel particles from the surface of
ultrafiltration membranes
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Figure 6.12 Rejection of 1 % dextran solutions as a function of pressure using Dextran
20 (MW 20 000), Dextran 40 (MW 40 000), and Dextran 80 (MW 80 000). Batch cell
experiments performed at a constant stirring speed [17]

increased pressure is smaller, so the decrease in rejection by the membrane is
less apparent.

Concentration polarization can also interfere with the ability of an ultrafiltration
membrane to fractionate a mixture of dissolved macromolecules. Figure 6.13 [8]
shows the results of experiments with a membrane with a molecular weight
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Figure 6.13 The retention of albumin (MW 65 000) in the presence of varying concen-
trations of γ -globulin (MW 156 000) by a membrane with a nominal molecular weight
cut-off based on one-component protein solutions of MW 200 000. As the concentration
of γ -globulin in the solution increases, the membrane water flux decreases, and the albu-
min rejection increases from 25 % at 0.01 wt% γ -globulin to 80 % rejection at 0.1 wt%
γ -globulin [8]

cut-off of about 200 000 used to separate albumin (MW 65 000) from γ -globulin
(MW 156 000). Tests with the pure components show that albumin passes through
the membrane almost completely unhindered, but rejection of γ -globulin is sig-
nificant. However, addition of even a small amount of γ -globulin to the albumin
causes almost complete rejection of both components. The increased rejection
is accompanied by a sharp decrease in membrane flux, suggesting that rejected
globulin forms a secondary barrier layer. The secondary layer is eliminated only
at very low γ -globulin concentrations, resulting in partial fractionation of the
two proteins. Unfortunately, at such low dilutions the separation is no longer of
commercial interest.

Because of the effect of the secondary layer on selectivity, ultrafiltration mem-
branes are not commonly used to fractionate macromolecular mixtures. Most
commercial ultrafiltration applications involve processes in which the membrane
completely rejects all the dissolved macromolecular and colloidal material in
the feed solution while completely passing water and dissolved microsolutes.
Efficient fractionation by ultrafiltration is only possible if the species differ in
molecular weight by a factor of 10 or more.

Membrane Cleaning

Several cleaning methods are used to remove the densified gel layer of retained
material from the membrane surface. The easiest is to circulate an appropri-
ate cleaning solution through the membrane modules for 1 or 2 h. The most
common ultrafiltration fouling layers—organic polymer colloids and gelatinous
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materials—are best treated with alkaline solutions followed by hot detergent
solutions. Enzymatic detergents are particularly effective when the fouling layer
is a proteinaceous gel. Calcium, magnesium, and silica scales, often a problem
with reverse osmosis membranes, are generally not a problem in ultrafiltration
because these ions permeate the membrane (ultrafiltration of cheese whey, in
which high calcium levels can lead to calcium scaling, is an exception). Because
many feed waters contain small amounts of soluble ferrous iron salts, hydrated
iron oxide scaling is a problem. In the ultrafiltration system these salts are oxi-
dized to ferric iron by entrained air. Ferric iron is insoluble in water, so an
insoluble iron hydroxide gel forms and accumulates on the membrane surface.
Such deposits are usually removed with a citric or hydrochloric acid wash.

Regular cleaning is required to maintain the performance of all ultrafiltration
membranes. The period of the cleaning cycle can vary from daily for food appli-
cations, such as ultrafiltration of whey, to once a month or more for ultrafiltration
membranes used as polishing units in ultrapure water systems. A typical cleaning
cycle is as follows:

1. Flush the system several times with hot water at the highest possible circula-
tion rate.

2. Treat the system with an appropriate acid or alkali wash, depending on the
nature of the layer.

3. Treat the system with a hot detergent solution.

4. Flush the system thoroughly with water to remove all traces of detergent; mea-
sure the pure water flux through the membrane modules under standard test
conditions. Even after cleaning, some degree of permanent flux loss over time
is expected. If the restoration of flux is less than expected, repeat steps 1–3.

Ultrafiltration systems should never be taken off line without thorough flushing
and cleaning. Because membrane modules are normally stored wet, the final rinse
solutions should contain a bacteriostat such as 0.5 % formaldehyde to inhibit
bacterial growth.

In addition to regular cleaning with chemical solutions, mechanical cleaning
of the membrane may be used, particularly if chemical cleaning does not restore
the membrane flux. Early electrocoat paint systems used 1-in.-diameter tubular
membrane modules. These tubes could be effectively cleaned by forcing sponge
balls with a slightly larger diameter than the tube through the tube—the balls
gently scraped the membrane surface, removing deposited material. Sponge-ball
cleaning is an effective but relatively time-consuming process, so it is performed
rather infrequently. However, automatic equipment for sponge-ball cleaning has
been devised and has found a limited use.

Backflushing is another way of cleaning heavily fouled membranes. The
method is widely used to clean capillary and ceramic membrane modules that
can withstand a flow of solution from permeate to feed without damaging the
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membrane. Backflushing is not usually used for spiral-wound modules because
the membranes are too easily damaged. In a backflushing procedure a slight
over-pressure is applied to the permeate side of the membrane, forcing solution
from the permeate side to the feed side of the membrane. The flow of solution
lifts deposited materials from the surface. Backflushing must be done carefully
to avoid membrane damage. Typical backflushing pressures are 5–15 psi.

One method of achieving a backflushing effect used with capillary ultrafil-
tration modules is initiated by closing the permeate port from the membrane
module, as shown in Figure 6.14 [18]. In normal operation a pressure drop of
5–10 psi occurs between the feed and residue side of a membrane module. This
pressure difference is required to drive the feed solution through the module. If
the permeate port from the module is closed, the pressure on the permeate side of
the membrane will increase to a pressure intermediate between those of the feed
and residue streams. This produces a slight positive pressure difference at one
end of the module and a slight negative pressure difference on the other end of
the module, as shown in Figure 6.14(b). The pressure difference sets up a back-
flushing condition in which permeate-quality water that has permeated one-half
of the module becomes a backflushing solution in the other half of the mod-
ule. Deposited materials lifted from the membrane surface in the back-flushed
area are swept away by the fast feed flow. If the direction of the feed flow is
reversed, as shown in Figure 6.14(c), the other half of the module is then back-
flushed. This in-situ backflushing technique is used in capillary ultrafiltration
modules in which the feed-to-residue pressure drop is quite large. An advantage
of the procedure is that it can be done without stopping normal operation of the
ultrafiltration system.

Because of the challenging environment in which ultrafiltration membranes
are operated and the regular cleaning cycles, membrane lifetime is significantly
shorter than that of reverse osmosis membranes. Ultrafiltration module lifetimes
are rarely more than 2–3 years, and modules may be replaced annually in
cheese whey or electrocoat paint applications. In contrast, reverse osmosis mem-
branes are normally not cleaned more than once or twice per year and can last
4–5 years.

Membranes and Modules

Membrane Materials

Most of today’s ultrafiltration membranes are made by variations of the
Loeb–Sourirajan process. A limited number of materials are used, primarily
polyacrylonitrile, poly(vinyl chloride)–polyacrylonitrile copolymers, polysulfone,
poly(ether sulfone), poly(vinylidene fluoride), some aromatic polyamides, and
cellulose acetate. In general, the more hydrophilic membranes are more fouling-
resistant than the completely hydrophobic materials. For this reason water-soluble
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Figure 6.14 Backflushing of membrane modules by closing the permeate port. This
technique is particularly applicable to capillary fiber modules

polymers such as poly(vinyl pyrrolidone) or poly(vinyl methyl ether) are often
added to the membrane casting solutions used for hydrophobic polymers such as
polysulfone or poly(vinylidene fluoride). During the membrane precipitation step,
most of the water-soluble polymer is leached from the membrane, but enough
remains to make the membrane surface hydrophilic.
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Figure 6.15 Effect of membrane surface charge on ultrafiltration flux decline. These
membranes were used to ultrafilter cathodic electrocoat paint, which has a net negative
charge. Electrostatic repulsion made the negatively charged membrane significantly more
resistant to fouling than the similar positively charged membrane [13]

The charge on the membrane surface is important. Many colloidal materials
have a slight negative charge from carboxyl, sulfonic or other acid groups. If the
membrane surface also has a slight negative charge, adhesion of the colloidal
gel layer to the membrane is reduced, which helps to maintain a high flux and
inhibit membrane fouling. The effect of a slight positive charge on the membrane
is the opposite. Charge and hydrophilic character can be the result of the chemical
structure of the membrane material or can be applied to a preformed membrane
surface by chemical grafting or surface treatment. The appropriate treatment
depends on the application and the feed solution.

The importance of membrane surface characteristics on performance is illus-
trated by Figure 6.15. The feed solution in this example was a cathodic electrocoat
paint solution in which the paint particulates had a net positive charge. As a result,
membrane flux declined rapidly with the positively charged membranes but much
more slowly with essentially identical membranes that had been treated to give
the surface a net negative charge [13].

Ultrafiltration Modules

The need to control concentration polarization and membrane fouling domi-
nates the design of ultrafiltration modules. The first commercially successful
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ultrafiltration systems were based on tubular and plate-and-frame modules. Over
the years, many improvements have been made to these module designs, and
they are still used for highly fouling solutions. The lower cost of spiral-wound
and capillary modules has resulted in a gradual trend to replace tubular and
plate-and-frame systems with these lower-cost modules. In relatively non-fouling
applications, such as the use of ultrafiltration as part of a treatment train to pro-
duce ultrapure water, spiral-wound modules are universally used. Spiral-wound
and capillary modules are also used in some food applications, such as ultrafil-
tration of cheese whey and clarification of apple juice.

Because of their large diameter, tubular ultrafiltration modules can be used
to treat solutions that would rapidly foul other module types. In a number of
demanding applications, such as treatment of electrocoat paint, concentration of
latex solutions, or separation of oil–water emulsions, the fouling resistance and
ease of cleaning of tubular modules outweighs their high cost, large volume, and
high energy consumption. In a typical tubular module system, 5- to 8-ft-long
tubes are manifolded in series. The feed solution is circulated through the mod-
ule array at velocities of 2–6 m/s. This high solution velocity causes a pressure
drop of 2–3 psi per module or 10–30 psi for a module bank. Because of the
high circulation rate and the resulting pressure drop, large pumps are required,
so tubular modules have the highest energy consumption of any module design.
Most tubular ultrafiltration plants use 30–100 kWh of energy per 1000 gallons
of permeate produced. At an electrical energy cost of US$0.06/kWh, this cor-
responds to an energy cost of US$2–6 per 1000 gallons of permeate, a major
cost factor.

The diameter of the early tubular membrane modules was 1 in. Later, more
energy-efficient, higher-membrane-area modules were produced by nesting four
to six smaller-diameter tubes inside a single housing (see Chapter 3). Typical
tubular module costs vary widely but are generally from US$200 to 500/m2.
Recently ceramic tubular modules have been introduced; these are more expen-
sive, typically from US$1000 to 2000/m2. This high cost limits their use to a
few applications with extreme feed operating conditions.

Plate-and-frame units compete with tubular units in some applications. These
modules are not quite as fouling resistant as tubular modules but are less expen-
sive. Most consist of a flat membrane envelope with a rubber gasket around the
outer edge. The membrane envelope, together with appropriate spacers, forms a
plate that is contained in a stack of 20–30 plates. Typical feed channel heights
are 0.5–1.0 mm, and the system operates in high-shear conditions. Plate-and-
frame systems can be operated at higher pressures than tubular or capillary
modules—operating pressures up to 150 psi are not uncommon. This can be an
advantage in some applications. The compact design, small hold-up volume, and
absence of stagnant areas also makes sterilization easy. For these reasons plate-
and-frame units are used in several types of food industry operations, particularly
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Figure 6.16 Horizontal DDS plate-and-frame ultrafiltration system. Courtesy of Alfa
Laval Nakskov A/S, Naksvov, Denmark

in Europe where Rhône Poulanc and De Danske Sukkerfabrikker (DDS) [now
Alfa Laval] pioneered these applications in the 1970s. A photograph of an Alfa
Laval plate-and-frame system is shown in Figure 6.16.

Capillary hollow fiber modules were introduced by Romicon in the early
1970s. A typical capillary module contains 500–2000 fibers with a diameter
of 0.5–1.0 mm housed in a 30-in.-long, 3-in.-diameter cartridge. Modules have
a membrane area of 2–10 m2. Feed solution is pumped down the bore of the
fibers. Operating pressures are quite low, normally not more than 25 psi (to avoid
breaking the fibers). This low operating pressure is a disadvantage in the treat-
ment of some clean feed solutions for which high-pressure operation would be
advantageous. The normal feed-to-residue pressure drop of a capillary module is
10–15 psi. Under these conditions, capillary modules achieve good throughputs
with many solutions. High-temperature sanitary systems are available; this, com-
bined with the small hold-up volume and clean flow path, has encouraged the
use of these modules in biotechnology applications in which small volumes of
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expensive solutions are treated. A major advantage of capillary fiber systems is
that the membrane can be cleaned easily by backflushing. With capillary modules
it is important to avoid ‘blinding’ the fibers with particulates caught at the fiber
entrance. Prefiltration to remove all particulates larger than one-tenth of the fiber’s
inside diameter is required to avoid blinding.

The use of spiral-wound modules in ultrafiltration applications has increased
recently. This design was first developed for reverse osmosis modules in which
the feed channel spacer is a fine window-screen material. In ultrafiltration a
coarser feed spacer material is used, often as much as 45 mil thick. This coarse
spacer prevents particulates from lodging in the spacer corners. However, pre-
filtration of the ultrafiltration feed down to 5–10 µm is still required for long-term
operation. In the past, spiral-wound modules were limited to ultrafiltration of
clean feed waters, such as preparation of ultrapure water for the electronics or
pharmaceutical industries. Development of improved pretreatment and module
spacer designs now allows these modules to be used for more highly fouling
solutions such as cheese whey. In these food applications, the stagnant volume
between the module insert and the module housing is a potentially unsterile area.
To eliminate this dead space, the product seal is perforated to allow a small
bypass flow to continuously flush this area.

In the last few years a number of companies, most notably New Logic Interna-
tional (Emeryville, CA), have introduced plate-and-frame modules in which the
membrane plate is vibrated or rotated. Thus, control of concentration polariza-
tion at the membrane surface is by movement of the membrane rather than by
movement of the feed solution [19]. Moving the membrane concentrates most
of the turbulence right at the membrane surface, where it is most needed. These
modules achieve very high turbulence at the membrane surface at a relatively low
energy cost. The fluxes obtained are high and stable. Vibrating–rotating modules
are considerably more expensive than cross-flow modules so the first applications
have been with high-value, highly fouling feed solutions that are difficult to treat
with standard modules.

System Design

Batch Systems

The simplest type of ultrafiltration system is a batch unit, shown in Figure 6.17.
In such a unit, a limited volume of feed solution is circulated through a mod-
ule at a high flow rate. The process continues until the required separation is
achieved, after which the concentrate solution is drained from the feed tank, and
the unit is ready to treat a second batch of solution. Batch processes are par-
ticularly suited to the small-scale operations common in the biotechnology and
pharmaceutical industries. Such systems can be adapted to continuous use but
this requires automatic controls, which are expensive and can be unreliable.
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Figure 6.17 Flow schematic of a batch ultrafiltration process

The easiest way to calculate the performance of a batch system is to assume
the membrane is completely retentive for the solute of interest. That is,

R =
(

1 − cp

cb

)
= 1 (6.4)

where cp is the solute concentration in the permeate and cb is the solute concen-
tration in the feed. It follows that the increase in concentration of the solute in
the feed tank from the initial concentration cb(o), to the concentration at time t ,
cb(t) is proportional to the volume of solution remaining in the feed tank, that is,

cb(t)

cb(o)
= V(o)

V(t)

(6.5)

where the volume of solution removed in the permeate is V(o) − V(t). If, as is
often the case, the membrane is slightly permeable to the solute (R < 1), the
concentration ratio achieved can be written as

ln

[
cb(t)

cb(o)

]
= R ln

(
V(o)

V(t)

)
(6.6)

When the rejection coefficient equals one, Equation (6.6) reduces to
Equation (6.5). A plot of the concentration ratio of retained solute as a function of
the volume reduction for membranes with varying rejection coefficients is shown
in Figure 6.18. This figure illustrates the effect of partially retentive membranes
on loss of solute.
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Figure 6.18 Increase in concentration of the retained feed solution as a function of
volume reduction of the feed for membranes of different solute rejections. The difference
between these lines and the R = 1 line represents loss of solute through the membrane

Continuous Systems

Continuous ultrafiltration processes, in which modules are arranged in series to
obtain the separation required in a single pass, are relatively common. This is
because high feed solution flow rates are required to control concentration polar-
ization; a single-pass process would not achieve the required removal under these
conditions. Solution velocities in ultrafiltration modules are 5–10 times higher
than in reverse osmosis. For these reasons, feed-and-bleed systems are commonly
used in large ultrafiltration plants. Figure 6.19 shows one-, two- and three-stage
feed-and-bleed systems. In these systems a large volume of solution is circulated
continuously through a bank of membrane modules. Concurrently, a small vol-
ume of feed solution enters the recirculation loop just before the recirculation
pump, and an equivalent volume of more concentrated solution is removed (or
bled) from the recirculation loop just after the membrane module. The advantage
of feed-and-bleed systems is that a high feed solution velocity through the mod-
ules is easily maintained independent of the volume of solution being treated.
In most plants the flow rate of solution in the recirculation loop is 5–10 times
the feed solution flow rate. This high circulation rate means that the concentra-
tion of retained material in the circulating solution is close to the concentration
of the bleed solution and is significantly higher than the feed solution concen-
tration. Because the flux of ultrafiltration membranes decreases with increasing
concentration, more membrane area is required to produce the required separa-
tion than in a batch or a once-through continuous system operated at the same
feed solution velocity.
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Figure 6.19 One-, two- and three-stage feed-and-bleed systems. In general, the most
efficient design is achieved when all stages have approximately the same membrane area.
As the number of stages is increased, the average concentration of the solution circulating
through the membrane modules decreases, and the total membrane area of the system is
significantly less than for a one-stage design

To overcome the inefficiency of one-stage feed-and-bleed designs, industrial
systems are usually divided into multiple stages, as shown in Figure 6.19. By
using multiple stages, the difference in concentration between the solution cir-
culating in a stage and the feed solution entering the stage is minimized. The
following numerical values illustrate this point. In this example, the membrane is
assumed to be completely retentive and the goal is to concentrate the feed solution
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from 1 to 8 %. If this is done in a one-stage feed-and-bleed system, the average
concentration of the solution passing through the modules is 8 %, and the flux
is proportionately low. In a more efficient two-stage feed-and-bleed system, the
first stage concentrates the solution from 1 to 3 %, and the second stage concen-
trates the solution from 3 to 8 %. Approximately three-quarters of the permeate is
removed in the first stage, and the rest in the second stage. Because the modules
in the first stage operate at a concentration of 3 % rather than 8 %, these modules
have a higher membrane flux than in the one-stage unit. In fact, the membrane
area of each stage is about equal although the volume of permeate produced by
each stage is very different. The two-stage feed-and-bleed design has about 60 %
of the area of the one-stage system. The three-stage system, which concentrates
the solution in three equal-area stages—from 1 to 2 % in the first stage, from 2
to 4 % in the second stage, and from 4 to 8 % in the third stage—is even more
efficient. In this case the total membrane area is about 40 % of the area of a
one-stage system performing the same separation.

Because of the significantly lower membrane areas of multistage feed-and-
bleed systems, most large plants have between three and five stages. The limit
to the number of stages is reached when the reduction in membrane area does
not offset the increase in complexity of the system. Also, because of the high
fluid circulation rates involved in feed-and-bleed ultrafiltration plants, the cost of
pumps can rise to 30 to 40 % of the total cost of the system. Electricity to power
the pumps is a significant operating expense.

Applications

In the 1960s and early 1970s it was thought that ultrafiltration would be widely
used to treat industrial wastewater. This application did not materialize. Ultrafil-
tration is far too expensive to be generally used for this application, however, it
is used to treat small, concentrated waste streams from particular point sources
before they are mixed with the general sewer stream. Ultrafiltration is also used if
the value of the components to be separated is sufficient to offset the cost of the
process. Examples exist in food processing, in which the ultrafiltered concentrate
is used to produce a high-value product, or in the production of ultrapure water
in the electronics industry.

The cost of ultrafiltration plants varies widely, depending on the size of the
plant, the type of solution to be treated, and the separation to be performed.
In general, ultrafiltration plants are much smaller than reverse osmosis systems.
Typical flow rates are 10 000–100 000 gal/day, one-tenth that of the average
reverse osmosis plant. Rogers [20] compiled the costs shown in Figure 6.20
that, adjusted for inflation, still seem reasonable. For typical plants treating
10 000–100 000 gal/day of feed solution, the capital cost is in the range
US$2–5 gal/day capacity. The typical breakdown of these costs is shown in
Table 6.1 [21]. Operating costs will normally be US$3–4/1000 gal/day capacity,
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Figure 6.20 Purchase price in 2003 US dollars for ultrafiltration plants as a function of
plant capacity. Data of Rogers corrected for inflation [20]. Reprinted from Synthetic Mem-
brane Processes, A.N. Rogers, Economics of the Application of Membrane Processes,
p. 454, G. Belfort (ed.), Copyright 1984, with permission from Elsevier

Table 6.1 Typical ultrafiltration capital
and operating cost breakdown [21]

Capital costs %

Pumps 30
Membrane modules 20
Module housings 10
Pipes, valves, frame 20
Controls/other 20
Total 100

Operating costs

Membrane replacement 30–50
Cleaning costs 10–30
Energy 20–30
Labor 15
Total 100

with membrane module replacement costs about 30–50 %, and energy costs for
the recirculation pumps 20–30 %, depending on the system design.

The current ultrafiltration market is approximately US$200 million/year but
because the market is very fragmented, no individual segment is more than about
US$10–30 million/year. Also, each of the diverse applications uses membranes,
modules, and system designs tailored to the particular industry served. The result
is little product standardization, many custom-built systems, and high costs com-
pared to reverse osmosis. The first large successful application was the recovery
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of electrocoat paint in automobile plants. Later, a number of significant applica-
tions developed in the food industry [22,23], first in the production of cheese,
then in the production of apple and other juices and, more recently, in the pro-
duction of beer and wine. Industrial wastewater and process water treatment is
a growing application, but high costs limit growth. Early plants were all tubular
or plate-and-frame systems, but less expensive capillary and specially configured
spiral-wound modules are now used more commonly. An overview of ultrafil-
tration applications is given in Cheryan and Alvarez’s review article [23] and
Cheryan’s book [24].

Electrocoat Paint

In the 1960s, automobile companies began to use electrodeposition of paint on
a large scale. The paint solution is an emulsion of charged paint particles. The
metal piece to be coated is made into an electrode of opposite charge to the paint
particles and is immersed in a large tank of the paint. When a voltage is applied
between the metal part and the paint tank, the charged paint particles migrate
under the influence of the voltage and are deposited on the metal surface, forming
a coating over the entire wetted surface of the metal part. After electrodeposition,
the piece is removed from the tank and rinsed to remove excess paint, after which
the paint is cured in an oven.

The rinse water from the washing step rapidly becomes contaminated with
excess paint, while the stability of the paint emulsion is gradually degraded
by ionic impurities carried over from the cleaning operation before the paint
tank. Both of these problems are solved by the ultrafiltration system shown in
Figure 6.21. The ultrafiltration plant takes paint solution containing 15–20 %
solids and produces a clean permeate containing the ionic impurities but no paint
particles, which is sent to the counter-current rinsing operation, and a slightly
concentrated paint to be returned to the paint tank. A portion of the ultrafiltration
permeate is bled from the tank and replaced with water to maintain the ionic
balance of the process.

Electrocoat paint is a challenging feed solution for an ultrafiltration process.
The solids content of the solution is high, typically 15–20 wt%, so a gel layer
easily forms on the membrane. The gel formation results in relatively low fluxes,
generally 10–15 gal/ft2 · day. However, the value of the paint recovered from the
rinse water and elimination of other rinse-water cleanup steps made the ultrafiltra-
tion process an immediate success when introduced by Abcor. Tubular modules
were used in the first plants [7] and are still installed in many electrocoat oper-
ations, although capillary and some spiral-wound modules are used in newer
plants. The first electrocoat paint was anionic because the latex emulsion parti-
cles carried a negative charge. These emulsions were best treated with membranes
having a slight negative charge to minimize fouling. Cationic latex paints carrying
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Figure 6.21 Flow schematic of an electrocoat paint ultrafiltration system. The ultra-
filtration system removes ionic impurities from the paint tank carried over from the
chromate/phosphate cleaning steps and provides clean rinse water for the counter-current
rinsing operation

a positive charge were introduced in the late 1970s. Ultrafiltration of these paints
required development of membranes carrying a slight positive charge.

Food Industry

Cheese Production

Ultrafiltration has found a major application in the production of cheese; the
technology is now widely used throughout the dairy industry. During cheese
production the milk is coagulated (or curdled) by precipitation of the milk pro-
teins. The solid that forms (curd) is sent to the cheese fermentation plant. The
supernatant liquor (whey) represents a disposal problem. The compositions of
milk and whey are shown in Table 6.2. Whey contains most of the dissolved
salts and sugars present in the original milk and about 25 % of the original pro-
tein. In the past, whey was often discharged to the sewer because its high salt
and lactose content makes direct use as a food supplement difficult. Now about
half of the whey produced in the United States is processed to obtain additional
value and avoid a troublesome waste disposal problems. The traditional cheese
production process and two newer processes using ultrafiltration membranes are
shown in Figure 6.22.

The objective of the two membrane processes shown in Figure 6.22 is to
increase the fraction of milk proteins used as cheese or some other useful product
and to reduce the waste disposal problem represented by the whey. In the MMV
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Table 6.2 Composition of milk and cheese whey

Component (wt%) Milk Whey

Total solids 12.3 7.0
Protein 3.3 0.9
Fat 3.7 0.7
Lactose/other carbohydrates 4.6 4.8
Ash 0.7 0.6
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Figure 6.22 Simplified flow schematic showing the traditional cheese production
method, and two new methods using ultrafiltration to increase the recycle of useful product

process, named after the developers Maubois, Mocquot and Vassal [25], whole
or skimmed milk is concentrated three- to five-fold to produce a pre-cheese con-
centrate that can be used directly to produce soft cheeses and yogurt. Typically,
the total solids level of the concentrate is about 30–35 %, containing 12–17 %
protein. This protein concentration is sufficient for soft cheeses (Camembert,
Mozzarella and Feta) but cannot be used directly to produce hard cheeses (Ched-
dar and Swiss), for which protein levels of 25 % are required. When ultrafiltration
can be used, increased milk protein utilization increases cheese production by
approximately 10 %, so the process is widely used.

The second whey separation process uses both ultrafiltration and reverse osmo-
sis to obtain useful protein from the whey produced in the traditional cheese
manufacturing process. A flow schematic of a combined ultrafiltration–reverse
osmosis process is shown in Figure 6.23. The goal is to separate the whey into
three streams, the most valuable of which is the concentrated protein fraction
stripped of salts and lactose. Because raw whey has a high lactose concentration,
before the whey protein can be used as a concentrate, the protein concentration
must be increased to at least 60–70 % on a dry basis and the lactose content
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Figure 6.23 Simplified flow schematic of an ultrafiltration/reverse osmosis process to
extract valuable components from cheese whey

reduced by 95 %. The objective of the ultrafiltration membrane step is to concen-
trate the protein as much as possible to minimize evaporator drying costs and to
simultaneously remove the lactose. These two objectives are difficult to meet in a
single ultrafiltration step because of the reduction in flux at the very high volume
reduction required to achieve sufficient lactose removal. Therefore, whey plants
commonly use an ultrafiltration step to achieve a 5- to 10-fold volume reduction
and remove most of the lactose, after which the feed is diluted with water and
reconcentrated in a second step which removes the remaining lactose. Most whey
plants use spiral-wound ultrafiltration modules in multistage feed-and-bleed sys-
tems. Sanitary spiral-wound module designs are used to eliminate stagnant areas
in the module housing, and the entire plant is sterilized daily with hot high- and
low-pH cleaning solutions. This harsh cleaning treatment significantly reduces
membrane lifetime.

Although whey protein products have several food uses, the lactose contained
in the permeate is less valuable, and many plants discharge the permeate to a
biological wastewater treatment plant. A few plants recover lactose as dry lactose
sugar, as shown in Figure 6.23. Some plants also ferment the lactose concentrate
to make ethanol. An introduction to membrane ultrafiltration in cheese production
is given by Kosikowski [26].

Clarification of Fruit Juice

Apple, pear, orange and grape juices are all clarified by ultrafiltration. Ultra-
filtration of apple juice is a particularly successful application. Approximately
200 plants have been installed, and almost all US apple juice is clarified by this
method. In the traditional process, crude filtration was performed directly after
crushing the fruit. Pectinase was added to hydrolyze pectin, which reduced the
viscosity of the juice before it was passed through a series of decantation and
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Figure 6.24 Ultrafiltration flux in apple juice clarification as a function of the volumetric
feed-to-residue concentration factor. Tubular polysulfone membranes at 55 ◦C [27].
Reprinted from R.G. Blanck and W. Eykamp, Fruit Juice Ultrafiltration, in Recent
Advances in Separation Techniques-III, N.N. Li (ed.), AIChE Symposium Series Number
250, 82 (1986). Reproduced by permission of the American Institute of Chemical
Engineers. Copyright  1986 AIChE. All rights reserved

diatomaceous filtration steps to yield clear juice with a typical yield of about 90 %.
By replacing these final filtration steps with ultrafiltration, a very good-quality,
almost-sterile product can be produced with a yield of almost 97 % [26,27].

Ultrafiltration membranes with a molecular weight cut-off of 10 000–50 000,
packaged as tubular or capillary hollow fiber modules, are generally used. The
initial feed solution is quite fluid, but in this application almost all of the feed
solution is forced through the membrane, and overall concentration factors of 50
are normal. This means that the final residue solution is concentrated and viscous
so the solution is usually filtered at 50–55 ◦C. Operation at this temperature also
reduces bacterial growth. A flux versus concentration factor curve produced in
this type of application is shown in Figure 6.24. As the concentration of the
residue rises, the flux falls dramatically.

Oil–Water Emulsions

Oil–water emulsions are widely used in metal machining operations to provide
lubrication and cooling. Although recycling of the fluids is widely practiced,
spent waste streams are produced. Using ultrafiltration to recover the oil com-
ponent and allow safe discharge of the water makes good economic sense, and

FOR REFERENCE PURPOSES ONLY



ULTRAFILTRATION 269

this application covers a wide volume range. In large, automated machining
operations such as automobile plants, steel rolling mills, and wire mills, a cen-
tral ultrafiltration system may process up to 100 000 gal/day of waste emulsion.
These are relatively sophisticated plants that operate continuously using several
ultrafiltration feed-and-bleed stages in series. At the other end of the scale are
very small systems dedicated to single machines, which process only a few gal-
lons of emulsion per hour. The principal economic driver for users of small
systems is the avoided cost of waste hauling. For larger systems the value of the
recovered oil and associated chemicals can be important. In both cases, tubular
or capillary hollow fiber modules are generally used because of the high foul-
ing potential and very variable composition of emulsified oils. A flow diagram
of an ultrafiltration system used to treat large machine oil emulsions is shown
in Figure 6.25. The dilute, used emulsion is filtered to remove metal cuttings
and is then circulated through a feed-and-bleed ultrafiltration system, producing
a concentrated emulsion for reuse and a dilute filtrate that can be discharged
or reused.

Filtrate

UF unit

Fine filter

Concentrate
receiver

Band filter
Flush water

Diluted
used emulsion

Emulsion for reuse

Filtrate
receiver

Concentrated emulsion cycle

Filtrate for reuse
as process fluid

Figure 6.25 Flow diagram of a feed-and-bleed ultrafiltration unit used to concentrate a
dilute oil emulsion
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Process Water and Product Recycling

Ultrafiltration has been applied to a number of process and product recycling
operations. Typical applications include cleaning and recycling hot water used
in food processing applications, recovery of latex particles contained in waste-
water produced in production of latex paints [28,29] and recovery of poly(vinyl
alcohol) sizing agents used as process aids in synthetic fabric weaving opera-
tions [28]. The economic driving force for the applications can come from a
number of sources:

• Water recovery. Depending on the plant’s location, reduced municipal water
costs can produce savings in the US$1.00–2.00/1000 gal range.

• Heat recovery. Many process streams are hot. Ultrafiltration usually works
better with hot feeds so hot feed solutions are not a problem. If the hot,
clean permeate can be recycled without cooling, the energy savings can be
considerable. If the water is 50 ◦C above ambient temperature, the energy
savings amount to about US$4.00/1000 gal.

• Avoided water treatment costs. These costs will vary over a wide range
depending on the process. For a food processing plant they are likely to be rela-
tively modest—perhaps only US$1/1000 gal or less—but treating latex emul-
sion plant effluents (called white water) can cost as much as US$10/1000 gal
or more.

• Product recovery value. If the product concentrated by the ultrafiltration pro-
cess can be recovered and reused in the plant, this is likely to be the most
important credit.

A typical example of a process water and product recycling application, shown
in Figure 6.26, is the recovery of poly(vinyl alcohol) sizing agent. In this appli-
cation, all the above economic drivers contribute to the total plant economics.
The feed stream is produced in fabric weaving when the fiber is dipped in a solu-
tion of poly(vinyl alcohol) to increase its strength. After weaving, the poly(vinyl
alcohol) is removed in a desizing wash bath. The solution produced in this bath
is hot (55 ◦C) and contains 0.5–1.0 % poly(vinyl alcohol). The purpose of the
ultrafiltration unit is to concentrate the poly(vinyl alcohol) so it can be recycled
to the sizing bath and to send the reclaimed, hot clean permeate stream back
to the desizing step. After filtration the poly(vinyl alcohol) solution is relatively
particulate-free and quite viscous, so spiral-wound modules are used to reduce
costs. For very small plants with flows of less than 5 gal/min, batch systems are
used. However, most plants are in the 10- to 100-gal/min range and are multistage
feed-and-bleed systems, as shown in Figure 6.26. The environment is challeng-
ing for the membranes, which must be cleaned weekly with detergents to remove
waxy deposits and with citric acid to remove iron scale. Even so, modules must
be replaced every 12–18 months, representing a major operating cost.
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Figure 6.26 Flow schematic of a three-stage feed-and-bleed ultrafiltration system used to
recover poly(vinyl alcohol) (PVA) sizing agents used in the production of cotton/synthetic
blend fabrics [28]

Biotechnology

Many applications exist for ultrafiltration in the biotechnology industry. A typ-
ical application is the concentration and removal of products from fermentation
operations used in enzyme production, cell harvesting, or virus production. Most
of the systems are small; the volume processed is often only 100 to 1000 gal/day,
but the value of products is often very high. Batch systems are commonly used.
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Because of the glamour of biotechnology, these applications have received a
disproportionate interest by academic researchers. However, this is not a major
market for ultrafiltration equipment, and many of the plants use little more than
bench-scale equipment.

Conclusions and Future Directions

The high cost per gallon of permeate produced limits the expansion of ultra-
filtration into most large wastewater and industrial process stream applications.
Costs are high because membrane fluxes are modest, large amounts of energy are
used to circulate the feed solution to control fouling, membrane modules must
be cleaned frequently, and membrane lifetimes are short. These are all different
aspects of the same problem—membrane fouling.

Unfortunately, membrane fouling and gel layer formation are inherent features
of ultrafiltration. Only limited progress in controlling these problems has been
made in the last 20 years and, barring an unexpected breakthrough, progress is
likely to remain slow. Development of inherently fouling-resistant membranes by
changing the membrane surface absorption characteristics or charge is a promis-
ing approach. By reducing adhesion of the deposited gel layer to the surface, the
scrubbing action of the feed solution can be enhanced. Another approach is to
develop inherently more fouling-resistant modules. In principle, bore-side-feed
capillary fiber modules offer high membrane areas, good flow distribution, and
the potential for simple automatic flushing to clean the membrane. The capillary
fibers used to date have generally been limited to relatively small diameters and
low operating pressures. Development of economical ways to produce 2- to 3-
mm-diameter capillary fiber modules, able to operate at 50–100 psi, could lead
to lower energy consumption and higher, more stable membrane fluxes. Mono-
lithic ceramic membrane modules have all of these features, but for these to be
widely accepted, costs must be reduced by an order of magnitude from today’s
levels, that is, to less than US$100–200/m2. If this cost reduction were achieved,
ceramics might replace polymeric membranes in many applications. Vibrating
membrane modules have been introduced recently and, although costs are high,
their performance is very good. Cost reductions could make this type of module
more generally applicable in the future.
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7 MICROFILTRATION

Introduction and History

Microfiltration refers to filtration processes that use porous membranes to separate
suspended particles with diameters between 0.1 and 10 µm. Thus, microfiltration
membranes fall between ultrafiltration membranes and conventional filters. Like
ultrafiltration, microfiltration has its modern origins in the development of collo-
dion (nitrocellulose) membranes in the 1920s and 1930s. In 1926 Membranfilter
GmbH was founded and began to produce collodion microfiltration membranes
commercially. The market was very small, but by the 1940s other companies,
including Sartorius and Schleicher and Schuell, were producing similar mem-
brane filters.

The first large-scale application of microfiltration membranes was to culture
microorganisms in drinking water; this remains a significant application. The test
was developed in Germany during World War II, as a rapid method to monitor
the water supply for contamination. The existing test required water samples to
be cultured for at least 96 h. Mueller and others at Hamburg University devised
a method in which a liter of water was filtered through a Sartorius microfiltration
membrane. Any bacteria in the water were captured by the filter, and the mem-
brane was then placed on a pad of gelled nutrient solution for 24 h. The nutrients
diffused to the trapped bacteria on the membrane surface, allowing them to grow
into colonies large enough to be easily counted under a microscope. After the
war there was no US supplier of these membranes, so in 1947 the US Army
sponsored a program by Goetz at CalTech to duplicate the Sartorius technology.
The membranes developed there were made from a blend of cellulose acetate
and nitrocellulose, and were formed by controlled precipitation with water from
the vapor phase. This technology was passed to the Lowell Chemical Company,
which in 1954 became the Millipore Corporation, producing the Goetz mem-
branes on a commercial scale. Over the next 40 years Millipore became the
largest microfiltration company. Membranes made from a number of noncellu-
losic materials, including poly(vinylidene fluoride), polyamides, polyolefins, and
poly(tetrafluoroethylene), have been developed over the last 40 years by Millipore
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and others. Nonetheless, the cellulose acetate/cellulose nitrate blend membrane
remains a widely used microfilter.

Until the mid-1960s, the use of microfiltration membranes was confined to lab-
oratory or to very small-scale industrial applications. The introduction of pleated
membrane cartridges by Gelman in the 1970s was an important step forward
and made possible the use of microfiltration membranes in large-scale industrial
applications. In the 1960s and 1970s, microfiltration became important in bio-
logical and pharmaceutical manufacturing, as did microfiltration of air and water
in the production of microelectronics in the 1980s. The production of low-cost,
single-use, disposable cartridges for pharmaceutical and electronics processes
now represents a major part of the microfiltration industry. In most applications
of microfiltration in these industries, trace amounts of particles are removed
from already very clean solutions. The most widely used process design, illus-
trated in Figure 7.1(a), is dead-end or in-line filtration, in which the entire fluid
flow is forced through the membrane under pressure. As particles accumulate
on the membrane surface or in its interior, the pressure required to maintain the
required flow increases, until at some point the membrane must be replaced. In

Particle-free permeate

(b) Cross-flow filtration

(a) In-line filtration

Particle-free permeate

Feed

Feed Retentate

Particle build-up on
membrane surface

Figure 7.1 Schematic representation of (a) in-line and (b) cross-flow filtration with
microfiltration membranes. The equipment used for in-line filtration is simple, but retained
particles plug the membrane rapidly. The equipment required for cross-flow filtration is
more complex, but the membrane lifetime is longer
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the 1970s, an alternative process design known as cross-flow filtration, illustrated
in Figure 7.1(b), began to be used.

In cross-flow systems, the feed solution is circulated across the surface of the
filter, producing two streams: a clean particle-free permeate and a concentrated
retentate containing the particles. The equipment required for cross-flow filtration
is more complex, but the membrane lifetime is longer than with in-line filtration.
The commercial availability of ceramic tubular cross-flow filters from Membralox
(now a division of US Filter), starting in the mid-1980s, has increased the appli-
cation of cross-flow filtration, particularly for solutions with high particle con-
centrations. Streams containing less than 0.1 % solids are almost always treated
with in-line filters; streams containing 0.5 % solids are almost always treated with
cross-flow filters. Between these two limits, both in-line and cross-flow systems
can be used, depending on the particular characteristics of the application.

In the last few years, a third type of microfiltration operating system called
semi-dead-end filtration has emerged. In these systems, the membrane unit is
operated as a dead-end filter until the pressure required to maintain a useful flow
across the filter reaches its maximum level. At this point, the filter is operated
in cross-flow mode, while concurrently backflushing with air or permeate solu-
tion. After a short period of backflushing in cross-flow mode to remove material
deposited on the membrane, the system is switched back to dead-end operation.
This procedure is particularly applicable in microfiltration units used as final bac-
terial and virus filters for municipal water treatment plants. The feed water has
a very low loading of material to be removed, so in-line operation can be used
for a prolonged time before backflushing and cross-flow to remove the deposited
solids is needed.

Beginning in 1990–1993, the first microfiltration/ultrafiltration systems began
to be installed to treat municipal drinking water obtained from surface water.
The US EPA and European regulators are implementing rules requiring this
water to be treated to control giardia, coliform bacteria, and viruses. Large plants
using back-flushable hollow fiber membrane modules are being built by a num-
ber of companies: US Filter (Memtec), Norit (X-Flow), Koch (Romicon), and
Hydranautics.

Some of the important milestones in the development of microfiltration are
charted in Figure 7.2.

Background

Types of Membrane

The two principal types of microfiltration membrane filter in use—depth filters
and screen filters—are illustrated in Figure 7.3. Screen filters have small pores
in their top surface that collect particles larger than the pore diameter on the
surface of the membrane. Depth filters have relatively large pores on the top
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Figure 7.2 Milestones in the development of microfiltration

surface so particles pass to the interior of the membrane. The particles are then
captured at constrictions in the membrane pores or by adsorption onto the pore
walls. Screen filter membranes rapidly become plugged by the accumulation of
retained particles at the top surface. Depth filters have a much larger surface area
available for collection of the particles, providing a larger holding capacity before
fouling. The mechanism of particle capture by these membranes is described in
more detail in Chapter 2.

Depth membrane filters are usually preferred for in-line filtration. As particles
are trapped within the membrane, the permeability falls, and the pressure required
to maintain a useful filtrate flow increases until, at some point, the membrane
must be replaced. The useful life of the membrane is proportional to the particle
loading of the feed solution. A typical application of in-line depth microfiltration
membranes is final polishing of ultrapure water just prior to use. Screen mem-
brane filters are preferred for the cross-flow microfiltration systems shown in
Figure 7.1(b). Because screen filters collect the retained particles on the surface
of the membrane, the recirculating fluid helps to keep the filter clean.

Membrane Characterization

Microfiltration membranes are often used in applications for which penetration of
even one particle or bacterium through the membrane can be critical. Therefore,
membrane integrity, that is, the absence of membrane defects or oversized pores,
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10 µm

Screen filter
0.45 µm pore size 

Depth filter
0.45 µm pore size 

Cross-sectional Comparison

Figure 7.3 Surface scanning electron micrograph and schematic comparison of nominal
0.45-µm screen and depth filters. The screen filter pores are uniform and small and capture
the retained particles on the membrane surface. The depth filter pores are almost 5–10
times larger than the screen filter equivalent. A few large particles are captured on the
surface of the membrane, but most are captured by adsorption in the membrane interior
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is extremely important. Several tests are used to characterize membrane pore size
and pore size distribution.

Characterizing the pore size of microfiltration membranes is a problem for
manufacturers. Most microfiltration membranes are depth filters, so electron
micrographs usually show an image similar to that in Figure 7.3. The average
pore diameter of these membranes appears to be about 5 µm, yet the mem-
branes are complete filters for particles or bacteria of about 0.5-µm diameter.
Therefore, most manufacturers characterize their membranes by the size of the
bacteria that are completely filtered by the membrane. The ability of a membrane
to filter bacteria from solutions depends on the pore size of the membrane, the
size of the bacteria being filtered, and the number of organisms used to chal-
lenge the membrane. Some results of Elford [1] that illustrate these effects are
shown in Figure 7.4. Elford found that membranes with relatively large pores
could completely filter bacteria from the challenge solution to produce a sterile
filtrate, providing the challenge concentration was low. If the organism concen-
tration was increased, breakthrough of bacteria to the filtrate occurred. However,
if the membrane pore size was small enough, a point was reached at which no
breakthrough of bacteria to the filtrate occurred no matter how concentrated the
challenge solution. This point is taken to be the pore size of the membrane.
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Figure 7.4 Membrane pore diameter from bubble point measurements versus Bacillus
prodigiosus concentration [1]. Reprinted from W.J. Elford, The Principles of Ultrafiltra-
tion as Applied in Biological Studies, Proc. R. Soc. London, Ser. B 112, 384 (1933) with
permission from The Royal Society, London, UK
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The industry has adopted two bacterial challenge tests to measure pore size and
membrane integrity [2]. The tests are based on two bacteria: Serrata marcescens,
originally thought to have a diameter of 0.45 µm, and Pseudomonas diminuta,
originally thought to have a diameter of 0.22 µm. In fact, both organisms are
ellipsoids with an aspect ratio of about 1.5:1. These tests have changed several
times over the years, but by convention a membrane is designated 0.45-µm pore
size if it is completely retentive when challenged with 107 S. marcescens organ-
isms per cm2 and 0.22-µm pore size if it is completely retentive when challenged
with 107 P. diminuta organisms per cm2. Most commercial microfiltration mem-
branes are categorized as 0.22- or 0.45-µm-diameter pore size based on these
tests. Membranes with larger or smaller pore sizes are classified by the pene-
tration tests with latex particle or bubble point measurements described below,
relative to these two primary standard measurements.

Currently, most bacterial challenge tests are performed with P. diminuta. This
organism has an average size of 0.3–0.4 µm, although the size varies signifi-
cantly with the culture conditions. In a rich culture medium, the cells can form
much larger clumps. Thus, to obtain consistent results, the culture characteris-
tics must be carefully monitored and control experiments performed with already
qualified 0.45- and 0.22-µm filters to confirm that no clumping has occurred.
The ASTM procedure is illustrated in Figure 7.5 [2]. Factors affecting this test
are discussed in detail by Meltzer [3].

1 liter flask

Membrane
filtration

apparatus
Filter

under test

Clamp 1

Clamp 2

Bacterial
air vent

Vacuum
source

Figure 7.5 Apparatus for testing the microbial retention characteristics of membrane
filters. The whole apparatus is sterilized, and initially the flask contains 140 mL of dou-
ble-strength culture medium. The culture to be tested (100 mL) is passed through the filter
with clamp 1 open and clamp 2 closed. The sides of the filter apparatus are washed with
two 20 mL portions of sterile broth. Clamp 2 is then opened, the vacuum released, and
clamp 1 closed. The filter apparatus is replaced by a sterile rubber stopper and the flask
incubated. Absence of turbidity in the flask indicates that the filter has retained the test
organism. From Brock [4]. Courtesy of Thomas D. Brock
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The performance of membranes in bacterial challenge tests is often quantified
by a log reduction value (LRV), defined as

LRV = log10

(
cf

cp

)
(7.1)

where cf is the concentration of bacteria in the challenge solution and cp is the
concentration in the permeate. It follows that at 99 % rejection, cf /cp is 100 and
the LRV is 2; at 99.9 % rejection, the LRV is 3; and so on. In pharmaceutical
and electronic applications, an LRV of 7 or 8 is usually required. In municipal
water filtration, an LRV of 4 or 5 is the target.

Latex Challenge Tests

Bacterial challenge tests require careful, sterile laboratory techniques and an
incubation period of several days before the results are available. For this reason,
secondary tests based on filtration of suspensions of latex particles of precise
diameters have been developed. In such a test, a monodisperse latex suspension
with particle diameters from 0.1 to 10 µm is used. The test solution is filtered
through the membrane, and the number of particles permeating the membrane is
determined by filtering the permeate solution a second time with a tight mem-
brane screen filter. The membrane screen filter captures the latex particles for easy
counting. Although the latex challenge test has been used in fundamental studies
of microfiltration membrane properties, it is not widely used by membrane pro-
ducers. The bubble point test described below, backed by correlating the bubble
point to the primary bacterial challenge test results, is more commonly used.

Bubble Point Test

The bubble point test is simple, quick and reliable and is by far the most widely
used method of characterizing microfiltration membranes. The membrane is first
wetted with a suitable liquid, usually water for hydrophilic membranes and
methanol for hydrophobic membranes. The membrane is then placed in a holder
with a layer of liquid on the top surface. Air is fed to the bottom of the mem-
brane, and the pressure is slowly increased until the first continuous string of air
bubbles at the membrane surface is observed. This pressure is called the bubble
point pressure and is a characteristic measure of the diameter of the largest pore
in the membrane. Obtaining reliable and consistent results with the bubble point
test requires care. It is essential, for example, that the membrane be completely
wetted with the test liquid; this may be difficult to determine. Because this test is
so widely used by microfiltration membrane manufacturers, a great deal of work
has been devoted to developing a reliable test procedure to address this and other
issues. The use of this test is reviewed in Meltzer’s book [3].
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The bubble point pressure can be related to the membrane pore diameter, r ,
by the equation

�p = 2γ cos θ

r
(7.2)

where �p is the bubble point pressure, γ is the fluid surface tension, and θ is
the liquid–solid contact angle. For completely wetting solutions, θ is 0◦ so cos θ

equals 1. Properties of liquids commonly used in bubble point measurements are
given in Table 7.1.

Microfiltration membranes are heterogeneous structures having a distribution
of pore sizes. The effect of the applied gas pressure on the liquid in a bubble
test is illustrated schematically in Figure 7.6. At pressures well below the bubble
point, all pores are completely filled with liquid so gas can only pass through
the membrane by diffusion through the liquid film. Just below the bubble point
pressure, liquid begins to be forced out of the largest membrane pores. The
diffusion rate then starts to increase until the liquid is completely forced out of
the largest pore. Bubbles of gas then form on the membrane surface. As the
gas pressure is increased further, liquid is forced out of more pores, and general
convective flow of gas through the membrane takes place. This is sometimes
called the ‘foam all over pressure’ and is a measure of the average pore size of
the membrane.

The apparatus used to measure membrane bubble points is shown in its simplest
form in Figure 7.7 [4]. Bubble point measurements are subjective, and different
operators can obtain different results. Nonetheless the test is quick and simple
and is widely used as a manufacturing quality control technique. Bubble point
measurements are also used to measure the integrity of filters used in critical
pharmaceutical or biological operations.

Bubble point measurements are most useful to characterize sheet stock or small
membrane filters. The technique is more difficult to apply to formed membrane
cartridges containing several square feet of membrane because diffusive flow of

Table 7.1 Properties of liquids commonly used in bub-
ble point measurements. The conversion factor divided by
the bubble pressure (in psi) gives the maximum pore size
(in µm)

Wetting
liquid

Surface tension
(dyn/cm)

Conversion
factor

Water 72 42
Kerosene 30 17
Isopropanol 21.3 12
Silicone fluida 18.7 11
Fluorocarbon fluidb 16 9

a Dow Corning 200 fluid, 2.0 cSt.
b3M Company, Fluorochemical FC-43.
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Figure 7.6 Schematic of the effect of applied gas pressure on gas flow through a wetted
microporous membrane in a bubble pressure test (Meltzer) [3]. Reprinted from Meltzer [3]
by courtesy of Marcel Dekker, Inc.
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Figure 7.7 Bubble point measurements; (a) exploded view of filter holder; (b) test appa-
ratus; and (c) typical bubble patterns produced. From Brock [4]. Courtesy of Thomas
D. Brock
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gas through the liquid film masks the bubble point. To test cartridges, the applied
pressure is set at a few psi below the bubble point, typically at 80 % of the bubble
point pressure. The diffusive flow of gas through the wetted cartridge filter is then
measured [5]. This provides a good integrity test of large-area cartridge filters
because even a small membrane defect increases gas flow significantly above the
norm for defect-free cartridges.

Although bubble point measurements can be used to determine the pore diam-
eter of membranes using Equation (7.1), the results must be treated with caution.
Based on Equation (7.1), a 0.22-µm pore diameter membrane should have a
bubble point of about 200 psig. In fact, based on the bacterial challenge test, a
0.22-µm pore diameter membrane has a bubble point pressure of 40–60 psig,
depending on the membrane. That is, the bubble point test indicates that the
membranes has a pore diameter of about 1 µm.

Figure 7.8 shows typical results comparing microbial challenge tests using
0.22-µm P. diminuta with membrane bubble points for a series of related
membranes [6]. In these tests at a microbial reduction factor of 108 –109, the
membrane has a bubble point pressure of only 40 psig, far below the theoretical

Bubble point (psi)

M
ic

ro
be

 r
ed

uc
tio

n 
va

lu
e

2010 30 40 50

1010

105

102

10

Figure 7.8 Correlation of P. diminuta microbial challenge and bubble point test data for
a series of related membranes [6]. Reprinted from T.J. Leahy and M.J. Sullivan, Validation
of Bacterial Retention Capabilities of Membrane Filters, Pharm. Technol. 2, 65 (1978)
with permission from Pharmaceutical Technology, Eugene, OR
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value of 200 psig for a 0.22-µm pore diameter membrane. Such discrepancies
are sometimes handled by a correction factor in Equation (7.1) to account for the
shape of the membrane pores, but no reasonable shape factor can account for the
four-fold discrepancy seen here. There are two possible reasons why the bubble
point test overestimates the minimum pore size of the membrane. First, the test is
a measure of the pore size of the membrane. However, a one-to-one relationship
between the diameter of the bacteria able to penetrate the membrane and the pore
diameter assumes that the only method of bacterial capture is direct filtration of
the test organism somewhere in the membrane. If no organisms penetrate the
membrane even at a high concentration, the conclusion is that no pores larger than
the organism’s diameter exist. However, this ignores other capture mechanisms,
such as adsorption and electrostatic attraction, that can remove the organism even
though the pore diameter is larger than the particle. As a result, although a small
fraction of the membrane pores may be larger than 0.22 µm, leading to a low
bubble point pressure, bacteria still cannot travel through these pores in a normal
challenge test.

A second explanation, proposed by Williams and Meltzer [7], is illustrated
in Figure 7.9. In liquid flow, all flow through the membrane is from the high-
pressure (top) to the low-pressure (bottom) side of the membrane. In a bubble
point test the membrane is filled with liquid, and gas is used to displace liquid
from the large pores. The bubble point is reached when the first contiguous
series of large pores through the membrane is formed. This path can be long and
tortuous and may not follow the path taken by liquid flow.

(a) Liquid flow in a microbial
     challenge test

(b) Gas flow at the bubble point
     of a wet membrane

Figure 7.9 An illustration of the model of Williams and Meltzer [7] to explain the
discrepancy between membrane pore diameter measurements based on the microbial chal-
lenge test and the bubble point test. Reprinted from R.E. Williams and T.H. Meltzer,
Membrane Structure, the Bubble Point and Particle Retention, Pharm. Technol. 7 (5), 36
(1983) with permission from Pharmaceutical Technology, Eugene, OR
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Microfiltration Membranes and Modules

The first major application of microfiltration membranes was for biological test-
ing of water. This remains an important laboratory application in microbiology
and biotechnology. For these applications the early cellulose acetate/cellulose
nitrate phase separation membranes made by vapor-phase precipitation with
water are still widely used. In the early 1960s and 1970s, a number of other
membrane materials with improved mechanical properties and chemical stability
were developed. These include polyacrylonitrile–poly(vinyl chloride) copoly-
mers, poly(vinylidene fluoride), polysulfone, cellulose triacetate, and various
nylons. Most cartridge filters use these membranes. More recently poly(tetrafluo-
roethylene) membranes have come into use.

In the early 1960s and 1970s, the in-line plate-and-frame module was the only
available microfiltration module. These units contained between 1 and 20 separate
membrane envelopes sealed by gaskets. In most operations all the membrane
envelopes were changed after each use; the labor involved in disassembly and
reassembly of the module was a significant drawback. Nonetheless these systems
are still widely used to process small volumes of solution. A typical plate-and-
frame filtration system is shown in Figure 7.10.

Figure 7.10 Sterile filtration of a small-volume pharmaceutical solution with a 142 mm
plate-and-frame filter used as a prefilter in front of a small disposable cartridge final filter.
From Gelman Science

FOR REFERENCE PURPOSES ONLY



288 MEMBRANE TECHNOLOGY AND APPLICATIONS

More recently, a variety of cartridges that allow a much larger area of mem-
brane to be incorporated into a disposable unit have become available. Disposable
plate-and-frame cartridges have been produced, but by far the largest portion of
the market is for pleated cartridges, first introduced in the early 1970s. A dis-
posable cartridge filter of this type is shown in Figure 7.11. A typical cartridge
is 10 in. long, has a diameter of 2–2.5 in., and contains about 3 ft2 of mem-
brane. Often the membrane consists of several layers: an outer prefilter facing
the solution to be filtered, followed by a finer polishing membrane filter.

In these units, the membrane is pleated and then folded around the permeate
core. The cartridge fits inside a specially designed housing into which the feed
solution enters at a pressure of 10–120 psi. Pleated membrane cartridges, which
are fabricated with high-speed automated equipment, are cheap, disposable, reli-
able, and hard to beat if the solution to be filtered has a relatively low particle
level. Ideal applications are production of aseptic solutions in the pharmaceutical
industry or ultrapure water for wafer manufacture in the electronics industry. The
low particle load of these feed solutions allows small in-line cartridges to filter
large volumes of solution before needing replacement. Manufacturers produce
cartridge holders that allow a number of cartridges to be connected in series

Melted seal
(top and bottom)

End cap

Protective
outer sleeve

Inner
support

core

Support net

Fiber
prefilter

0.2 µm
membrane filter

Figure 7.11 Cut-away view of a simple pleated cartridge filter. By folding the membrane
a large surface area can be contacted with the feed solution producing a high particle
loading capacity. (From Membrana product literature)
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Figure 7.12 Standard-size disposable cartridges can be connected in series or parallel to
handle large flows. This unit consists of nine cartridges arranged in a 3 × 3 array. (From
Sartorius product literature)

or in parallel to handle large solution flows. A multicartridge unit is shown in
Figure 7.12.

However, the short lifetime of in-line cartridge filters makes them unsuitable for
microfiltration of highly contaminated feed streams. Cross-flow filtration, which
overlaps significantly with ultrafiltration technology, described in Chapter 6, is
used in such applications. In cross-flow filtration, long filter life is achieved by
sweeping the majority of the retained particles from the membrane surface before
they enter the membrane. Screen filters are preferred for this application, and an
ultrafiltration membrane can be used. The design of such membranes and modules
is covered under ultrafiltration (Chapter 6) and will not be repeated here.

Process Design

A typical in-line cartridge filtration application is illustrated in Figure 7.13. A
pump forces liquid through the filter, and the pressure across the filter is measured
by a pressure gauge. Initially, the pressure difference measured by the gauge is
small, but as retained particles block the filter, the pressure difference increases
until a predetermined limiting pressure is reached, and the filter is changed.

To extend its life, a microfiltration cartridge may contain two or more mem-
brane filters in series, or as shown in Figure 7.13, a coarse prefilter cartridge
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Prefilter membrane

cartridge filter
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Figure 7.13 Typical in-line filtration operation using two cartridge filters in series. The
prefilter removes all of the large particles and some of the smaller ones. The final polishing
filter removes the remaining small particles

before the final polishing filter. The prefilter captures the largest particles, allow-
ing smaller particles to pass and be captured by the following finely porous
membrane. The use of a prefilter extends the life of the microfiltration car-
tridge significantly. Without a prefilter the fine microfiltration membrane would
be rapidly blinded by accumulation of large particles on the membrane surface.
The correct combination of prefilter and final membrane must be determined
for each application. This can be done by placing the prefilter on top of the
required final filter membrane in a small test cell, or better yet, with two test
cells in series. With two test cells the pressure drop across each filter can be
measured separately.

The objective of a prefilter is to extend the life of the final filter by removing the
larger particles from the feed, allowing the final filter to remove the smaller par-
ticles. The results obtained with different prefilters are shown in Figure 7.14 [8].
Figure 7.14(a) shows the rate of pressure rise across the fine filter alone. The
limited dirt-holding capacity of this filter means that it is rapidly plugged by a
surface layer of large particles. Figure 7.14(b) shows the case when a too coarse
prefilter is used. In this case, the pressure difference across the prefilter remains
small, whereas the pressure difference across the final filter increases as rapidly as
before because of plugging by particles passing the prefilter. Little improvement
in performance is obtained. Figure 7.14(c) shows the case where the prefilter is
too fine. This situation is the opposite of 7.14(a)—the pressure difference across
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Figure 7.14 The pressure difference across the prefilter, the final filter and the combined
filters for various combinations of prefilter and final filter. The optimum prefilter distributes
the particle load evenly between the two filters so both filters reach their maximum particle
load at the same time. This maximizes the useful life of the combination

the prefilter increases rapidly, and the lifetime of the combination filter is limited
by this filter. Figure 7.14(d) shows the optimum combination in which the pres-
sure difference is uniformly distributed across the prefilter and final filter. This
condition maximizes the lifetime of the filter combination.

Recently, some membrane manufacturers have attempted to produce
anisotropic microfiltration membranes in which the open microporous support is a
built-in prefilter. Unlike most other applications of anisotropic membranes, these
membranes are oriented with the coarse, relatively open pores facing the feed
solution, and the most finely microporous layer is at the bottom of the membrane.
The goal is to increase filter life by distributing the particle load more evenly
across the filter than would be the case with an isotropic porous membrane.

Cartridge microfiltration is a stable area of membrane technology—few
changes in cartridge design or use have occurred in the past 20 years. Most
changes have focused on improving resistance to higher temperatures, solvents
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and extremes of pH, to allow application of these filters in more challenging
environments.

Recent innovation in microfiltration has mainly concerned the development of
cross-flow filtration technology and membranes. The design of these processing
systems closely follows that of ultrafiltration described in Chapter 6. In cross-flow
filtration, the membrane must retain particles at the membrane surface; therefore,
only asymmetric membranes or screen filters with their smallest pores facing
the feed solutions can be used. Ceramic filters of the type made by Membralox
(now part of US Filter) and others are being used increasingly in this type of
application. A ceramic microfiltration cross-flow filter is shown in Figure 7.15.
Capillary hollow fiber membrane modules similar to those originally developed
for ultrafiltration applications are also now being widely used for cross-flow
microfiltration applications.

The key innovation that has led to the increased use of cross-flow microfil-
tration membrane modules in the last few years has been the development of
back-pulsing or backflushing to control membrane fouling [9–11]. In this proce-
dure, the water flux through the membrane is reversed to remove any particulate
and fouling material that may have formed on the membrane surface. In micro-
filtration several types of backflushing can be used. Short, relatively frequent
flow reversal lasting a few seconds and applied once every few minutes is called

Figure 7.15 Monolithic ceramic microfilter. The feed solution passes down the bores
of the channels formed in a porous ceramic block. The channel walls are coated with a
finely porous ceramic layer
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back-pulsing. Longer flow reversal, lasting 1 or 2 min and applied once every
1 or 2 h, is called backflushing. The balance between the duration of back pulses
and their frequency depends on the particular application.

Direct observations illustrating the efficiency of back-pulsing have been made
by Mores and Davis [9] using a transparent test cell and cellulose acetate micro-
filtration membranes fouled with yeast cells. Figure 7.16(a) shows a photograph
of the membrane surface after 2 h of operation with a yeast solution. The mem-
brane surface is completely covered with yeast cells. Figure 7.16(b–d) shows the
effect of back-pulsing for different times. Back-pulsing for 0.1 s removes about
half the yeast, back-pulsing for 1 s removes about 90 %, and back-pulsing for
180 s removes all but a few yeast cells.

Microfiltration cross-flow systems are often operated at a constant applied
transmembrane pressure in the same way as the reverse osmosis and ultrafiltra-
tion systems described in Chapters 5 and 6. However, microfiltration membranes
tend to foul and lose flux much more quickly than ultrafiltration and reverse
osmosis membranes. The rapid decline in flux makes it difficult to control sys-
tem operation. For this reason, microfiltration systems are often operated as
constant flux systems, and the transmembrane pressure across the membrane
is slowly increased to maintain the flow as the membrane fouls. Most com-
monly the feed pressure is fixed at some high value and the permeate pressure

10 µm

Fouled
membrane

Back pulse
0.1s

Back pulse
1s

Back pulse
180 s

(a) (b) (c) (d)

Figure 7.16 An illustration of the efficiency of back-pulsing in removing fouling mate-
rials from the surface of microfiltration membranes. Direct microscopic observations of
Mores and Davis [9] of cellulose acetate membranes fouled with a 0.1 wt% yeast suspen-
sion. The membrane was backflushed with permeate solution at 3 psi for various times.
Reprinted from J. Membr. Sci. 189, W.D. Mores and R.H. Davis, Direct Visual Obser-
vation of Yeast Deposition and Removal During Microfiltration, p. 217, Copyright 2001,
with permission from Elsevier
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is set at a value just below the feed pressure. As the membrane is used, its
permeability slowly decreases because of fouling. This decrease in permeabil-
ity is compensated for by lowering the permeate pressure and so increasing the
pressure driving force. When the permeate pressure reaches some predetermined
value, the module is taken off-line and cleaned or backflushed to restore its
permeability.

Some results illustrating the operation of microfiltration membranes using the
constant-flux procedure are illustrated in Figure 7.17 [12]. The target flux of the
module was set by choosing the initial pressure difference across the membrane.
As the membrane fouled, the pressure difference increased until it reached the
limiting pressure difference of 6–9 psi. In the example shown, modules set to
produce a flux of 50 L/m2 · h were completely fouled within 20 h. Reducing
the flux to 40 L/m2 · h increased the useful lifetime of the membrane three-fold;
reducing the flux to 30 L/m2 · h achieved a very long lifetime. Just as in ultrafiltra-
tion, the membranes perform best when operated at conditions where membrane
fouling is controlled by the flow of liquid across the surface. Operating at high
flux or high transmembrane pressure leads to deposition of a thick compacted
fouling layer.

The advantages and disadvantages of in-line microfiltration and cross-flow
filtration are compared in Table 7.2. In general, in-line filtration is preferred as
a polishing operation for already clean solutions, for example, to sterilize water
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Figure 7.17 Experiments showing the rate of fouling of 0.22-µm microfiltration mem-
branes used to treat dilute biomass solutions. The membranes were operated at the fluxes
shown, by increasing transmembrane pressure over time to maintain this flux as the mem-
branes fouled [12]. Reprinted from J. Membr. Sci. 209, B.D. Cho and A.G. Fane, Fouling
Transients in Nominally Sub-critical Flux Operation of a Membrane Bioreactor, p. 391,
Copyright 2002, with permission from Elsevier
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Table 7.2 Comparison of advantages and disadvantages of in-line and cross-flow
microfiltration

In-line microfiltration Cross-flow microfiltration

Low capital cost High capital cost

High operating costs—membrane must
be replaced after each use and
disposal can be a problem

Operating costs modest—membranes
have extended lifetimes if regularly
cleaned

Operation is simple—no moving parts Operation is complex—filters require
regular cleaning

Best suited to dilute (low solid content)
solutions. Membrane replacement
costs increase with particle
concentrations in the feed solution

Best suited to high solid content
solutions. Costs are relatively
independent of feed solution particle
concentrations

Representative applications: Representative applications:
Sterile filtration Continuous culture/cell recycle
Clarification/sterilization of beer and
wine

Filtration of oilfield produced water

in the pharmaceutical and electronics industries. Cross-flow filtration is more
expensive than in-line filtration in this type of application but, if the water has a
high particle content, cross-flow filtration is preferred.

Applications
The microfiltration market differs significantly from that of other membrane sep-
aration processes in that membrane lifetimes are often measured in hours. In a
few completely passive applications, such as treating sterile air vents, membranes
may last several months; in general the market is dominated by single-use car-
tridges designed to filter a relatively small mass of particles from a solution. The
volume of solution that can be treated by a microfiltration membrane is directly
proportional to the particle level in the water. As a rough rule of thumb, the
particle-holding capacity of a cartridge filter in a noncritical use is between 100
and 300 g/m2 of membrane area. Thus, the volume of fluid that can be treated
may be quite large if the microfilter is a final safety filter for an electronics plant
ultrapure water system, but much smaller if treating contaminated surface water
or a food processing stream. The approximate volume of various solutions that
can be filtered by a 5-µm filter before the filter is completely plugged is given
in Table 7.3 [13].

Despite the limited volumes that can be treated before a filter must be replaced,
microfiltration is economical because the cost of disposable cartridges is low.
Currently, a 10-in.-long pleated cartridge costs between US$10 and US$20 and
contains 0.3–0.5 m2 of active membrane area. The low cost reflects the large
numbers that are produced.
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Table 7.3 Approximate volume of fluid that can
be filtered by 1 m2 of a 5-µm membrane before
fouling [13]

Solution Volume filtered
(m3/m2)

Water from deep wells 1000
Solvents 500
Tap water 200
Wine 50
Pharmaceuticals for ampoules 50
20 % glucose solution 20
Vitamin solutions 10
Parenterals 10
Peanut oil 5
Fruit juice concentrate 2
Serum (7 % protein) 0.6

The primary market for the disposable cartridge is sterile filtration for the
pharmaceutical industry and final point-of-use polishing of ultrapure water for the
microelectronics industry. Both industries require very high-quality, particle-free
water. The cost of microfiltration compared to the value of the products is small
so these markets have driven the microfiltration industry for the past 15 years.

Sterile Filtration of Pharmaceuticals

Microfiltration is used widely in the pharmaceutical industry to produce injectable
drug solutions. Regulating agencies require rigid adherence to standard prepa-
ration procedures to ensure a consistent, safe, sterile product. Microfiltration
removes particles but, more importantly, all viable bacteria, so a 0.22-µm-rated
filter is usually used. Because the cost of validating membrane suppliers is sub-
stantial, users usually develop long-term relationships with individual suppliers.

A microfilter for this industry is considered sterile if it achieves a log reduction
factor of better than 7. This means that if 107 bacteria/cm2 are placed on the filter,
none appears in the filtrate. A direct relationship exists between the log reduction
factor and the bubble point of a membrane.

Microfiltration cartridges produced for this market are often sterilized directly
after manufacture and again just prior to use. Live steam, autoclaving at 120 ◦C,
or ethylene oxide sterilization may be used, depending on the applications. A
flow schematic of an ampoule-filling station (after material by Schleicher and
Schuell) is shown in Figure 7.18.

In this process, feedwater is first treated by a deionization system consisting of
reverse osmosis, followed by mixed bed ion exchange, and a final 5-µm filtra-
tion step. The requirements of water for injection are a good deal less stringent
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Figure 7.18 Flow diagram illustrating the use of microfiltration sterilization filters in a
production line used to prepare ampoules of injectable drug solutions

than the requirements of ultrapure water for the electronics industry, so the water
treatment system is relatively straightforward. The water is first sterilized with
a 0.2-µm final filter before being mixed with the drug solution, then sent to a
storage tank for the ampoule-filling station. Before use, the solution is filtered
at least twice more with 0.2-µm filters to ensure sterility. Because pharmaceu-
ticals are produced by a batch process, all filters are replaced at the end of
each batch.

Sterilization of Wine and Beer

Cold sterilization of beer using microfiltration was introduced on a commercial
scale in 1963. The process was not generally accepted at that time, but has
recently become more common. Sterilization of beer and wine is much less
stringent than pharmaceutical sterilization. The main objective is to remove yeast
cells, which are quite large, so the product is clear and bright. Bacterial removal
is also desirable; a 106 reduction in bacteria is equivalent to the best depth filters.
The industry has found that 1-µm filters can remove essentially all the yeast as
well as provide a 106 reduction in the common bacteria found in beer and wine.
Because the cost structure of beer and wine production is very different from that
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of pharmaceuticals, the filtration system typically involves one or more prefilters
to extend the life of the final polishing filter.

Microfiltration in the Electronics Industry

Microfilters are used in the electronics industry, principally as final point-of-use
filters for ultrapure water. The water is already very pure and almost completely
particle- and salt-free, so the only potential problem is contamination in the
piping from the central water treatment plant to the device fabrication area.
Although fine filters with 0.1 µm pore diameter or less may be used, lifetimes
are relatively long.

The electronics industry also uses a variety of reactive gases and solvents which
must be particle free. Teflon microfilters are widely used to treat these materials.

Microfiltration for Drinking Water Treatment

Beginning in about 1990, the first microfiltration/ultrafiltration plants were instal-
led to treat municipal surface water supplies [14,15]. The driver was implemen-
tation of an EPA surface water treatment rule requiring all utilities in the United

Figure 7.19 Photograph of a 25 million gal/day capillary hollow fiber module plant to
produce potable water from a well, installed by Norit (X-Flow) in Keldgate, UK. Courtesy
of Norit Membrane Technology BV
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States to provide an LRV of 3 for giardia and an LRV of 4 for viruses. European
regulators have adopted similar rules.

The plants installed have all been equipped with hollow fiber membrane mod-
ules. The feed water is generally fairly clean, so the modules are operated in a
dead-end mode for 10–20 min and then backflushed with air or filtered water for
20–30 s. During backflushing, the modules are swept with water to remove the
accumulated solids, after which the cycle is repeated. It is estimated that 40 000
water works in the United States are affected by the EPA ruling, so the potential
market is very large. Many of these water works are small, but several large plants
equipped with hundreds of modules have also been installed. A photograph of
one such plant is shown in Figure 7.19. Similar plants are also being considered
to prefilter and sterilize feed water for reverse osmosis desalination plants or for
tertiary treatment and ultimate reuse of water from sewage treatment plants.

Conclusions and Future Directions

The main microfiltration market is for in-line disposable cartridge filters. These
cartridges are sold into two growing modern industries—microelectronics and
pharmaceuticals—so prospects for continued market growth of the industry are
very good. In addition to these existing markets, significant potential markets
exist for microfiltration in bacterial control of drinking water, tertiary treatment
of sewage, and replacement of diatomaceous earth depth filters in the chemi-
cal processing and food industries. The particle load of all these waters is far
higher than that presently treated by microfiltration and has required develop-
ment of cross-flow filtration systems able to give filter lifetimes of months or
even years. Such systems are now being installed in municipal water treatment
plants. The units can be cleaned by backflushing and offer reliable performance.
Municipal water treatment is likely to develop into a major future application of
microfiltration technology.
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Introduction and History
Gas separation has become a major industrial application of membrane technol-
ogy only during the past 20 years, but the study of gas separation has a long
history. Systematic studies began with Thomas Graham who, over a period of
20 years, measured the permeation rates of all the gases then known through
every diaphragm available to him [1]. This was no small task because his exper-
iments had to start with synthesis of the gas. Graham gave the first description
of the solution-diffusion model, and his work on porous membranes led to Gra-
ham’s law of diffusion. Through the remainder of the nineteenth and the early
twentieth centuries, the ability of gases to permeate membranes selectively had
no industrial or commercial use. The concept of the perfectly selective mem-
brane was, however, used as a theoretical tool to develop physical and chemical
theories, such as Maxwell’s kinetic theory of gases.

From 1943 to 1945, Graham’s law of diffusion was exploited for the first
time, to separate U235F6 from U238F6 as part of the Manhattan project. Finely
microporous metal membranes were used. The separation plant, constructed in
Knoxville, Tennessee, represented the first large-scale use of gas separation mem-
branes and remained the world’s largest membrane separation plant for the next
40 years. However, this application was unique and so secret that it had essen-
tially no impact on the long-term development of gas separation.

In the 1940s to 1950s, Barrer [2], van Amerongen [3], Stern [4], Meares [5]
and others laid the foundation of the modern theories of gas permeation. The
solution-diffusion model of gas permeation developed then is still the accepted
model for gas transport through membranes. However, despite the availability
of interesting polymer materials, membrane fabrication technology was not suf-
ficiently advanced at that time to make useful gas separation membrane systems
from these polymers.

The development of high-flux anisotropic membranes and large-surface-area
membrane modules for reverse osmosis applications in the late 1960s and early
1970s provided the basis for modern membrane gas separation technology.
The first company to establish a commercial presence was Monsanto, which

Membrane Technology and Applications R. W. Baker
 2004 John Wiley & Sons, Ltd ISBN: 0-470-85445-6
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launched its hydrogen-separating Prism membrane in 1980 [6]. Monsanto had
the advantage of being a large chemical company with ample opportunities to
test pilot- and demonstration-scale systems in its own plants before launching
the product. The economics were compelling, especially for the separation of
hydrogen from ammonia-plant purge-gas streams. Within a few years, Prism
systems were installed in many such plants [7].

Monsanto’s success encouraged other companies to advance their own mem-
brane technologies. By the mid-1980s, Cynara, Separex and Grace Membrane
Systems were producing membrane plants to remove carbon dioxide from methane
in natural gas. This application, although hindered by low natural gas prices in
the 1990s, has grown significantly over the years. At about the same time, Dow
launched Generon, the first commercial membrane system for nitrogen separa-
tion from air. Initially, membrane-produced nitrogen was cost-competitive in only
a few niche areas, but the development by Dow, Ube and Du Pont/Air Liquide of
materials with improved selectivities has since made membrane separation much
more competitive. This application of membranes has expanded very rapidly and
is expected to capture more than one-half of the market for nitrogen separation
systems within the next few years. To date, approximately 10 000 nitrogen systems
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Figure 8.1 Milestones in the development of gas separation
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have been installed worldwide. Gas separation membranes are also being used for
a wide variety of other, smaller applications ranging from dehydration of air and
natural gas to organic vapor removal from air and nitrogen streams. Application
of the technology is expanding rapidly and further growth is likely to continue for
the next 10 years or so. Figure 8.1 provides a summary of the development of gas
separation technology.

Theoretical Background

Both porous and dense membranes can be used as selective gas separation bar-
riers; Figure 8.2 illustrates the mechanism of gas permeation. Three types of
porous membranes, differing in pore size, are shown. If the pores are relatively
large—from 0.1 to 10 µm—gases permeate the membrane by convective flow,
and no separation occurs. If the pores are smaller than 0.1 µm, then the pore
diameter is the same size as or smaller than the mean free path of the gas
molecules. Diffusion through such pores is governed by Knudsen diffusion, and
the transport rate of any gas is inversely proportional to the square root of its
molecular weight. This relationship is called Graham’s law of diffusion. Finally,
if the membrane pores are extremely small, of the order 5–20 Å, then gases
are separated by molecular sieving. Transport through this type of membrane is
complex and includes both diffusion in the gas phase and diffusion of adsorbed
species on the surface of the pores (surface diffusion). These very small-pore
membranes have not been used on a large scale, but ceramic and ultramicroporous

Porous membranes

Convective flow

Knudsen diffusion

Molecular sieving
(surface diffusion)

Solution-diffusion

Dense membranes

Figure 8.2 Mechanisms for permeation of gases through porous and dense gas separa-
tion membranes
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glass membranes with extraordinarily high selectivities for similar molecules have
been prepared in the laboratory.

Although these microporous membranes are topics of considerable research
interest, all current commercial gas separations are based on the dense polymer
membrane shown in Figure 8.2. Separation through dense polymer films occurs
by a solution-diffusion mechanism.

In Chapter 2 [Equation (2.59)], it was shown that gas transport through dense
polymer membranes is governed by the expression

Ji = DiK
G
i (pio − pi�)

�
(8.1)

where Ji is the flux of component i (g/cm2 · s), pio and pi� are the partial pressure
of the component i on either side of the membrane, � is the membrane thickness,
Di is the permeate diffusion coefficient, and KG

i is the Henry’s law sorption
coefficient (g/cm3 · pressure). In gas permeation it is much easier to measure the
volume flux through the membrane than the mass flux and so Equation (8.1) is
usually recast as

ji = DiKi(pio − pi�)

�
(8.2)

where ji is the volume (molar) flux expressed as [cm3(STP) of component
i]/cm2 · s and Ki is a sorption coefficient with units [cm3(STP) of component
i/cm3 of polymer]·pressure. The product DiKi can be written as Pi , which is
called the membrane permeability, and is a measure of the membrane’s ability
to permeate gas.1 A measure of the ability of a membrane to separate two gases,
i and j , is the ratio of their permeabilities, αij , called the membrane selectivity

αij = Pi

Pj

(8.3)

The relationship between polymer structure and membrane permeation was
discussed in detail in Chapter 2 and is revisited only briefly here. Permeability
can be expressed as the product DiKi of two terms. The diffusion coefficient,
Di , reflects the mobility of the individual molecules in the membrane material;
the gas sorption coefficient, Ki , reflects the number of molecules dissolved in
the membrane material. Thus, Equation (8.3) can also be written as

αij =
[

Di

Dj

] [
Ki

Kj

]
(8.4)

1The permeability of gases through membranes is most commonly measured in Barrer, defined as
10−10 cm3(STP)/cm2 · s · cmHg and named after R.M. Barrer, a pioneer in gas permeability mea-
surements. The term ji/(pio − pi� ), best called the pressure-normalized flux or permeance, is often
measured in terms of gas permeation units (gpu), where 1 gpu is defined as 10−6 cm3(STP)/cm2 ·
s · cmHg. Occasional academic purists insist on writing permeability in terms of mol · m/m2 · s · Pa
(1 Barrer = 0.33 × 10−15 mol · m/m2 · s · Pa), but fortunately this has not caught on.
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The ratio Di/Dj is the ratio of the diffusion coefficients of the two gases and
can be viewed as the mobility selectivity, reflecting the different sizes of the
two molecules. The ratio Ki/Kj is the ratio of the sorption coefficients of the
two gases and can be viewed as the sorption or solubility selectivity, reflecting
the relative condensabilities of the two gases. In all polymer materials, the diffu-
sion coefficient decreases with increasing molecular size, because large molecules
interact with more segments of the polymer chain than do small molecules. Hence,
the mobility selectivity always favors the passage of small molecules over large
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Figure 8.3 Diffusion coefficient as a function of molar volume for a variety of permeants
in natural rubber and in poly(vinyl chloride), a glassy polymer. This type of plot was first
drawn by Gruen [8], and has been used by many others since
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ones. However, the magnitude of the mobility selectivity term depends greatly on
whether the membrane material is above or below its glass transition temperature
(Tg). If the material is below the glass transition temperature, the polymer chains
are essentially fixed and do not rotate. The material is then called a glassy poly-
mer and is tough and rigid. Above the glass transition temperature, the segments
of the polymer chains have sufficient thermal energy to allow limited rotation
around the chain backbone. This motion changes the mechanical properties of the
polymer dramatically, and it becomes a rubber. The relative mobility of gases, as
characterized by their diffusion coefficients, differs significantly in rubbers and
glasses, as illustrated in Figure 8.3 [8]. Diffusion coefficients in glassy materials
decrease much more rapidly with increasing permeate size than diffusion coef-
ficients in rubbers. For example, the mobility selectivity of natural rubber for
nitrogen over pentane is approximately 10. The mobility selectivity of poly(vinyl
chloride), a rigid, glassy polymer, for nitrogen over pentane is more than 100 000.

The second factor affecting the overall membrane selectivity is the sorption
or solubility selectivity. The sorption coefficient of gases and vapors, which is a
measure of the energy required for the permeant to be sorbed by the polymer,
increases with increasing condensability of the permeant. This dependence on
condensability means that the sorption coefficient also increases with molecular
diameter, because large molecules are normally more condensable than smaller
ones. The gas sorption coefficient can, therefore, be plotted against boiling point
or molar volume as shown in Figure 8.4 [9]. As the figure shows, sorption selec-
tivity favors larger, more condensable molecules, such as hydrocarbon vapors,
over permanent gases, such as oxygen and nitrogen. However, the difference
between the sorption coefficients of permeants in rubbery and glassy polymers
is far less marked than the difference in the diffusion coefficients.

It follows from the discussion above that the balance between the mobil-
ity selectivity term and the sorption selectivity term in Equation (8.4) [10] is
different for glassy and rubbery polymers. This difference is illustrated by the
data in Figure 8.5. In glassy polymers, the mobility term is usually dominant,
permeability falls with increasing permeate size, and small molecules permeate
preferentially. Therefore, when used to separate organic vapors from nitrogen,
glassy membranes preferentially permeate nitrogen. In rubbery polymers, the
sorption selectivity term is usually dominant, permeability increases with increas-
ing permeate size, and larger molecules permeate preferentially. Therefore, when
used to separate organic vapor from nitrogen, rubbery membranes preferentially
permeate the organic vapor. The separation properties of polymer membranes for
a number of the most important gas separation applications have been summarized
by Robeson [11]. A review of structure/property relations has been give by Stern
[12]. Properties of some representative and widely used membrane materials are
summarized in Table 8.1.

Calculating the selectivity of a membrane using Equation (8.3) and using the
permeabilities listed in Table 8.1 must be done with caution. Permeabilities in
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Table 8.1 are measured with pure gases; the selectivity obtained from the ratio of
pure gas permeabilities gives the ideal membrane selectivity, an intrinsic prop-
erty of the membrane material. However, practical gas separation processes are
performed with gas mixtures. If the gases in a mixture do not interact strongly
with the membrane material, the pure gas intrinsic selectivity and the mixed
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Figure 8.5 Permeability as a function of molar volume for a rubbery and a glassy poly-
mer, illustrating the different balance between sorption and diffusion in these polymer
types. The natural rubber membrane is highly permeable; permeability increases rapidly
with increasing permeant size because sorption dominates. The glassy polyetherimide
membrane is much less permeable; the permeability decreases with increasing perme-
ant size because diffusion dominates [10]. Reprinted from R.D. Behling, K. Ohlrogge,
K.-V. Peinemann and E. Kyburz, The Separation of Hydrocarbons from Waste Vapor
Streams, in Membrane Separations in Chemical Engineering, A.E. Fouda, J.D. Hazlett,
T. Matsuura and J. Johnson (eds), AIChE Symposium Series Number 272, Vol. 85, p. 68
(1989). Reproduced by permission of the American Institute of Chemical Engineers.
Copyright  1989 AIChE. All rights reserved

gas selectivity will be equal. This is usually the case for mixtures of oxygen
and nitrogen, for example. In many other cases, such as a carbon dioxide and
methane mixture, one of the components (carbon dioxide) is sufficiently sorbed
by the membrane to affect the permeability of the other component (methane).
The selectivity measured with a gas mixture may then be one-half or less of
the selectivity calculated from pure gas measurements. Pure gas selectivities are
much more commonly reported in the literature than gas mixture data because

FOR REFERENCE PURPOSES ONLY



GAS SEPARATION 309

Table 8.1 Permeabilities {Barrer [10−10 cm3(STP) · cm/cm2 · s · cmHg]} measured with
pure gases, at the temperatures given, of widely used polymers

Gas Rubbers Glasses

Silicone rubber
at 25 ◦C

(Tg − 129 ◦C)

Natural rubber
at 30 ◦C

(Tg − 73 ◦C)

Cellulose acetate
at 25 ◦C

(Tg 40 − 124 ◦C)

Polysulfone
at 35 ◦C

(Tg 186 ◦C)

Polyimide
(Ube Industries)

at 60 ◦C
(Tg > 250 ◦C)

H2 550 41 24 14 50
He 300 31 33 13 40
O2 500 23 1.6 1.4 3
N2 250 9.4 0.33 0.25 0.6
CO2 2700 153 10 5.6 13
CH4 800 30 0.36 0.25 0.4
C2H6 2100 — 0.20 — 0.08
C3H8 3400 168 0.13 — 0.015
C4H10 7500 — 0.10 — —

they are easier to measure. Neglecting the difference between these two values,
however, has led a number of workers to seriously overestimate the ability of a
membrane to separate a target gas mixture. Figure 8.6 [13] shows some data for
the separation of methane and carbon dioxide with cellulose acetate membranes.
The calculated pure gas selectivity is very good, but in gas mixtures enough
carbon dioxide dissolves in the membrane to increase the methane permeability
far above the pure gas methane permeability value. As a result the selectivities
measured with gas mixtures are much lower than those calculated from pure
gas data.

Membrane Materials and Structure

Metal Membranes

Although almost all industrial gas separation processes use polymeric membranes,
interest in metal membranes continues, mostly for the high-temperature mem-
brane reactor applications discussed in Chapter 13 and for the preparation of pure
hydrogen for fuel cells. For completeness, the background to these membranes
is described briefly here. The study of gas permeation through metals began with
Graham’s observation of hydrogen permeation through palladium. Pure palladium
absorbs 600 times its volume of hydrogen at room temperature and is measurably
permeable to the gas. Hydrogen permeates a number of other metals including
tantalum, niobium, vanadium, nickel, iron, copper, cobalt and platinum [14]. In
most cases, the metal membrane must be operated at high temperatures (>300 ◦C)
to obtain useful permeation rates and to prevent embrittlement and cracking of
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Figure 8.6 The difference between selectivities calculated from pure gas measurements
and selectivities measured with gas mixtures can be large. Data of Lee et al. [13] for car-
bon dioxide/methane with cellulose acetate films. Reprinted from S.Y. Lee, B.S. Minhas
and M.D. Donohue, Effect of Gas Composition and Pressure on Permeation through Cel-
lulose Acetate Membranes, in New Membrane Materials and Processes for Separation,
K.K. Sirkar and D.R. Lloyd (eds), AIChE Symposium Series Number 261, Vol. 84, p. 93
(1988). Reproduced with permission of the American Institute of Chemical Engineers.
Copyright  1988 AIChE. All rights reserved

the metal by sorbed hydrogen. Poisoning of the membrane surface by oxida-
tion or sulfur deposition from trace amounts of hydrogen sulfide also occurs. A
breakthrough in metal permeation studies occurred in the 1960s when Hunter at
Johnson Matthey discovered that palladium/silver alloy membranes showed no
hydrogen embrittlement even when used to permeate hydrogen at room tempera-
ture [15]. Although most work on gas permeation through membranes has focused
on hydrogen, oxygen-permeable metal membranes are also known; however, the
permeabilities are low.

Hydrogen-permeable metal membranes are extraordinarily selective, being ex-
tremely permeable to hydrogen but essentially impermeable to all other gases. The
gas transport mechanism is the key to this high selectivity. Hydrogen permeation
through a metal membrane is believed to follow the multistep process illustrated
in Figure 8.7 [16]. Hydrogen molecules from the feed gas are sorbed on the
membrane surface, where they dissociate into hydrogen atoms. Each individual
hydrogen atom loses its electron to the metal lattice and diffuses through the
lattice as an ion. Hydrogen atoms emerging at the permeate side of the membrane
reassociate to form hydrogen molecules, then desorb, completing the permeation
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Figure 8.7 Mechanism of permeation of hydrogen through metal membranes

process. Only hydrogen is transported through the membrane by this mechanism;
all other gases are excluded.

If the sorption and dissociation of hydrogen molecules is a rapid process, then
the hydrogen atoms on the membrane surface are in equilibrium with the gas
phase. The concentration, c, of hydrogen atoms on the metal surface is given by
Sievert’s law:

c = Kp1/2 (8.5)

where K is Sievert’s constant and p is the hydrogen pressure in the gas phase.
At high temperatures (>300 ◦C), the surface sorption and dissociation processes
are fast, and the rate-controlling step is diffusion of atomic hydrogen through
the metal lattice. This is supported by the data of Holleck and others, who have
observed that the hydrogen flux through the metal membrane is proportional
to the difference of the square roots of the hydrogen pressures on either side
of the membrane. At lower temperatures, however, the sorption and dissocia-
tion of hydrogen on the membrane surface become the rate-controlling steps,
and the permeation characteristics of the membrane deviate from Sievert’s law
predictions.

Palladium-alloy membranes were studied extensively during the 1950s and
1960s, and this work led to the installation by Union Carbide of a full-scale
demonstration plant to separate hydrogen from a refinery off-gas stream con-
taining methane, ethane, carbon monoxide and hydrogen sulfide [17]. The plant
could produce 99.9 % or better pure hydrogen in a single pass through the mem-
brane. The plant operated with 25-µm-thick membranes, at a temperature of
370 ◦C and a feed pressure of 450 psi. The high cost of the membranes and
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the need to operate at high temperatures to obtain useful fluxes made the process
uncompetitive with other hydrogen recovery technologies. In the 1970s and early
1980s, Johnson Matthey built a number of systems to produce on-site hydrogen
by separation of hydrogen/carbon dioxide mixtures made by reforming methanol
[18]. This was not a commercial success, but the company still produces small
systems using palladium–silver alloy membranes to generate ultrapure hydrogen
from 99.9 % hydrogen for the electronics industry.

Recently, attempts have been made to reduce the cost of palladium metal mem-
branes by preparing composite membranes. In these membranes a thin selective
palladium layer is deposited onto a microporous ceramic, polymer or base metal
layer [19–21]. The palladium layer is applied by electrolysis coating, vacuum
sputtering or chemical vapor deposition. This work is still at the bench scale.

Polymeric Membranes

Most gas separation processes require that the selective membrane layer be ex-
tremely thin to achieve economical fluxes. Typical membrane thicknesses are less
than 0.5 µm and often less than 0.1 µm. Early gas separation membranes [22]
were adapted from the cellulose acetate membranes produced for reverse osmosis
by the Loeb–Sourirajan phase separation process. These membranes are produced
by precipitation in water; the water must be removed before the membranes can be
used to separate gases. However, the capillary forces generated as the liquid evap-
orates cause collapse of the finely microporous substrate of the cellulose acetate
membrane, destroying its usefulness. This problem has been overcome by a solvent
exchange process in which the water is first exchanged for an alcohol, then for hex-
ane. The surface tension forces generated as liquid hexane is evaporated are much
reduced, and a dry membrane is produced. Membranes produced by this method
have been widely used by Grace (now GMS, a division of Kvaerner) and Separex
(now a division of UOP) to separate carbon dioxide from methane in natural gas.

Experience has shown that gas separation membranes are far more sensitive to
minor defects, such as pinholes in the selective membrane layer, than membranes
used in reverse osmosis or ultrafiltration. Even a single small membrane defect
can dramatically decrease the selectivity of gas separation membranes, especially
with relatively selective membranes such as those used to separate hydrogen from
nitrogen. For example, a good polymeric hydrogen/nitrogen separating membrane
has a selectivity of more than 100. A small defect that allows as little as 1 %
of the permeating gas to pass unseparated doubles the nitrogen flux and halves
the membrane selectivity. The sensitivity of gas separation membranes to defects
posed a serious problem to early developers. Generation of a few defects is very
difficult to avoid during membrane preparation and module formation.

From 1978 to 1980, Henis and Tripodi [6,23], then at Monsanto, devised an
ingenious solution to the membrane defect problem; their approach is illustrated in
Figure 8.8. The Monsanto group made Loeb–Sourirajan hollow fiber membranes
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Figure 8.8 The technique devised by Henis and Tripodi [23] to seal defects in their
selective polysulfone Loeb–Sourirajan membrane

(principally from polysulfone), then coated the membranes with a thin layer of
silicone rubber. Silicone rubber is extremely permeable compared to polysulfone
but has a much lower selectivity; thus, the silicone rubber coating did not sig-
nificantly change the selectivity or flux through the defect-free portions of the
polysulfone membrane. However, the coating plugged membrane defects in the
polysulfone membrane and eliminated convective flow through these defects. The
silicone rubber layer also protected the membrane during handling. The devel-
opment of silicone rubber-coated anisotropic membranes was a critical step in
the production by Monsanto of the first successful gas separation membrane for
hydrogen/nitrogen separations.

Another type of gas separation membrane is the multilayer composite structure
shown in Figure 8.9. In this membrane, a finely microporous support membrane
is overcoated with a thin layer of the selective polymer, which is a different
material from the support. Additional layers of very permeable materials such
as silicone rubber may also be applied to protect the selective layer and to seal
any defects. In general it has been difficult to make composite membranes with

Selective layer

Porous support
layer

Figure 8.9 Two-layer composite membrane formed by coating a thin layer of a selective
polymer on a microporous support that provides mechanical strength
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glassy selective layers as thin and high-flux as good-quality Loeb–Sourirajan
membranes. However, composites are the best way to form membranes from
rubbery selective materials; the microporous support layer can be a tough glassy
material to provide strength. Rubbery composite membranes of this type can
withstand pressure differentials of 1500 psi or more.

Ceramic and Zeolite Membranes

During the last few years, ceramic- and zeolite-based membranes have begun to
be used for a few commercial separations. These membranes are all multilayer
composite structures formed by coating a thin selective ceramic or zeolite layer
onto a microporous ceramic support. Ceramic membranes are prepared by the
sol–gel technique described in Chapter 3; zeolite membranes are prepared by
direct crystallization, in which the thin zeolite layer is crystallized at high pressure
and temperature directly onto the microporous support [24,25].

Both Mitsui [26] and Sulzer [27] have commercialized these membranes for
dehydration of alcohols by pervaporation or vapor/vapor permeation. The mem-
branes are made in tubular form. Extraordinarily high selectivities have been
reported for these membranes, and their ceramic nature allows operation at
high temperatures, so fluxes are high. These advantages are, however, offset
by the costs of the membrane modules, currently in excess of US$3000/m2

of membrane.

Mixed-matrix Membranes

The ceramic and zeolite membranes described above have been shown to have
exceptional selectivities for a number of important separations. However, the
membranes are not easy to make and consequently are prohibitively expensive
for many separations. One solution to this problem is to prepare membranes from
materials consisting of zeolite particles dispersed in a polymer matrix. These
membranes are expected to combine the selectivity of zeolite membranes with
the low cost and ease of manufacture of polymer membranes. Such membranes
are called mixed-matrix membranes.

Mixed-matrix membranes have been a subject of research interest for more
than 15 years [28–33]. The concept is illustrated in Figure 8.10. At relatively
low loadings of zeolite particles, permeation occurs by a combination of diffusion
through the polymer phase and diffusion through the permeable zeolite particles.
The relative permeation rates through the two phases are determined by their
permeabilities. At low loadings of zeolite, the effect of the permeable zeolite
particles on permeation can be expressed mathematically by the expression shown
below, first developed by Maxwell in the 1870s [34].

P = Pc

[
Pd + 2Pc − 2�(Pc − Pd)

Pd + 2Pc + �(Pc − Pd)

]
(8.6)
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Dispersed
Zeolite

particles

Polymer
matrix

Permeating gas

(a) Diffusion below the percolation
      threshold

Permeating gas

(b) Diffusion above the percolation
      threshold

Figure 8.10 Gas permeation through mixed-matrix membranes containing different
amounts of dispersed zeolite particles

where P is the overall permeability of the mixed-matrix material, � is the volume
fraction of the dispersed zeolite phase, Pc is the permeability of the continuous
polymer phase, and Pd is the permeability of the dispersed zeolite phase.

At low loadings of dispersed zeolite, individual particles can be considered
to be well separated. At higher loadings, some small islands of interconnected
particles form; at even higher loadings, these islands grow and connect to form
extended pathways. At loadings above a certain critical value, continuous chan-
nels form within the membrane, and almost all the zeolite particles are connected
to the channels. This is called the percolation threshold. At this particle loading,
the Maxwell equation is no longer used to calculate the membrane permeability.
The percolation threshold is believed to be achieved at particle loadings of about
30 vol %.

Figure 8.11, adapted from a plot by Robeson et al. [35], shows a calculated
plot of permeation of a model gas through zeolite-filled polymer membranes in
which the zeolite phase is 1000 times more permeable than the polymer phase.
At low zeolite particle loadings, the average particle is only in contact with
one or two other particles, and a modest increase in average permeability occurs
following the Maxwell model. At particle loadings of 25–30 vol % the situation is
different—most particles touch two or more particles, and most of the permeating
gas can diffuse through interconnected zeolite channels. The percolation threshold
has been reached, and the Maxwell model no longer applies. Gas permeation
is then best described as permeation through two interpenetrating, continuous
phases. At very high zeolite loadings, the mixed-matrix membrane may be best
described as a continuous zeolite phase containing dispersed particles of polymer.
The Maxwell model may then again apply, with the continuous and the dispersed
phases in Equation (8.6) reversed.

The figure also shows that the highly permeable zeolite only has a large effect
on polymer permeability when the percolation threshold is reached. That is, useful
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Figure 8.11 Change in membrane permeabilities for mixed-matrix membranes contain-
ing different volume fractions of zeolite. Adapted from Robeson et al. [35]

membranes must contain more than 30 vol % zeolite. This observation is borne
out by the limited experimental data available.

Despite the great deal of recent research on mixed-matrix membranes, the
results to date have been modest. Two general approaches have been used. The
first, investigated by Koros [31–33] and Smolders [29], is to use the expected
difference in the diffusion coefficients of gases in the zeolite particles. Koros, in
particular, has focused on zeolites with small aperture sizes, for example, Zeolite
4A, with an effective aperture size of 3.8–4.0 Å, which has been used to separate
oxygen (Lennard-Jones (LJ) diameter 3.47 Å) from nitrogen (LJ diameter 3.8 Å).
The oxygen/nitrogen selectivity of the Zeolite 4A membrane has been calculated
to be 37, with an oxygen permeability of 0.8 Barrer—an exceptional membrane.
To maximize the effect of the zeolite in his mixed-matrix membrane, Koros used
relatively low-permeability polymers, such as Matrimid and other polyimides,
or poly(vinyl acetate).
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The second type of zeolite mixed-matrix membrane relies on relative sorption
of different permeants to obtain an improved separation. For example, Smolders
et al. [28] at the University of Twente, and Peinemann at GKSS, Geesthacht [30],
showed that silicalite-silicone rubber mixed-matrix membranes had exceptional
selectivities for the permeation of ethanol (kinetic diameter 4.5 Å) over water
(kinetic diameter 2.6 Å). These zeolites separate by virtue of their higher sorption
of ethanol compared to water on the hydrophobic silicalite surface. Differences
in diffusion coefficients favor permeation of water, but this effect is overcome
by the sorption effect. The net result is a more than seven-fold increase in the
relative permeability of ethanol over water, compared to pure silicone rubber
membranes. Because the aperture diameter of the silicalite particles is relatively
large, permeabilities through the zeolite phase are also high, allowing rubbery,
relatively high-permeability polymers to be used as the matrix phase.

Membrane Modules
Gas separation membranes are formed into spiral-wound or hollow fiber modules.
Particulate matter, oil mist, and other potentially fouling materials can be com-
pletely and economically removed from gas streams by good-quality coalescing
filters, so membrane fouling is generally more easily controlled in gas separation
than with liquid separations. Therefore, the choice of module design is usually
decided by cost and membrane flux. The hollow fiber membranes used in gas
separation applications are often very fine, with lumen diameters of 50–200 µm.
However, the pressure drop required on the lumen side of the membrane for these
small-diameter fibers can become enough to seriously affect membrane perfor-
mance. In the production of nitrogen from air, the membrane pressure-normalized
fluxes are relatively low, from 1 to 2 gpu, and parasitic pressure drops are not
a problem. However, in the separation of hydrogen from nitrogen or methane
or carbon dioxide from natural gas, pressure-normalized fluxes are higher, and
hollow fine fiber modules can develop excessive permeate-side pressure drops.
The solution is to use capillary fibers or spiral-wound modules for this type of
application. Nonetheless, these disadvantages of hollow fiber membranes may be
partially offset by their lower cost per square meter of membrane. These factors
are summarized for some important gas separation applications in Table 8.2.

Process Design
The three factors that determine the performance of a membrane gas separation
system are illustrated in Figure 8.12. The role of membrane selectivity is obvious;
not so obvious are the importance of the ratio of feed pressure (po) to permeate
pressure (p�) across the membrane, usually called the pressure ratio, ϕ, and
defined as

ϕ = po

p�

(8.7)
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Table 8.2 Module designs used for various gas separation applications

Application Typical
membrane
material

Selectivity
(α)

Average pressure-
normalized flux

[10−6 cm3(STP)/
cm2 · s · cmHg]

Module design
commonly used

O2/N2 Polyimide 6–7 1–2 Hollow fiber
H2/N2 Polysulfone 100 10–20 Hollow fiber
CO2/CH4 Cellulose acetate 15–20 2–5 Spiral or hollow fiber
VOC/N2 Silicone rubber 10–30 100 Spiral
H2O/Air Polyimide >200 5 Capillary

—bore-side feed

and of the membrane stage-cut, θ , which is the fraction of the feed gas that
permeates the membrane, defined as

θ = permeate flow

feed flow
(8.8)

Pressure Ratio
The importance of pressure ratio in the separation of gas mixtures can be illus-
trated by considering the separation of a gas mixture with component concen-
trations of nio and njo

at a feed pressure po. A flow of component i across the
membrane can only occur if the partial pressure of i on the feed side of the
membrane (niopo) is greater than the partial pressure of i on the permeate side
of the membrane (ni�p�), that is,

niopio > ni�p� (8.9)

It follows that the maximum separation achieved by the membrane can be
expressed as

ni�

nio

≤ po

p�

(8.10)

Feed
pressure po

composition nio, njo

Residue

Membrane selectivity
(a) =

Pi

Pj

=
permeate flow

feed flow
Stage-cut

(q)

Pressure ratio
(j)

=
po
p

Permeate
pressure p

composition ni , nj

Figure 8.12 Parameters affecting the performance of membrane gas separation systems
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That is, the separation achieved can never exceed the pressure ratio ϕ, no matter
how selective the membrane:

ni�

nio

≤ ϕ (8.11)

The relationship between pressure ratio and membrane selectivity can be de-
rived from the Fick’s law expression for the fluxes of components i and j

ji = Pi (pio − pi�)

�
(8.12)

and

jj = Pj (pjo
− pj�

)

�
(8.13)

The total gas pressures on the feed and permeate side are the sum of the partial
pressures. For the feed side

po = pio + pjo
(8.14)

and for the permeate side
p� = pi� + pj�

(8.15)

The volume fractions of components i and j on the feed and permeate side are
also related to partial pressures. For the feed side

nio = pio

po

njo
= pjo

po

(8.16)

and for the permeate side

ni� = pi�

p�

nj�
= pj�

p�

(8.17)

while from mass balance considerations

ji

jj

= ni�

nj�

= ni�

1 − ni�

= 1 − nj�

nj�

(8.18)

Combining Equations (8.14–8.18) yields an expression linking the concentration
of component i on the feed and permeate sides of the membrane

ni� = ϕ

2


nio + 1

ϕ
+ 1

α − 1
−

√(
nio + 1

ϕ
+ 1

α − 1

)2

− 4αnio

(α − 1)ϕ


 (8.19)

This somewhat complex expression breaks down into two limiting cases depend-
ing on the relative magnitudes of the pressure ratio and the membrane selectivity.
First, if the membrane selectivity (α) is very much larger than the pressure ratio
(ϕ), that is,

α � ϕ (8.20)
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then Equation (8.20) becomes
ni� = nioϕ (8.21)

This is called the pressure-ratio-limited region, in which the performance is deter-
mined only by the pressure ratio across the membrane and is independent of the
membrane selectivity. If the membrane selectivity (α) is very much smaller than
the pressure ratio (ϕ), that is,

α � ϕ (8.22)

then Equation (8.19) becomes

ni� = αnio

1 − nio(1 − α)
(8.23)

This is called the membrane-selectivity-limited region, in which the membrane
performance is determined only by the membrane selectivity and is independent
of the pressure ratio. There is, of course, an intermediate region between these
two limiting cases, in which both the pressure ratio and the membrane selectivity
affect the membrane system performance. These three regions are illustrated in
Figure 8.13, in which the calculated permeate concentration (ni�) is plotted versus
pressure ratio (ϕ) for a membrane with a selectivity of 30 [36]. At a pressure ratio
of 1, feed pressure equal to the permeate pressure, no separation is achieved by the
membrane. As the difference between the feed and permeate pressure increases,
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Figure 8.13 Calculated permeate vapor concentration for a vapor-permeable membrane
with a vapor/nitrogen selectivity of 30 as a function of pressure ratio. The feed vapor
concentration is 1 %. Below pressure ratios of about 10, separation is limited by the
pressure ratio across the membrane. At pressure ratios above about 100, separation is
limited by the membrane selectivity [36]
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the concentration of the more permeable component in the permeate gas begins
to increase, first according to Equation (8.21) and then, when the pressure ratio
and membrane selectivity are comparable, according to Equation (8.19). At very
high pressure ratios, that is, when the pressure ratio is four to five times higher
than the membrane selectivity, the membrane enters the membrane-selectivity-
controlled region. In this region the permeate concentration reaches the limiting
value given by Equation (8.23).

The relationship between pressure ratio and selectivity is important because of
the practical limitation to the pressure ratio achievable in gas separation systems.
Compressing the feed stream to very high pressure or drawing a very hard vacuum
on the permeate side of the membrane to achieve large pressure ratios both require
large amounts of energy and expensive pumps. As a result, typical practical
pressure ratios are in the range 5–20.

Because the attainable pressure ratio in most gas separation applications is
limited, the benefit of very highly selective membranes is often less than might
be expected. For example, as shown in Figure 8.14, if the pressure ratio is
20, then increasing the membrane selectivity from 10 to 20 will significantly
improve system performance. However, a much smaller incremental improvement
results from increasing the selectivity from 20 to 40. Increases in selectiv-
ity above 100 will produce negligible improvements. A selectivity of 100 is
five times the pressure ratio of 20, placing the system in the pressure-ratio-
limited region.
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Figure 8.14 Calculated permeate vapor concentration as a function of selectivity. The
feed vapor concentration is 1 %; the pressure ratio is fixed at 20. Below a vapor/nitrogen
selectivity of about 10, separation is limited by the low membrane selectivity; at selec-
tivities above about 100, separation is limited by the low pressure ratio across the
membrane [36]
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Stage-cut

Another factor that affects membrane system design is the degree of separation
required. The usual target of a gas separation system is to produce a residue stream
essentially stripped of the permeable component and a small, highly concentrated
permeate stream. These two requirements cannot be met simultaneously; a trade-
off must be made between removal from the feed gas and enrichment in the
permeate. The system attribute that characterizes this trade-off is called the stage-
cut. The effect of stage-cut on system performance is illustrated in Figure 8.15.

In the example calculation shown in Figure 8.15, the feed gas contains 50 %
of a permeable gas (i) and 50 % of a relatively impermeable gas (j ). Under
the assumed operating conditions of this system (pressure ratio 20, membrane
selectivity 20), it is possible at zero stage-cut to produce a permeate stream con-
taining 94.8 % of component i. But the permeate stream is tiny and the residue
stream is still very close to the feed gas concentration of 50 %. As the fraction of
the feed gas permeating the membrane is increased by increasing the membrane
area, the concentration of the permeable component in the residue and permeate
streams falls. At a stage-cut of 25 %, the permeate gas concentration has fallen
from 94.8 % (its maximum value) to 93.1 %. The residue stream concentration of
permeable gas is then 35.5 %. Increasing the fraction of the feed gas that perme-
ates the membrane to 50 % by adding more membrane area produces a residue

Feed
50%

Residue
35.5%

Permeate
93.1%

93.1% 83.0%

88.1%

88.1% 23.8%

66.7 %

11.8%

0.04%

25%

50%

75%

Stage-cut

1.0

2.8

9.5

Relative
membrane area

Figure 8.15 The effect of stage-cut on the separation of a 50/50 feed gas mixture (pres-
sure ratio, 20; membrane selectivity, 20). At low stage-cuts a concentrated permeate
product, but only modest removal from the residue, can be obtained. At high stage-cuts
almost complete removal is obtained, but the permeate product is only slightly more
enriched than the original feed
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stream containing 11.8 % of the permeable gas. However, the gas permeating the
added membrane area only contains 83.0 % of the permeable component, so the
average concentration of permeable component in the permeate stream is reduced
from 93.1 to 88.1 %. If the fraction of the feed gas that permeates the membrane
is increased to 75 % by adding even more membrane area, the concentration of
the permeable component in the residue stream is reduced to only 0.04 %. How-
ever, the gas permeating the added membrane area only contains 23.8 % of the
permeable component, less than the original feed gas. The average concentration
of the permeable component in the feed gas is, therefore, reduced to 66.7 %.
This means that one-half of the less permeable component has been lost to the
permeate stream.

The calculations shown in Figure 8.15 illustrate the trade-off between recovery
and purity. A single-stage membrane process can be designed for either maxi-
mum recovery or maximum purity, but not both. The calculations also show that
membranes can produce very pure residue gas streams enriched in the less per-
meable component, although at low recoveries. However, the enrichment of the
more permeable component in the permeate can never be more than the mem-
brane selectivity, so a membrane with low selectivity produces an only slightly
enriched permeate. This is why membranes with an oxygen/nitrogen selectivity of
4–6 can produce very pure nitrogen (>99.5 %) from air on the residue side of the
membrane, but the same membranes cannot produce better than 50–60 % oxy-
gen on the permeate side. If the more permeable component must be pure, very
selective membranes are required or multistage or recycle membrane systems
must be used.

Finally, the calculations in Figure 8.15 show that increasing the stage-cut to
produce a pure residue stream requires a disproportionate increase in membrane
area. As the feed gas is stripped of the more permeable component, the average
permeation rate through the membrane falls. In the example shown, this means
that permeating the first 25 % of the feed gas requires a relative membrane area
of 1, permeating the next 25 % requires a membrane area increment of 1.8, and
permeating the next 25 % requires an increment of 6.7.

Multistep and Multistage System Designs

Because the membrane selectivity and pressure ratio achievable in a commercial
membrane system are limited, a one-stage membrane system may not provide
the separation desired. The problem is illustrated in Figure 8.16. The target of
the process is 90 % removal of a volatile organic compound (VOC), which is
the permeable component, from the feed gas, which contains 1 vol % of this
component. This calculation and those that immediately follow assume a feed
gas mixture VOC and nitrogen. Rubbery membranes such as silicone rubber
permeate the VOC preferentially because of its greater condensability and hence
solubility in the membrane. In this calculation, the pressure ratio is fixed at 20
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1% VOC 0.1% VOC

4.1% VOC

Compressor

Figure 8.16 A one-stage vapor separation operation. The performance of this system
was calculated from a crossflow model using a vapor/nitrogen selectivity of 20 and a
pressure ratio of 20

by compressing the feed gas, and the permeate is maintained at atmospheric
pressure. The membrane VOC/nitrogen selectivity is assumed to be 20.

Figure 8.16 shows that when 90 % of the VOC in the feed stream is removed,
the permeate stream will contain approximately 4 % of the permeable component.
In many cases, 90 % removal of VOC from the feed stream is insufficient to
allow the residue gas to be discharged, and enrichment of the component in the
permeate is insufficient also.

If the main problem is insufficient VOC removal from the feed stream, a two-
step system as shown in Figure 8.17 can be used. In a two-step system, the
residue stream from the first membrane unit is passed to a second unit, where
the VOC concentration is reduced by a further factor of 10, from 0.1 to 0.01 %.
Because the concentration of VOC in the feed to the second membrane unit is
low, the permeate stream is relatively dilute and is recirculated to the feed stream.

A multistep design of this type can achieve almost complete removal of the per-
meable component from the feed stream to the membrane unit. However, greater
removal of the permeable component is achieved at the expense of increases in
membrane area and power consumption by the compressor. As a rule of thumb,
the membrane area required to remove the last 9 % of a component from the feed
equals the membrane area required to remove the first 90 %.

Sometimes, 90 % removal of the permeable component from the feed stream
is acceptable for the discharge stream from the membrane unit, but a higher

1% VOC 0.01% VOC

0.92%
VOC

0.1%
VOC

3.9% VOC

0.42% VOC

Compressor

Figure 8.17 A two-step system to achieve 99 % vapor removal from the feed stream.
Selectivity, 20; pressure ratio, 20

FOR REFERENCE PURPOSES ONLY



GAS SEPARATION 325

1% VOC

1% VOC

0.1% VOC

20.8% VOC

4.1% VOC

Compressor

Compressor

Figure 8.18 A two-stage system to produce a highly concentrated permeate stream.
Selectivity, 20; pressure ratio, 20

concentration is needed to make the permeate gas usable. In this situation, a two-
stage system of the type shown in Figure 8.18 is used. In a two-stage design,
the permeate from the first membrane unit is recompressed and sent to a second
membrane unit, where a further separation is performed. The final permeate is
then twice enriched. In the most efficient two-stage design, the residue stream
from the second stage is reduced to about the same concentration as the original
feed gas, with which it is mixed. In the example shown in Figure 8.18, the perme-
ate stream, concentrated a further five-fold, leaves the system at a concentration
of 21 %. Because the volume of gas treated by the second-stage membrane unit
is much smaller than in the first stage, the membrane area of the second stage is
relatively small. Thus, incorporation of a second stage only increases the overall
membrane area and power requirements by approximately 15–20 %.

Multistage/multistep combinations of two-step and two-stage processes can be
designed but are seldom used in commercial systems—their complexity makes
them uncompetitive with alternative separation technologies. More commonly
some form of recycle design is used.

Recycle Designs

A simple recycle design, sometimes called a two-and-one-half-stage system, pro-
posed by Wijmans [37] is shown in Figure 8.19. In this design, the permeate
from the first membrane stage is recompressed and sent to a two-step second
stage, where a portion of the gas permeates and is removed as enriched product.
The remaining gas passes to another membrane stage, which brings the gas con-
centration close to the original feed value. The permeate from this stage is mixed
with the first-stage permeate, forming a recycle loop. By controlling the relative
size of the two second stages any desired concentration of the more permeable
component can be achieved in the product. In the example shown, the permeable
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1% VOC

1% VOC

0.1% VOC

50% VOC

25.7% VOC 4.1% VOC

Compressor

Compressor

Figure 8.19 Two-and-one-half-stage system: by forming a recycle loop around the sec-
ond stage, a small, very concentrated product stream is created. Selectivity, 20; pressure
ratio, 20 [37]

component is concentrated to 50 % in the permeate. The increased performance
is achieved at the expense of a slightly larger second-stage compressor and more
membrane area. Normally, however, this design is preferable to a more complex
three-stage system.

Figure 8.20 shows another type of recycle design in which a recycle loop
increases the concentration of the permeable component to the point at which it
can be removed by a second process, most commonly condensation [38]. The
feed stream entering the recycle loop contains 1 % of the permeable compo-
nent as in Figures 8.16–8.19. After compression to 20 atm, the feed gas passes
through a condenser at 30 ◦C, but the VOC content is still below the condensa-
tion concentration at this temperature. The membrane unit separates the gas into
a VOC-depleted residue stream and a vapor-enriched permeate stream, which
is recirculated to the front of the compressor. Because the bulk of the vapor is
recirculated, the concentration of vapor in the loop increases rapidly until the
pressurized gas entering the condenser exceeds the vapor dew point of 6.1 %. At

1% VOC 0.1% VOC
6.1%
VOC

6.6%
VOC

11.8% VOC

Condenser
30°CCompressor

Liquid
VOC

Figure 8.20 Recycle system design using one membrane stage, preceded by a compres-
sor and condenser: feed stream, 1 % vapor in nitrogen; selectivity, 20; pressure ratio, 20
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this point, the system is at steady state; the mass of VOC entering the recircu-
lation loop is equal to the mass discharged in the residue stream plus the mass
removed as liquid condensate.

Recycle designs of this type are limited to applications in which the com-
ponents of the gas mixture, if sufficiently concentrated, can be separated from
the gas by some other technique. With organic vapors, condensation is often
possible; adsorption, chemical scrubbing or absorption can also be used. The
process shown in Figure 8.20 is used to separate VOCs from nitrogen and air
or to separate propane, butane, pentane and higher hydrocarbons from natural
gas (methane).

Applications

The membrane gas separation industry is still growing and changing. Most of the
large industrial gas companies now have membrane affiliates: Air Products (Per-
mea), MG (Generon), Air Liquide (Medal) and Praxair (IMS). The affiliates focus
mainly on producing membrane systems to separate nitrogen from air, but also
produce some hydrogen separation systems. Another group of companies, UOP
(Separex), Natco (Cynara), Kvaerner (GMS) and ABB Lummus Global (MTR),
produces membrane systems for natural gas separations. A third group of smaller
independents are focusing on the new applications, including vapor separation,
air dehydration and oxygen enrichment. The final size and form of this industry
are still unknown. The following section covers the major current applications.
Overview articles on the main gas separation applications can be found in Paul
and Yampol’skii [39], in Koros and Fleming [40] and elsewhere [41].

Hydrogen Separations

The first large-scale commercial application of membrane gas separation was the
separation of hydrogen from nitrogen in ammonia purge gas streams. The process,
launched in 1980 by Monsanto, was followed by a number of similar applications,
such as hydrogen/methane separation in refinery off-gases and hydrogen/carbon
monoxide adjustment in oxo-chemical synthesis plants [7]. Hydrogen is a small,
noncondensable gas, which is highly permeable compared to all other gases. This
is particularly true with the glassy polymers primarily used to make hydrogen-
selective membranes; fluxes and selectivities of hydrogen through some of these
materials are shown in Table 8.3. With fluxes and selectivities as high as these, it
is easy to understand why hydrogen separation was the first gas separation process
developed. Early hydrogen membrane gas separation plants used polysulfone
or cellulose acetate membranes, but now a variety of specifically synthesized
materials, such as polyimides (Ube, Praxair), polyaramide (Medal) or brominated
polysulfone (Permea), are used.
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Table 8.3 Hydrogen separation membranes

Membrane Selectivity Hydrogen
(developer) pressure-normalized

H2/CO H2/CH4 H2/N2 flux [10−6 cm3(STP)/
cm2 · s · cmHg]

Polyaramide
(Medal)

100 >200 >200 —

Polysulfone
(Permea)

40 80 80 100

Cellulose
acetate
(Separex)

30–40 60–80 60–80 200

Polyimide
(Ube)

50 100–200 100–200 80–200

4 3 1
2

H2(CH4)

N2(Ar)

Feed gas
Ammonia
reactor

(135 atm)

Inerts
purge

Inerts
(N2,CH4,Ar)

Product
ammonia

Hydrogen-rich permeate

Condenser

Multistage
compressors

H2 Recovery 87.5%

Stream Composition (%)

Membrane
Feed  1

Membrane
Vent  2

High-Pressure
Permeate  3

Low-Pressure
Permeate  4

Hydrogen 62 21 87.3 84.8
Nitrogen 21 44 7.1 8.4
Methane 11 23 36 4.3
Argon 6 13 2.0 2.5

Pressure (atm) 135 132 70 28
Flow (scfm) 2000 740 830 430

Figure 8.21 Simplified flow schematic of the PRISM membrane system to recover
hydrogen from an ammonia reactor purge stream. A two-step membrane system is used
to reduce permeate compression costs

FOR REFERENCE PURPOSES ONLY



GAS SEPARATION 329

A typical membrane system flow scheme for recovery of hydrogen from an
ammonia plant purge gas stream is shown in Figure 8.21. A photograph of such
a system is shown in Figure 8.22. During the production of ammonia from nitro-
gen and hydrogen, argon enters the high-pressure ammonia reactor as an impurity
with the nitrogen stream and methane enters the reactor as an impurity with the
hydrogen. Ammonia produced in the reactor is removed by condensation, so
the argon and methane impurities accumulate until they represent as much as
15 % of the gas in the reactor. To control the concentration of these compo-
nents, the reactor must be continuously purged. The hydrogen lost with this
purge gas can represent 2–4 % of the total hydrogen consumed. These plants are
very large, so recovery of the hydrogen for recycle to the ammonia reactor is
economically worthwhile.

In the process shown in Figure 8.21, a two-step membrane design is used to
reduce the cost of recompressing the hydrogen permeate stream to the very high

Figure 8.22 Photograph of an Air Products and Chemicals, Inc. PRISM membrane
system installed at an ammonia plant. The modules are mounted vertically
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pressures of ammonia reactors. In the first step, the feed gas is maintained at the
reactor pressure of 135 atm, and the permeate is maintained at 70 atm, giving
a pressure ratio of 1.9. The hydrogen concentration in the feed to this first step
is about 45 %, high enough that even at this low pressure ratio the permeate
contains about 90 % hydrogen. However, by the time the feed gas hydrogen
concentration has fallen to 30 %, the hydrogen concentration in the permeate
is no longer high enough for recycle to the reactor. This remaining hydrogen
is recovered in a second membrane step operated at a lower permeate pressure

Treated
oil

Hydrogen
recycle
stream

90% hydrogen
recovery

Hydrogen

Oil

Hydro-
treater

Oil/gas
separator

Inerts
purge

Fuel gas
3

Recovered
hydrogen 2

1

Stream Composition

Untreated Purge
1

Recovered Hydrogen
2

Treated Purge
3

Hydrogen 82 96.5 34.8
Methane 12 2.6 43.3
Ethane 4.6 0.7 17.1
Propane 1.2 0.2 4.8

Pressure (psig) 1800 450 1450
Flow (MMscfd) 18.9 14.5 4.4

Figure 8.23 Hydrogen recovery from a hydrotreater used to lower the molecular weight
of a refinery oil stream. Permea polysulfone membranes (PRISM) are used [42]
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of 28 atm and a pressure ratio of 4.7. The increased pressure ratio increases the
hydrogen concentration in the permeate significantly. By dividing the process into
two steps operating at different pressure ratios, maximum hydrogen recovery is
achieved at minimum recompression costs.

A second major application of hydrogen-selective membranes is recovery of
hydrogen from waste gases produced in various refinery operations [7,42,43].
A typical separation—treatment of the high-pressure purge gas from a
hydrotreater—is shown in Figure 8.23. The hydrogen separation process is
designed to recycle the hydrogen to the hydrotreater. As in the case of the
ammonia plant, there is a trade-off between the concentration of hydrogen in
the permeate and the permeate pressure and subsequent cost of recompression.
In the example shown, a permeate of 96.5 % hydrogen is considered adequate at
a pressure ratio of 3.9.

Another example of the use of highly hydrogen-selective membranes in the
petrochemical industry is the separation of hydrogen from carbon monoxide/
hydrogen mixtures to obtain the correct ratio of components for subsequent syn-
thesis operations.

Oxygen/Nitrogen Separation

By far the largest gas separation process in current use is the production of nitro-
gen from air. The first membranes used for this process were based on poly(4-
methyl-1-pentene) (TPX) and ethyl cellulose. These polymer materials have
oxygen/nitrogen selectivities of 4; the economics of the process were marginal.
The second-generation materials now used have selectivities of 6–7, providing
very favorable economics, especially for small plants producing 5–500 scfm of
nitrogen. In this range, membranes are the low-cost process, and most new small
nitrogen plants use membrane systems.

Table 8.4 lists the permeabilities and selectivities of some of the materials that
are used or have been used for this separation. There is a strong inverse relation-
ship between flux and selectivity. Membranes with selectivities of 6–7 typically
have 1 % of the permeability of membranes with selectivities of 2–3. This selec-
tivity/permeability trade-off is very apparent in the plot of selectivity as a function
of oxygen permeability shown in Figure 8.24, prepared by Robeson [11]. This
plot shows data for a large number of membrane materials reported in the lit-
erature. A wide range of selectivity/permeability combinations are provided by
different membrane materials; for gas separation applications only the most per-
meable polymers at a particular selectivity are of interest. The line linking these
polymers is called the upper bound, beyond which no better material is currently
known. The relative positions of the upper bound in 1991 and in 1980 show the
progress that has been made in producing polymers specifically tailored for this
separation. Development of better materials is a continuing research topic at the
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Table 8.4 Permeabilities and selectivities of polymers of interest in air separation

Polymer Oxygen
permeability

(Barrer)

Nitrogen
permeability

(Barrer)

Oxygen/
nitrogen

selectivity

Poly(1-trimethylsilyl-1-propyne) (PTMSP) 7600 5400 1.4
Teflon AF 2400 1300 760 1.7
Silicone rubber 600 280 2.2
Poly(4-methyl-1-pentene) (TPX) 30 7.1 4.2
Poly(phenylene oxide) (PPO) 16.8 3.8 4.4
Ethyl cellulose 11.2 3.3 3.4
6FDA-DAF (polyimide) 7.9 1.3 6.2
Polysulfone 1.1 0.18 6.2
Polyaramide 3.1 0.46 6.8
Tetrabromo bis polycarbonate 1.4 0.18 7.5
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Figure 8.24 Oxygen/nitrogen selectivity as a function of oxygen permeability. This
plot by Robeson [11] shows the wide range of combination of selectivity and perme-
ability achieved by current materials. Reprinted from J. Membr. Sci. 62, L.M. Robeson,
Correlation of Separation Factor Versus Permeability for Polymeric Membranes, p. 165.
Copyright 1991, with permission from Elsevier

major gas separation companies and in some universities, so further but slower
movement of the upper bound may be seen in the future.

High oxygen/nitrogen selectivity is required for an economical nitrogen pro-
duction process. The effect of improved membrane selectivities on the efficiency
of nitrogen production from air is illustrated in Figure 8.25. This figure shows the
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Figure 8.25 Nitrogen recovery as a function of product nitrogen concentration for mem-
branes with selectivities between 2 and 20

trade-off between the fraction of nitrogen in the feed gas recovered as nitrogen
product gas as a function of the nitrogen concentration in the product gas. All
oxygen-selective membranes, even membranes with an oxygen/nitrogen selec-
tivity as low as 2, can produce better than 99 % nitrogen, albeit at very low
recoveries. The figure also shows the significant improvement in efficiency that
results from an increase in oxygen/nitrogen selectivity from 2 to 20.

The first nitrogen production systems used membranes made from TPX with a
selectivity of about 4. These membranes were incorporated in one-stage designs
to produce 95 % nitrogen used to render flammable-liquid storage tanks inert.
As the membranes improved, more complex process designs, of the type shown
in Figure 8.26, were used to produce purer gas containing >99 % nitrogen. The
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Single-step
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Design Relative Membrane Area Relative Compressor HP

One-Step 1.0 1.0
Two-Step 0.94 0.94
Three-Step 0.92 0.92

Figure 8.26 Single-, two- and three-step designs for nitrogen production from air

first improvement was the two-step process. As oxygen is removed from the air
passing through the membrane modules, the concentration in the permeating gas
falls. At some point the oxygen concentration in the permeate gas is less than the
concentration in normal ambient feed air. Mixing this oxygen-depleted gas per-
meate with the incoming air then becomes worthwhile. The improvement will be
most marked when the system is used to produce high-quality nitrogen contain-
ing less than 1 % oxygen. In the example shown in Figure 8.26, the second-step
permeate gas contains 12.5 % oxygen, and recycling this gas to the incoming feed
air reduces the membrane area and compressor load by about 6 %. This relatively
small saving is worthwhile because it is achieved at essentially no cost by making
a simple piping change to the system. In the two-step design, the 12.5 % oxygen
permeate recycle stream is mixed with ambient air containing 21 % oxygen. A
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more efficient design would be to combine the recycle and feed gas where the
feed gas has approximately the same concentration. This is the objective of the
three-step process shown in Figure 8.26. This design saves a further 2 % in mem-
brane area and some compressor power, but now two compressors are needed.
Three-step processes are, therefore, generally limited to large systems in which
the energy and membrane area savings compensate for the extra complexity and
higher maintenance cost of a second compressor. A discussion of factors affecting
the design of nitrogen plants is given by Prasad et al. [44,45].

Membrane nitrogen production systems are now very competitive with alter-
native technologies. The competitive range of the various methods of obtain-
ing nitrogen is shown in Figure 8.27. Very small nitrogen users generally pur-
chase gas cylinders or delivered liquid nitrogen, but once consumption exceeds
5000 scfd of nitrogen, membranes become the low-cost process. This is partic-
ularly true if the required nitrogen purity is between 95 % and 99 % nitrogen.
Membrane systems can still be used if high quality nitrogen (up to 99.9 %) is
required, but the cost of the system increases significantly. Very large nitrogen
users—above 10 MMscfd of gas—generally use pipeline gas or on-site cryo-
genic systems. Pressure swing adsorption (PSA) systems are also sometimes used
in the 1–10 MMscfd range.

A membrane process to separate nitrogen from air inevitably produces oxygen-
enriched air as a by-product. Sometimes this by-product gas, containing about
35 % oxygen, can be used beneficially, but usually it is vented. A market for
oxygen or oxygen-enriched air exists, but because oxygen is produced as the
permeate gas stream it is much more difficult to produce high-purity oxygen than
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Figure 8.27 Approximate competitive range of current membrane nitrogen production
systems. Many site-specific factors can affect the actual system selection
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Figure 8.28 The maximum possible oxygen concentration in the permeate from a one-
step membrane process with membranes of various selectivities (assumes zero stage-cut).
Even the best current membrane materials, with a selectivity of 8, only produce 68 %
oxygen in the permeate at an infinite pressure ratio

high-purity nitrogen with membrane systems. Figure 8.28 shows the maximum
permeate oxygen concentration that can be produced by a one-step membrane
process using membranes of various selectivities. Even at zero stage-cut and
an infinite pressure ratio, the best currently available membrane, with an oxy-
gen/nitrogen selectivity of 8, can only produce 68 % oxygen. At useful stage-cuts
and achievable pressure ratios this concentration falls. These constraints limit
membrane systems to the production of oxygen-enriched air in the 30–50 %
oxygen range.

Oxygen-enriched air is used in the chemical industry, in refineries, and in
various fermentation and biological digestion processes, but it must be produced
very cheaply for these applications. The competitive technology is pure oxygen
produced cryogenically then diluted with atmospheric air. The quantity of pure
oxygen that must be blended with air to produce the desired oxygen enrichment
determines the cost. This means that in membrane systems producing oxygen-
enriched air, only the fraction of the oxygen above 21 % can be counted as a
credit. This fraction is called the equivalent pure oxygen (EPO2) basis.

A comparison of the cost of oxygen-enriched air produced by membranes and
by cryogenic separation shows that current membranes are generally uncompet-
itive. The only exception is for very small users in isolated locations, where the
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logistics of transporting liquid oxygen to the site increase the oxygen cost to
US$80–100/ton.

Development of better membranes for producing oxygen-enriched air has been,
and continues to be, an area of research because of the potential application of the
gas in combustion processes. When methane, oil, and other fuels are burned with
air, a large amount of nitrogen passes as an inert diluent through the burners and
is discarded as hot exhaust gas. If oxygen-enriched air were used, the energy lost
with the hot exhaust gas would decrease considerably. Use of oxygen-enriched
air also improves the efficiency of diesel engines [46]. The useful energy that
can be extracted from the same amount of fuel increases significantly even if air
is enriched only from 25 to 35 % oxygen. But to make this process worthwhile,
the fuel savings achieved must offset the cost of the oxygen-enriched air used.
Calculations show that the process would be cost-effective for some applica-
tions at an EPO2 cost as high as US$60/ton and, for many applications, at an
EPO2 cost of US$30–40/ton. Bhide and Stern [47] have published an interesting
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Figure 8.29 Cost of oxygen-enriched air produced by membrane separation on an EPO2
basis as a function of the oxygen permeability and oxygen/nitrogen selectivity of the
membrane. The performance of today’s best membranes is represented by the upper
bound performance line from Robeson’s plot (Figure 8.24) [35,47]. Reprinted from J.
Membr. Sci. 62, B.O. Bhide and S.A. Stern, A New Evaluation of Membrane Processes
for the Oxygen-enrichment of Air, p. 87. Copyright 1991, with permission from Elsevier
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analysis of this problem, the results of which are shown in Figure 8.29. The
figure shows the cost of oxygen-enriched air produced by a membrane pro-
cess for membranes of various permeabilities and selectivities. The assumptions
were optimistic–low-cost membrane modules (US$54/m2) and membranes with
extremely thin selective separating layers (1000 Å). Also shown in Figure 8.29 is
the portion of the upper-bound curve obtained from the permeability/selectivity
trade-off plot shown in Figure 8.24. As the figure shows, a number of materials
at the upper-bound limit, with oxygen/nitrogen selectivities of 3–4 and perme-
abilities of 50–500, are within striking distance of the US$30–40/ton target.
Production of these very high-performance membrane modules is at the outer
limit of current technology but improvements in the technology could open up
new, very large applications of membranes in the future.

Natural Gas Separations

US production of natural gas is about 20 trillion scf/year; total worldwide pro-
duction is about 40 trillion scf/year. All of this gas requires some treatment,
and approximately 20 % of the gas requires extensive treatment before it can
be delivered to the pipeline. As a result, several billion dollars’ worth of natural
gas separation equipment is installed annually worldwide. The current membrane
market share is about 2 %, essentially all for carbon dioxide removal. However,
this fraction is expected to increase because applications of membranes to other
separations in the natural gas processing industry are under development [48].

Raw natural gas varies substantially in composition from source to source.
Methane is always the major component, typically 75–90 % of the total. Natural
gas also contains significant amounts of ethane, some propane and butane, and
1–3 % of other higher hydrocarbons. In addition, the gas contains undesirable
impurities: water, carbon dioxide, nitrogen and hydrogen sulfide. Although raw
natural gas has a wide range of compositions, the composition of gas delivered
to the pipeline is tightly controlled. Typical US natural gas specifications are
shown in Table 8.5. The opportunity for membranes lies in the processing of gas
to meet these specifications.

Table 8.5 Composition of natural gas required for deliv-
ery to the US national pipeline grid

Component Specification

CO2 <2 %
H2O <120 ppm
H2S <4 ppm
C3+ 950–1050 Btu/scf
Content Dew point, −20 ◦C
Total inerts (N2, CO2, He, etc.) <4 %

FOR REFERENCE PURPOSES ONLY



GAS SEPARATION 339

Natural gas is usually produced from the well and transported to the gas
processing plant at high pressure, in the range 500–1500 psi. To minimize recom-
pression costs, the membrane process must remove impurities from the gas into
the permeate stream, leaving the methane, ethane, and other hydrocarbons in the
high-pressure residue gas. This requirement determines the type of membranes
that can be used for this separation. Figure 8.30 is a graphical representation of the
factors of molecular size and condensability that affect selection of membranes
for natural gas separations.

As Figure 8.30 shows, water is small and condensable; therefore, it is easily
separated from methane by both rubbery and glassy polymer membranes. Both
rubbery and glassy membranes can also separate carbon dioxide and hydrogen
sulfide from natural gas. However, in practice carbon dioxide is best separated by
glassy membranes (utilizing size selectivity) [49,50], whereas hydrogen sulfide,
which is larger and more condensable than carbon dioxide, is best separated
by rubbery membranes (utilizing sorption selectivity) [51,52]. Nitrogen can be
separated from methane by glassy membranes, but the difference in size is small,
so the separations achieved are small. Finally, propane and other hydrocarbons,
because of their condensability, are best separated from methane with rubbery
sorption-selective membranes. Table 8.6 shows typical membrane materials and
the selectivities that can be obtained with good-quality membranes.

4.3 3.8 2.65

Low Permeability High Permeability

Glassy polymers separate gases principally by size

C3H8 CH4 N2 H2S CO2 H2O

−196 −161

Low Permeability High Permeability

Rubbery polymers separate gases principally by condensability

N2 CH4 CO2 H2S C3H8 H2O

Relative
size
(Å)

Relative
condensability

(°C) 100

Figure 8.30 The relative size and condensability (boiling point) of the principal compo-
nents of natural gas. Glassy membranes generally separate by differences in size; rubbery
membranes separate by differences in condensability

FOR REFERENCE PURPOSES ONLY



340 MEMBRANE TECHNOLOGY AND APPLICATIONS

Table 8.6 Membrane materials and selectivities for separation of impurities from natu-
ral gas

Component
to be
permeated

Category of
preferred polymer

material

Typical polymer
used

Typical
selectivity

over methane

CO2 Glass Cellulose acetate, polyimide 10–20
H2S Rubber Ether-amide block copolymer 20–40
N2 Glass Polyimide, perfluoro polymers 2–3
H2O Rubber or glass Many >200
Butane Rubber Silicone rubber 7–10

Carbon Dioxide Separation

Removal of carbon dioxide is the only membrane-based natural gas separation
process currently practiced on a large scale—more than 200 plants have been
installed, some very large. Most were installed by Grace (now Kvaerner-GMS),
Separex (UOP) and Cynara and all use cellulose acetate membranes in hollow
fiber or spiral-wound module form. More recently, hollow fiber polyaramide
(Medal) membranes have been introduced because of their higher selectivity.

The designs of two typical carbon dioxide removal plants are illustrated in
Figure 8.31. One-stage plants, which are simple, contain no rotating equipment,
and require minimal maintenance, are preferred for small gas flows. In such plants
methane loss to the permeate is often 10–15 %. If there is no fuel use for this
gas, it must be flared, which represents a significant revenue loss. Nonetheless,
for gas wells producing 1–2 MMscfd, one-stage membrane units with their low
capital and operating costs may still be the optimum treatment method.

As the natural gas stream increases in size, the methane loss from a one-
stage system becomes prohibitive. Often the permeate gas is recompressed and
passed through a second membrane stage. This second stage reduces the methane
loss to a few percent. However, the recompression cost is considerable, and the
membrane system may no longer compete with amine absorption, the alternative
technology. In general, membrane systems have proved to be most competitive for
gas streams below 30 MMscfd containing high concentrations of carbon dioxide.
Spillman [48] and McKee et al. [53] have reviewed the competitive position
of membrane systems for this application. Currently the market for membrane
carbon dioxide gas separation systems can be summarized as follows:

1. Very small systems (less than 5 MMscfd). At this flow rate, membrane units
are very attractive. Often the permeate is flared or used as fuel, so the system
is a simple bank of membrane modules.

2. Small systems (5–30 MMscfd). Two-stage membrane systems are used to
reduce methane loss. In this gas flow range, amine and membrane systems
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Figure 8.31 Flow scheme of one-stage and two-stage membrane separation plants to
remove carbon dioxide from natural gas. Because the one-stage design has no moving
parts, it is very competitive with other technologies especially if there is a use for the
low-pressure permeate gas. Two-stage processes are more expensive because a large com-
pressor is required to compress the permeate gas. However, the loss of methane with the
fuel gas is much reduced

compete; the choice between the two technologies depends on site-specific
factors.

3. Medium to large systems (greater than 30 MMscfd). In general, membrane
systems are too expensive to compete head-to-head with amine plants. How-
ever, a number of large membrane systems have been installed on offshore
platforms, at carbon dioxide flood operations, or where site-specific factors
particularly favor membrane technology. As membranes improve, their market
share is increasing.

In principle, the combination of membranes for bulk removal of the carbon
dioxide with amine units as polishing systems offers a low-cost alternative to
all-amine plants for many streams. However, this approach has not been gener-
ally used because the savings in capital cost are largely offset by the increased
complexity of the plant, which now contains two separation processes. The
one exception has been in carbon dioxide flood enhanced oil-recovery projects
[49,54], in which carbon dioxide is injected into an oil formation to lower the
viscosity of the oil. Water, oil and gas are removed from the formation; the car-
bon dioxide is separated from the gas produced and reinjected. In these projects,
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Figure 8.32 A typical membrane/amine plant for the treatment of associated natural gas
produced in carbon dioxide/enhanced oil projects. The membrane permeate gas is often
used as a fuel for the amine absorption plant

the composition and volume of the gas changes significantly over the lifetime
of the project. The modular nature of membrane units allows easy retrofitting
to an existing amine plant, allowing the performance of the plant to be adjusted
to meet the changing separation needs. Also, the capital cost of the separation
system can be spread more evenly over the project lifetime. An example of a
membrane/amine plant design is shown in Figure 8.32. In this design, the mem-
brane unit removes two-thirds of the carbon dioxide, and the amine plant removes
the remainder. The combined plant is usually significantly less expensive than
an all-amine or all-membrane plant.

Dehydration

All natural gas must be dried before entering the national distribution pipeline
to control corrosion of the pipeline and to prevent formation of solid hydrocar-
bon/water hydrates that can choke valves. Currently glycol dehydrators are widely
used; approximately 50 000 units are in service in the United States. However,
glycol dehydrators are not well suited for use on small gas streams or on offshore
platforms, increasingly common sources of natural gas. In addition, these units
coextract benzene, a known carcinogen and trace contaminant in natural gas, and
release the benzene to the atmosphere. The Environmental Protection Agency
(EPA) has announced its intention to require benzene emission control systems
to be fitted to large glycol units.

Membrane processes offer an alternative approach to natural gas dehydration
and are being developed by a number of companies. Membranes with intrin-
sic selectivities for water from methane of more than 500 are easily obtained,
but because of concentration polarization effects, actual selectivities are typically
about 200. Two possible process designs are shown in Figure 8.33. In the first
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Figure 8.33 Dehydration of natural gas is easily performed by membranes but high cost
may limit its scope to niche applications

design, a small one-stage system removes 90 % of the water in the feed gas, pro-
ducing a low-pressure permeate gas representing 5–6 % of the initial gas flow.
This gas contains the removed water. If the gas can be used as low-pressure fuel
at the site, this design is economical and competitive with glycol dehydration.
In the second design, the wet, low-pressure permeate gas is recompressed and
cooled, so the water vapor condenses and is removed as liquid water. The natural
gas that permeates the membrane is then recovered. However, if the permeate
gas must be recompressed, as in the second design, the capital cost of the sys-
tem approximately doubles, and membranes are then only competitive in special
situations where glycol dehydration is not possible.

Dew Point Adjustment, C3+ Recovery

Natural gas usually contains varying amounts of ethane, propane, butane, and
higher hydrocarbons. The gas is often close to its saturation point with respect
to some of these hydrocarbons, which means liquids will condense from the
gas at cold spots in the pipeline transmission system. To avoid the problems
caused by condensation of liquids, the dew point of US natural gas is lowered
to about −20 ◦C before delivery to the pipeline by removing portions of the
propane and butane and higher hydrocarbons. For safety reasons the Btu rating
of the pipeline gas is also usually controlled within a narrow range, typically
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950–1050 Btu per cubic foot. Because the Btu values of ethane, propane and
pentane are higher than that of methane, natural gas that contains significant
amounts of these hydrocarbons may have an excessive Btu value, requiring their
removal. Of equal importance, these higher hydrocarbons are generally more
valuable as recovered liquids than their fuel value in the gas. For all of these
reasons almost all natural gas is treated to control the C3+ hydrocarbon content.

The current technology used to separate the higher hydrocarbons from natural
gas streams is condensation, shown schematically in Figure 8.34. The natural gas
stream is cooled by refrigeration or expansion to between −20 ◦C and −40 ◦C.
The condensed liquids, which include the higher hydrocarbons and water, are
separated from the gas streams and subjected to fractional distillation to recover
the individual components. Because refrigeration is capital-intensive and uses
large amounts of energy, there is considerable interest in alternative techniques,
such as membrane gas separation.

A typical flow diagram of a membrane system for C3+ liquids recovery is
also shown in Figure 8.34. The natural gas is fed to modules containing a
higher-hydrocarbon-selective membrane, which removes the higher hydrocarbons
as the permeate stream. This stream is recompressed and cooled by a cold-
water exchanger to condense higher hydrocarbons. The non-condensed bleed

Condensed
C3+ hydrocarbon

liquids

C3+
hydrocarbon-rich

feed gas

C3+
hydrocarbon-lean

product gas

Membrane system using C3+ hydrocarbon-selective membranes

Current technology

Cooling by
refrigeration
or expansion

(−20 to −40°C)

Compressed
natural gas

C3+ hydrocarbon
lean gas to pipeline

after reheating

Figure 8.34 Recovery of C3+ hydrocarbons from natural gas

FOR REFERENCE PURPOSES ONLY



GAS SEPARATION 345

stream from the condenser to the inlet will normally still contain more heavy
hydrocarbons than the raw gas, so prior to returning the gas to the feed stream,
the condenser bleed stream is passed through a second set of membrane mod-
ules. The permeate streams from the two sets of modules are combined, creating
a recirculation loop around the condenser, which continuously concentrates the
higher hydrocarbons [37].

The competitiveness of membrane systems in this application is very sensitive
to the selectivity of the membranes for propane, butane and higher hydrocarbons
over methane. If the membranes are very selective (propane/methane selectivity
of 5–7, butane/methane selectivity of 10–15), the permeate stream from the
main set of modules will be small and concentrated, minimizing the cost of the
recompressor. Currently, silicone rubber membranes are being considered for this
application, but other, more selective materials have been reported [55].

Vapor/Gas Separations

In the separation of vapor/gas mixtures, rubbery polymers, such as silicone rub-
ber, can be used to permeate the more condensable vapor, or glassy polymers can
be used to permeate the smaller gas. Although glassy, gas-permeable membranes
have been proposed for a few applications, most installed plants use vapor-
permeable membranes, often in conjunction with a second process such as con-
densation [36,38] or absorption [56]. The first plants, installed in the early 1990s,
were used to recover vapors from gasoline terminal vent gases or chlorofluorocar-
bon (CFC) vapors from the vents of industrial refrigeration plants. More recently,
membranes have begun to be used to recover hydrocarbons and processing sol-
vents from petrochemical plant purge gas. Some of these streams are quite large
and discharge vapors with a recovery value of US$1–2 million/year.

One of the most successful petrochemical applications is treatment of resin
degassing vent gas in polyolefin plants [57,58]. Olefin monomer, catalyst, sol-
vents, and other co-reactants are fed at high pressure into the polymerization
reactor. The polymer product (resin) is removed from the reactor and separated
from excess monomer in a flash separation step. The recovered monomer is recy-
cled to the reactor. Residual monomer is removed from the resin by stripping
with nitrogen. The composition of this degassing vent stream varies greatly, but
it usually contains 20–50 % of mixed hydrocarbon monomers in nitrogen. The
monomer content represents about 1 % of the hydrocarbon feedstock entering
the plant. This amount might seem small, but because polyolefin plants are large
operations, the recovery value of the stream can be significant.

Several membrane designs can be used; two are shown in Figure 8.35 [59].
The two-step, two-stage system shown in Figure 8.35(a) achieves the target sepa-
ration by linking several membrane units together, each unit performing a partial
separation. The first unit removes a portion of the propylene from the feed gas to
produce a concentrated permeate. The residue gas from this step is then sent to a
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(a) Multi-stage membrane separation system design

(b) Hybrid compression-condenser-membrane Design

Figure 8.35 Vapor separation process designs able to achieve high vapor recovery and
high-purity product streams

second membrane unit which produces a nitrogen gas stream containing less than
1 % propylene. The permeate from this second step is only partially enriched in
propylene, so it is mixed with the incoming feed gas.

To increase the propylene concentration in the permeate gas from the first
step, a second-stage membrane unit is used. The permeate gas from the first
stage is compressed and then passed through the second stage to produce a
final permeate stream containing 95 % propylene. The partially depleted second
stage residue stream is recycled back to the feed. By linking together the three
membrane separation units, the target recovery for both propylene and nitrogen
can be achieved.

A number of multistep vapor separation systems of the type shown in
Figure 8.35(a) have been installed. These systems have the advantage of
operating at ambient temperatures and having as the main rotating equipment
gas compressors with which petrochemical plant operators are very familiar.
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However, if very good removal of the nitrogen from the recycle gas is required,
the hybrid process combining condensation and membrane separation shown in
Figure 8.35(b) is preferred. In this design, the compressed feed gas is sent to a
condenser. On cooling the feed gas, a portion of the propylene content is removed
as a condensed liquid. The remaining, uncondensed propylene is removed by the
membrane separation system to produce a 99 % nitrogen stream. The permeate
gas is recycled to the incoming feed gas from the purge bin.

Because the gas sent to the membrane stage is cooled, the solubility of propy-
lene in the membrane is enhanced, and the selectivity of the membrane unit is
increased. The propylene condensate contains some dissolved nitrogen so the
liquid is flashed at low pressure to remove this gas, producing a better than
99.5 % pure hydrocarbon product. A photograph of a propylene/nitrogen vent
gas treatment system is shown in Figure 8.36.

Vapor/Vapor Separations

A final group of separations likely to develop into a major application area for
membranes is vapor/vapor separations, such as ethylene (bp −103.9 ◦C) from

Figure 8.36 Photograph of a membrane unit used to recover nitrogen and propylene
from a polypropylene plant vent gas
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ethane (bp −88.9 ◦C), propylene (bp −47.2 ◦C) from propane (bp −42.8 ◦C),
and n-butane (bp −0.6 ◦C) from isobutane (bp −10 ◦C). These close-boiling
mixtures are separated on a very large scale in the synthesis of ethylene and
propylene, the two largest-volume organic chemical feedstocks, and in the syn-
thesis of isobutane in refineries to produce high-octane gasoline. Because the
mixtures are close-boiling, large towers and high reflux ratios are required to
achieve good separations.

If membranes are to be used for these separations, highly selective materials
must be developed. Several groups have measured the selectivities of poly-
meric membranes for ethylene/ethane and propylene/propane mixtures. Burns
and Koros have reviewed these results [60]. The data should be treated with
caution. Some authors report selectivities based on the ratio of the permeabilities
of the pure gases; others use a hard vacuum or a sweep gas on the permeate
side of the membrane. Both procedures produce unrealistically high selectivities.
In an industrial plant, the feed gas will be at 100–150 psig and a temperature
sufficient to maintain the gas in the vapor phase; the permeate gas will be at a
pressure of 10–20 psig. Under these operating conditions, plasticization and loss
of selectivity occur with even the most rigid polymer membranes, so selectivities
are usually low. Because of these problems, this application might be one for
which the benefits of ceramic or carbon fiber membranes can justify their high
cost. Caro et al. have recently reviewed the ceramic membrane literature [24].

Dehydration of Air

The final application of gas separation membranes is dehydration of compressed
air. The competitive processes are condensation or solid desiccants, both of which
are established, low-cost technologies. Membranes with water/air selectivities of
more than 500 are known, although actual selectivities obtained in membrane
modules are less because of concentration polarization effects. Nonetheless, exist-
ing membranes are more than adequate for this separation. The problem inhibiting
their application is the loss of compressed feed air through the membrane. Com-
pressed air is typically supplied at about 7 atm (105 psi), so the pressure ratio
across the membrane is about 7. Because air dehydration membranes have a
selectivity of more than 200, these membranes are completely pressure-ratio-
limited. Based on Equation (8.10), this means that the permeate gas cannot be
more than seven times more concentrated than the feed. The result is that a sig-
nificant fraction of the feed gas must permeate the membrane to carry away the
permeate water vapor. Typically 15–20 % of the pressurized feed gas permeates
the membrane, which affects the productivity of the compressor significantly.
Counterflow-sweep designs of the type discussed in Chapter 4 are widely used
to reduce permeant loss. For this reason, membrane air dehydration systems
have not found a wide market except where the reliability and simplicity of the
membrane design compared to adsorbents or cooling are particularly attractive.
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Conclusions and Future Directions

The application of membranes to gas separation problems has grown rapidly
since the installation of the first industrial plants in the early 1980s. The current
status of membrane gas separation processes is summarized in Table 8.7, in which
the processes are divided into four groups. The first group consists of the estab-
lished processes: nitrogen production from air, hydrogen recovery and air drying.
These processes represent more than 80 % of the current gas separation membrane
market. All have been used on a large commercial scale for 10 years, and dramatic
improvements in membrane selectivity, flux and process designs have been made
during that time. For example, today’s hollow fine fiber nitrogen production
module generates more than 10 times the amount of nitrogen, with better quality
and at a lower energy consumption, than the modules produced in the early
1980s. However, the technology has now reached a point at which, barring a
completely unexpected breakthrough, further changes in productivity are likely
to be the result of a number of small incremental changes.

Developing processes are the second group of applications. These include car-
bon dioxide separation from natural gas, organic vapor separation from air and
nitrogen, and recovery of light hydrocarbons from refinery and petrochemical
plant purge gases. All of these processes are performed on a commercial scale,
and in total several hundred plants have been installed. Significant expansion in
these applications, driven by the development of better membranes and process
designs, is occurring. For example, carbon dioxide removal from natural gas
has been practiced using cellulose acetate membranes for more than 15 years.
Introduction of more selective and higher-flux membranes has begun and, in
time, is likely to make membrane processes much more competitive with amine
absorption. The application of silicone rubber vapor separation membranes in
petrochemical and refinery applications is currently growing.

The ‘to be developed’ membrane processes represent the future expansion
of gas separation technology. Natural gas treatment processes, including dehy-
dration, natural gas liquids (C3+ hydrocarbons) recovery, and hydrogen sulfide
removal, are currently being studied at the field testing and early commer-
cial stage by several companies. The market is very large, but the fraction
that membranes will ultimately capture is unknown. The production of oxygen-
enriched air is another large potential application for membranes. The market size
depends completely on the properties of the membranes that can be produced.
Improvements of a factor of two in flux at current oxygen/nitrogen selectivi-
ties would probably produce a limited membrane market; improvements by a
factor of five to ten would make the use of oxygen-enriched air in natural gas
combustion processes attractive. In this case the market could be very large
indeed. The final application listed in Table 8.7 is the separation of organic
vapor mixtures using membranes in competition, or perhaps in combination,
with distillation.
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Table 8.7 Status of membrane gas separation processes

Process Application Comments

Established processes
Oxygen/nitrogen Nitrogen from air Processes are all well

developed. Only
incremental
improvements in
performance expected

Hydrogen/methane;
hydrogen/nitrogen;
hydrogen/carbon
monoxide

Hydrogen recovery;
ammonia plants and
refineries

Water/air Drying compressed air

Developing processes
VOC/air Air pollution control

applications
Several applications being

developed. Significant
growth expected as the
process becomes accepted

Light hydrocarbons from
nitrogen or hydrogen

Reactor purge gas,
petrochemical process
streams, refinery waste
gas

Application is expanding
rapidly

Carbon dioxide/methane Carbon dioxide from
natural gas

Many plants installed but
better membranes are
required to change market
economics significantly

To-be-developed processes
C3+ hydrocarbons/methane NGL recovery from

natural gas
Field trials and

demonstration system
tests under way. Potential
market is large

Hydrogen sulfide,
water/methane

Natural gas treatment Niche applications, difficult
for membranes to
compete with existing
technology

Oxygen/nitrogen Oxygen enriched air Requires better membranes
to become commercial.
Size of ultimate market
will depend on properties
of membranes developed.
Could be very large

Organic vapor mixtures Separation of organic
mixtures in refineries
and petrochemical
plants

Requires better membranes
and modules. Potential
size of application is large
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9 PERVAPORATION

Introduction and History
The pervaporation process to separate liquid mixtures is shown schematically in
Figure 9.1. A feed liquid mixture contacts one side of a membrane; the permeate
is removed as a vapor from the other side. Transport through the membrane
is induced by the vapor pressure difference between the feed solution and the
permeate vapor. This vapor pressure difference can be maintained in several
ways. In the laboratory, a vacuum pump is usually used to draw a vacuum
on the permeate side of the system. Industrially, the permeate vacuum is most
economically generated by cooling the permeate vapor, causing it to condense;
condensation spontaneously creates a partial vacuum.

The origins of pervaporation can be traced to the nineteenth century, but
the word itself was coined by Kober in 1917 [1]. The process was first stud-
ied in a systematic fashion by Binning and co-workers at American Oil in the
1950s [2–5]. Binning was interested in applying the process to the separation of
organic mixtures. Although this work was pursued at the laboratory and bench
scales for a number of years and several patents were obtained, the process was
not commercialized. Membrane technology at that time could not produce the
high-performance membranes and modules required for a commercially com-
petitive process. The process was picked up in the 1970s at Monsanto by Eli
Perry and others. More than a dozen patents assigned to Monsanto issued from
1973 to 1980 cover a wide variety of pervaporation applications [6], but none of
this work led to a commercial process. Academic research on pervaporation was
also carried out by Aptel, Neel and others at the University of Toulouse [7,8].
By the 1980s, advances in membrane technology made it possible to prepare
economically viable pervaporation systems.

Pervaporation systems are now commercially available for two applications.
The first and most important is the removal of water from concentrated alco-
hol solutions. GFT, now owned by Sulzer, the leader in this field, installed
the first pilot plant in 1982 [9]. The ethanol feed to the membrane contains
about 10 % water. The pervaporation process removes the water as the perme-
ate, producing a residue of pure ethanol containing less than 1 % water. All

Membrane Technology and Applications R. W. Baker
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permeate
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Figure 9.1 In the pervaporation process, a liquid mixture contacts the membrane, which
preferentially permeates one of the liquid components as a vapor. The vapor enriched in
the more permeable component is cooled and condensed, spontaneously generating a
vacuum that drives the process

the problems of azeotropic distillation are avoided. More than 100 plants have
since been installed by Sulzer (GFT) and its licensees for this application [10].
The current largest plant was installed at Bethenville, France in 1988; this unit
contains 2400 m2 of membranes and processes 5000 kg/h of ethanol. The sec-
ond commercial application of pervaporation is the removal of small amounts
of volatile organic compounds (VOCs) from contaminated water. This technol-
ogy was developed by Membrane Technology and Research [11–13]; the first
commercial plant was sold in 1996.

Both of the current commercial pervaporation processes concentrate on the
separation of VOCs from contaminated water. This separation is relatively easy,
because organic solvents and water have very different polarities and exhibit
distinct membrane permeation properties. No commercial pervaporation sys-
tems have yet been developed for the separation of organic/organic mixtures.
However, current membrane technology makes pervaporation for these appli-
cations possible, and the process is being actively developed by a number of
companies. The first pilot-plant results for an organic–organic application, the
separation of methanol from methyl tert-butyl ether/isobutene mixtures, was
reported by Separex in 1988 [14,15]. This is a particularly favorable application
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Figure 9.2 Milestones in the development of pervaporation

because available cellulose acetate membranes achieve a good separation. More
recently, Exxon, now ExxonMobil, started a pervaporation pilot plant for the
separation of aromatic/aliphatic mixtures, a separation problem in refineries; poly-
imide/polyurethane block copolymer membranes were used [16,17]. A time line
illustrating some of the key milestones in the development of pervaporation is
shown in Figure 9.2.

Theoretical Background

In Chapter 2 it was shown that the flux of a component i through a pervaporation
membrane can be expressed in terms of the partial vapor pressures on either side
of the membrane, pio and pi� , by the equation

Ji = P G
i

�
(pio − pi�) (9.1)

where Ji is the flux, � is the membrane thickness and P G
i is the gas separation

permeability coefficient. A similar equation can be written for component j . The
separation achieved by a pervaporation membrane is proportional to the fluxes
Ji and Jj through the membrane.
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Equation (9.1) is the preferred method of describing membrane performance
because it separates the two contributions to the membrane flux: the membrane
contribution, P G

i /� and the driving force contribution, (pio − pi�). Normalizing
membrane performance to a membrane permeability allows results obtained under
different operating conditions to be compared with the effect of the operating con-
dition removed. To calculate the membrane permeabilities using Equation (9.1),
it is necessary to know the partial vapor pressure of the components on both
sides of the membrane. The partial pressures on the permeate side of the mem-
brane, pi� and pj�

, are easily obtained from the total permeate pressure and the
permeate composition. However, the partial vapor pressures of components i

and j in the feed liquid are less accessible. In the past, such data for common,
simple mixtures would have to be found in published tables or calculated from
an appropriate equation of state. Now, commercial computer process simulation
programs calculate partial pressures automatically for even complex mixtures
with reasonable reliability. This makes determination of the feed liquid partial
pressures a trivial exercise.

Having said this, the bulk of the pervaporation literature continues to report
membrane performance in terms of the total flux through the membrane and a
separation factor, βpervap, defined for a two-component fluid as the ratio of the
two components on the permeate side of the membrane divided by the ratio of
the two components on the feed side of the membrane. The term βpervap can be
written in several ways.

βpervap = ci�/cj�

cio/cjo

= ni�/nj�

nio/njo

= pi�/pj�

pio/pjo

(9.2)

where ci and cj are the concentrations, ni and nj are the mole fractions, and pi

and pj are the vapor pressures of the two components i and j .
The separation factor, βpervap, contains contributions from the intrinsic perme-

ation properties of the membrane, the composition and temperature of the feed
liquid, and the permeate pressure of the membrane. The contributions of these
factors are best understood if the pervaporation process is divided into two steps,
as shown in Figure 9.3 [18]. The first step is evaporation of the feed liquid to
form a saturated vapor in contact with the membrane; the second step is diffusion
of this vapor through the membrane to the low-pressure permeate side. This two-
step description is only a conceptual representation; in pervaporation no vapor
phase actually contacts the membrane surface. Nonetheless, the representation of
the process shown in Figure 9.3 is thermodynamically completely equivalent to
the actual pervaporation process shown in Figure 9.1.

In the process illustrated in Figure 9.3, the first step is evaporation from the
feed liquid to form a saturated vapor phase in equilibrium with the liquid. This
evaporation step produces a separation because of the different volatilities of the
components of the feed liquid. The separation can be defined as βevap, the ratio
of the component concentrations in the feed vapor to their concentrations in the
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Figure 9.3 The pervaporation process shown in Figure 9.1 can be described by the ther-
modynamically equivalent process illustrated here. In this model the total pervaporation
separation βpervap is made up of an evaporation step followed by a membrane permeation
step [18]

feed liquid:

βevap = pio/pjo

nio/njo

(9.3)

The second step in the process is permeation of components i and j through
the membrane; this step is equivalent to conventional gas separation. The driving
force for permeation is the difference in the vapor pressures of the components
in the feed and permeate vapors. The separation achieved in this step, βmem, can
be defined as the ratio of the components in the permeate vapor to the ratio of
the components in the feed vapor

βmem = pi�/pj�

pio/pjo

(9.4)

Equation (9.4) shows that the separation achieved in pervaporation is equal
to the product of the separation achieved by evaporation of the liquid and the
separation achieved by selective permeation through the membrane.1

βpervap = βevap · βmem (9.5)

1Figure 9.3 illustrates the concept of permeation from a saturated vapor phase in equilibrium with the
feed liquid as a tool to obtain Equation (9.5). A number of workers have experimentally compared
vapor permeation and pervaporation separations and have sometimes shown that permeation from the
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The first application of pervaporation was the removal of water from an
azeotropic mixture of water and ethanol. By definition, the evaporative separation
term βevap for an azeotropic mixture is 1 because, at the azeotropic concentration,
the vapor and the liquid phases have the same composition. Thus, the 200- to
500-fold separation achieved by pervaporation membranes in ethanol dehydration
is due entirely to the selectivity of the membrane, which is much more perme-
able to water than to ethanol. This ability to achieve a large separation where
distillation fails is why pervaporation is also being considered for the separation
of aromatic/aliphatic mixtures in oil refinery applications. The evaporation sepa-
ration term in these closely boiling mixtures is again close to 1, but a substantial
separation is achieved due to the greater permeability of the membrane to the
aromatic components.

The βpervap term in Equation (9.2) and Equation (9.5) can be derived in terms
of βevap, membrane permeabilities, and membrane operating conditions using the
standard solution-diffusion model from Chapter 2. The membrane fluxes can be
written as

Ji = P G
i (pio − pi�)

�
(9.6)

and

Jj = P G
j (pjo

− pj�
)

�
(9.7)

where J is the permeation flux through the membrane, P G is the permeability
coefficient of the vapors i and j , and � is the thickness of the separating layer
of the membrane. Dividing Equation (9.6) by Equation (9.7) gives

Ji

Jj

= P G
i

P G
j

(pio − pi�)

(pjo
− pj�

)
(9.8)

The fluxes Ji and Jj in Equation (9.8) are weight fluxes (g/cm2 · s); simi-
larly the permeabilities P G

i and P G
j are weight-based (g · cm/cm2 · s · cmHg).

Equation (9.8) is more conveniently written in molar terms as

ji

jj

= PG
i

PG
j

(pio − pi�)

(pjo
− pj�

)
(9.9)

where ji and jj are molar fluxes with unit mols/cm2 · s or cm3(STP)/cm2 · s and
Pi and Pj are molar permeabilities with units mol · cm/cm2 · s · unit pressure

liquid is faster and less selective than permeation from the equilibrium vapor. This is an experimental
artifact. In vapor permeation experiments the vapor in contact with the membrane is not completely
saturated. This means that the activities of the feed components in vapor permeation experiments
are less than their activity in pervaporation experiments. Because sorption by the membrane in this
range is extremely sensitive to activity, the vapor permeation fluxes are lower than pervaporation
fluxes. Kataoka et al. [19] have illustrated this point in a series of careful experiments.
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or more conventionally cm3(STP) · cm/cm2 · s · cmHg. The ratio of the molar
membrane permeability coefficients PG

i /PG
j is the conventional gas membrane

selectivity, αmem [see Equation (8.3)].
The ratio of the molar fluxes is also the same as the ratio of the permeate

partial pressures
ji

jj

= pi�

pj�

(9.10)

Combining Equations (9.4), (9.5), (9.9) and (9.10) yields

βpervap = βevapαmem(pio − pi�)

(pjo
− pj�

)(pio/pjo
)

(9.11)

Equation (9.11) identifies the three factors that determine the performance of
a pervaporation system. The first factor, βevap, is the vapor–liquid equilibrium,
determined mainly by the feed liquid composition and temperature; the sec-
ond is the membrane selectivity, αmem, an intrinsic permeability property of the
membrane material; and the third includes the feed and permeate vapor pres-
sures, reflecting the effect of operating parameters on membrane performance.
This equation is, in fact, the pervaporation equivalent of Equation (8.19) that
describes gas separation in Chapter 8.

As in gas separation, the separation achieved by pervaporation is determined
both by the membrane selectivity and by the membrane pressure ratio. The
interaction of these two factors is expressed in Equation (9.11). Also, as in gas
separation, there are two limiting cases in which one of the two factors dominates
the separation achieved. The first limiting case is when the membrane selectivity
is very large compared to the vapor pressure ratio between the feed liquid and
the permeate vapor:

αmem � po

p�

(9.12)

This means that for a membrane with infinite selectivity for component i, the
permeate vapor pressure of component i will equal the feed partial vapor pressure
of i. That is,

pi� = pio (9.13)

Equation (9.13) combined with Equation (9.4) gives

βmem = pjo

pj�

(9.14)

which, combined with Equation (9.5), leads to the limiting case

βpervap = βevap · pjo

pj�

when αmem � po

p�

(9.15)
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Similarly, in the case of a very large membrane selectivity in favor of component j

βpervap = βevap
pio

pi�

(9.16)

For the special case in which component i is the minor component in the feed
liquid, pjo

approaches po, pj�
approaches p�, and Equation (9.15) reverts to

βpervap = βevap
po

p�

(9.17)

where po/p� is the feed-to-permeate ratio of the total vapor pressures.
The second limiting case occurs when the vapor pressure ratio is very large

compared to the membrane selectivity. This means that the permeate partial
pressure is smaller than the feed partial vapor pressures, and pi� and pj�

→ 0.
Equation (9.11) then becomes

βpervap = βevap αmem when αmem � po

p�

(9.18)

The relationship between the three separation factors, βpervap, βevap and βmem, is
illustrated in Figure 9.4. This type of plot was introduced by Shelden and Thomp-
son [20] to illustrate the effect of permeate pressure on pervaporation separation
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Figure 9.4 The effect of permeate pressure on the separation of ethanol/water mix-
tures with a poly(vinyl alcohol) membrane. The feed solution contains 20 wt% water and
80 wt% ethanol. The line drawn through the experimental data points is calculated from
Equation (9.11)
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and is a convenient method to represent the pervaporation process graphically.
When the permeate pressure, p� = pi� + pj�

, approaches the feed vapor pressure,
po = pio + pjo

, the vapor pressure ratio across the membrane shown on the right-
hand axis of the figure approaches unity. The composition of the permeate vapor
then approaches the composition obtained by simple evaporation of the feed liq-
uid, shown by the point at which βpervap equals βevap. As the permeate pressure
is decreased to below the feed vapor pressure, the vapor pressure ratio increases.
The overall separation obtained, βpervap, is then the product of the separation due
to evaporation of the feed liquid, βevap, and the separation due to permeation
through the membrane, βmem. The line labeled ‘permeate’ in Figure 9.4 can be
calculated from Equation (9.11). Two limiting cases are also shown on the figure.
The first limiting case, when the membrane selectivity αmem is much larger than
the pressure ratio po/p�, is calculated from Equation (9.15). The second limiting
case, for the region in which the membrane selectivity is much smaller than the
pressure ratio, is calculated from Equation (9.18). Figure 9.4 is the pervaporation
equivalent of Figure 8.13 for gas separation discussed in Chapter 8.

The example shown in Figure 9.4 includes experimental data from GFT, which
show the effect of permeate pressure on the pervaporation separation of an
80 wt% aqueous ethanol solution using a highly selective poly(vinyl alcohol)
membrane. The line obtained from Equation (9.11) passes through all the data
points when the water/ethanol membrane selectivity (αmem) is assumed to be
250. Although this membrane is very selective, a good separation between the
feed solution and the permeate vapor is only achieved at low permeate pres-
sures when a high vapor pressure ratio exists across the membrane and the high
intrinsic selectivity of the GFT membrane is utilized. For this reason, in practical
applications of this membrane the feed solution is heated to about 120 ◦C (raising
the feed vapor pressure to 2–4 atm), and the permeate vapor is condensed at −10
to −20 ◦C (to lower the vapor pressure of the permeate to about 1 cmHg). This
combination achieves the vapor pressure ratio of more than 200 required for a
good separation.

Membrane Materials and Modules
Membrane Materials

The selectivity (αmem) of pervaporation membranes critically affects the overall
separation obtained and depends on the membrane material. Therefore, mem-
brane materials are tailored for particular separation problems. As with other
solution-diffusion membranes, the permeability of a component is the product of
the membrane sorption coefficient and the diffusion coefficient (mobility). The
membrane selectivity term αmem in Equation (9.11) can be written as

αmem = PG
i

PG
j

=
(

Di

Dj

)(
Ki

Kj

)
(9.20)
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(see Equation (8.3) in Chapter 8). This expression shows that membrane selectiv-
ity is the product of the mobility selectivity (Di/Dj ) of the membrane material,
generally governed by the relative mobility of the permeants, and the solubility
selectivity (Ki/Kj), generally governed by the chemistry of the membrane mate-
rial. In gas permeation the total sorption of gases by the membrane material is
usually low, often less than 1 wt%, so the membrane selectivity measured with
gas mixtures is often close to the selectivity calculated from the ratio of the pure
gas permeabilities. In pervaporation the membrane is in contact with the feed
liquid, and typical sorptions are 2–20 wt%. Sorption of one of the components
of the feed can then change the sorption and diffusion of the second compo-
nent. As a rule of thumb, the total sorption of the feed liquid by the membrane
material should be in the range 3–15 wt%. Below 3 wt% sorption, the mem-
brane selectivity may be good, but the flux through the material will be too low.
Above 15 wt% sorption, fluxes will be high, but the membrane selectivity will
generally be low because the mobility selectivity will decrease as the material
becomes more swollen and plasticized. The sorption selectivity will also tend
towards unity.

By manipulating the chemistry of membrane materials, either sorption- or
diffusion-selectivity-controlled membranes can be made. The range of results
that can be obtained with different membranes with the same liquid mixture is
illustrated in Figure 9.5 for the separation of acetone from water [21]. The figure
shows the concentration of acetone in the permeate as a function of the con-
centration in the feed. The two membranes shown have dramatically different
properties. The silicone rubber membrane, made from a hydrophobic rubbery
material, preferentially sorbs acetone, the more hydrophobic organic compound.
For rubbery materials the diffusion selectivity term, which would favor perme-
ation of the smaller component (water), is small. Therefore, the silicone rubber
membrane is sorption-selectivity-controlled and preferentially permeates acetone.
In contrast, the poly(vinyl alcohol) membrane is made from a hydrophilic, rigid,
crosslinked material. Because poly(vinyl alcohol) is hydrophilic, the sorption
selectivity favors permeation of water, the more hydrophilic polar component.
Also, because poly(vinyl alcohol) is glassy and crosslinked, the diffusion selec-
tivity favoring the smaller water molecules over the larger acetone molecules
is substantial [22]. As a result, poly(vinyl alcohol) membranes permeate water
several hundred times faster than acetone.

In any membrane process, it is desirable for the minor components to permeate
the membrane, so the acetone-selective silicone rubber membrane is best used
to treat dilute acetone feed streams, concentrating most of the acetone in a small
volume of permeate. The water-selective poly(vinyl alcohol) membrane is best
used to treat concentrated acetone feed streams, concentrating most of the water in
a small volume of permeate. Both membranes are more selective than distillation,
which relies on the vapor–liquid equilibrium to achieve separation.
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Figure 9.5 Pervaporation separation of acetone–water mixtures achieved with a
water-selective membrane poly(vinyl alcohol) (PVA), and an acetone-selective membrane
(silicone rubber) [21]. Reprinted from Hollein et al. [21], p. 1051 by courtesy of Marcel
Dekker, Inc.

Most pervaporation membranes are composites formed by solution-coating the
selective layer onto a microporous support. Some of the more commonly used
membranes are listed in Table 9.1. For dehydration of organic solvents, such
as ethanol, isopropanol and acetone, several excellent membrane materials are
available. The technical and economic feasibility of these processes is controlled
by membrane module and system engineering issues rather than by membrane
flux and selectivity. Chemically crosslinked poly(vinyl alcohol), formed as a
composite membrane by solution casting onto a polyacrylonitrile microporous
support, was developed by GFT and has been used for a long time. The poly(vinyl
alcohol) layer is crosslinked by heat or addition of crosslinking agents such as
gluteraldehyde. This membrane has a water/alcohol selectivity (αmem) of more
than 200 [18] and can achieve extremely good separation of water from ethanol
or isopropanol solutions. However, the membrane is swollen and even dissolved
by hot acid or base solutions such as hot acetic acid or hot aniline. Membranes
stable to such feed solutions can be prepared by plasma polymerization [23].

For separating VOCs from water, silicone rubber composite membranes are the
state-of-the-art material. Silicone rubber is easy to fabricate, is mechanically and
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Table 9.1 Widely used pervaporation membrane materials

Dehydration of organics
Water/ethanol
Water/isopropanol
Water/glycol, etc.

Microporous polyacrylonitrile coated with a 5–20 µm
layer of crosslinked poly(vinyl alcohol) is the most
commonly used commercial material [10].
Chitosan [24] and polyelectrolyte membranes such
as Nafion [25,26] have equivalent properties

VOC/water separation
Toluene/water
Trichloroethylene/water
Methylene chloride/water

Membranes comprising silicone rubber coated onto
polyimides, polyacrylonitrile or other microporous
supports membranes are widely used [12,27]. Other
rubbers such as ethylene-propylene terpolymers have
been reported to have good properties also [28].
Polyamide-polyether block copolymers have also
been used for pervaporation of some polar
VOCs [29,30]

Organic/organic separation
The membrane used depends on the nature of the

organics. Poly(vinyl alcohol) and cellulose
acetate [14] have been used to separate alcohols
from ethers. Polyurethane-polyimide block
copolymers have been used for aromatic/aliphatic
separations [17]

Table 9.2 Typical silicone rubber membrane module pervaporation separation factors
(VOC removal from water)

Separation factor for
VOC over water

Volatile organic compound (VOC)

200–1000 Benzene, toluene, ethyl benzene, xylenes, TCE, chloroform,
vinyl chloride, ethylene dichloride, methylene chloride,
perchlorofluorocarbons, hexane

20–200 Ethyl acetate, propanols, butanols, MEK, aniline, amyl alcohol
5–20 Methanol, ethanol, phenol, acetaldehyde
1–5 Acetic acid, ethylene glycol, DMF, DMAC

TCE, trichloroethylene; MEK, methyl ethyl ketone; DMF, dimethyl formamide; DMAC, dimethyl
acetamide.

chemically strong, and has good separation factors for many common organic
compounds, as shown in Table 9.2. These representative data were obtained with
industrial-scale modules under normal operating conditions. The performance of
silicone membranes in laboratory test cells operated under ideal conditions is
usually better.

A number of academic studies have produced rubbery hydrophobic membrane
materials with far higher selectivities than silicone rubber [27]. For example,
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Figure 9.6 Comparative separation factors for toluene and trichloroethylene from water
with various rubbery membranes [28]. These experiments were performed with thick films
in laboratory test cells. In practice, separation factors obtained with membrane modules
are far less because of concentration polarization effects. Reprinted from Nijhuis et al.
[28], p. 248 with permission of Bakish Materials Corporation, Englewood, NJ

Figure 9.6 shows the separation factors measured by Nijhuis et al. [28] for var-
ious membranes with dilute toluene and trichloroethylene solutions. The sepa-
ration factor of silicone rubber is in the 4000–5000 range, but other materials
have separation factors as high as 40 000. However, in practice, an increase
in membrane separation factor beyond about 1000 provides very little addi-
tional benefit. Once a separation factor of this magnitude is obtained, other
factors, such as ease of manufacture, mechanical strength, chemical stability,
and control of concentration polarization become more important. This is why
silicone rubber remains prevalent, even though polymers with higher selectivities
are known.

Membranes with improved separation factors would be useful for hydrophilic
VOCs such as ethanol, methanol and phenol, for which the separation fac-
tor of silicone rubber is in the range 5–10. As yet, no good replacement for
silicone rubber has been developed. The most promising results to date have
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been obtained with silicone rubber membranes containing dispersed zeolite par-
ticles [31]. Apparently, ethanol preferentially permeates the pores of the zeolite
particles; membranes have been produced in the laboratory with ethanol/water
selectivities of 40 or more. Membranes with these properties could be applied in
fermentation processes and solvent recovery if they can be made on a large scale.

Polyamide-polyether block copolymers (Pebax, Elf Atochem, Inc., Philadel-
phia, PA) have been used successfully with polar organics such as phenol and
aniline [32–34]. The separation factors obtained with these organics are greater
than 100, far higher than the separation factors obtained with silicone rubber.
The improved selectivity reflects the greater sorption selectivity obtained with the
polar organic in the relatively polar polyamide-polyether membrane. On the other
hand, toluene separation factors obtained with polyamide-polyether membranes
are below those measured with silicone rubber.

For the separation of organic/organic mixtures, current membranes are only
moderately selective, generally because the differences in sorption between differ-
ent organic molecules are small, and many membrane materials swell excessively
in organic solvent mixtures, especially at high temperatures. One approach is to
use rigid backbone polymers to control swelling, for example, the Matrimid

polyimides developed by Grace [35]. However, the permeability of these mate-
rials is often very low. Another approach, used by Exxon [17], is to use block
copolymers consisting of rigid polyimide segments that provide a strong net-
work and softer segments formed from more flexible polymers through which
permeant transport occurs. The permeation properties of the polymer were var-
ied by tailoring the size and chemistry of the two blocks. Notwithstanding
this work, development of more selective membranes is required for applica-
tion of pervaporation to other important organic/organic separations, such as
separation of aromatics from aliphatics, olefins from paraffins, and branched
hydrocarbons.

Membrane Modules

Pervaporation applications often involve hot feed solutions containing organic
solvents. Such solutions can degrade the seals and plastic components of mem-
brane modules. As a result, the first-generation commercial pervaporation mod-
ules used a stainless steel plate-and-frame design. Recently attempts have been
made to switch to lower-cost module designs. Texaco, Membrane Technology
and Research (MTR) and Separex (UOP) have all used spiral-wound modules for
pervaporation, and Zenon developed hollow fiber modules. One particular issue
affecting pervaporation module design is that the permeate side of the membrane
often operates at a vacuum of less than 100 torr. The pressure drop required to
draw the permeate vapor to the permeate condenser may then be a significant
fraction of the permeate pressure. Efficient pervaporation modules must have
short, porous permeate channels to minimize this permeate pressure drop.
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Process Design
Transport through pervaporation membranes is produced by maintaining a vapor
pressure gradient across the membrane. As in gas separation, the flux through the
membrane is proportional to the vapor pressure difference [Equation (9.1)], but
the separation obtained is determined by the membrane selectivity and the pres-
sure ratio [Equation (9.11)]. Figure 9.7 illustrates a number of ways to achieve
the required vapor pressure gradient.

In the laboratory, the low vapor pressure required on the permeate side of the
membrane is often produced with a vacuum pump, as shown in Figure 9.7(a).
In a commercial-scale system, however, the vacuum pump requirement would
be impossibly large. In the early days of pervaporation research, the calculated
vacuum pump size was sometimes used as proof that pervaporation would never
be commercially viable. An attractive alternative to a vacuum pump, illustrated in
Figure 9.7(b), is to cool the permeate vapor to condense the liquid; condensation
of the liquid spontaneously generates the permeate side vacuum. The feed solution
may also be heated to increase the vapor pressure driving force. In this process,
sometimes called thermo-pervaporation, the driving force is the difference in
vapor pressure between the hot feed solution and the cold permeate liquid at the
temperature of the condenser. This type of design is preferred for commercial
operations, because the cost of providing the required cooling and heating is
much less than the cost of a vacuum pump, and the process is operationally
more reliable.

A third possibility, illustrated in Figure 9.7(c), is to sweep the permeate side
of the membrane with a counter-current flow of carrier gas. In the example
shown, the carrier gas is cooled to condense and recover the permeate vapor,
and the gas is recirculated. This mode of operation has little to offer compared
to temperature-gradient-driven pervaporation, because both require cooling water
for the condenser. However, if the permeate has no value and can be discarded
without condensation (for example, in the pervaporative dehydration of an organic
solvent with an extremely water-selective membrane), this is the preferred mode
of operation. In this case, the permeate would contain only water plus a trace of
organic solvent and could be discharged or incinerated at low cost. No permeate
refrigeration is required [36].

An alternative carrier-gas system uses a condensable gas, such as steam, as the
carrier sweep fluid. One variant of this system is illustrated in Figure 9.7(d). Low-
grade steam is often available at low cost, and, if the permeate is immiscible with
the condensed carrier, water, it can be recovered by decantation. The condensed
water will contain some dissolved organic and can be recycled to the evaporator
and then to the permeate side of the module. This operating mode is limited
to water-immiscible permeates and to feed streams for which contamination of
the feed liquid by water vapor permeating from the sweep gas is not a problem.
This idea has been discovered, rediscovered, and patented a number of times, but
never used commercially [37,38]. If the permeate is soluble in the condensable
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sweep generated, then the sweep gas is best obtained by evaporating a portion
of the residue liquid as shown in Figure 9.7(e). The final pervaporation process,
illustrated in Figure 9.7(f), is a system of particular interest for removing low
concentrations of dissolved VOCs from water. The arrangement shown is used
when the solubility of the permeating solvent in water is limited. In this case, the
condensed permeate liquid separates into two phases: an organic phase, which
can be treated for reuse, and an aqueous phase saturated with organic, which can
be recycled to the feed stream for reprocessing.

In the process designs shown in Figures 9.1 and 9.7, the permeate vapor is
condensed to yield a single liquid permeate condensate. A simple improvement

(a) Two-stage fractional condensation [40]

Pervaporation

Condensed
liquids

~ 50 %
ethanol

5 % ethanol

0.5 % ethanol residue

20 % ethanol
low-pressure vapors

6 % ethanol
feed

602-1S

(b) Dephlegmator condensation [39]

Pervaporation

Condensed
liquid

Long
heat

exchanger

Warm
coolant

Coolant

Dephlegmator

90 %
ethanol

condensate

5 % ethanol bottoms

0.5 % ethanol residue

20 % ethanol
low-pressure vapors

6 %
ethanol

feed

Figure 9.8 The use of permeate vapor fractional condensation systems to improve the
separation achieved in pervaporation of dilute ethanol solutions: (a) Two-stage fractional
condensation [40] and (b) Dephlegmator condensation [39]
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to the pervaporation process is to use fractional condensation of the permeate
vapor to achieve an improved separation. Two process designs are shown in
Figure 9.8. In Figure 9.8(a), the permeate vapor is condensed in two condensers
in series. In the example shown, the recovery of ethanol from water, the first
(higher temperature) condenser produces a first condensate containing about 5 %
ethanol that is recycled to the incoming feed. The second (lower temperature)
condenser condenses the remaining vapor to produce an ethanol product stream
containing about 50 % ethanol. This design has not been widely used because
the increase in product quality usually does not compensate for the increased
complexity of the process.

The condensation system shown in Figure 9.8(b) uses a dephlegmator to
achieve the separation required [39]. A dephlegmator in its simplest form is
a vertical heat exchanger. Warm, low-pressure permeate vapor from the per-
vaporation unit enters the dephlegmator at the bottom. As the vapor rises up
the column, some condenses on the cold tube wall. The resultant liquid flows
downward within the feed passage countercurrent to the rising feed vapor. Mass
transfer between the liquid and vapor enriches the liquid in the less volatile com-
ponents as the more volatile components are revaporized. As a result, several
theoretical stages of separation are achieved. The degree of separation achieved
can be impressive. In the example shown, the 20 wt% ethanol permeate vapor is
separated into 5 wt% bottoms, which is recycled to the pervaporation unit, and
a 90–95 wt% overhead ethanol product stream.

Applications

The three current applications of pervaporation are dehydration of solvents, water
purification, and organic/organic separations as an alternative to distillation. Cur-
rently dehydration of solvents, in particular ethanol and isopropanol, is the only
process installed on a large scale. However, as the technology develops, the
other applications are expected to grow. Separation of organic mixtures, in par-
ticular, could become a major application. Each of these applications is described
separately below.

Solvent Dehydration

Several hundred plants have been installed for the dehydration of ethanol by per-
vaporation. This is a particularly favorable application for pervaporation because
ethanol forms an azeotrope with water at 95 % and a 99.5 % pure product is
needed. Because the azeotrope forms at 95 % ethanol, simple distillation does
not work. A comparison of the separation of ethanol and water obtained by vari-
ous pervaporation membranes and the vapor–liquid equilibrium line that controls
separation obtained by distillation is shown in Figure 9.9 [40]. The membranes
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Figure 9.9 Comparison of separation of ethanol/water mixtures by distillation and by
three pervaporation membranes: cellulose triacetate (CTA), an anionic polyelectrolyte
membrane, and GFT’s poly(vinyl alcohol) (PVA) membrane [40]

all achieve a good separation, but the GFT poly(vinyl alcohol) membrane perfor-
mance is the best. Most pervaporation dehydration systems installed to date have
been equipped with this membrane, although Mitsui is producing zeolite tubu-
lar modules [41,42]. Because an ethanol/water azeotrope forms at 95 % ethanol,
the concentration of ethanol from fermentation feeds to high degrees of purity
requires rectification with a benzene entrainer, some sort of molecular-sieve dry-
ing process, or a liquid–liquid extraction process. All of these processes are
expensive. However, the availability of extremely water-selective pervapora-
tion membranes allows pervaporation systems to produce almost pure ethanol
(>99.9 % ethanol from a 90 % ethanol feed). The permeate stream contains
approximately 50 % ethanol and can be returned to the distillation column.

A flow scheme for an integrated distillation–pervaporation plant operating on
a 5 % ethanol feed from a fermentation mash is shown in Figure 9.10. The dis-
tillation column produces an ethanol stream containing 80–90 % ethanol, which
is fed to the pervaporation system. To maximize the vapor pressure difference
and the pressure ratio across the membrane, the pervaporation module usually
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Figure 9.10 Integrated distillation–pervaporation plant for ethanol recovery from
fermentors

operates in the temperature range 105–130 ◦C with a corresponding feed stream
vapor pressure of 2–6 atm. Despite these harsh conditions, the membrane lifetime
is good and manufacturers give qualified guarantees of up to 4 years.

Figure 9.10 shows a single-stage pervaporation unit. In practice, three to five
pervaporation units are usually used in series, with additional heat supplied to
the ethanol feed between each stage. This compensates for pervaporative cooling
of the feed and maintains the feed temperature. The heat required is obtained
by thermally integrating the pervaporation system with the condenser of the final
distillation column. Therefore, most of the energy used in the process is low-grade
heat. Generally, about 0.5 kg of steam is required for each kilogram of ethanol
produced. The energy consumption of the pervaporation process is, therefore,
about 500 Btu/L of product, less than 20 % of the energy used in azeotropic
distillation, which is typically about 3000 Btu/L.

Reliable capital and operating cost comparisons between pervaporation and dis-
tillation are not available. Pervaporation is less capital and energy intensive than
distillation or adsorption processes for small plants treating less than 5000 L/h
of feed solution. However, because of the modular nature of the process, the
costs of pervaporation are not as sensitive to economies of scale as are the costs
of distillation and adsorption processes. Distillation costs, on the other hand,
scale at a rate proportional to 0.6–0.7 times the power consumption. Thus, dis-
tillation remains the most economical process for large plants. The cross-over
point at which distillation becomes preferable to pervaporation from an energy
and economic point of view currently appears to be 5000 L/h processing capac-
ity. Bergdorf has made an analysis of the comparative costs of pervaporation,
distillation and other processes [43].
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Because most of the installed pervaporation alcohol dehydration plants are
relatively small, in the 500–5000 L/h range, the membrane module cost is gen-
erally only 15–40 % of the total plant cost [44] even when relatively high-cost
stainless steel plate-and-frame modules of the type originally developed by GFT
are used. Cost savings could undoubtedly be achieved by using more econom-
ical spiral-wound or capillary fiber modules, but Sulzer (GFT) apparently does
not regard these savings sufficient to cover the significant development costs
involved in producing such modules able to operate at 100 ◦C with hot ethanol
solutions. Photographs of the Sulzer (GFT) plate-and-frame module and of an
ethanol dehydration system are shown in Figure 9.11 [44].

There is an increasing trend to replace liquid pervaporation with vapor per-
meation in some dehydration applications, particularly dehydration of ethanol
and isopropanol. The main disadvantage of vapor permeation is that energy is
used to evaporate the liquid, only a portion of which can be recovered when the
vapor streams are ultimately recovered. On the other hand, by evaporating the
liquid feed, any dissolved salts and solid contaminants are left in the evaporator,
giving a purer product, important in the recovery of isopropanol, for example,
in the electronics industry. More importantly, pervaporation requires the feed
liquid to be repeatedly reheated to supply the latent heat of evaporation removed
by the permeating vapor. The need for interstage reheating complicates the sys-
tem design and leads to lower average fluxes, as the example calculations of
Sander [45] show in Figure 9.12. In liquid pervaporation, the feed stream must
be reheated five times as the water concentration drops from 6 to 1 % and the
average temperature of the fluid is at about 95 ◦C. The vapor feed stream, how-
ever, requires no reheating and remains at about the initial feed temperature. High

Figure 9.11 Photograph of a 50-m2 GFT plate-and-frame module and an ethanol dehy-
dration system fitted with this type of module. The module is contained in the large
vacuum chamber on the left-hand side of the pervaporation system [44]
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Figure 9.12 Isothermal vapor permeation and multistage pervaporation with intermedi-
ate heating. GFT poly(vinyl alcohol) membranes [45]

feed temperatures are needed to produce a high vapor pressure driving force to
improve membrane separation performance and flux. The improvement in mem-
brane flux achieved by increasing the average feed temperature as little as 5 or
10 ◦C is significant.

Most of the early solvent dehydration systems were installed for ethanol dehy-
dration. More recently pervaporation has been applied to dehydration of other
solvents, particularly isopropanol used as a cleaning solvent. Dehydration of
other solvents, including glycols, acetone and methylene chloride, has been con-
sidered. Schematics of pervaporation processes for these separations are shown
in Figure 9.13.

Dewatering of glycol is a difficult separation by distillation alone, so a hybrid
process of the type shown in Figure 9.13(a) has been proposed. The product of
the distillation step is approximately 90 % glycol/10 % water. This mixture is
then sent to a pervaporation unit to remove most of the water as a discharge-
able product. The glycol concentrate produced by the pervaporation unit contains
1–2 wt% water and can be sent to an optional adsorption dryer if further dehy-
dration is required.

Figure 9.13(b) shows the use of pervaporation to dry a chlorinated solvent,
in this case water-saturated ethylene dichloride containing 2000 ppm water. A
poly(vinyl alcohol) dehydration membrane can easily produce a residue contain-
ing less than 10 ppm water and a permeate containing about 50 wt% water. On
condensation the permeate vapor separates into two phases, a very small water
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Figure 9.13 Other solvent dehydration processes under investigation

phase that can be discharged and an ethylene dichloride phase that can be recycled
to the incoming feed.

A final interesting application of dehydration membranes is to shift the equi-
librium of chemical reactions. For example, esterification reactions of the type

acid + alcohol −−−⇀↽−−− ester + water

are usually performed in batch reactors, and the degree of conversion is limited
by buildup of water in the reactor. By continuously removing the water, the
equilibrium reaction can be forced to the right. In principle, almost complete
conversion can be achieved. This process was first suggested by Jennings and
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Binning in the 1960s [46]. A number of groups have since studied this type of
process, and at least one commercial plant has been installed [47–49].

Separation of Dissolved Organics from Water

A number of applications exist for pervaporation to remove or recover VOCs
from water. If the aqueous stream is very dilute, pollution control is the principal
economic driving force. However, if the stream contains more than 1–2 % VOC,
recovery for eventual reuse can enhance the process economics.

Several types of membrane have been used to separate VOCs from water and
are discussed in the literature [11,28]. Usually the membranes are made from
rubbery polymers such as silicone rubber, polybutadiene, natural rubber, and
polyamide-polyether copolymers. Rubbery pervaporation membranes are remark-
ably effective at separating hydrophobic organic solutes from dilute aqueous
solutions. The concentration of VOCs such as toluene or trichloroethylene (TCE)
in the condensed permeate is typically more than 1000 times that in the feed solu-
tion. For example, a feed solution containing 100 ppm of such VOCs yields a
permeate vapor containing 10–20 % VOC. This concentration is well above the
saturation limit, so condensation produces a two-phase permeate. This permeate
comprises an essentially pure condensed organic phase and an aqueous phase
containing a small amount of VOC that can be recycled to the aqueous feed. The
flow scheme for this process is shown in Figure 9.7(f). The separations achieved
with moderately hydrophobic VOCs, such as ethyl acetate, methylene chloride
and butanol, are still impressive, typically providing at least 100-fold enrichment
in the permeate. However, the separation factors obtained with hydrophilic sol-
vents, such as methanol, acetic acid and ethylene glycol, are usually modest, at
5 or below [8].

Some data showing measured pervaporation separation factors for dilute aque-
ous VOC solutions are shown in Figure 9.14, in which the total separation factor,
βpervap, is plotted against the theoretical evaporative separation factor, βevap,
obtained from the equation of state. Two sets of data, both obtained with silicone
rubber membranes, are shown. One set was obtained with thick membranes in
laboratory test cells under very well stirred conditions [33] that largely eliminate
concentration polarization. The other set was obtained with high-flux membranes
in spiral-wound modules [12]. The difference between the curves is due to the
concentration polarization effects discussed in Chapter 4. With VOCs such as
acetone, methyl ethyl ketone (MEK) and ethyl acetate, the difference between
separation factors measured in the laboratory test cells and in spiral-wound mod-
ules is relatively small. The difference becomes very large for more hydrophobic
VOCs with high separation factors. Concentration polarization effects reduce the
separation factor for VOCs such as toluene or TCE 5- to 10-fold.

The data in Figure 9.14 also allow determination of the relative contributions
of the evaporative separation term βevap and the membrane selectivity term βmem
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Figure 9.14 Pervaporation separation factor, βpervap, as a function of the VOC evapo-
ration separation factor, βevap. Data obtained with laboratory-scale spiral-wound modules
containing a composite silicone rubber membrane and in laboratory cells with thick
membranes

to the total separation achieved by pervaporation βpervap [Equation (9.5)]. Earlier
it was shown that membranes used to dehydrate ethanol achieved almost all of the
total pervaporation separation as a result of a high membrane selectivity term, in
the 100–500 range. With these membranes the evaporative separation term was
usually close to 1. In the case of the separation of VOCs from water, the relative
contribution of evaporation and membrane permeation to the separation is quite
different. For example, MEK has a pervaporation separation factor of approxi-
mately 280. In this case, the evaporation contribution βevap is 40; therefore, from
Equation (9.5), the membrane contribution βmem is 7. For more hydrophobic
VOCs, the total separation factor increases, because the evaporative separation
term is larger. For example, the separation factor βpervap for toluene measured
in cell experiments is an impressive 10 000, but most of the separation is due
to the evaporation step βevap, which is 8000. The membrane contribution βmem

is only 1.2, and the approximate selectivity of the membrane falls to 0.3 when
concentration polarization effects are taken into account.

Concentration polarization plays a dominant role in the selection of mem-
brane materials, operating conditions, and system design in the pervaporation of
VOCs from water. Selection of the appropriate membrane thickness and permeate
pressure is discussed in detail elsewhere [50]. In general, concentration polariza-
tion effects are not a major problem for VOCs with separation factors less than
100–200. With solutions containing such VOCs, very high feed velocities through
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Figure 9.15 Once-through pervaporation system design. This design is most suitable for
removal of VOCs with modest separation factors for which concentration polarization is
not a problem

the membrane modules are not needed to control concentration polarization, so
a once-through process design as illustrated in Figure 9.15 can be used. In the
once-through design, the membrane modules are arranged in series, and the feed
solution only passes through the modules once. The velocity of the solution in
the modules is determined by the number of modules in series and the feed flow
rate. With VOCs having modest separation factors, such a system can provide
both adequate fluid velocities to control concentration polarization and sufficient
residence time within the module to remove the required amount of VOC from
the feed. With VOCs having large separation factors, such as toluene and TCE,
it is difficult to balance the fluid velocity required to control concentration polar-
ization with the residence time required to achieve the target VOC removal in a
single pass.

For treating water containing VOCs with separation factors of more than 500,
for which concentration polarization is a serious problem, feed-and-bleed systems
similar to those described in the chapter on ultrafiltration can be used. For small
feed volumes a batch process as illustrated in Figure 9.16 is more suitable. In
a batch system, feed solution is accumulated in a surge tank. A portion of this
solution is then transferred to the feed tank and circulated at high velocity through
the pervaporation modules until the VOC concentration reaches the desired level.
At this time, the treated water is removed from the feed tank, the tank is loaded
with a new batch of untreated solution, and the cycle is repeated.

Applications for VOC-from-water pervaporation systems include treatment of
contaminated wastewaters and process streams in the chemical industry, removal
of small amounts of VOCs from contaminated groundwater, and the recovery of
volatile flavor and aroma elements from streams produced in the processing of
fruits and vegetables. A number of factors enter into the selection of pervaporation
over a competing technology:

• VOC type. Pervaporation is best applied to recovery of VOCs with medium to
high volatility, for which separation factors of 50 or more can be achieved.
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Figure 9.16 Flow diagram and typical performance for a 50-gal cyclic batch pervapora-
tion system. The treatment time for the first 50-gal batch was set at 120 min because the
unit was cold; thereafter, the cycle time was set at 90 min. The system achieved 99.8 %
removal of toluene from the feed water [13]
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These VOCs are normally more hydrophobic than acetone and have a Henry’s
law coefficient of greater than about 2 atm/mol fraction.

• VOC concentration. In general, the optimum VOC concentration range for
pervaporation is 200–50 000 ppm (5 wt%). In this range, the conventional
technology is steam stripping. Generally streams containing more than 5 wt%
organic are better treated by distillation or, if the organic has no recovery value,
simply incinerated. If the water contains less than 100 ppm VOC, recovery of
the VOC is not an objective, so a destructive technology such as UV oxidation
is used, or the stream is treated by air stripping followed by carbon adsorption
to remove the VOC from the effluent air stream.

• Stream flow rate. The costs of pervaporation, like other membrane processes,
increase linearly with increasing system size, whereas processes such as steam
stripping scale to the 0.6–0.7 power. This makes pervaporation most competi-
tive for small- to medium-sized streams. For streams containing highly volatile
VOCs with Henry’s law coefficients greater than 100 atm/mol fraction, per-
vaporation will generally be limited to streams smaller than 100 gal/min. For
moderately volatile VOCs (0.5–100 atm/mol fraction), pervaporation is pre-
ferred for streams smaller than 10–20 gal/min. Steam stripping is preferred
for very large streams or for those containing VOCs with a poor pervaporation
VOC/water separation factor.

• VOC thermal stability. Separation of VOCs from water by pervaporation gen-
erally requires heating the feed water to only 50–70 ◦C. This is significantly
lower than the temperatures involved in distillation or steam stripping, a con-
siderable advantage if the VOCs are valuable, thermally labile compounds.
This feature is important in applications such as flavor and aroma recovery in
the food industry.

Commercial development of pervaporation for VOC removal/recovery has
been slower than many predicted; only a few plants have been installed. The
first significant applications are likely to be in the food industry, processing
aqueous condensate streams generated in the production of concentrated orange
juice, tomato paste, apple juice and the like. These condensates contain a com-
plex mixture of alcohols, esters and ketones that are the flavor elements of the
juice. Steam distillation could be used to recover these elements, but the high
temperatures involved would damage the product. Pervaporation recovers essen-
tially all of these components, producing a concentrated, high-value oil without
exposing the flavor elements to high temperatures [51,52]. Figure 9.17 shows
gas chromatography (GC) traces of the feed and permeate streams produced by
pervaporation of an orange juice evaporator condensate stream.

Another potential pervaporation application is removing small amounts of
VOCs from industrial wastewaters, allowing the water to be discharged to the
sewer and concentrating the VOCs in a small-volume stream that can be sent to a
hazardous waste treater [13]. Without a treatment system such as pervaporation,

FOR REFERENCE PURPOSES ONLY



PERVAPORATION 383

100

90

80

70

60

50

40

30

20

10

0
Feed Permeate

Figure 9.17 GC traces showing recovery of flavor and aroma components from orange
juice evaporator condensate

the entire waste stream would have to be trucked off site. The avoided trucking
cost can be considerable; a photograph of a batch pervaporation system installed
for this purpose is shown in Figure 9.18.

Separation of Organic Mixtures

The third application area for pervaporation is the separation of organic/organic
mixtures. The competitive technology is generally distillation, a well-established
and familiar technology. However, a number of azeotropic and close-boiling
organic mixtures cannot be efficiently separated by distillation; pervaporation
can be used to separate these mixtures, often as a combination membrane-
distillation process. Lipnizki et al. have recently reviewed the most important
applications [53].

The degree of separation of a binary mixture is a function of the relative volatil-
ity of the components, the membrane selectivity, and the operating conditions.
For azeotropic or close-boiling mixtures, the relative volatility is close to 1, so
separation by simple distillation is not viable. However, if the membrane perme-
ation selectivity is much greater than 1, a significant separation is possible using
pervaporation. An example of such a separation is given in Figure 9.19, which
shows a plot of the pervaporation separation of benzene/cyclohexane mixtures
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Figure 9.18 Photograph of a 300–500 gal/day pervaporation system installed to treat
wastewater contaminated with methylene chloride. This system has been operating at
Applied Biosystems in Redwood City, California since 1995 [13]

using a 20-µm-thick crosslinked cellulose acetate-poly(styrene phosphate) blend
membrane [54]. The vapor–liquid equilibrium for the mixture is also shown; the
benzene/cyclohexane mixture forms an azeotrope at approximately 50 % benzene.
A typical distillation stage could not separate a feed stream of this composition.
However, pervaporation treatment of this mixture produces a vapor permeate
containing more than 95 % benzene. This example illustrates the advantages
of pervaporation over simple distillation for separating azeotropes and close-
boiling mixtures.

It would be unusual for a pervaporation process to perform an entire
organic/organic separation. Rather, pervaporation will be most efficient when
combined with distillation in a hybrid process [55]. The two main applications
of pervaporation–distillation hybrid processes are likely to be in breaking
azeotropes and in removing a single-component, high-purity side stream from
a multicomponent distillation separation. Figure 9.20 shows some potential
pervaporation–distillation combinations. In Figure 9.20(a) pervaporation is
combined with distillation to break an azeotrope that is concentrated in one
component (>90 %). This approach is used in the production of high-purity
ethanol. The ethanol/water azeotrope from the top of the distillation column is
fed to a pervaporation unit where the water is removed as the permeate and
returned to the column as a reflux.
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Figure 9.19 Fraction of benzene in permeate as a function of feed mixture composition
for pervaporation at the reflux temperature of a binary benzene/cyclohexane mixture. A
20-µm-thick crosslinked blend membrane of cellulose acetate and poly(styrene phosphate)
was used [54]. Reprinted with permission from I. Cabasso, Organic Liquid Mixtures
Separation by Selective Polymer Membranes, Ind. Eng. Chem. Prod. Res. Dev. 22, 313.
Copyright 1983 American Chemical Society

Figure 9.20(b) illustrates the use of pervaporation with two distillation columns
to break a binary azeotrope such as benzene/cyclohexane. The feed is supplied
at the azeotropic composition and is split into two streams by the pervaporation
unit. The residue stream, rich in cyclohexane, is fed to a distillation column
that produces a pure bottom product and an azeotropic top stream, which is
recycled to the pervaporation unit. Similarly, the other distillation column treats
the benzene-rich stream to produce a pure benzene product and an azeotropic
mixture that is returned to the pervaporation unit.

Pervaporation can also be used to unload a distillation column, thereby reducing
energy consumption and operating cost and increasing throughput. The example
shown in Figure 9.20(c) is for the recovery of pure methanol by pervaporation
of a side stream from a column separating a methanol/isobutene/methyl tertiary
butyl ether (MTBE) feed mixture [14,15].

The principal problem hindering the development of commercial systems for
organic/organic separations is the lack of membranes and modules able to with-
stand long-term exposure to organic compounds at the elevated temperatures
required for pervaporation. Membrane and module stability problems are not
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Figure 9.21 Methods of integrating pervaporation membranes in the recovery of metha-
nol from the MTBE production process [15]. Courtesy of Air Products and Chemicals,
Inc., Allentown, PA

insurmountable, however, as shown by the successful demonstration of a perva-
poration process for the separation of methanol from an isobutene/MTBE mixture.
This mixture is generated during the production of MTBE; the product from the
reactor is an alcohol/ether/hydrocarbon mixture in which the alcohol/ether and
the alcohol/hydrocarbon both form azeotropes. The product stream is treated by
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pervaporation to yield a methanol-enriched permeate, which can be recycled to
the etherification process. Two alternative ways of integrating the pervaporation
process into a complete reaction scheme are illustrated in Figure 9.21.

The process shown in Figure 9.21 was first developed by Separex, using cel-
lulose acetate membranes. The separation factor for methanol from MTBE is
high (>1000) because the membrane material, cellulose acetate, is relatively
glassy and hydrophilic. Thus, both the mobility selectivity term and the sorption
term in Equation (9.5) significantly favor permeation of the smaller molecule,
methanol, because methanol is more polar than MTBE or isobutene, the other
feed components. These membranes are reported to work well for feed methanol
concentrations up to 6 %. Above this concentration, the membrane is plasticized,
and selectivity is lost. More recently, Sulzer (GFT) has also studied this separation
using their plasma-polymerized membrane [56].

Another application that has developed to the pilot scale is the separation of aro-
matic/aliphatic mixtures in refining crude oils into transportation fuels [16,17,57].
For hydrocarbons with approximately the same boiling point range, the perme-
ability is generally in the order aromatics > unsaturated hydrocarbons > saturated
hydrocarbons. For aliphatic hydrocarbons in approximately the same boiling point
range, the order of permeabilities is straight chain > cyclic chain > branched
chain. The goal in these processes is to perform a bulk separation of the hydrocar-
bon mixture by pervaporation; therefore, the membrane must be highly permeable
and selective. The general approach [17,58] is to prepare segmented block copoly-
mers consisting of hard segments not swollen by the hydrocarbon oil, to control the
swelling of the soft segments through which the oil would permeate. Crosslinking
was also used to control swelling of the membrane materials, polyester-polyimide
and polyurea-polyurethane polymers.

Recently Sulzer, working with Grace Davison [35,59] and using polyimide,
polysiloxane or polyurea urethane membranes, and ExxonMobil [60], using
Nafion or cellulose triacetate membranes, have described processes to separate
sulfur compounds from various refinery streams.

Conclusions and Future Directions

During the 10 years after GFT installed the first commercial pervaporation plant
in 1982, there was a surge of interest in all types of pervaporation. Much of
this interest has now ebbed, and the number of companies involved in develop-
ing pervaporation has decreased considerably. The oil companies Texaco, British
Petroleum and Exxon, all of which had large research groups working on per-
vaporation problems in the 1980s, with the exception mentioned above, seem to
have abandoned this approach. The key problem seems to be economic. Pervapo-
ration is a competitive technology on a small scale, but current membranes and
modules are insufficiently selective and economical to compete with distillation,
steam stripping, or solvent extraction in larger plants. As a result, most of the
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systems sold are small, and the total value of new systems installed annually is
probably less than US$5 million/year. This market is likely to expand over the
next few years, particularly if recovery of high-value aroma and flavor elements
in food processing operations meets the developers’ expectations.
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10 ION EXCHANGE
MEMBRANE PROCESSES–
ELECTRODIALYSIS

Introduction and History

Ion exchange membranes are used in a number of separation processes, the
most important of which is electrodialysis. In ion exchange membranes, charged
groups are attached to the polymer backbone of the membrane material. These
fixed charge groups partially or completely exclude ions of the same charge
from the membrane. This means that an anionic membrane with fixed positive
groups excludes positive ions but is freely permeable to negatively charged ions.
Similarly a cationic membrane with fixed negative groups excludes negative ions
but is freely permeable to positively charged ions, as illustrated in Figure 10.1.

In an electrodialysis system, anionic and cationic membranes are formed into
a multicell arrangement built on the plate-and-frame principle to form up to 100
cell pairs in a stack. The cation and anion exchange membranes are arranged in an
alternating pattern between the anode and cathode. Each set of anion and cation
membranes forms a cell pair. Salt solution is pumped through the cells while an
electrical potential is maintained across the electrodes. The positively charged
cations in the solution migrate toward the cathode and the negatively charged
anions migrate toward the anode. Cations easily pass through the negatively
charged cation exchange membrane but are retained by the positively charged
anion exchange membrane. Similarly, anions pass through the anion exchange
membrane but are retained by the cation exchange membrane. The overall result
of the process is that one cell of the pair becomes depleted of ions while the
adjacent cell becomes enriched in ions. The process, which is widely used to
remove dissolved ions from water, is illustrated in Figure 10.2.

Experiments with ion exchange membranes were described as early as 1890
by Ostwald [1]. Work by Donnan [2] a few years later led to development of
the concept of membrane potential and the phenomenon of Donnan exclusion.
These early charged membranes were made from natural materials or chemically
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treated collodion membranes–their mechanical and chemical properties were very
poor. Nonetheless, as early as 1939, Manegold and Kalauch [3] suggested the
application of selective anionic and cationic exchange membranes to separate ions
from water, and within another year Meyer and Strauss [4] described the concept
of a multicell arrangement between a single pair of electrodes. The advances in
polymer chemistry during and immediately after the Second World War led to the
production of much better ion exchange membranes by Kressman [5], Murphy
et al. [6] and Juda and McRae [7] at Ionics. With the development of these
membranes, electrodialysis became a practical process. Ionics was the principal
early developer and installed the first successful plant in 1952; by 1956 eight
plants had been installed.

In the United States, electrodialysis was developed primarily for desalination
of water, with Ionics being the industry leader. In Japan, Asahi Glass, Asahi
Chemical (a different company), and Tokuyama Soda developed the process to
concentrate seawater [8]. This application of electrodialysis is confined to Japan,
which has no domestic salt sources. Electrodialysis membranes concentrate the
salt in seawater to about 18–20 % solids, after which the brine is further con-
centrated by evaporation and the salt recovered by crystallization.

All of the electrodialysis plants installed in the 1950s through the 1960s were
operated unidirectionally, that is, the polarity of the two electrodes, and hence
the position of the dilute and concentrated cells in the stack, were fixed. In this
mode of operation, formation of scale on the membrane surface by precipitation
of colloids and insoluble salts was often a severe problem. To prevent scale, pH
adjustment and addition of antiscaling chemicals to the feed water was required,
together with regular membrane cleaning using detergents and descaling chem-
icals. Nevertheless, scaling and membrane fouling remained major problems,
affecting plant on-stream time and widespread acceptance of the process. In the
early 1970s, a breakthrough in system design, known as electrodialysis polarity
reversal, was made by Ionics [9]. In these systems the polarity of the DC power
applied to the membrane electrodes is reversed two to four times per hour. When
the electrode polarity is reversed, the desalted water and brine chambers are also
reversed by automatic valves that control the flows in the stack. By switching
cells and reversing current direction, freshly precipitated scale is flushed from
the membrane before it can solidify. The direction of movement of colloidal
particulates drawn to the membrane by the flow of current is also reversed, so
colloids do not form a film on the membrane. Electrodialysis plants using the
reverse polarity technique have been operating since 1970 and have proved more
reliable than their fixed polarity predecessors.

Electrodialysis is now a mature technology, with Ionics remaining the world-
wide industry leader except in Japan. Desalting of brackish water and the produc-
tion of boiler feed water and industrial process water were the main applications
until the 1990s, but electrodialysis has since lost market share due to stiff
competition from improved reverse osmosis membranes. Beginning in the 1990s,
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electrodeionization, a combination process using electrodialysis and ion exchange,
began to be used to achieve very good salt removal in ultrapure water plants. This
is now a major use of electrodialysis. Other important applications are control of
ionic impurities from industrial effluent streams, water softening and desalting
certain foods, particularly milk whey [10,11]. Over the last 20 years a number
of other uses of ion exchange membranes have been found. Perhaps the most
important is the development by Asahi, Dow and DuPont of perfluoro-based ion
exchange membranes with exceptional chemical stability for membrane chlor-
alkali cells [12]. More than 1 million square meters of these membranes have
been installed. Ion exchange membranes are also finding an increasing market
in electrolysis processes of all types. One application that has received a great
deal of attention is the use of bipolar membranes to produce acids and alkalis
by electrolysis of salts. Bipolar membranes are laminates of anionic and cationic
membranes. The first practical bipolar membranes were developed by K.J. Liu
and others at Allied Chemicals in about 1977 [13]; they were later employed in
Allied’s Aquatech acid/base production process [14]. A final, growing use of ion
exchange membranes is in advanced fuel cells and battery systems in which the
membranes regulate ion transport from various compartments in the cells [15].
A time line illustrating the major milestones in the development of ion exchange
membranes is shown in Figure 10.3.

1900 1920 1940 1960

Ostwald, Donnan and others
study the first ion exchange membranes

Ionics installs the first successful
electrodialysis plant - 1952

Manegold and Kalauch - 1939
and Meyer and Strauss - 1940
describe electrodialysis

Liu at Allied develops the first
practical bipolar membrane - 1977

Diamond Shamrock/DuPont
introduce perfluoromembranes
for chlor-alkali plants - 1979

Ionics introduces the reverse
polarity process, a breakthrough
in electrodialysis plant reliability - 1970

Kressman, Murphy et al. and
Juda and McRae produce
the first practical ion exchange
membranes

Asahi Chemical starts first
commercial sea salt
production plant - 1961

1910 1930 1950 1970 1980 1990 2000

Figure 10.3 Milestones in the development of ion exchange membrane processes

FOR REFERENCE PURPOSES ONLY



ION EXCHANGE MEMBRANE PROCESSES–ELECTRODIALYSIS 397

Theoretical Background
Transport Through Ion Exchange Membranes

In electrodialysis and the other separation processes using ion exchange mem-
branes, transport of components generally occurs under the driving forces of both
concentration and electric potential (voltage) gradients. However, because the
two types of ion present, anions and cations, move in opposite directions under
an electric potential gradient, ion exchange membrane processes are often more
easily treated in terms of the amount of charge transported than the amount of
material transported. Consider, for example, a simple univalent–univalent elec-
trolyte such as sodium chloride, which can be considered to be completely ionized
in dilute solutions. The concentration of sodium cations is then c+, and the con-
centration of chloride anions is c−. The velocity of the cations in an externally
applied field of strength, E, is u (cm/s), and the velocity of the anions mea-
sured in the same direction is −v (cm/s). Each cation carries the protonic charge
+e and each anion the electronic charge of −e, so the total amount of charge
transported per second across a plane of 1 cm2 area is

I

F
= c+(u)(+e) + c−(−v)(−e) = ce(u + v) (10.1)

where I is the current and F is the Faraday constant to convert transport of
electric charge to a current flow in amps. This equation links the electric current
with the transport of ions.

It has been found that the fractions of the current carried by the anions and
cations do not necessarily have to be equal. The fraction of the total current
carried by any particular ion is known as the transport number of that ion. Thus,
the transport number for the cations is t+ and the transport number for the anions
is t−. It follows that

t+ + t− = 1 (10.2)

Combining Equations (10.1) and (10.2), the transport number of the cations in
the univalent–univalent electrolyte described above is given as

t+ = c+ue

ce(u + v)
= u

u + v
(10.3)

and similarly for the anion

t− = v

u + v
(10.4)

Transport numbers for different ions, even in aqueous solutions, can vary over
a wide range, reflecting the different sizes of the ions. Ions with the same charge
as the fixed charge groups in an ion exchange membrane are excluded from the
membrane and, therefore, carry a very small fraction of the current through the
membrane. In these membranes the transport number of the excluded ions is
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very small, normally between 0 and 0.05. Counter ions with a charge opposite
to the fixed charged groups permeate the membrane freely and carry almost all
of the current through the membrane. The transport numbers of these ions are
between 0.95 and 1.0. This difference in transport number, a measure of relative
permeability, allows separations to be achieved with ion exchange membranes.

Equation (10.1) shows that, as in other transport processes, the flux of the per-
meating component is the product of a mobility term (u or v) and a concentration
term (c+ or c−). In ion exchange transport processes, most of the separation is
achieved by manipulating the concentration terms. When the membrane carries
fixed charges, the counter ions of the same charge will tend to be excluded
from the membrane. As a result, the concentration of ions of the same charge
is reduced, while the concentration of ions of opposite charge is elevated. This
makes the membrane selective for ions of the opposite charge.

The ability of ion exchange membranes to discriminate between oppositely
charged ions was put on a mathematical basis by Donnan in 1911 [2]. Figure 10.4
shows the distribution of ions between a salt solution and an ion exchange mem-
brane containing fixed negative charges, R−.

The equilibrium between the ions in the membrane (m) and the surrounding
solution (s) can be expressed as

c+
(m) · c−

(m) = kc+
(s) · c−

(s) (10.5)

where k is an equilibrium constant. Charge balance considerations lead to
the expression

c+
(m) = c−

(m) + cR-(m)
(10.6)

Na+ Na+

Cl−

R−

Membrane interface

Concentrations

Membrane (m) Solution (s)

Mobile counter
ion

Excluded counter
ion

Fixed charge
groups

Cl−

c+
(m) ; c−

(m) ; cR− (m)
c+

(s) ; c−
(s)

Figure 10.4 An illustration of the distribution of ions between a cationic membrane
with fixed negative ions and the surrounding salt solution
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For a fully dissolved salt, such as sodium chloride, the total molar concentration
of the salt c(s) is equal to the concentration of each of the ions, so

c(s) = c+
(s) = c−

(s) (10.7)

Combining these three equations and rearranging gives the expression

c+
(m)

c−
(m)

= [c−
(m) + cR−

(m)
]2

k[c(s)]2
(10.8)

Because the membrane is cationic (fixed negative charges), the concentration of
negative counter-ions in the membrane will be small compared to the concentra-
tion of fixed charges, that is,

cR−
(m)

� c−
(m) (10.9)
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Figure 10.5 The sodium-to-chloride ion concentration ratio inside a negatively charged
ion exchange membrane containing a concentration of fixed negative groups of 3 meq/g
as a function of salt concentration. At salt concentrations in the surrounding solution of
less than about 1 wt% sodium chloride (0.2 meq/g), chloride ions are almost completely
excluded from the membrane
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so it can be assumed that

c−
(m) + cR−

(m)
≈ cR−

(m)
(10.10)

Equation (10.8) can then be written

c+
(m)

c−
(m)

= 1

k

(
cR− (m)

c(s)

)2

(10.11)

This expression shows that the ratio of sodium to chloride ions in the mem-
brane (c+

(m)/c
−

(m)) is proportional to the square of the ratio of the fixed charge
groups in the membrane to the salt concentration in the surrounding solution
(cR−(m)/c(s)). In the commonly used ion exchange membranes, the fixed ion
concentration in the membrane is very high, typically at least 3–4 milliequiv-
alents per gram (meq/g). Figure 10.5 shows a plot of the sodium-to-chloride
concentration ratio in a cationic membrane calculated using Equation (10.11)
The ion exchange membrane is assumed to have a fixed negative charge con-
centration of 3 meq/g. The plot shows that, at salt solution concentrations of
less than 0.2 meq/g (∼1 wt% sodium chloride), chloride ions are almost com-
pletely excluded from the ion exchange membrane. This means that in this
concentration range the transport number for sodium is close to one and for chlo-
ride is close to zero. Only at high salt concentrations–above about 0.6 meq/g
(3 wt% sodium chloride)–does the ratio of sodium to chloride ions in the
membrane fall below 30, and the membrane becomes measurably permeable
to chloride ions.

Chemistry of Ion Exchange Membranes

A wide variety of ion exchange membrane chemistries has been developed.
Typically each electrodialysis system manufacturer produces its own membrane
tailored for the specific applications and equipment used. An additional com-
plication is that many of these developments are kept as trade secrets or are
only described in the patent literature. Korngold [16] gives a description of ion
exchange membrane manufacture.

Current ion exchange membranes contain a high concentration of fixed ionic
groups, typically 3–4 meq/g or more. When placed in water, these ionic groups
tend to absorb water; charge repulsion of the ionic groups can then cause the
membrane to swell excessively. This is why most ion exchange membranes are
highly crosslinked to limit swelling. However, high crosslinking densities make
polymers brittle, so the membranes are usually stored and handled wet to allow
absorbed water to plasticize the membrane. Most ion exchange membranes are
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produced as homogenous films 50–200 µm thick. Typically the membrane is
reinforced by casting onto a net or fabric to maintain the shape and to mini-
mize swelling.

Ion exchange membranes fall into two broad categories: homogeneous and
heterogeneous. In homogeneous membranes, the charged groups are uniformly
distributed through the membrane matrix. These membranes swell relatively uni-
formly when exposed to water, the extent of swelling being controlled by their
crosslinking density. In heterogeneous membranes, the ion exchange groups are
contained in small domains distributed throughout an inert support matrix, which
provides mechanical strength. Heterogeneous membranes can be made, for exam-
ple, by dispersing finely ground ion exchange particles in a polymer support matrix.
Because of the difference in the degree of swelling between the ion exchange por-
tion and the inert portion of heterogeneous membranes, mechanical failure, leading
to leaks at the boundary between the two domains, can be a problem.

Homogeneous Membranes

A number of early homogeneous membranes were made by simple condensa-
tion reactions of suitable monomers, such as phenol–formaldehyde condensation
reactions of the type:

SO3H SO3H SO3H

OH

+HCHO

H2
C CH2

OH OH

The mechanical stability and ion exchange capacity of these condensation
resins were modest. A better approach is to prepare a suitable crosslinked base
membrane, which can then be converted to a charged form in a subsequent
reaction. Ionics is believed to use this type of membrane in many of their systems.
In a typical preparation procedure, a 60:40 mixture of styrene and divinyl benzene
is cast onto a fabric web, sandwiched between two plates and heated in an oven to
form the membrane matrix. The membrane is then sulfonated with 98 % sulfuric
acid or a concentrated sulfur trioxide solution. The degree of swelling in the
final membrane is controlled by varying the divinyl benzene concentration in the
initial mix to control crosslinking density. The degree of sulfonation can also be
varied. The chemistry of the process is:
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CH=CH2CH=CH2

CH=CH2

CH CH2 CH2CH

CH CH2 CH2CH

Styrene

H2SO4

CH CH

CH CH2 CH2CH

+

CH2 CH2

SO3H

SO3H

SO3H

Divinyl
benzene

Anion exchange membranes can be made from the same crosslinked
polystyrene membrane base by post-treatment with monochloromethyl ether and
aluminum chloride to introduce chloromethyl groups into the benzene ring,
followed by formation of quaternary amines with trimethyl amine:

CH=CH2CH=CH2

CH=CH2

CH CH2 CH2CH

CH CH2 CH2CHStyrene

ClCH2OCH3/AlCl3

CH2 CH2CH

CH CH2 CH2CH

CH2Cl

CH2Cl

CH2 CH2CH

CH CH2 CH2CH
CH2N(CH3)3

(CH3)3N +

+

Cl−

CH2N(CH3)3

+
Cl−

Divinyl
benzene

A particularly important category of ion exchange polymers is the perfluoro-
carbon type made by DuPont under the trade name Nafion [17,18]. The base
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polymer is made by polymerization of a sulfinol fluoride vinyl ether with tetraflu-
oroethylene. The copolymer formed is extruded as a film about 120 µm thick,
after which the sulfinol fluoride groups are hydrolyzed to form sulfonic acid
groups:

(CF2CF2)n CFCF2

CF3 m = 1–3

(OCF2CF—)mOCF2CF2SO3H

Asahi Chemical [8] and Tokuyama Soda [19] have developed similar chem-
istries in which the –CF2SO2F groups are replaced by carboxylic acid groups.
In these perfluoro polymers, the backbone is extremely hydrophobic whereas the
charged acid groups are strongly polar. Because the polymers are not crosslinked,
some phase separation into different domains takes place. The hydrophobic
perfluoro-polymer domains provide a nonswelling matrix, ensuring the integrity
of the membrane. The ionic hydrophilic domains absorb water and form as small
clusters distributed throughout the perfluoro-polymer matrix. This configuration,
illustrated in Figure 10.6, minimizes both the hydrophobic interaction of ions and
water with the backbone and the electrostatic repulsion of close sulfonate groups.
These perfluorocarbon membranes are completely inert to concentrated sodium
hydroxide solutions and have been widely used in membrane electrochemical
cells in the chlor-alkali industry.
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− SO3
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Figure 10.6 Schematic of the cluster model used to describe the distribution of sulfonate
groups in perfluorocarbon-type cation exchange membranes such as Nafion [18]
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Heterogeneous Membranes

Heterogeneous membranes have been produced by a number of Japanese manu-
facturers. The simplest form has very finely powdered cation or anion exchange
particles uniformly dispersed in polypropylene. A film of the material is then
extruded to form the membrane. The mechanical properties of these membranes
are often poor because of swelling of the relatively large—10–20 µm diam-
eter—ion exchange particles. A much finer heterogeneous dispersion of ion
exchange particles, and consequently a more stable membrane, can be made with
a poly(vinyl chloride) (PVC) plastisol. A plastisol of approximately equal parts
PVC, styrene monomer and crosslinking agent in a dioctyl phthalate plasticizing
solvent is prepared. The mixture is then cast and polymerized as a film. The PVC
and polystyrene polymers form an interconnected domain structure. The styrene
groups are then sulfonated by treatment with concentrated sulfuric acid or sulfur
trioxide to form a very finely dispersed but heterogeneous structure of sulfonated
polystyrene in a PVC matrix, which provides toughness and strength.

Transport in Electrodialysis Membranes

Concentration Polarization and Limiting Current Density

Transport of ions in an electrodialysis cell, in which the salt solutions in the
chambers formed between the ion exchange membranes are very well stirred, is
shown in Figure 10.7. In this example, chloride ions migrating to the left easily

Conc.

Electrical
potential

Dilute

Concentration

Conc. Dilute

A C A C

Na+ Na+ Na+ Na+

Cl− Cl−Cl−Cl−

Cathode
(−)

Anode
(+)

Figure 10.7 Schematic of the concentration and potential gradients in a well-stirred
electrodialysis cell
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permeate the anionic membranes containing fixed positive groups and are stopped
by the cationic membranes containing fixed negative groups. Similarly, sodium
ions migrating to the right permeate the cationic membranes but are stopped by
the anionic membranes. The overall result is increased salt concentration in alter-
nating compartments while the other compartments are simultaneously depleted
of salt. The drawing shown implies that the voltage potential drop caused by the
electrical resistance of the apparatus takes place entirely across the ion exchange
membrane. This is the case for a very well-stirred cell, in which the solutions
in the compartments are completely turbulent. In a well-stirred cell the flux of
ions across the membranes and hence the productivity of the electrodialysis sys-
tem can be increased without limit by increasing the current across the stack.
In practice, however, the resistance of the membrane is often small in propor-
tion to the resistance of the water-filled compartments, particularly in the dilute
compartment where the concentration of ions carrying the current is low. In this
compartment the formation of ion-depleted regions next to the membrane places
an additional limit on the current and hence the flux of ions through the mem-
branes. Ion transport through this ion-depleted aqueous boundary layer generally
controls electrodialysis system performance.

Concentration polarization controls the performance of practical electrodialysis
systems. Because ions selectively permeate the membrane, the concentration of
some of the ions in the solution immediately adjacent to the membrane surface
becomes significantly depleted compared to the bulk solution concentration. As
the voltage across the stack is increased to increase the flux of ions through
the membrane, the solution next to the membrane surface becomes increasingly
depleted of the permeating ions. Depletion of the salt at the membrane surface
means that an increasing fraction of the voltage drop is dissipated in transporting
ions across the boundary layer rather than through the membrane. Therefore the
energy consumption per unit of salt transported increases significantly. A point
can be reached at which the ion concentration at the membrane surface is zero.
This represents the maximum transport rate of ions through the boundary layer.
The current through the membrane at this point is called the limiting current
density, that is, current per unit area of membrane (mA/cm2). Once the limiting
current density is reached, any further increase in voltage difference across the
membrane will not increase ion transport or current through the membrane. Nor-
mally the extra power is dissipated by side reactions, such as dissociation of the
water in the cell into ions, and by other effects. Concentration polarization can
be partially controlled by circulating the salt solutions at high flow rates through
the cell chambers. But even when very turbulent flow is maintained in the cells,
significant concentration polarization occurs.

The formation of concentration gradients caused by the flow of ions through a
single cationic membrane is shown in Figure 10.8. As in the treatment of concen-
tration polarization in other membrane processes, the resistance of the aqueous
solution is modeled as a thin boundary layer of unstirred solution separating the
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Figure 10.8 Schematic of the concentration gradients adjacent to a single cationic mem-
brane in an electrodialysis stack. The effects of boundary layers that form on each side
of the membrane on sodium ion concentrations are shown

membrane surface from the well-stirred bulk solution. In electrodialysis the thick-
ness (δ) of this unstirred layer is generally 20–50 µm. Concentration gradients
form in this layer because only one of the ionic species is transported through
the membrane. This species is depleted in the boundary layer on the feed side
and enriched in the boundary layer on the permeate side.

Figure 10.8 shows the concentration gradient of univalent sodium ions next
to a cationic membrane. Exactly equivalent gradients of anions, such as chloride
ions, form adjacent to the anionic membranes in the stack. The ion gradient
formed on the left, dilute side of the membrane can be described by Fick’s law.
Thus the rate of diffusion of cations to the surface is given by:

J+ = D+ (c+ − c(o)
+)

δ
(10.12)

where D+ is the diffusion coefficient of the cation in water, c+ is the bulk
concentration of the cation in the solution, and c+

(o) is the concentration of the
cation in the solution adjacent to the membrane surface (o).

The rate at which the cations approach the membrane by electrolyte transport
is t+I/F . It follows that the total flux of sodium ions to the membrane surface
(J+) is the sum of these two terms

J+ = D+(c+ − c(o)
+)

δ
+ t+I

F
(10.13)
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Transport through the membrane is also the sum of two terms, one due to the
voltage difference, the other due to the diffusion caused by the difference in ion
concentrations on each side of the membrane. Thus, the ion flux through the
membrane can be written

J+ = t(m)
+I

F
+ P +(c(o)

+ − c(�)
+)

�
(10.14)

where P + is the permeability of the sodium ions in a membrane of thickness �.
The quantity P +(c(o)

+ − c+
(�))/� is much smaller than transport due to the voltage

gradient, so Equations (10.13) and (10.14) can be combined and simplified to

D+(c+ − c(o)
+)

δ
+ t+I

F
= t(m)

+I

F
(10.15)

For a selective cationic ion exchange membrane for which t(m)
+ ≈ 1,

Equation (10.15) can be further simplified to

I = F

1 − t+
· D+

δ
(c+ − c(o)

+) (10.16)

This important equation has a limiting value when the concentration of the ion
at the membrane surface is zero (c(o)

+ ≈ 0). At this point the current reaches its
maximum value; the limiting current is given by the equation

Ilim = D+Fc+

δ(1 − t+)
(10.17)

This limiting current, Ilim, is the maximum current that can be employed in
an electrodialysis process. If the potential required to produce this current is
exceeded, the extra current will be carried by other processes, first by transport
of anions through the cationic membrane and, at higher potentials, by hydrogen
and hydroxyl ions formed by dissociation of water. Both of these undesirable
processes consume power without producing any separation. This decreases the
current efficiency of the process, that is, the separation achieved per unit of power
consumed. A more detailed discussion of the effect of the limiting current density
on electrodialysis performance is given by Krol et al. [20].

The limiting current can be determined experimentally by plotting the electrical
resistance across the membrane stack against the reciprocal electric current. This
is called a Cowan–Brown plot after its original developers [21]; Figure 10.9
shows an example for a laboratory cell [22]. At a reciprocal current of 0.1/A,
the resistance has a minimum value. When the limiting current is exceeded, the
excess current is not used to transport ions. Instead the current causes water
to dissociate into protons and hydroxyl ions. The pH of the solutions in the
cell chambers then begins to change, reflecting this water splitting. This change
in pH, also shown in Figure 10.9, can be used to determine the value of the
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Figure 10.9 Cowan–Brown plots showing how the limiting current density can be deter-
mined by measuring the stack resistance or the pH of the dilute solution as a function
of current [22]. Redrawn from R. Rautenbach and R. Albrecht, Membrane Processes,
Copyright  1989. This material is used by permission of John Wiley & Sons, Ltd

limiting current density. In industrial-scale electrodialysis systems, determining
the limiting current is not so easy. In large membrane stacks the boundary layer
thickness will vary from place to place across the membrane surface. The limiting
current, where the boundary layer is relatively thick because of poor fluid flow
distribution, will be lower than where the boundary layer is thinner. Thus, the
measured limiting current may be only an approximate value. In practice, systems
are operated at currents substantially below the limiting value.

The limiting current density for an electrodialysis system operated at the
same feed solution flow rate is a function of the feed solution salt concentra-
tion, as shown in Equation (10.17). As the salt concentration in the solution
increases, more ions are available to transport current in the boundary layer, so
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Figure 10.10 Limiting current density and operating current density as a function of
feed water salt concentration. The change in slope of the curves at about 3000 ppm salt
reflects the change in the activity coefficient of the ions at high salt concentrations [23]

the limiting current density also increases. For this reason large electrodialysis
systems with several electrodialysis stacks in series will operate with different
current densities in each stack, reflecting the change in the feed water concen-
tration as salt is removed. The normal range of limiting current densities and
actual operating current densities used in an electrodialysis system is shown
in Figure 10.10[23]. These values may change depending on the particular cell
design employed.

Current Efficiency and Power Consumption

A key factor determining the overall efficiency of an electrodialysis process is the
energy consumed to perform the separation. Energy consumption E in kilowatts,
is linked to the current I through the stack and the resistance R of the stack by
the expression

E = I 2R (10.18)

The theoretical electric current Itheor required to perform the separation is directly
proportional to the number of charges transported across the ion exchange
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membrane and is given by the expression

Itheor = z∆CFQ (10.19)

where Q is the feed flow rate, ∆C is the difference in molar concentration
between the feed and the dilute solutions, z is the valence of the salt and F is
the Faraday constant. Thus the theoretical power consumption Etheor to achieve a
given separation is given by substituting Equation (10.19) into Equation (10.18)
to give:

Etheor = IRz∆CQF (10.20)

or
Etheor = V z∆CQF (10.21)

where V is the theoretical voltage drop across the stack. In the absence of con-
centration polarization and any resistance losses in the membrane or solution
compartments, the energy required to achieve a separation and a flow of ions out
of the concentrated feed solution into the dilute solution for any cell pair is as
shown in Figure 10.11.
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Figure 10.11 Comparison of the theoretical energy consumption and the actual energy
consumption of electrodialysis desalination systems. Most of the difference results from
concentration polarization effects [24]
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The actual voltage drop and hence the energy consumed are higher than
the theoretical value for two reasons [24]. First, as shown in Figure 10.8, the
concentrations of ions in the solutions adjacent to the membrane surfaces are
significantly lower than the bulk solution values. That is, the actual voltage
drop used in Equation (10.21) is several times larger than the voltage drop in
the absence of polarization. The result is to increase the actual energy con-
sumption five to ten times above the theoretical minimum value. In commercial
electrodialysis plants, concentration polarization is controlled by circulating the
solutions through the stack at a high rate. Various feed spacer designs are used
to maximize turbulence in the cells. Because electric power is used to power
the feed and product solution circulation pumps, a trade-off exists between the
power saved because of the increased efficiency of the electrodialysis stack
and the power consumed by the pumps. In current electrodialysis systems, the
circulation pumps consume approximately one-quarter to one-half of the total
power. Even under these conditions concentration polarization is not fully con-
trolled and actual energy consumption is substantially higher than the theoreti-
cal value.

Most inefficiencies in electrodialysis systems are related to the difficulty in
controlling concentration polarization. The second cause is current utilization
losses, arising from the following factors [10]:

1. Ion exchange membranes are not completely semipermeable; some leakage
of co-ions of the same charge as the membrane can occur. This effect is
generally negligible at low feed solution concentrations, but can be serious
with concentrated solutions, such as the seawater treated in Japan.

2. Ions permeating the membrane carry solvating water molecules in their hydra-
tion shell. Also, osmotic transport of water from the dilute to the concentrated
chambers can occur.

3. A portion of the electric current can be carried by the stack manifold, bypass-
ing the membrane cell. Modern electrodialysis stack designs generally make
losses due to this effect negligible.

System Design

An electrodialysis plant consists of several elements:

• a feed pretreatment system;

• the membrane stack;

• the power supply and process control unit;

• the solution pumping system.
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Figure 10.12 Flow diagram of a typical electrodialysis plant [10]

Many plants use a single electrodialysis stack, as shown in Figure 10.12. Mani-
folding may be used to allow the feed and brine solutions to pass through several
cell pairs, but the entire procedure is performed in the single stack.

In large systems, using several electrodialysis stacks in series to perform the
same overall separation is more efficient [25]. The current density of the first
stack is higher than the current density of the last stack, which is operating on a
more dilute feed solution. As in the single-stack system, the feed solution may
pass through several cell pairs in each stack. Because concentration polarization
becomes more important as the solution becomes more dilute, the solution veloc-
ity increases in the stacks processing the most dilute solution. The velocity is
controlled by the number of cell pairs through which the solution passes in each
stack. The number of cell pairs decreases from the first to the last stack; this is
known as the taper of the system. The flow scheme of a three-stage design is
shown in Figure 10.13.

Feed Pretreatment. The type and complexity of the feed pretreatment system
depends on the content of the water to be treated. As in reverse osmosis, most feed
water is sterilized by chlorination to prevent bacterial growth on the membrane.
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Figure 10.13 Flow scheme of a three-stage electrodialysis plant [25]. Reprinted from
A.N. Rogers, Design and Operation of Desalting Systems Based on Membrane Processes,
in Synthetic Membrane Processes, G. Belfort (ed.), Academic Press, Copyright 1977, with
permission from Elsevier

Scaling on the membrane surface by precipitation of sparingly soluble salts
such as calcium sulfate is usually controlled by adding precipitation inhibitors
such as sodium hexametaphosphate. The pH may also be adjusted to main-
tain salts in their soluble range. Large, charged organic molecules or colloids
such as humic acid are particularly troublesome impurities, because they are
drawn by their charge to the membrane surface but are too large to permeate.
They then accumulate at the dilute solution side of the membrane and precip-
itate, causing an increase in membrane resistance. Filtration of the feed water
may control these components, and operation in the polarity reversal mode is
often effective.

Membrane Stack. After the pretreatment step, the feed water is pumped through
the electrodialysis stack. This stack normally contains 100–200 membrane cell
pairs each with a membrane area between 1 and 2 m2. Plastic mesh spacers form
the channels through which the feed and concentrate solutions flow. Most man-
ufacturers use one of the spacer designs shown in Figure 10.14. In the tortuous
path cell design of Figure 10.14(a), a solid spacer grid forms a long open channel
through which the feed solution flows at relatively high velocity. The channel
is not held open by netting, so the membranes must be thick and sturdy to pre-
vent collapse of the channels. In the sheet flow design of Figure 10.14(b), the
gap between the membrane leaves is maintained by a polyolefin mesh spacer.
The spacer is made as thin as possible without producing an excessive pres-
sure drop.

Two membranes and two gasket spacers form a single cell pair. Holes in the
gasket spacers are aligned with holes in the membrane sheet to form the manifold
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Figure 10.14 The two main types of feed solution flow distribution spacers used in
electrodialysis [10]

channels through which the dilute and concentrated solutions are introduced into
each cell. The end plate of the stack is a rigid plastic frame containing the
electrode compartment. The entire arrangement is compressed together with bolts
between the two end flow plates. The perimeter gaskets of the gasket spacers
are tightly pressed into the membranes to form the cells. A large electrodialysis
stack has several hundred meters of fluid seals around each cell. Early units often
developed small leaks over time, causing unsightly salt deposits on the outside
of the stacks. These problems have now been largely solved. In principle, an
electrodialysis stack can be disassembled and the membranes cleaned or replaced
on-site. In practice, this operation is performed infrequently and almost never in
the field.

Power Supply and Process Control Unit. Electrodialysis systems use large
amounts of direct current power; the rectifier required to convert AC to DC and
to control the operation of the system represents a significant portion of a plant’s
capital cost. A typical voltage drop across a single cell pair is in the range 1–2 V
and the normal current flow is 40 mA/cm2. For a 200-cell-pair stack containing
1 m2 of membrane, the total voltage is about 200–400 V and the current about
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400 A per stack. This is a considerable amount of electric power, and care must
be used to ensure safe operation.

Solution Pumping System. A surprisingly large fraction of the total power used
in electrodialysis systems is consumed by the water pumps required to circulate
feed and concentrate solutions through the stacks. This fraction increases as
the average salt concentration of the feed decreases and can become dominant
in electrodialysis of low-concentration solutions (less than 500 ppm salt). The
pressure drop per stack varies from 15 to 30 psi for sheet flow cells to as much
as 70–90 psi for tortuous path cells. Depending on the separation required, the
fluid will be pumped through two to four cells in series, requiring interstage
pumps for each stack.

Applications

Brackish Water Desalination

Brackish water desalination is the largest application of electrodialysis. The
competitive technologies are ion exchange for very dilute saline solutions,
below 500 ppm, and reverse osmosis for concentrations above 2000 ppm. In the
500–2000 ppm range electrodialysis is often the low-cost process. One advantage
of electrodialysis applied to brackish water desalination is that a large fraction,
typically 80–95 % of the brackish feed, is recovered as product water. However,
these high recoveries mean that the concentrated brine stream produced is five
to twenty times more concentrated than the feed. The degree of water recovery
is limited by precipitation of insoluble salts in the brine.

Since the first plants were produced in the early 1950s, several thousand brack-
ish water electrodialysis plants have been installed around the world. Modern
plants are generally fully automated and require only periodic operator attention.
This has encouraged production of many small trailer-mounted plants. However,
a number of large plants with production rates of 10 million gal/day or more
have also been installed.

The power consumption of an electrodialysis plant is directly proportional
to the salt concentration of the feed water, varying from 4 kWh/1000 gal for
1000 ppm feed water to 10–15 kWh/1000 gal for 5000 ppm feed water. About
one-quarter to one-third of this power is used to drive the feed water circula-
tion pumps.

Salt Recovery from Seawater

The second major application of electrodialysis is the production of table salt
by concentration of seawater [8]. This process is only practiced in Japan, which
has no other domestic salt supply. The process is heavily subsidized by the
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Figure 10.15 Flow scheme of the electrodialysis unit used in a seawater salt concentra-
tion plant [8]

government, and total production is approximately 1.2 million tons/year of salt.
In total, these plants use more than 500 000 m2 of membrane.

A flow scheme of one such seawater salt production plant is shown
in Figure 10.15. A cogeneration unit produces the power required for the
electrodialysis operation, which concentrates the salt in sea water to about 18–20
wt%. The waste stream from the power plant is then used to further concentrate
the salt by evaporation.

Seawater contains relatively high concentrations of sulfate (SO4
2−), calcium

(Ca2+), magnesium (Mg2+) and other multivalent ions that can precipitate in
the concentrated salt compartments of the plant and cause severe scaling. This
problem has been solved by applying a thin polyelectrolyte layer of opposite
charge to the ion exchange membrane on the surface facing the seawater solu-
tion. A cross-section of a coated anionic membrane is shown in Figure 10.16.
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Figure 10.16 Polyelectrolyte-coated ion exchange membranes used to separate multiva-
lent and monovalent ions in seawater salt concentration plants [8]

Because the Donnan exclusion effect is much stronger for multivalent ions than
for univalent ions, the polyelectrolyte layer rejects multivalent ions but allows
the univalent ions to pass relatively unhindered.

Other Electrodialysis Separation Applications

The two water desalination applications described above represent the majority
of the market for electrodialysis separation systems. A small application exists
in softening water, and recently a market has grown in the food industry to
desalt whey and to remove tannic acid from wine and citric acid from fruit
juice. A number of other applications exist in wastewater treatment, particularly
regeneration of waste acids used in metal pickling operations and removal of
heavy metals from electroplating rinse waters [11]. These applications rely on the
ability of electrodialysis membranes to separate electrolytes from nonelectrolytes
and to separate multivalent from univalent ions.
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The arrangement of membranes in these systems depends on the application.
Figure 10.17(a) shows a stack comprising only cation exchange membranes to
soften water, whereas Figure 10.17(b) shows an all-anion exchange membrane
stack to deacidify juice [26]. In the water-softening application, the objective is
to exchange divalent cations such as calcium and magnesium for sodium ions. In
the juice deacidification process, the all-anion stack is used to exchange citrate
ions for hydroxyl ions. These are both ion exchange processes, and the salt
concentration of the feed solution remains unchanged.

Continuous Electrodeionization and Ultrapure Water

Electrodeionization systems were first suggested to remove small amounts of
radioactive elements from contaminated waters [27], but the principal current
application is the preparation of ultrapure water for the electronics and pharma-
ceutical industries [28]. The process is sometimes used as a polishing step after
the water has been pretreated with a reverse osmosis unit.

In the production of ultrapure water for the electronics industry, salt concen-
trations must be reduced to the ppb range. This is a problem with conventional
electrodialysis units because the low conductivity of very dilute feed water
streams generally limits the process to producing water in the 10 ppm range.
This limitation can be overcome by filling the dilute chambers of the electrodial-
ysis stack with fine mixed-bed ion exchange beads as shown in Figure 10.18.
The ions enter the chamber, partition into the ion exchange resin beads and are
concentrated many times. As a result ion and current flow occur through the resin
bed, and the resistance of the cell is much lower than for a normal cell operating
on the same very dilute feed. An additional benefit is that, towards the bottom of
the bed where the ion concentration is in the ppb range, a certain amount of water
splitting occurs. This produces hydrogen and hydroxyl ions that also migrate to
the membrane surface through the ion exchange beads. The presence of these
ions maintains a high pH in the anion exchange beads and a low pH in the
cation exchange beads. These extreme pHs enhance the ionization and removal
of weakly ionized species such as carbon dioxide and silica that would otherwise
be difficult to remove. Such modified electrodialysis systems can reduce most
ionizable solutes to below ppb levels.

Bipolar Membranes

Bipolar membranes consist of an anionic and a cationic membrane laminated
together [13]. When placed between two electrodes, as shown in Figure 10.19,
the interface between the anionic and cationic membranes becomes depleted of
ions. The only way a current can then be carried is by the water splitting reaction,
which liberates hydrogen ions that migrate to the cathode and hydroxyl ions that
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Figure 10.17 Flow schematic of electrodialysis systems used to exchange target ions in
the feed solution. (a) An all-cation exchange membrane stack to exchange sodium ions for
calcium ions in water softening. (b) An all-anion exchange membrane stack to exchange
hydroxyl ions for citrate ions in deacidification of fruit juice
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Figure 10.20 Schematic of a bipolar membrane process to split sodium chloride into
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migrate to the anode. The mechanism of water splitting in these membranes
has been discussed in detail by Strathmann et al. [29]. The phenomenon can be
utilized in an electrodialysis stack composed of a number of sets of three-chamber
cells between two electrodes, as shown in Figure 10.20. Salt solution flows into
the middle chamber; cations migrate to the chamber on the left and anions to the
chamber on the right. Electrical neutrality is maintained in these chambers by
hydroxyl and hydrogen ions provided by water splitting in the bipolar membranes
that bound each set of three chambers [30].

Several other arrangements of bipolar membranes can achieve the same overall
result, namely, dividing a neutral salt into the conjugate acid and base. The
process is limited to the generation of relatively dilute acid and base solutions.
Also, the product acid and base are contaminated with 2–4 % salt. Nevertheless
the process is significantly more energy efficient than the conventional electrolysis
process because no gases are involved. Total current efficiency is about 80 %
and the system can often be integrated into the process generating the feed salt
solution. A process utilizing bipolar membranes was first reported by Liu in
1977 [13]. Aquatech, originally a division of Allied Chemicals and now part of
Graver Water, has pursued commercialization of the process for almost 20 years,
but only a handful of plants have been installed. The principal problem appears to
have been membrane instability, but these problems may now have been solved.
Prospects for the process appear to be improving. A recent review of bipolar
membrane technology has been produced by Kemperman [31].

Three other processes using ion exchange membranes (Donnan dialysis, diffu-
sion dialysis and piezodialysis) are covered in Chapter 13.
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Conclusions and Future Directions
Electrodialysis is by far the largest use of ion exchange membranes, principally
to desalt brackish water or (in Japan) to produce concentrated brine. These two
processes are both well established, and major technical innovations that will
change the competitive position of the industry do not appear likely. Some new
applications of electrodialysis exist in the treatment of industrial process streams,
food processing and wastewater treatment systems but the total market is small.
Long-term major applications for ion exchange membranes may be in the non-
separation areas such as fuel cells, electrochemical reactions and production of
acids and alkalis with bipolar membranes.
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11 CARRIER FACILITATED
TRANSPORT

Introduction and History

Carrier facilitated transport membranes incorporate a reactive carrier in the mem-
brane. The carrier reacts with and helps to transport one of the components of
the feed across the membrane. Much of the work on carrier facilitated transport
has employed liquid membranes containing a dissolved carrier agent held by
capillary action in the pores of a microporous film.

The types of transport that can occur in a liquid membrane are illustrated
in Figure 11.1 Passive diffusion down a concentration gradient is the most
familiar—this process is usually relatively slow and nonselective. In facilitated
transport, the liquid membrane phase contains a carrier agent that chemically
combines with the permeant to be transported. In the example shown, the carrier
is hemoglobin, which transports oxygen. On the upstream side of the membrane,
hemoglobin reacts with oxygen to form oxyhemoglobin, which then diffuses to
the downstream membrane interface. There, the reaction is reversed: oxygen is
liberated to the permeate gas and hemoglobin is re-formed. The hemoglobin then
diffuses back to the feed side of the membrane to pick up more oxygen. In this
way, hemoglobin acts as a shuttle to selectively transport oxygen through the
membrane. Other gases that do not react with hemoglobin, such as nitrogen, are
left behind.

Coupled transport resembles facilitated transport in that a carrier agent is incor-
porated in the membrane. However, in coupled transport, the carrier agent couples
the flow of two species. Because of this coupling, one of the species can be
moved against its concentration gradient, provided the concentration gradient
of the second coupled species is sufficiently large. In the example shown in
Figure 11.1, the carrier is an oxime that forms an organic-soluble complex with
copper ions. The reaction is reversed by hydrogen ions. On the feed side of
the membrane two oxime carrier molecules pick up a copper ion, liberating two
hydrogen ions to the feed solution. The copper–oxime complex then diffuses to
the downstream membrane interface, where the reaction is reversed because of

Membrane Technology and Applications R. W. Baker
 2004 John Wiley & Sons, Ltd ISBN: 0-470-85445-6
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Figure 11.1 Schematic examples of passive diffusion, facilitated transport and cou-
pled transport. The facilitated transport example shows permeation of oxygen across a
membrane using hemoglobin as the carrier agent. The coupled transport example shows
permeation of copper and hydrogen ions across a membrane using a reactive oxime as
the carrier agent

the higher concentration of hydrogen ions in the permeate solution. The copper
ion is liberated to the permeate solution, and two hydrogen ions are picked up.
The re-formed oxime molecules diffuse back to the feed side of the membrane.
Because carrier facilitated transport has so often involved liquid membranes,
the process is sometimes called liquid membrane transport, but this is a mis-
nomer, because solid membranes containing carriers dispersed or dissolved in
the polymer matrix are being used increasingly.

Coupled transport was the first carrier facilitated process developed, originat-
ing in early biological experiments involving natural carriers contained in cell
walls. As early as 1890, Pfeffer postulated that the transport in these membranes
involved carriers. Perhaps the first coupled transport experiment was performed
by Osterhout, who studied the transport of ammonia across algae cell walls [1]. A
biological explanation of the coupled transport mechanism in liquid membranes
is shown in Figure 11.2 [2].
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Figure 11.2 Gliozzi’s biological model of coupled transport [2]

By the 1950s, the carrier concept was well established, and workers began
to develop synthetic analogs of the natural systems. For example, in the mid-
1960s, Shean and Sollner [3] studied a number of coupled transport systems
using inverted U-tube membranes. At the same time, Bloch and Vofsi pub-
lished the first of several papers in which coupled transport was applied to
hydrometallurgical separations, namely the separation of uranium using phos-
phate ester carriers [4–6]. Because phosphate esters also plasticize poly(vinyl
chloride) (PVC), Bloch and Vofsi prepared immobilized liquid films by dissolv-
ing the esters in a PVC matrix. The PVC/ester film, containing 60 wt% ester,
was cast onto a paper support. Bloch and others actively pursued this work until
the early 1970s. At that time, interest in this approach lagged, apparently because
the fluxes obtained did not make the process competitive with conventional sep-
aration techniques.

Following the work of Bloch and Vofsi, other methods of producing immo-
bilized liquid films were introduced. In one approach, the liquid carrier phase
was held by capillarity within the pores of a microporous substrate, as shown in
Figure 11.3(a). This approach was first used by Miyauchi [7] and by Largman
and Sifniades and others [8,9]. The principal objective of this early work was
to recover copper, uranium and other metals from hydrometallurgical solutions.
Despite considerable effort on the laboratory scale, the first pilot plant was not
installed until 1983 [10]. The main problem was instability of the liquid carrier
phase held in the microporous membrane support.
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Figure 11.3 Methods of forming liquid membranes

Another type of immobilized liquid carrier is the emulsion or ‘bubble’ mem-
brane. This technique employs a surfactant-stabilized emulsion as shown in
Figure 11.3(b). The organic carrier phase forms the wall of an emulsion droplet
separating the aqueous feed from the aqueous product solution. Metal ions are
concentrated in the interior of the droplets. When sufficient metal has been
extracted, the emulsion droplets are separated from the feed, and the emulsion is
broken to liberate a concentrated product solution and an organic carrier phase.
The carrier phase is decanted from the product solution and recycled to make
more emulsion droplets. One technical problem is the stability of the liquid mem-
brane. Ideally, the emulsion membrane would be completely stable during the
extraction step to prevent the two aqueous phases mixing, but would be com-
pletely broken and easily separated in the stripping step. Achieving this level of
control over emulsion stability has proved difficult. The technique of emulsion
membranes was invented and popularized by Li and his co-workers at Exxon,
starting in the late 1960s and continuing for more than 20 years [11–14]. The
first use of these membranes was as passive devices to extract phenol from water.
In 1971–1973 Cussler used this technique with carriers to selectively transport
metal ions [15,16]. The Exxon group’s work led to the installation of a pilot plant
in 1979 [17]. The process is still not commercial, although a number of pilot
plants have been installed, principally on hydrometallurgical feed streams [18].

More recently the use of membrane contactors to solve the stability problem
of liquid membranes has been proposed [19–21]. The concept is illustrated in
Figure 11.4. Two membrane contactors are used, one to separate the organic
carrier phase from the feed and the other to separate the organic carrier phase
from the permeate. In the first contactor metal ions in the feed solution diffuse
across the microporous membrane and react with the carrier, liberating hydrogen
counter ions. The organic carrier solution is then pumped from the first to the
second membrane contactor, where the reaction is reversed. The metal ions are
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Figure 11.4 Use of two contactors in a liquid membrane process

liberated to the permeate solution, and hydrogen ions are picked up. The re-
formed carrier solution is then pumped back to the first membrane contactor.
Sirkar [19,20] has used this system to separate metal ions. A similar process
was developed to the large demonstration plant scale by Davis et al. at British
Petroleum for the separation of ethylene/ethane mixtures, using a silver nitrate
solution as the carrier phase [21].

Carrier facilitated transport processes often achieve spectacular separations
between closely related species because of the selectivity of the carriers. How-
ever, no coupled transport process has advanced to the commercial stage despite
a steady stream of papers in the academic literature. The instability of the mem-
branes is a major technical hurdle, but another issue has been the marginal
improvements in economics offered by coupled transport processes over con-
ventional technology such as solvent extraction or ion exchange. Major break-
throughs in performance are required to make coupled transport technology
commercially competitive.

Facilitated transport membranes are also a long way from the commercial stage
and are plagued by many difficult technical problems. However, the economic
rationale for developing facilitated transport membranes is at least clear. Practical
facilitated transport membranes, able to separate gas mixtures for which poly-
meric membranes have limited selectivity, would be adopted. Target applications
meeting this criterion are the separation of oxygen and nitrogen and the separa-
tion of paraffin/olefin mixtures. The selectivities of current polymeric membranes
are modest in both of these separations. Scholander [22] reported the first work
on facilitated transport in 1960—he studied the transport of oxygen through
aqueous hemoglobin solutions. In the late 1960s through the early 1980s a great
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Figure 11.5 Milestones in the development of carrier facilitated transport

deal of work was performed by Ward and others at General Electric [23–26]
and Steigelmann and Hughes [27] at Standard Oil. Ward’s work focused on car-
bon dioxide and hydrogen sulfide separation, and some remarkable selectivities
were obtained. However, the problems of membrane stability and scale-up were
never solved. This group eventually switched to the development of passive
polymeric gas separation membranes. Steigelmann and Hughes at Standard Oil
concentrated most of their efforts on propylene/propane and ethylene/ethane sep-
aration, using concentrated silver salt solutions as carriers. Propylene/propane
selectivities of several hundred were obtained, and the process was developed to
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the pilot plant stage. The principal problem was instability of the silver–olefin
complex, which led to a decline in membrane flux and stability over 10–20 days.
Although the membrane could be regenerated periodically, this was impractical
in an industrial plant.

Following the development of good quality polymeric gas separation mem-
branes in the early 1980s, industrial interest in facilitated transport waned. How-
ever, in the last few years, a number of workers have shown that facilitated
transport membranes can be made by dispersing or complexing the carrier into a
solid polymeric film. Such membranes are more stable than immobilized liquid
film membranes, and formation of these membranes into thin, high-flux mem-
branes by conventional techniques should be possible. Nishide, Tsuchida and
others in Japan, working with immobilized oxygen carriers [28–30] and Peine-
mann in Germany [31] and Ho [32] and Pinnau [33] in the US, working with
silver salts for olefin separation, have reported promising results. Apparently,
the carrier mechanism in these membranes involves the permeant gas molecule
hopping from active site to active site.

A milestone chart showing the historical development of carrier facilitated
transport membranes is given in Figure 11.5. Because of the differences between
coupled and facilitated transport applications these processes are described sepa-
rately. Reviews of carrier facilitated transport have been given by Ho et al. [18],
Cussler, Noble and Way [34–37,39], Laciak [38] and Figoli et al. [40].

Coupled Transport

Background

Carrier facilitated transport involves a combination of chemical reaction and dif-
fusion. One way to model the process is to calculate the equilibrium between the
various species in the membrane phase and to link them by the appropriate rate
expressions to the species in adjacent feed and permeate solutions. An expres-
sion for the concentration gradient of each species across the membrane is then
calculated and can be solved to give the membrane flux in terms of the diffusion
coefficients, the distribution coefficients, and the rate constants for all the species
involved in the process [41,42]. Unfortunately, the resulting expressions are too
complex to be widely used.

An alternative approach is to make the simplification that the rate of chemical
reaction is fast compared to the rate of diffusion; that is, the membrane diffusion
is rate controlling. This approximation is a good one for most coupled transport
processes and can be easily verified by showing that flux is inversely propor-
tional to membrane thickness. If interfacial reaction rates were rate controlling,
the flux would be constant and independent of membrane thickness. Making
the assumption that chemical equilibrium is reached at the membrane interfaces
allows the coupled transport process to be modeled easily [9]. The process is
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Figure 11.6 An illustration of the carrier agent concentration gradients that form in
coupled transport membranes

shown schematically in Figure 11.6, in which the reaction of the carrier (RH)
with the metal (Mn+) and hydrogen ion (H+) is given as

nRH + Mn+ −−−→←−−− MRn + nH+ (11.1)

This reaction is characterized by an equilibrium constant

K = [MRn][H]n

[RH]n[M]
(11.2)

where the terms in square brackets represent the molar concentrations of the par-
ticular chemical species. The equilibrium equation can be written for the organic
phase or the aqueous phase. As in earlier chapters the subscripts o and � rep-
resent the position of the feed and permeate interfaces of the membrane. Thus

FOR REFERENCE PURPOSES ONLY



CARRIER FACILITATED TRANSPORT 433

the term [MRn]o represents the molar concentration of component MR in the
aqueous solution at the feed/membrane interface. The subscript m is used to rep-
resent the membrane phase. Thus, the term [MRn]o(m) is the molar concentration
of component MRn in the membrane at the feed interface (point o).

Only [MRn] and [RH] are measurable in the organic phase, where [H] and
[M] are negligibly small. Similarly, only [H] and [M] are measurable in the
aqueous phase, where [MRn] and [RH] are negligibly small. Equation (11.2)
can, therefore, be written for the feed solution interface as

K ′ = [MRn]o(m)[H]no
[RH]no(m)[M]o

= km

ka

· K (11.3)

where km and ka are the partition coefficients of M and H between the aqueous
and organic phases. This form of Equation (11.2) is preferred because all the
quantities are easily accessible experimentally. For example, [MRn]o(m)/[M]o is
easily recognizable as the distribution coefficient of metal between the organic
and aqueous phases.

The same equilibrium applies at the permeate-solution interface, and Equa-
tion (11.3) can be recast to

K ′ = [MRn]�(m)[H]n�
[RH]n�(m)[M]�

(11.4)

Consider now the situation when a counter ion concentration gradient that
exactly balances the metal ion concentration gradient is established, so no flux
of either ion across the membrane occurs. Under this condition, [MRn]o(m) =
[MRn]�(m) and [RH]no(m) = [RH]n�(m), producing the expression

[M]o
[M]�

=
(

[H]o
[H]�

)n

(11.5)

Thus, the maximum concentration factor of metal ion that can be established
across the membrane varies with the counter ion (hydrogen ion) concentration
ratio (in the same direction) raised to the nth power.

This development, of course, says nothing about the metal ion flux across the
membrane under non-equilibrium conditions; this is described by Fick’s law. At
steady state, the flux jMRn

, in mol/cm2 · s, of metal complex MRn across the
liquid membrane is given by

jMRn
= DMRn

([MRn]o(m) − [MRn]�(m))

�
(11.6)

where DMRn
is the mean diffusion coefficient of the complex in the membrane of

thickness �. To put Equation (11.6) into a more useful form, the terms in [MRn]
are eliminated by introduction of Equation (11.3). This results in a complex
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expression involving the desired quantities [M] and [H], but also involving [RH].
However, mass balance provides the following relationship

n[MRn](m) + [RH](m) = [R](m)tot (11.7)

where [R](m)tot is the total concentration of R in the membrane.
Substitution of Equations (11.3) and (11.4) into (11.6) gives an expression for

the metal ion flux in terms of only constants and the concentrations of metal and
counter ion in the aqueous solutions on the two sides of the membrane [9]. The
solution is simple only for n = 1, in which case

jMRn
= DMRn

[R](m)tot

�

[(
1

[H]o/[M]oK ′ + 1

)
−

(
1

[H]�/[M]�K ′ + 1

)]
(11.8)

This equation shows the coupling effect between the metal ion [M] and the
hydrogen ion [H] because both appear in the concentration term of the Fick’s
law expression linked by the equilibrium reaction constant K ′. Thus, there will
be a positive ‘uphill’ flux of metal ion from the downstream to the upstream
solution (that is, in the direction � → o) as long as

[M]o
[H]o

>
[M]�
[H]�

(11.9)

When the inequality is opposite, the metal ion flux is in the conventional or
‘downhill’ direction. The maximum concentration factor, that is, the point at
which metal ion flux ceases, can be determined in terms of the hydrogen ion
concentration in the two aqueous phases

[M]o
[M]�

= [H]o
[H]�

(11.10)

This expression is identical to Equation (11.5) for the case of a monovalent
metal ion.

Characteristics of Coupled Transport Membranes

Concentration Effects

Equations (11.1)–(11.10) provide a basis for rationalizing the principal features
of coupled transport membranes. It follows from Equation (11.8) that coupled
transport membranes can move metal ions from a dilute to a concentrated solution
against the metal ion concentration gradient, provided the gradient in the second
coupled ion concentration is sufficient. A typical experimental result demon-
strating this unique feature of coupled transport is shown in Figure 11.7. The
process is counter-transport of copper driven by hydrogen ions, as described in
Equation (11.1). In this particular experiment, a pH difference of 1.5 units is
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Figure 11.7 Demonstration of coupled transport. In a two-compartment cell, copper
flows from the dilute (feed) solution into the concentrated (product) solution, driven by
a gradient in hydrogen ion concentration [9]. Membrane, microporous Celgard 2400/LIX
64N; feed, pH 2.5; product, pH 1.0

maintained across the membrane. The initial product solution copper concentra-
tion is higher than the feed solution concentration. Nonetheless, copper diffuses
against its concentration gradient from the feed to the product side of the mem-
brane. The ratio of the counter hydrogen ions between the solutions on either
side of the membrane is about 32 to 1 which, according to the appropriate form
of Equation (11.5), should give a copper concentration ratio of

[Cu2+]�
[Cu2+]o

=
(

[H+]�
[H+]o

)2

= (32)2 ≈ 1000 (11.11)

In the experiment shown in Figure 11.7, this means that the feed solution copper
concentration should drop to just a few ppm, and this is the case.

A more convenient method of measuring the copper concentration factor is to
maintain the product solution at some high copper concentration and to allow
the feed solution copper concentration to reach a measurable steady-state value.
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Figure 11.8 Experiments to demonstrate the maximum achievable concentration factor.
Membrane, microporous Celgard 2400/LIX 64N; feed, pH 2.5, copper ion concentration,
0 or 100 ppm; product, pH 1.0, 9.3 wt% copper [9]. The concentration in the feed solution
moves to a plateau value of 40 ppm at which the copper concentration gradient across
the membrane is balanced by the hydrogen ion gradient in the other direction

Figure 11.8 shows the feed copper concentration in such an experiment, in which
the steady-state feed solution concentration was about 40 ppm. The feed solution
was allowed to approach steady state from both directions, that is, with initial
copper concentrations higher and lower than the predicted value for the given
pH gradient. As Figure 11.8 shows, regardless of the starting point, the copper
concentration factors measured by this method are in reasonable agreement with
the predictions of Equation (11.11).

Feed and Product Metal Ion Concentration Effects

A second characteristic of coupled transport membranes is that the membrane
flux usually increases with increasing metal concentration in the feed solution,
but is usually independent of the metal concentration in the product solution. This
behavior follows from the flux Equations (11.6) and (11.8). In typical coupled
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transport experiments, the concentration of the driving ion (H+) in the product
solution is very high. For example, in coupled transport of copper, the driving
ions are hydrogen ions, and 100 g/L sulfuric acid is often used as the product
solution. As a result, on the product side of the membrane the carrier is in the
protonated form, the term [MRn]�(m) is very small compared to [MRn]o(m), and
Equation (11.8) reduces to

jMRn
= DMRn

[R](m)tot

�
· 1

[H]o/[M]oK ′ + 1
(11.12)

The permeate solution metal ion concentration, [M]�, does not appear in the
flux equation, which means that the membrane metal ion flux is independent of
the concentration of metal on the permeate side. However, the flux does depend
on the concentration of metal ions, [M]o, on the feed solution side. At low values
of [M]o, the flux will increase linearly with [M]o, but at higher concentrations the
flux reaches a plateau value as the term [H]o/[M]oK ′ becomes small compared
to 1. At this point all of the available carrier molecules are complexed and no
further increase in transport rate across the membrane is possible. The form
of this dependence is illustrated for the feed and product solution metal ion
concentrations in Figure 11.9.

pH and Metal Ion Effects

It follows from flux Equation (11.12) that the concentration of the counter hydro-
gen ion and the equilibrium coefficient K ′ for a particular metal ion will affect
the metal ion flux. The effect of these factors can best be understood by looking
at curves of metal ion extraction versus pH. Examples are shown in Figure 11.10
for copper and other metals using the carrier LIX 64N [43]. The counter ion
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Figure 11.9 Effect of metal concentration in the feed and product solution on flux.
Membrane, microporous Celgard 2400/30 % Kelex 100 in Kermac 470B; feed, pH 2.5;
product, 100 g/L H2SO4 [9]
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Figure 11.10 Metal extraction curves for four metal ions by LIX 64N. The aqueous
phase initially contained 1000 ppm metal as the sulfate salt [43]

is hydrogen and the metal ions are extracted by reactions of the type shown in
Equation (11.1).

The pH at which metal ions are extracted depends on the distribution coefficient
for the particular metal and complexing agent. As a result, the pH at which the
metal ions are extracted varies, as shown by the results in Figure 11.10. This
behavior allows one metal to be separated from another. For example, consider
the separation of copper and iron with LIX 64N. As Figure 11.10 shows, LIX
64N extracts copper at pH 1.5–2.0, but iron is not extracted until above pH 2.5.
The separations obtained when 0.2 % solutions of copper and iron are tested with
a LIX 64N membrane at various pHs are shown in Figure 11.11. The copper flux
is approximately 100 times higher than the iron flux at a feed pH of 2.5.

Carrier Agent

In the examples given in Figures 11.9–11.11 to illustrate coupled transport, the
two oxime carriers used for copper were LIX 64N and Kelex 100, which have
the structures:

C9H19

C

N

OH
OH

OH

LIX 64N Kelex 100

C12H25 N
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Figure 11.11 Copper and iron fluxes as a function of feed pH [9]. Membrane, Celgard
2400/LIX 64N; feed, 0.2 % metal; product, pH 1.0

However, a large number of complexing agents of all kinds with chemistries
designed for specific metal ions have been reported in the literature. The tertiary
amine Alamine 336 is widely used to transport anions such as UO2(SO4)

4− and
Cr2O2−

7 [44–46]. The macrocyclic crown ether family has also been used to
transport alkali and rare earth metals [47,48]:

R = C8H17 or C10H21
n = 1: 18 • Crown • 6 (18C6)
n = 2: 21 • Crown • 7 (21C7)

N
R

R

R

O

O

O

O
n

Alamine 336 Macrocyclic crown ethers

O

O

Coupled Transport Membranes

Supported Liquid Membranes

In supported liquid membranes, a microporous support impregnated with the
liquid complexing agent separates the feed and product solutions. In coupled
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transport, the fluid on both sides of the membrane must be circulated to avoid
concentration polarization, which is much more significant on the feed side
than on the permeate side. In the laboratory, concentration polarization is easily
avoided by using flat sheet membranes in a simple permeation cell with stirred
solutions on both sides of the membrane. On a larger scale, hollow-fiber systems
with the feed solution circulated down the bore of the fibers have been the most
common form of membrane.

Large-scale processes require many modules to remove most of the metal
from a continuous feed stream. In general, a multistage system operating in a
feed-and-bleed mode is the most efficient design; a schematic representation of a
three-stage system is shown in Figure 11.12 [49]. A fixed feed volume circulates
through each module at a high rate to control concentration polarization; this
flow is indicated by the solid lines in the figure. Feed solution is continuously
introduced into the circulating volume of the first stage and is bled off at the

Feed

Module

Stage 1 Stage 2 Stage 3

Product

Concentrated
product

Raffinate

Product solution

Feed
solution

Raffinate
solution

Figure 11.12 Schematic of a three-stage feed-and-bleed hollow fiber coupled transport
concentrator [49]
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Figure 11.13 The effect of replenishing a hollow fiber coupled transport module with
fresh complexing agent. Membrane, polysulfone, hollow fiber/Kelex 100; feed, 0.2 %
copper, pH 2.5; product, 2 % copper, 100 g/L H2SO4 [49]

same rate. The bleed from the first stage constitutes the feed for the second, and
the bleed from the second stage constitutes the feed for the third. In operation,
the concentration of metal in the feed solution decreases as it flows from stage 1
to stage 3, with the final raffinate concentration depending on the feed-and-bleed
flow rate. The product solution flows in series through the stages. The advantage
of this multistage design over a single-stage system is that only the final stage
operates on feed solution depleted of metal.

Liquid membranes supported by hollow fibers are relatively easy to make and
operate, and the membrane fluxes can be high. However, membrane stability is
a problem. The variation in coupled transport flux during long-term tests is illus-
trated in Figure 11.13 [49]. The detailed mechanism for this flux instability is
not completely established but appears to be related to loss of the organic com-
plexing agent phase from the support membrane [49–51]. Although membrane
fluxes could be restored to their original values by reloading the membrane with
fresh complexing agent for copper-coupled transport, this is not practical in a
commercial system.

Emulsion Liquid Membranes

A form of liquid membrane that received a great deal of attention in the 1970s
and 1980s was the bubble or emulsion membrane, first developed by Li at
Exxon [11–13]. Figure 11.14 is a schematic illustration of an emulsion liquid
membrane process, which comprises four main operations. First, fresh prod-
uct solution is emulsified in the liquid organic membrane phase. This water/oil
emulsion then enters a large mixer vessel, where it is again emulsified to form
a water/oil/water emulsion. Metal ions in the feed solution permeate by coupled

FOR REFERENCE PURPOSES ONLY



442 MEMBRANE TECHNOLOGY AND APPLICATIONS

Settler

Raffinate
solution

Concentrated
product
solution

Fresh product
solution

Feed solution

Emulsifier

De-emulsifier

Mixer

Figure 11.14 Flow diagram of a liquid emulsion membrane process

transport through the walls of the emulsion to the product solution. The mixture
then passes to a settler tank where the oil droplets separate the metal-depleted
raffinate solution. A single mixer/settler step is shown in Figure 11.14, but in
practice a series of mixer/settlers may be used to extract the metal completely.
The emulsion concentrate then passes to a de-emulsifier where the organic and
concentrated product solutions are separated. The regenerated organic solution is
recycled to the first emulsifier.

The optimum operating conditions for this type of process vary a great deal.
The first water/oil emulsion is typically an approximately 50/50 mixture, which
is then mixed with the aqueous feed solution phase at a ratio of 1 part emulsion
phase to 5–20 parts feed solution phase. Typical extraction curves for copper
using LIX 64N are shown in Figure 11.15. The extraction rate generally follows a
first order expression [52]. The slope of the curve in Figure 11.15 is proportional
to the loading of complexing agent in the organic phase and the rate of agitation
in the mixer vessel.

Figure 11.15 also illustrates one of the problems of emulsion membrane sys-
tems, namely, degradation of the emulsion on prolonged contact with the feed
solution and high-speed mixing of the product and feed solutions. Prolonged
stirring of the emulsion with the feed solution causes the copper concentration
to rise as some of the emulsion droplets break. Careful tailoring of the stir-
ring rate and surfactant composition is required to minimize premature emulsion
breakdown [52,53].

Although emulsion degradation must be avoided in the mixer and settler tanks,
complete and rapid breakdown is required in the de-emulsifier in which the
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Figure 11.15 Copper extraction by a liquid emulsion membrane process [52]. Feed,
200 ml, pH 2.0, 300 ppm Cu2+; membrane, 15 mL LIX 64N in kerosene, 3 % Span
80; stripping solution, 15 mL H2SO4. Reprinted from J. Membr. Sci. 6, W. Völkel,
W. Halwachs and K. Schügerl, Copper Extraction by Means of a Liquid Surfactant Mem-
brane Process, p. 19, Copyright 1980, with permission from Elsevier

product solution is separated from the organic complexing agent. Currently, elec-
trostatic coalescers seem to be the best method of breaking these emulsions. Even
then, some of the organic phase is lost with the feed raffinate.

Applications

The best application of coupled transport is removal and recovery of metals
from large, dilute feed solutions such as contaminated ground water or dilute
hydrometallurgical process streams. Treatment of such streams by chemical pre-
cipitation, conventional solvent extraction with liquid ion exchange reagents, or
extraction with ion exchange resins is often uneconomical. The ability of coupled
transport to treat large-volume, dilute streams with relatively small amounts of
the expensive carrier agent is an advantage.

An application that has received a good deal of attention is the recovery of cop-
per from dilute hydrometallurgical process streams. Such streams are produced
by extraction of low-grade copper ores with dilute sulfuric acid. Typically, the
leach stream contains 500–5000 ppm copper and various amounts of other metal
ions, principally iron. Currently, copper is removed from these streams by precip-
itation with iron or by solvent extraction. A scheme for recovering the copper by
coupled transport is shown in Figure 11.16. The dilute copper solution from the
dump forms the feed solution; concentrated sulfuric acid from the electrowinning
operation forms the product solution. Copper from the feed solution permeates
the membrane, producing a raffinate solution containing 50–100 ppm copper,
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Figure 11.16 Schematic of copper recovery by coupled transport from dump leach
streams. The concentrated copper solution produced by coupled transport separation of
the dump leach liquid is sent to an electrolysis cell where copper sulfate is electrolyzed
to copper metal and sulfuric acid

which is returned to the dump. The product solution, which contains 2–5 %
copper, is sent to the electrowinning tankhouse. Many papers have described
this application of coupled transport with supported [9,49] and emulsion [13,52]
membranes. Membrane stability was a problem and, although the economics
appeared promising, the advantage was insufficient to encourage adoption of this
new process.

Facilitated Transport

Background

The transport equations used for facilitated transport parallel those derived for
coupled transport [27]. The major difference is that only one species is trans-
ported across the membrane by the carrier. The carrier-species equilibrium in the
membrane is

R + A −−−→←−−− RA (11.13)

where R is the carrier, A is the permeant transported by the carrier and RA is
the permeant-carrier complex. Examples of reactions used in facilitated transport
processes are shown in Table 11.1.
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Table 11.1 Facilitated transport carrier reactions

CO2 CO2 + H2O + Na2CO3 −−−→←−−− 2NaHCO3

O2 O2 + CoSchiffs base −−−→←−−− CoSchiffs base(O2)

SO2 SO2 + H2O + Na2SO3 −−−→←−−− 2NaHSO3

H2S H2S + Na2CO3 −−−→←−−− NaHS + NaHCO3

CO CO + CuCl2 −−−→←−−− CuCl2(CO)

C2H4 C2H4 + AgNO3
−−−→←−−− AgNO3(C2H4)

As with coupled transport, two assumptions are made to simplify the treatment:
first, that the rate of chemical reaction is fast compared to the rate of diffusion
across the membrane, and second, that the amount of material transported by
carrier facilitated transport is much larger than that transported by normal pas-
sive diffusion, which is ignored. The facilitated transport process can then be
represented schematically as shown in Figure 11.17.

R + ARAR + A RA

A A

RA

A

High concentration
A feed

Low concentration
A permeate

RA R

R

Figure 11.17 Illustration of the facilitated transport process
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The carrier–permeate reaction within the membrane is described by the equi-
librium constant

K = [RA](m)

[R](m)[A](m)

(11.14)

The concentration of permeant, [A](m), within the membrane phase can be linked
to the concentration (pressure) of permeant A in the adjacent gas phase, [A], by
the Henry’s law expression

[A](m) = k[A] (11.15)

Hence Equation (11.14) can be written

[RA](m)

[R](m)[A]
= K · k = K ′ (11.16)

The components [R](m) and [RA](m) can be linked by a simple mass balance
expression to the total concentration of carrier [R](m)tot within the membrane
phase, so Equation (11.16) can be rearranged to

[RA](m) = [R](m)tot

1 + 1/[A]K ′ (11.17)

Equation (11.17) shows the fraction of the carrier that reacts to form a car-
rier complex. At very large values of the term [A]K ′, all the carrier is com-
plexed, and [RA](m) → [R](m)tot. At low values, [A]K ′ → 0, none of the carrier
is complexed ([RA](m) → 0). Equation (11.17) allows the concentration of the
carrier–permeant complex at each side of the membrane to be calculated in terms
of the equilibrium constant between the carrier and the permeant, and the con-
centration (pressure) of the permeant in the adjacent feed and permeant fluids.
This allows transport through the membrane to be calculated using Fick’s law.
The flux, jRA, of RA through the membrane is given by

jRA = DRA([RA]o(m) − [RA]�(m))

�
(11.18)

Substituting Equation (11.17) into Equation (11.18) yields

jRA = DRA[RA](m)tot

�

[
1

1 + 1/[A]oK ′ − 1

1 + 1/[A]�K ′

]
(11.19)

To illustrate the dependence of the membrane flux on the equilibrium constant K ′
and the pressure gradient across the membrane, the flux, jRA, when the permeant
pressure is close to zero, that is, [A]� ≈ 0, can be written as

jRA = DRA[R](m)tot

�

(
1

1 + 1/[A]oK ′

)
(11.20)
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Figure 11.18 Flux through a facilitated transport membrane calculated using Equa-
tion (11.20) ([A]� ≈ 0 and DRA[R](m)tot/� ≈ 1)

This expression is plotted in Figure 11.18 as flux as a function of feed pressure for
different values of the equilibrium constant, K ′. In this example, at an equilibrium
constant K ′ of 0.01 atm−1, very little of carrier R reacts with permeant A even at a
feed pressure of 10 atm, so the flux is low. As the equilibrium constant increases,
the fraction of carrier reacting with permeant at the feed side of the membrane
increases, so the flux increases. This result would suggest that, to achieve the
maximum flux, a carrier with the highest possible equilibrium constant should
be used. For example, the calculations shown in Figure 11.18 indicate a carrier
with an equilibrium constant of 10 atm−1 or more.

The calculations shown in Figure 11.18 assume that a hard vacuum is main-
tained on the permeate side of the membrane. The operating and capital costs of
vacuum and compression equipment prohibit these conditions in practical sys-
tems. More realistically, a carrier facilitated process would be operated either
with a compressed gas feed and atmospheric pressure on the permeate side of
the membrane, or with an ambient-pressure feed gas and a vacuum of about
0.1 atm on the permeate side. By substitution of specific values for the feed and
permeate pressures into Equation (11.19), the optimum values of the equilibrium
constant can be calculated. A plot illustrating this calculation for compression
and vacuum operation is shown in Figure 11.19.

Under the assumptions of this calculation, the optimum equilibrium constant is
0.3 atm−1 for compression operation (feed pressure, 10 atm; permeate pressure,
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Figure 11.19 Illustration of the effect of feed and permeate pressure on the optimum
carrier equilibrium constant. DRA[R](m)tot/� ≈ 1; vacuum operation, feed pressure 1 atm,
permeate pressure 0.1 atm; compression operation, feed pressure 10 atm, permeate pres-
sure 1 atm

1 atm) and 3 atm−1 for vacuum operation (feed pressure, 1 atm; permeate pres-
sure, 0.1 atm). The results show that rather precise control of the equilibrium con-
stant is required to achieve a useful facilitated transport process. In this example
calculation, although carriers with equilibrium constants less than 0.3 atm−1 or
greater than 3 atm−1 can transport the permeant across the membrane, obtaining
the maximum flux for the process would require operation at feed and permeate
pressures likely to make the process uneconomical.

Process Designs

Until quite recently, most of the facilitated transport results reported in the lit-
erature were obtained with supported liquid membranes held by capillarity in
microporous films. The instability of these membranes has inhibited commercial
application of the process. Three factors contribute to this instability and the
consequent loss of membrane performance over time:

1. Evaporation of the solvent used to prepare the liquid membrane, leading to
membrane failure.
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2. Expulsion of liquid held by capillarity within the microporous membrane
pores. The membrane must always be operated well below the average bubble
point of the membrane, because liquid expulsion from even a few larger-than-
average pores can cause unacceptable leakage of gas.

3. Degradation of the carrier agent by the permeant gas or by minor components
such as water, carbon dioxide or hydrogen sulfide in the feed gas.

Significant progress has been made in alleviating the first two physical causes
of membrane instability. The magnitude of the long-term chemical stability prob-
lem depends on the process. It is a major issue for carriers used to transport
oxygen and olefins, but for carriers used to transport carbon dioxide, chemical
stability is a lesser problem.

Several techniques can minimize the pressure difference across supported liq-
uid membranes to improve membrane stability. In the laboratory, flow of an
inert sweep gas such as helium on the permeate side can be used to maintain low
partial pressure of the permeating component, while the hydrostatic pressure is
about equal to that of the feed. A variation on this approach proposed by Ward
is to use a condensable sweep gas such as steam. The permeate-steam mixture
is cooled and condensed, separating the permeate gas from the condensed water,
which is then sent to a boiler to regenerate the steam [25,26]. A simplified flow
scheme of this process is shown in Figure 11.20(a). An alternative approach is
to sweep the permeate side of the membrane with an absorbent liquid in which
the permeate gas dissolves. Hughes et al. [27], for example, used liquid hexane
to sweep the permeate side of their propylene/propane separating membrane, as
illustrated in Figure 11.20(b). The hexane/propylene mixture leaving the mem-
brane permeator is sent to a small distillation column to recover the hexane liquid
and a concentrated propylene gas stream.

Both techniques shown in Figure 11.20 increase the complexity of the sepa-
ration process significantly, and neither has advanced to a commercial process.
The focus of much of the recent work on facilitated transport has been to pro-
duce membranes that are inherently stable and can be used in conventional gas
separation systems. Laciak has recently reviewed this work [38].

One approach used with ionic carriers is to impregnate ion exchange mem-
branes with the carrier feed solution. Ion exchange sites in the membrane are
ion-paired to the facilitated transport carrier [54–56]. The membrane is swollen
with a solvent, usually water but sometimes glycerol, so that the carrier ions
have some mobility. These membranes are, in effect, swollen polymeric gels, so
the problem of carrier fluid displacement from the membrane pores if the bub-
ble pressure is exceeded does not occur. Evaporation of the solvent remains a
problem, and addition of solvent vapor to the feed gas is generally required.

Another method of solving the solvent evaporation problem was devised by
Pez, Laciak and others [38,57–60] at Air Products, using carriers in the form
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Figure 11.20 Flow schematics of (a) a steam sweep configuration used in the facilitated
transport of carbon dioxide [25,26] and (b) a liquid hexane sweep used in the transport
of propylene [27]

of organic salts that become liquids (molten salts) at ambient temperatures.
Examples of such salts are:

• triethyl ammonium chlorocuprate (C2H5)3 · NHCuCl2, a carrier for carbon
monoxide;

• tetrahexyl ammonium benzoate (C6H13)4 · N+C6H5CO2
−, a carrier for car-

bon dioxide;

• tetrahexyl ammonium fluoride tetrahydrate (C6H13)4 · NF · 4H2O, a carrier for
carbon dioxide.
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Under the membrane test conditions, these carrier salts are liquids with essentially
no vapor pressure, so the solvent evaporation problem is eliminated.

Yet another approach to stabilizing facilitated transport membranes is to form
multilayer structures in which the supported liquid-selective membrane is encap-
sulated between thin layers of very permeable but nonselective dense polymer
layers. The coating layers must be very permeable to avoid reducing the gas flux
through the membrane; materials such as silicone rubber or poly(trimethylsilox-
ane) are usually used [26].

Despite many years of effort, none of these methods of stabilizing liquid mem-
branes has had real success. For this reason, a number of workers are trying to
develop solid carrier facilitated membranes. Two approaches are being tried.
One is to covalently link the carrier complex to the matrix polymer. So far the
improvement in selectivity obtained by this approach has been modest. This may
be due to the difficulty of obtaining high loadings of the carrier in the polymer
matrix. The second approach, which has been more successful, is to produce facil-
itated transport membranes in which the polymer matrix acts as a partial solvent
for the carrier. For example, poly(ethylene oxide) or ethylene oxide copolymers
can dissolve covalent salts such as silver tetrafluoroborate (AgBF4), a facilitated
transport carrier for olefins [31–33,61–63]. Significant facilitation of some gases
has been achieved with these membranes.

Examples of the best results obtained are shown in Figure 11.21 [33,61]. The
composite membranes with which these data were obtained were formed by cast-
ing a solution of 80 wt% silver tetrafluoroborate in a propylene oxide copolymer
matrix onto a microporous support. When subjected to a 40-day test with a gas
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Figure 11.21 Long-term performance of a composite solid polymer electrolyte mem-
brane consisting of 80 wt% AgBF4 dissolved in a propylene oxide copolymer matrix. Feed
gas, 70 vol% ethylene/30 vol% ethane at 50 psig; permeate pressure, atmospheric [33,61]
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Figure 11.22 Mixed-gas ethylene/ethane selectivity of a solid polymer electrolyte mem-
brane as a function of AgBF4 concentration in the polyamide-polyether matrix [62]

mixture of 70 vol% ethylene/30 vol% ethane, the membrane produced a perme-
ate containing 98.7–99.4 % ethylene over the entire test period. Conventional
wisdom suggests that these immobilized carriers would lose their facilitation
ability, but this does not appear to be the case. The exact transport mechanism
is not clear but appears to involve the permeable gas molecules moving between
fixed sites through the polymer [28–30,34]. These solid matrix membranes often
show clear evidence of a percolation threshold. At low carrier loadings, little or
no facilitation is observed until, at a certain critical loading, facilitation occurs,
and thereafter increases rapidly [62,64]. Some results illustrating this effect are
shown in Figure 11.22. At loadings below 70 wt% AgBF4, essentially no facili-
tation is seen; at loadings greater than this threshold value, facilitation occurs. It
is believed that the percolation threshold level is the point at which carrier sites
are close enough that the permeating complex molecule can hop from carrier site
to carrier site through the membrane.

Applications

Over the last 30 years a variety of facilitated transport carriers have been studied
for a number of important separation problems, reviewed briefly below.

Carbon Dioxide/Hydrogen Sulfide Separation

From the late 1960s to the early 1980s, Ward and others at General Electric
studied facilitated transport membranes, particularly for separation of the acid
gases carbon dioxide and hydrogen sulfide from methane and hydrogen [23–26].
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This work was finally abandoned after the development of selective polymeric
membranes in the 1980s.

Although many carriers are available for carbon dioxide and hydrogen sulfide
transport, one of the most studied chemistries uses aqueous carbonate/bicarbonate
solutions. Four principal reactions occur in the film

CO2 + H2O −−−→←−−− H+ + HCO3
− (11.21)

CO2 + OH− −−−→←−−− HCO3
− (11.22)

HCO3
− −−−→←−−− H+ + CO3

2− (11.23)

H+ + OH− −−−→←−−− H2O (11.24)

Equations (11.21) and (11.22) are measurably slow reactions; Reactions (11.23)
and (11.24) are essentially instantaneous. All four reactions determine the equi-
librium concentrations, but the process can be illustrated in simple form by
Figure 11.23 [25].

At the feed side of the membrane, carbon dioxide dissolves in the aqueous
carbonate/bicarbonate solution and reacts with water and carbonate ions according
to Equations (11.21) and (11.23).

CO2 + H2O −−−→←−−− H+ + HCO3
−

H+ + CO3
2− −−−→←−−− HCO3

−

CO2 + H2O + CO3
2− −−−→←−−− 2HCO3

−
(11.25)

CO2 + H2O + CO3
=

2 HCO3
−

H2O
+

+

High
pressure

Immobilized carbonate solution

Low
pressure

2 HCO3
−

CO2 CO2CO2

H2O
+

+
CO3

=CO3
=

CO2

2 HCO3
−

Figure 11.23 Facilitated transport of carbon dioxide through an immobilized carbon-
ate/bicarbonate solution [25]. Reprinted with permission from S.G. Kimura, S.L. Matson
and W.J. Ward III, Industrial Applications of Facilitated Transport, in Recent Develop-
ments in Separation Science, N.N. Li, J.S. Dranoff, J.S. Schultz and P. Somasundaran
(eds) (1979). Copyright CRC Press, Boca Raton, FL
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Figure 11.24 Facilitated transport of hydrogen sulfide through an immobilized carbon-
ate/bicarbonate solution [26]. Reprinted with permission from S.L. Matson, C.S. Herrick
and W.J. Ward III, Progress on the Selective Removal of H2S from Gasified Coal Using
an Immobilized Liquid Membrane, Ind. Eng. Chem., Prod. Res. Dev. 16, 370. Copyright
1977, American Chemical Society and American Pharmaceutical Association

At the permeate side of the membrane the reaction is reversed, and bicarbonate
ions form carbon dioxide, water, and carbonate ions.

Coupled transport of hydrogen sulfide through the same carbonate/bicarbonate
membrane is shown in Figure 11.24 [26]. The overall reaction is simple

H2S + CO3
2− −−−→←−−− HS− + HCO3

− (11.26)

but, again, a number of reactions occur simultaneously to establish the equilibrium
concentrations.

Because some of the reactions involved in establishing equilibrium at the mem-
brane surface are slow compared to diffusion, the calculated concentration gra-
dients formed in the liquid membrane do not have a simple form. The equations
for partial reaction rate control have been derived by Ward and Robb [23].

The transport rates of carbon dioxide and hydrogen sulfide through these car-
bonate membranes can be significantly increased by adding catalysts to increase
the rates of the slow reactions of Equations (11.21) and (11.22). A variety of
materials can be used, but the anions of the weak acids such as arsenite, selenite
and hypochlorite have been found to be the most effective. Small concentrations
of these components increase permeation rates three- to five-fold.

Membranes selective to carbon dioxide and hydrogen sulfide have been con-
sidered for removal of these gases from natural gas and various synthetic gas
streams. Again, the main problem has been instability of available supported
liquid membranes under the typical pressure gradients of several hundred psi.
Because the membranes are generally more permeable to hydrogen sulfide than
to carbon dioxide, their use to selectively remove hydrogen sulfide from streams
contaminated with both gases has also been studied.
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Olefin Separation

Concurrently with the work on carbon dioxide and hydrogen sulfide at General
Electric, Steigelmann and Hughes [27] and others at Standard Oil were devel-
oping facilitated transport membranes for olefin separations. The principal target
was the separation of ethylene/ethane and propylene/propane mixtures. Both sepa-
rations are performed on a massive scale by distillation, but the relative volatilities
of the olefins and paraffins are so small that large columns with up to 200 trays
are required. In the facilitated transport process, concentrated aqueous silver salt
solutions, held in microporous cellulose acetate flat sheets or hollow fibers, were
used as the carrier.

Silver ions react readily with olefins, forming a silver–olefin complex accord-
ing to the reaction:

Ag+ + olefin −−−→←−−− Ag+(olefin) (11.27)

Hughes and Steigelmann used silver nitrate solutions mainly because of the
low cost and relatively good stability compared to other silver salts. Silver
tetrafluoroborate (AgBF4) has been used by others. The absorption isotherm
obtained with a 4 M silver nitrate solution equilibrated with ethylene is shown
in Figure 11.25 [26].

The propylene isotherm is reported to be very similar. Based on these data,
silver salt membranes are best used with pressurized ethylene feed streams; pres-
sures of 3–6 atm are generally used. The Standard Oil work was continued for
a number of years and was taken to the pilot-plant stage using hollow fiber
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Figure 11.25 Solubility of ethylene in a 4 M silver nitrate solution [26]. Reprinted with
permission from S.L. Matson, C.S. Herrick and W.J. Ward III, Progress on the Selec-
tive Removal of H2S from Gasified Coal Using an Immobilized Liquid Membrane, Ind.
Eng. Chem. Prod. Res. Dev. 16, 370. Copyright 1977, American Chemical Society and
American Pharmaceutical Association
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Figure 11.26 Performance of a 37 m2 hollow fiber silver-nitrate-impregnated facilitated
transport membrane for the separation of propylene/propane mixtures. The feed pressure
was 5–13 atm; the permeate was a hexane liquid sweep stream. The vertical dotted
lines show when the membrane was regenerated with fresh silver nitrate solution [27].
Reprinted with permission from R.D. Hughes, J.A. Mahoney and E.F. Steigelmann, Olefin
Separation by Facilitated Transport Membranes, in Recent Developments in Separation
Science, N.N. Li and J.M. Calo (eds) (1986). Copyright CRC Press, Boca Raton, FL

modules containing almost 40 m2 membrane area. Some typical data are shown
in Figure 11.26 [27]. In these experiments, the feed pressure was maintained at
5–13 atm with liquid hexane circulated on the permeate side of the fibers. In
laboratory tests propylene/propane selectivities of more than 100 were obtained
routinely; in the large pilot system the initial selectivity was not quite as high
but was still very good. Unfortunately, the selectivity and flux deteriorated over
a period of a few weeks, partly due to loss of water from the fibers, which could
not be prevented even when the feed gas was humidified. Periodic regeneration
by pumping fresh silver nitrate solution through the fibers partially restored their
properties. However, this technique is not practical in an industrial plant. These
instability problems caused Standard Oil to halt the program, which remains the
largest facilitated transport trial to date.

The best hope for olefin/paraffin facilitated membrane separations seems to
be the solid polymer electrolyte membranes discussed earlier, the results of
which are shown in Figures 11.21 and 11.22. If stable membranes with these
properties can be produced on an industrial scale, significant applications could
develop in treating gases from steam crackers that manufacture ethylene and from
polyolefin plants.

FOR REFERENCE PURPOSES ONLY



CARRIER FACILITATED TRANSPORT 457

Oxygen/Nitrogen Separations

The first demonstration of facilitated transport of oxygen was performed by
Scholander [22] using thin films of cellulose acetate impregnated with aqueous
hemoglobin solutions. Later Bassett and Schultz [65] demonstrated the process
with cobalt dihistidine, a synthetic carrier. The enhancements obtained in these
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Figure 11.27 Examples of cobalt-based facilitated transport oxygen carriers [66]
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branes [66]
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experiments were low, but Johnson and others [66,67] demonstrated very large
enhancements using a series of cobalt-based metal chelate carriers. The chemical
structures of two typical cobalt Schiffs-base carriers of the type used in this study
and in most later work are shown in Figure 11.27. All of these compounds have
a central cobalt (II) ion with four coordinating atoms in a planar array. The oxy-
gen molecule coordinates with the cobalt ion from one side of the plane while
another coordinating atom, usually a nitrogen group, acts as an electron-donating
axial base. In compound I, referred to as Co(3-MeOsaltmen), the coordinating
base is usually an imidazole or pyridine group, which must be present for oxygen
complexation to occur. In compound II, referred to as Co(SalPr), the coordinating
base group is provided by a donor nitrogen atom that is part of the structure.
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Figure 11.29 Methods of forming bound oxygen carriers

FOR REFERENCE PURPOSES ONLY



CARRIER FACILITATED TRANSPORT 459

Using carriers of this type, high degrees of facilitation can be achieved. Some
data from Johnson’s work plotted on the Robeson plot [68] for the polymeric
oxygen/nitrogen separating materials described in Chapter 8 are shown in Fig-
ure 11.28. This figure shows the promise of facilitated transport membranes and
why, even after many failures, interest in this topic has not waned. If stable,
thin membranes with these permeabilities and selectivities could be made, major
reductions in the cost of membrane-produced oxygen and nitrogen—the second
and third largest volume industrial chemicals—would result.

One promising approach to facilitated transport pioneered by Nishide and co-
workers at Wasada University is to chemically bind the oxygen carrier to the
polymer backbone, which is then used to form a dense polymer film containing
no solvent [28]. In some examples, the carrier species is covalently bonded to the
polymer matrix as shown in Figure 11.29(a). In other cases, the polymer matrix
contains base liquids which complex with the carrier molecule through the base
group as shown in Figure 11.29(b). Because these films contain no liquid solvent,
they are inherently more stable than liquid membranes and also could be formed
into thin films of the selective material in composite membrane form. So far the
selectivities and fluxes of these membranes have been moderate.

Conclusions and Future Directions

Carrier facilitated transport membranes have been the subject of serious study for
more than 30 years, but no commercial process has resulted. These membranes
are a popular topic with academic researchers, because spectacular separations
can be achieved with simple laboratory equipment. Unfortunately, converting
these laboratory results into practical processes requires the solution of a number
of intractable technological problems.

Coupled transport with supported and emulsion liquid membranes has made
very little real progress towards commercialization in the last 15 years. In addi-
tion, it is now apparent that only a few important separation problems exist
for which coupled transport offers clear technical and economic advantages
over conventional technology. Unless some completely unexpected breakthrough
occurs, it is difficult to imagine that coupled transport will be used on a sig-
nificant commercial scale within the next 10–20 years. The future prospects for
coupled transport are, therefore, dim.

The prospects for facilitated transport membranes for gas separation are better
because these membranes offer clear potential economic and technical advan-
tages for a number of important separation problems. Nevertheless, the technical
problems that must be solved to develop these membranes to an industrial scale
are daunting. Industrial processes require high-performance membranes able to
operate reliably without replacement for at least one and preferably several years.
No current facilitated transport membrane approaches this target, although some
of the solid polymer electrolyte and bound-carrier membranes show promise.
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Development of industrial-scale facilitated transport membranes and systems
requires access to membrane technology not generally available in universities,
and a commitment to a long-term development program that few companies are
willing to undertake.
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12 MEDICAL APPLICATIONS
OF MEMBRANES

Introduction
In this chapter, the use of membranes in medical devices is reviewed briefly.
In terms of total membrane area produced, medical applications are at least
equivalent to all industrial membrane applications combined. In terms of dollar
value of the products, the market is far larger. In spite of this, little communi-
cation between these two membrane areas has occurred over the years. Medical
and industrial membrane developers each have their own journals, societies and
meetings, and rarely look over the fence to see what the other is doing. This
book cannot reverse 50 years of history, but every industrial membrane tech-
nologist should at least be aware of the main features of medical applications
of membranes. Therefore, in this chapter, the three most important applica-
tions—hemodialysis (the artificial kidney), blood oxygenation (the artificial lung)
and controlled release pharmaceuticals—are briefly reviewed.

Hemodialysis
The kidney is a key component of the body’s waste disposal and acid–base
regulation mechanisms. Each year approximately one person in ten thousand
suffers irreversible kidney failure. Before 1960, this condition was universally
fatal [1] but now a number of treatment methods can maintain these patients.
Of these, hemodialysis is by far the most important, and approximately 800 000
patients worldwide benefit from the process. Each patient is dialyzed approxi-
mately three times per week with a dialyzer containing about 1 m2 of membrane
area. Economies of scale allow these devices to be produced for about US$15
each; the devices are generally discarded after one or two uses. As a result the
market for dialyzers alone is about US$1.3 billion [2,3].

The operation of the human kidney simulated by hemodialyzers is illustrated
in Figure 12.1. The process begins in the glomerulus, a network of tiny capillar-
ies surrounding spaces called Bowman’s capsules. Blood flowing through these
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Loop of Henle
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Figure 12.1 Schematic of a single nephron, the functional unit of the kidney. Micro-
solutes are filtered from blood cells in Bowman’s capsules. As the filtrate passes towards
the collection tubule most of the microsolutes and water are reabsorbed by a type of
facilitated transport process. The fluid finally entering the collecting tubule contains the
nitrogenous wastes from the body and is excreted as urine. There are about 1 million
nephrons in the normal kidney [1]

capillaries is at a higher pressure than the fluid in Bowman’s capsules, and the
walls of the capillaries are finely microporous. As a result, water, salts and other
microsolutes in the blood are ultrafiltered into the capsule while blood cells stay
behind. Each Bowman’s capsule is connected by a relatively long, thin duct to
the collecting tubule, ultimately forming urine, which is sent via the urethra to
the bladder. The average kidney has approximately 1 million tubules and many
Bowman’s capsules are connected to each tubule. As the fluid that permeates
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into Bowman’s capsules from the blood travels down the collection duct to the
central tubule, more than 99 % of the water and almost all of the salts, sugars and
proteins are reabsorbed into the blood by a process similar to facilitated trans-
port. The remaining concentrated fluid ultimately forms urine and is rich in urea
and creatinine. This is the principal method by which these nitrogen-containing
metabolites are discharged from the body. The acid–base balance of the body is
also controlled by the bicarbonate level of urine, and many drugs and toxins are
excreted from the body this way.

The first successful hemodialyzer was constructed by Kolf and Berk in The
Netherlands in 1945 [4,5]. Kolf’s device used dialysis to remove urea and other
waste products directly from blood. A flat cellophane (cellulose) tube formed
the dialysis membrane; the tube was wound around a rotating drum immersed
in a bath of saline. As blood was pumped through the tube, urea and other low
molecular weight metabolites diffused across the membrane to the dialysate down
a concentration gradient. The cellophane tubing did not allow diffusion of larger
components in the blood such as proteins or blood cells. By maintaining the salt,
potassium and calcium levels in the dialysate solution at the same levels as in
the blood, loss of these components from the blood was prevented.

Kolf’s early devices were used for patients who had suffered acute kidney
failure as a result of trauma or poisoning and needed dialysis only a few times.
Such emergency treatment was the main application of hemodialysis until the
early 1960s, because patients suffering from chronic kidney disease require dial-
ysis two to three times per week for several years, which was not practical with
these early devices. However, application of hemodialysis to this class of patient
was made possible by improvements in the dialyzer design in the 1960s. The
development of a plastic shunt that could be permanently fitted to the patient to
allow easy access to their blood supply was also important. This shunt, developed
by Scribner et al. [6], allowed dialysis without the need for surgery to connect
the patient’s blood vessels to the dialysis machine for each treatment.

Kolf’s first tubular dialyzer, shown in Figure 12.2, required several liters of
blood to prime the system, a major operational problem. In the 1950s, tubular
dialyzers were replaced with coil (spiral) devices, also developed by Kolf and
coworkers. This coil system was the basis for the first disposable dialyzer pro-
duced commercially in the early 1960s. The blood volume required to prime the
device was still excessive, however, and during the 1960s the plate-and-frame and
hollow fiber devices shown in Figure 12.3 were developed. In the US in 1975,
about 65 % of all dialyzers were coil, 20 % hollow fiber systems and 15 % plate-
and-frame. Within 10 years the coil dialyzer had essentially disappeared, and the
market was divided two-thirds hollow fibers and one-third plate-and-frame. By
1996, hollow fiber dialyzers had more than 95 % of the market.

Hollow fiber dialyzers typically contain 1–2 m2 of membrane in the form
of fibers 0.1–0.2 mm in diameter. A typical dialyzer module may contain sev-
eral thousand fibers housed in a 2-in.-diameter tube, 1–2 ft long. Approximately
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Figure 12.2 Schematic of an early tubular hemodialyzer based on the design of Kolf’s
original device. The device required several liters of blood to fill the tubing and minor
surgery to connect to the patient. Nonetheless, it saved the lives of patients suffering from
acute kidney failure [1]
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Dialysate Blood

Blood

Blood

Dialysis
solution

Figure 12.3 Schematic of hollow fiber and plate-and-frame dialyzers
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100 million hemodialysis procedures are performed annually worldwide. Because
hollow fiber dialyzers are produced in such large numbers, prices are very low.
Today a 1–2 m2 hollow fiber dialyzer sells for about US$15, which is well below
the module costs of any other membrane technology. These low costs have been
achieved by the use of high speed machines able to spin several hundred fibers
simultaneously around the clock. The entire spinning, cutting, module potting
and testing process is automated.

In a hollow fiber dialyzer the blood flows down the bore of the fiber, provid-
ing good fluid flow hydrodynamics. An advantage of the hollow fiber design is
that only 60–100 mL of blood is required to fill the dialyzer. At the end of a
dialysis procedure hollow fiber dialyzers can also be easily drained, flushed with
sterilizing agent, and reused. Dialyzer reuse is widely practiced, in part for eco-
nomic reasons, but also because the biocompatibility of the membrane appears
to improve after exposure to blood.

The regenerated cellulose membranes used in Kolf’s first dialyzer are still
in use in some dialyzers. Cellulose membranes are isotropic hydrogels gener-
ally about 10 µm thick and, although very water swollen, they have a high wet
strength. The hydraulic permeability of cellulose is relatively low, and the mem-
brane has a molecular weight cut-off of about 2000 dalton. The permeability
of cellulose hydrogel membranes compared to the calculated permeability of an
aqueous film of equal thickness is shown in Figure 12.4.

Although cellulose has been used successfully in hemodialyzers for many
years, there is some concern about the ability of the free hydroxyl groups on the
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Figure 12.4 Solute permeability relative to the permeability of a film of water for various
solutes in a regenerated cellulose membrane (Cuprophan 150). This type of membrane is
still widely used in hemodialysis devices
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Figure 12.5 Clearance, a measure of membrane permeability, as a function of molecular
weight for hemodialyzers and the normal kidney [7]

membrane surface to activate the blood clotting process. When cellulose-based
dialyzers are reused, the membrane’s blood compatibility improves because a
coating of protein has formed on the membrane surface. Recently, synthetic poly-
mers have begun to replace cellulose. These membrane materials are substituted
cellulose derivatives, specifically cellulose acetate or polymers such as polyacry-
lonitrile, polysulfone, polycarbonate, polyamide and poly(methyl methacrylate).
These synthetic fiber membranes are generally microporous with a finely microp-
orous skin layer on the inside, blood-contacting surface of the fiber. The hydraulic
permeability of these fibers is up to 10 times that of cellulose membranes, and
they can be tailored to achieve a range of molecular weight cut-offs using different
preparation procedures. The blood compatibility of the synthetic polymer mem-
branes is good, and these membranes are likely to largely replace unsubstituted
cellulose membranes over the next few years.

One attractive feature of some of the new synthetic polymer membranes is
their ability to remove some of the middle molecular weight metabolites in
blood. This improvement in performance is illustrated by Figure 12.5. Cellu-
lose membranes efficiently remove the major metabolites, urea and creatinine,
from blood, but metabolites with molecular weights between 1000 and 10 000 are
removed poorly. Patients on long-term dialysis are believed to accumulate these
metabolites, which are associated with a number of health issues. The new syn-
thetic polymer membranes appear to simulate the function of the normal kidney
more closely.

Blood Oxygenators
Blood oxygenators are used during surgery when the patient’s lungs cannot func-
tion normally. Pioneering work on these devices was carried out in the 1930s
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and 1940s by J.H. Gibbon [8,9], leading to the first successful open heart surgery
on a human patient in 1953. Gibbon’s heart–lung machine used a small tower
filled with stainless steel screens to contact blood with counter-flowing oxygen.
Direct oxygenation of the blood was used in all such devices until the early
1980s. Screen oxygenators of the type devised by Gibbon were first replaced
with a disk oxygenator, which consisted of 20–100 rotating disks in a closed
cylinder containing 1–2 L of blood. Later, bubble oxygenators were developed,
in which blood was oxygenated in a packed plastic tower through which blood
flowed. Because these direct-contact oxygenators required rather large volumes
of blood to prime the device and, more importantly, damaged some of the blood
components, they were used in only a few thousand operations per year in the
1980s. The introduction of indirect-contact membrane oxygenators resulted in
significantly less blood damage and lower blood priming volumes. The devices
were rapidly accepted, and the total number of procedures performed following
their introduction expanded rapidly. The first membrane oxygenators were intro-
duced in 1980, and by 1985 represented more than half of the oxygenators in use.
This percentage had risen to 70 % by 1990; now, only membrane oxygenators
are used. Over the same period, the number of procedures using blood oxygena-
tors has risen to approximately 1 million per year worldwide. Each device costs
around US$500–600, so the total annual market is about US$500 million.

The function of a membrane blood oxygenator is shown schematically in
Figure 12.6. In the human lung, the total exchange membrane area between

O2 250 cm3(STP)/min

CO2 200 cm3(STP)/min

Oxygenated blood
(partial pressure
100 mmHg O2
40 mmHg CO2)

Oxygen-depleted
blood

2 - 4 L/min
(partial pressure

40 mmHg O2
46 mmHg CO2)

Oxygen

Carbon dioxide/
oxygen

2 - 10 m2 of membrane,
commonly microporous

polyolefin fiber

Figure 12.6 Flow schematic of a membrane blood oxygenator
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the blood capillaries and the air drawn in and out is about 80 m2. The human
lung membrane is estimated to be about 1 µm thick, and the total exchange
capacity of the lung is far larger than is normally required. This allows peo-
ple with impaired lung capacity to lead relatively normal lives. A successful
heart–lung machine must deliver about 250 cm3(STP)/ min oxygen and remove
about 200 cm3(STP)/ min carbon dioxide [10]. Because of the limited solubility
of these gases in the blood, relatively large blood flows through the device are
required, typically 2–4 L/min, which is approximately 10 times the blood flow
through a kidney dialyzer. The first membrane oxygenators used silicone rubber
membranes, but now microporous polyolefin fibers are used. To maintain good
mass transfer with minimal pressure drop through the device, blood is generally
circulated on the outside of the fibers.

Controlled Drug Delivery

In controlled drug delivery systems a membrane is used to moderate the rate
of delivery of drug to the body. In some devices the membrane controls per-
meation of the drug from a reservoir to achieve the drug delivery rate required.
Other devices use the osmotic pressure produced by diffusion of water across a
membrane to power miniature pumps. In yet other devices the drug is impreg-
nated into the membrane material, which then slowly dissolves or degrades in
the body. Drug delivery is then controlled by a combination of diffusion and
biodegradation.

The objective of all of these devices is to deliver a drug to the body at a
rate predetermined by the design of the device and independent of the changing
environment of the body. In conventional medications, only the total mass of
drug delivered to a patient is controlled. In controlled drug delivery, both the
mass and the rate at which the drug is delivered can be controlled, providing
three important therapeutic benefits:

1. The drug is metered to the body slowly over a long period; therefore, the
problem of overdosing and underdosing associated with conventional periodic
medication is avoided.

2. The drug is given locally, ideally to the affected organ directly, rather than
systemically as an injection or tablet. Localized delivery results in high con-
centrations of the drug at the site of action, but low concentrations and hence
fewer side effects elsewhere.

3. As a consequence of metered, localized drug delivery, controlled release
devices generally equal or improve the therapeutic effects of conventional
medications, while using a fraction of the drug. Thus, the problems of drug-
related side effects are correspondingly lower.
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The concept of controlled delivery is not limited to drugs. Similar principles
are used to control the delivery of agrochemicals, fertilizers and pesticides, for
example, and in many household products. However, most of the technology
development in the past 30 years has focused on drug delivery; only this aspect
of the topic is covered here.

The origins of controlled release drug delivery can be traced to the 1950s.
Rose and Nelson [11], for example, described the first miniature osmotic pump
in 1955. A key early publication was the paper of Folkman and Long [12] in
1964 describing the use of silicone rubber membranes to control the release of
anesthetics and cardiovascular drugs. Concurrent discoveries in the field of hor-
mone regulation of female fertility quickly led to the development of controlled
release systems to release steroids for contraception [13–15]. The founding of
Alza Corporation by Alex Zaffaroni in the late 1960s gave the entire technology
a decisive thrust. Alza was dedicated to developing novel controlled release drug
delivery systems [16]. The products developed by Alza during the subsequent
25 years stimulated the entire pharmaceutical industry. The first pharmaceutical
product in which the drug registration document specified both the total amount
of drug in the device and the delivery rate was an Alza product, the Ocusert,
launched in 1974. This device, shown in Figure 12.7, consisted of a three-layer
laminate with the drug sandwiched between two rate-controlling polymer mem-
branes. The device is an ellipse about 1 mm thick and 1 cm in diameter. The
device is placed in a cul de sac of the eye where it delivers the drug (pilocarpine)
at a constant rate for 7 days, after which it is removed and replaced. The Ocusert
was a technical tour de force, although only a limited marketing success. Alza
later developed a number of more widely used products, including multilayer
transdermal patches designed to deliver drugs through the skin [17]. The drugs
include scopolamine (for motion sickness), nitroglycerine (for angina), estradiol
(for hormone replacement), and nicotine (for control of smoking addiction). Many
imitators have followed Alza’s success, and more than 20 transdermal products
delivering a variety of drugs are now available.

Membrane Diffusion-controlled Systems

In membrane diffusion-controlled systems, a drug is released from a device by
permeation from its interior reservoir to the surrounding medium. The rate of dif-
fusion of the drug through the membrane governs its rate of release. The reservoir
device illustrated in Figure 12.8 is the simplest diffusion-controlled system. An
inert membrane encloses the drug to be released; the drug diffuses through the
membrane at a finite, controllable rate. If the concentration (or thermodynamic
activity) of the material in equilibrium with the inner surface of the enclos-
ing membrane is constant then the concentration gradient, the driving force for

FOR REFERENCE PURPOSES ONLY



474 MEMBRANE TECHNOLOGY AND APPLICATIONS

13.4 mm

5.7 mm

Membrane

Drug
Reservoir

Ring

T
he

ra
pe

ut
ic

 le
ve

l

Time (days)

100

80

60

40

20

0
0

P
ilo

ca
rp

in
e 

re
le

as
e 

ra
te

 (µ
g/

h)

2 31

40 µg/h

5 64 7

Release rate curve

Pilocarpine concentration in the
aqueous humor of the eye

Time (hours)

6

4

2

0
0

P
ilo

ca
rp

in
e 

co
nc

en
tr

at
io

n 
(p

pm
)

Concentrated
eye drop

Controlled
release
device

642

Figure 12.7 The Ocusert pilocarpine system is a thin multilayer membrane device. The
central sandwich consists of a core containing the drug pilocarpine. The device is placed
in the eye, where it releases the drug at a continuous rate for 7 days. Devices with release
rates of 20 or 40 µg/h are used. Controlled release of the drug eliminates the over- and
under-dosing observed with conventional eyedrop formulations, which must be delivered
every 4–6 h to maintain therapeutic levels of the drug in the eye tissue [18]

Membrane

Drug

Figure 12.8 Reservoir device

diffusional release of the drug, is constant. This occurs when the inner reservoir
contains a saturated solution of the material, providing a constant release rate
for as long as excess solid is maintained in the solution. This is called zero-
order release. If, however, the active drug within the device is initially present as
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an unsaturated solution, its concentration falls as it is released. The release rate
declines exponentially, producing a first-order release profile.

For a device containing a saturated solution of drug, and excess solid drug,
Fick’s law

J = −DK
dcs

dx
(12.1)

can be restated for a slab or sandwich geometry as

dMt

dt
= AJ

l
= ADKcs

l
(12.2)

where Mt is the mass of drug released at any time t , and hence dMt/dt is the
steady-state release rate at time t ; A is the total surface area of the device (edge
effects being ignored); cs is the saturation solubility of the drug in the reservoir
layer; and J is the membrane-limiting flux.

The Ocusert system illustrated in Figure 12.7 is one example of a diffusion-
controlled reservoir device. Another is the steroid-releasing intrauterine device
(IUD) shown in Figure 12.9. Inert IUDs of various shapes were widely used for
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Figure 12.9 Progestasert intrauterine device (IUD) designed to deliver progesterone
for contraception at 65 µg/day for 1 year [19]
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birth control in the 1950s and 1960s. The contraceptive effect of these IUDs
was based on physical irritation of the uterus. Thus, the devices resulting in the
lowest pregnancy rate were often associated with unacceptable levels of pain and
bleeding, whereas more comfortable devices were associated with unacceptably
high pregnancy rates. Researchers tried a large number of different IUD shapes in
an attempt to produce a device that combined a low pregnancy rate with minimal
pain and bleeding, but without real success.

Steroid-releasing IUDs, in which the contraceptive effect of the device comes
largely from the steroid, offer a solution to the discomfort caused by inert IUDs.
Such devices can use IUDs with a low pain and bleeding level as a platform for
the steroid-releasing system. Scommegna et al. performed the first clinical trials
to test this concept [15]. The commercial embodiment of these ideas is shown
in Figure 12.9, together with the drug release rate curve [19]. Inspection of this
curve shows an initial high drug release during the first 30–40 days, representing
drug that has migrated into the polymer during storage of the device and which
is released as an initial burst. Thereafter, the device maintains an almost constant
drug release rate until it is exhausted at about 400 days. Later versions of this
device contained enough drug to last 2 years or more.

The second common category of diffusion-controlled devices is the monolithic
system, in which the agent to be released is dispersed uniformly throughout the
rate-controlling polymer medium, as shown in Figure 12.10. The release profile is
then determined by the loading of dispersed agent, the nature of the components,
and the geometry of the device. Thin spots, pinholes, and other similar defects,
which can be problems with reservoir systems, do not substantially alter the
release rate from monolithic devices. This, together with the ease with which
dispersions can be compounded (by milling and extruding, for example), results
in low production costs. These advantages often outweigh the less desirable
feature of the declining release rate with time characteristic of these systems.

There are two principal types of monolithic device. If the active agent is
dissolved in the polymer medium, the device is called a monolithic solution.
Examples of this type of device are pesticide-containing cat and dog collars to
control ticks and fleas. Such devices are often used when the active agent is a
liquid; some polymers [for example, poly(vinyl chloride)] can easily sorb up to
20 % or more of these liquids. However, if the solubility of the active agent in the

Polymer
matrix

Drug

Figure 12.10 Monolithic device
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polymer medium is more limited, then only a portion of the agent is dissolved and
the remainder is dispersed as small particles throughout the polymer. A device
of this type is called a monolithic dispersion.

The kinetics of release from a monolithic solution system have been derived for
a number of geometries by Crank [20]. For a slab geometry, the release kinetics
can be expressed by either of two series, both given here for completeness

Mt

M0
= 1 −

∞∑
n=0

8 exp[−D(2n + 1)2π2t/ l2]

(2n + 1)2π2
(12.3)

or
Mt

M0
= 4

(
Dt

l2

)1/2
[
π−1/2 +

∞∑
n=0

(−1)nierfc

(
nl

2
√

Dt

)]
(12.4)

where M0 is the total amount of drug sorbed, Mt is the amount desorbed at time
t and l is the thickness of the device.

Fortunately, these complex expressions reduce to two approximations, reliable
to better than 1 %, valid for different parts of the desorption curve. The early
time approximation, which holds for the initial portion of the curve, derived from
Equation (12.4), is

Mt

M0
= 4

(
Dt

πl2

)1/2

for 0 ≤ Mt

M0
≤ 0.6 (12.5)

The late time approximation, which holds for the final portion of the desorption
curve, derived from Equation (12.3), is

Mt

M0
= 1 − 8

π2
exp

(−π2Dt

l2

)
for 0.4 ≤ Mt

M0
≤ 1.0 (12.6)

These approximations are plotted in Figure 12.11, which illustrates their different
regions of validity.

In general, the rate of release at any particular time is of more interest than
the accumulated total release. This rate is easily obtained by differentiating
Equations (12.5) and (12.6) to give

dMt

dt
= 2M0

(
D

πl2t

)1/2

(12.7)

for the early time approximation and

dMt

dt
= 8DM0

l2
exp

(−π2Dt

l2

)
(12.8)

for the late time approximation. These two approximations are plotted against
time in Figure 12.12. Again, for simplicity, M0 and D/l2 have been set at unity.
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using the early time and late time approximations. The solid line shows the portion of the
curve over which the approximations are valid (D/l2 = 1)
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The release rate falls off in proportion to t−1/2 until 60 % of the agent has been
desorbed; thereafter, it decays exponentially.

The expressions (12.5)–(12.8) are also convenient ways of measuring diffusion
coefficients in polymers. A permeant is contacted with a film of material of
known geometry until equilibrium is reached. The film is then removed from
the permeant solution, washed free of contaminants, and the rate of release of
the permeant is measured. From the release curves, the diffusion coefficient and
permeant sorption can be obtained.

A monolithic dispersion system consists of a dispersion of solid active drug in
a rate-limiting polymer matrix. As with monolithic solution systems, the release
rate varies with the geometry of the device; it also varies with drug loading. The
starting point for release of drug from these systems can be described by a simple
model due to Higuchi [22] and is shown schematically in Figure 12.13.

Higuchi’s model assumes that solid drug in the surface layer of the device
dissolves in the polymer matrix and diffuses from the device first. When the
surface layer becomes exhausted of drug, the next layer begins to be depleted.
Thus, the interface between the region containing dispersed drug and the region
containing only dissolved drug moves into the interior as a front. The validity
of Higuchi’s model has been demonstrated experimentally numerous times by
comparing the predicted release rate calculated from the model with the actual
release rate. In addition, the movement of a dissolving front can be monitored
directly by sectioning and examining monolithic devices that have been releasing
agent for various lengths of time [23]. The proof of Higuchi is straightforward

x

Solution

Dispersed
and dissolved

Dissolved
only

Dissolved
only

Solution

Polymer
matrix

C0

Cs(m)

Figure 12.13 Schematic representation of a cross-section through a polymer matrix
initially containing dispersed solid drug. The interface between the region containing
dispersed drug and the region containing only dissolved drug has moved a distance x
from the surface [22]
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and leads to the equation

Mt = A[DKtcs(2c0 − cs)]
1/2


 A(2DKtcsc0)
1/2 for c0 � cs

(12.9)

The release rate at any time is then given by

dMt

dt
= A

2

[
DKc2

t
(2c0 − cs)

]1/2


 A

2

(
2DKcsc0

t

)1/2

for c0 � cs

(12.10)

The Higuchi model is an approximate solution in that it assumes a ‘pseu-
dosteady state’, in which the concentration profile from the dispersed drug front
to the outer surface is linear. Paul and McSpadden [24] have shown that the
correct expression can be written as:

Mt = A[2DKtcs(c0 − Kcs)]
1/2 (12.11)

which is almost identical to Equation (12.9), and reduces to it when c0 � cs .
Clearly the release rate is proportional to the square root of the loading; thus, it
can be easily varied by incorporating more or less agent. Furthermore, although
the release rate is by no means constant, the range of variation is narrower than
would be the case if the agent were merely dissolved, rather than dispersed,
in the matrix. An example of the release rate of the drug from an ethylene-
vinyl acetate slab containing dispersed antibiotic chloramphenicol is shown in
Figure 12.14. The drug release rate decreases in proportion to the square root of
time in accordance with Equation (12.10).

Biodegradable Systems

The diffusion-controlled devices outlined so far are permanent, in that the mem-
brane or matrix of the device remains implanted after its delivery role is com-
pleted. In some applications, particularly in the medical field, this is undesirable;
such applications require a device that degrades during or subsequent to its deliv-
ery role.

Many polymer-based devices that slowly biodegrade when implanted in the
body have been developed; the most important are based on polylactic acid,
polyglycolic acid and their copolymers. In principle, the release of an active agent
can be programmed by dispersing the material within such polymers, with erosion
of the polymer effecting release of the agent [25,26]. One class of biodegradable
polymers is surface eroding; the surface area of such polymers decreases with
time as the conventionally cylindrical- or spherical-shaped device erodes. This
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Figure 12.14 Release of the antibiotic drug chloramphenicol dispersed in a matrix of
poly(ethylene-vinyl acetate). The solid line is calculated from Equation (12.10) [21]

results in a decreasing release rate unless the geometry of the device is appro-
priately manipulated or the device is designed to contain a higher concentration
of the agent in the interior than in the surface layers. In a more common class
of biodegradable polymer, the initial period of degradation occurs very slowly,
after which the degradation rate increases rapidly. The bulk of the polymer then
erodes over a comparatively short period. In the initial period of exposure to
the body, the polymer chains are being cleaved but the molecular weight is still
high, so the polymer’s mechanical properties are not seriously affected. As chain
cleavage continues, a point is reached at which the polymer fragments become
swollen or soluble in water. At this point the polymer begins to dissolve. This
type of polymer can be used to make reservoir or monolithic diffusion-controlled
systems that degrade after their delivery role is over. A final category of poly-
mer has the active agent covalently attached by a labile bond to the backbone
of a matrix polymer. When placed at the site of action the labile bonds slowly
degrade, releasing the active agent and forming a soluble polymer. The meth-
ods by which these concepts can be formulated into actual practical systems are
illustrated in Figure 12.15.

Osmotic Systems

Osmotic effects are often a problem in diffusion-controlled systems because imbi-
bition of water swells the device or dilutes the drug. However, several devices
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Figure 12.15 Methods of using biodegradable polymers in controlled release implantable
devices to release the active agent, A

have been developed that actually use osmotic effects to control the release of
drugs. These devices, called osmotic pumps, use the osmotic pressure developed
by diffusion of water across a semipermeable membrane into a salt solution to
push a solution of the active agent from the device. Osmotic pumps of various
designs are applied widely in the pharmaceutical area, particularly in oral tablet
formulations [27].

The forerunner of modern osmotic devices was the Rose–Nelson pump. Rose
and Nelson were two Australian physiologists interested in the delivery of drugs
to the gut of sheep and cattle [11]. Their pump, illustrated in Figure 12.16,
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Figure 12.16 Principle of the three-chamber Rose–Nelson osmotic pump first described
in 1955 [11]

consists of three chambers: a drug chamber, a salt chamber containing excess
solid salt and a water chamber. The salt and water chambers are separated by
a rigid semipermeable membrane. The difference in osmotic pressure across the
membrane moves water from the water chamber into the salt chamber. The
volume of the salt chamber increases because of this water flow, which distends
the latex diaphragm separating the salt and drug chambers, thereby pumping drug
out of the device.

The pumping rate of the Rose–Nelson pump is given by the equation

dMt

dt
= dV

dt
c (12.12)

where dMt/dt is the drug release rate, dV/dt is the volume flow of water into
the salt chamber and c is the concentration of drug in the drug chamber. The
osmotic water flow across a membrane is given by the equation

dV

dt
= Aθ∆π

l
(12.13)
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where dV/dt is a water flow across the membrane of area A, thickness l, and
osmotic permeability θ (cm3 · cm/cm2 · h · atm), and ∆π is the osmotic pressure
difference between the solutions on either side of the membrane. This equation
is only strictly true for completely selective membranes—that is, membranes
permeable to water but completely impermeable to the osmotic agent. However,
this is a good approximation for most membranes. Substituting Equation (12.13)
for the flux across the membrane gives

dMt

dt
= Aθ∆πc

l
(12.14)

The osmotic pressure of the saturated salt solution is high, on the order of
tens of atmospheres, and the small pressure required to pump the suspension of
active agent is insignificant in comparison. Therefore, the rate of water permeation
across the semipermeable membrane remains constant as long as sufficient solid
salt is present in the salt chamber to maintain a saturated solution and hence a
constant osmotic pressure driving force.

The Higuchi–Leeper pump designs represent the first of a series of simplifica-
tions of the Rose–Nelson pump made by Alza Corporation beginning in the early
1970s. An example of one of these designs [28] is shown in Figure 12.17. The

Dispensing head
with orifice

Active agent
formulation

Movable
separator

MgSO4

Porous membrane
supportSaturated solution

of magnesium sulfate
containing excess solid

MgSO4

Semipermeable
membrane

Rigid housing

Figure 12.17 The Higuchi–Leeper osmotic pump design [28]. This device has no water
chamber and can be stored in a sealed foil pouch indefinitely. However, once removed
from the pouch and placed in an aqueous environment, for example, by an animal swal-
lowing the device, the pumping action begins. The active agent is pumped at a constant
rate according to Equation (12.14)
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Higuchi–Leeper pump has no water chamber; the device is activated by water
imbibed from the surrounding environment. This means that the drug-laden pump
can be prepared and then stored for weeks or months prior to use. The pump is
only activated when it is swallowed or implanted in the body. Higuchi–Leeper
pumps contain a rigid housing, and the semipermeable membrane is supported
on a perforated frame. This type of pump usually has a salt chamber containing a
fluid solution with excess solid salt. The target application of this device was the
delivery of antibiotics and growth hormones to animals because repeated deliv-
ery of oral medications to animals is difficult. The problem is solved by these
devices, which are designed to be swallowed by the animal and then to reside in
the rumen, delivering a full course of medication over a period of days to weeks.

In the early 1970s, Higuchi and Theeuwes developed another, even simpler
variant of the Rose–Nelson pump [29,30]. One such device is illustrated
in Figure 12.18. As with the Higuchi–Leeper pump, water to activate the
osmotic action of the pump comes from the surrounding environment. The
Higuchi–Theeuwes device, however, has no rigid housing—the membrane acts
as the outer casing of the pump. This membrane is quite sturdy and is strong
enough to withstand the pumping pressure developed inside the device. The
device is loaded with the desired drug prior to use. When the device is placed
in an aqueous environment, release of the drug follows a time course set by the
salt used in the salt chamber and the permeability of the outer membrane casing.

The principal application of these small osmotic pumps has been as implantable
controlled release delivery systems in experimental studies on the effect of contin-
uous administration of drugs. The devices are made with volumes of 0.2–2 mL.
Figure 12.18 shows one such device being implanted in a laboratory rat. The
delivery pattern obtained with the device is constant and independent of the site
of implantation, as shown by the data in Figure 12.19.

The development that made osmotic delivery a major method of achieving
controlled drug release was the invention of the elementary osmotic pump by
Theeuwes in 1974 [31]. The concept behind this invention is illustrated in
Figure 12.20. The device is a further simplification of the Higuchi–Theeuwes
pump, and eliminates the separate salt chamber by using the drug itself as the
osmotic agent. The device is formed by compressing a drug having a suitable
osmotic pressure into a tablet using a tableting machine. The tablet is then coated
with a semipermeable membrane, usually cellulose acetate, and a small hole is
drilled through the membrane coating. When the tablet is placed in an aqueous
environment, the osmotic pressure of the soluble drug inside the tablet draws
water through the semipermeable coating, forming a saturated aqueous solution
inside the device. The membrane does not expand, so the increase in volume
caused by the imbibition of water raises the hydrostatic pressure inside the tablet
slightly. This pressure is relieved by a flow of saturated drug solution out of the
device through the small orifice. Thus, the tablet acts as a small pump, in which
water is drawn osmotically into the tablet through the membrane wall and then
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Figure 12.19 Drug delivery curves obtained with an implantable osmotic pump [30].
Reprinted from F. Theeuwes and S.I. Yum, Principles of the Design and Operation of
Generic Osmotic Pumps for the Delivery of Semisolid or Liquid Drug Formulations,
Ann. Biomed. Eng. 4, 343, 1976, with permission of Biomedical Engineering Society

Semipermeable
membrane

Core
containing

drug

Water

Saturated
drug solution

Delivery
orifice

Figure 12.20 The Theeuwes elementary osmotic pump [31]. Reprinted with permission
from F. Theeuwes, Elementary Osmotic Pump, J. Pharm. Sci. 64, 1987. Copyright 1975,
American Chemical Society and American Pharmaceutical Association

leaves as a saturated drug solution through the orifice. This process continues at
a constant rate until all the solid drug inside the tablet has been dissolved and
only a solution-filled shell remains. This residual dissolved drug continues to be
delivered, but at a declining rate, until the osmotic pressures inside and outside
the tablet are equal. The driving force that draws water into the device is the
difference in osmotic pressure between the outside environment and a saturated
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Rose−Nelson pump
(Figure 12.16)

Higuchi−Leeper pump
(Figure 12.17)

Higuchi−Theeuwes pump
(Figure 12.18)

Theeuwes
elementary

osmotic
pump

(Figure 12.20)

Scale:
1 cm

Rose–Nelson
pump

Higuchi–Leeper
pump

Higuchi–Theeuwes
pump

Theeuwes elementary
osmotic pump

Approximate 
volume (cm3) 80 35 3 < 1

Components Rigid housing Rigid housing
Water chamber
Salt chamber Salt chamber Salt chamber
Drug chamber Drug chamber Drug chamber Drug chamber
Elastic diaphragm Elastic diaphragm Elastic diaphragm
Membrane Membrane Membrane Membrane

Number of
components 6 5 4 2

Figure 12.21 The main types of osmotic pump drawn to scale
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drug solution. Therefore, the osmotic pressure of the dissolved drug solution has
to be relatively high to overcome the osmotic pressure of the body, but for drugs
with solubilities greater than 5–10 wt% these devices function very well. Later
variations on the simple osmotic tablet design have been made to overcome the
solubility limitation. The elementary osmotic pump was developed by Alza under
the name OROS, and is commercially available for a number of drugs.

The four types of osmotic pump described above are interesting examples
of how true innovation is sometimes achieved by leaving things out. The first
osmotic pump produced by Rose and Nelson contained six critical components,
had a volume of 80 cm3, and was little more than a research tool. In the early
1980s, Felix Theeuwes and others progressively simplified and refined the con-
cept, leading in the end to the elementary osmotic pump, a device that looks
almost trivially simple. It has been described as a tablet with a hole, but is,
in fact, a truly elegant invention having a volume of less than 1 cm3, contain-
ing only two components, achieving almost constant drug delivery, and allowing
manufacture on an enormous scale at minimal cost. Figure 12.21 shows examples
of the four main types of osmotic pumps taken from the patent drawings. The
pumps are drawn to scale to illustrate the progression that occurred as the design
was simplified.
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13 OTHER MEMBRANE
PROCESSES

Introduction
Any book must leave something out, and this one has left out a good deal; it
does not cover membranes used in packaging materials, sensors, ion-selective
electrodes, fuel cells, battery separators, electrophoresis and thermal diffusion. In
this final chapter, five processes that come under the general title of ‘other’ are
covered briefly.

Dialysis
Dialysis was the first membrane process to be used on an industrial scale, with
the development of the Cerini dialyzer in Italy [1]. The production of rayon
from cellulose expanded rapidly in the 1930s, resulting in a need for technology
to recover sodium hydroxide from the large volumes of hemicellulose-sodium
hydroxide by-product solutions. The hemicellulose was of little value, but the
17–18 wt% sodium hydroxide, if separated, could be reused directly in the pro-
cess. Hemicellulose has a much higher molecular weight than sodium hydroxide,
so parchmentized woven fabric or impregnated cotton cloth made an adequate
dialysis membrane. The Cerini dialyzer, illustrated in Figure 13.1, consisted of
a large tank containing 50 membrane bags. Feed liquid passed through the tank
while the dialysate solution passed countercurrently through each bag in parallel.
The product dialysate solution typically contained 7.5–9.5 % sodium hydroxide
and was essentially free of hemicellulose. About 90 % of the sodium hydroxide
in the original feed solution was recovered. The economics of the process were
very good, and the Cerini dialyzer was widely adopted. Later, improved mem-
branes and improved dialyzer designs, mostly of the plate-and-frame type, were
produced. A description of these early industrial dialyzers is given in Tuwiner’s
book [2].

Dialysis was also used in the laboratory in the 1950s and 1960s, mainly to
purify biological solutions or to fractionate macromolecules. A drawing of the
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Fresh water
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caustic in

Spent
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Figure 13.1 Elevation, plan drawing and flow scheme of the Cerini dialyzer, the first
successful industrial dialyzer used to recover sodium hydroxide from waste streams result-
ing from the production of rayon [2]

laboratory dialyzer used by Craig and described in a series of papers in the 1960s
is shown in Figure 13.2 [3,4]. Until ultrafiltration membranes became available
in the late 1960s, this device was the only way to separate many large-volume
biological solutions.

Now the major application of dialysis is the artificial kidney and, as described
in Chapter 12, more than 100 million of these devices are used annually. Apart
from this one important application, dialysis has essentially been abandoned as a
separation technique, because it relies on diffusion, which is inherently unselec-
tive and slow, to achieve a separation. Thus, most potential dialysis separations
are better handled by ultrafiltration or electrodialysis, in both of which an outside
force and more selective membranes provide better, faster separations. The only
three exceptions—Donnan dialysis, diffusion dialysis and piezodialysis—are
described in the following sections.
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Figure 13.2 Schematic drawing of laboratory dialyzer developed by Craig [4] to separate
low-molecular-weight impurities from biological solutions. This was the best method of
performing this separation until ultrafiltration membranes became available in the late
1960s. The feed solution was circulated through the inside of the membrane tube; solvent
solution was circulated on the outside. Boundary layer formation was overcome by rotating
the outer shell with a small motor

Donnan Dialysis and Diffusion Dialysis

One dialysis process for which the membrane does have sufficient selectivity to
achieve useful separations is Donnan dialysis. If salt solutions are separated by
a membrane permeable only to ions of one charge, such as a cation exchange
membrane containing fixed negatively charged groups, then distribution of two
different cations M+ and N+ across the membrane can be expressed by the
Donnan expression

[M]o
[M]�

= [N]o
[N]�

(13.1)
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where [M]o and [N]o are the concentrations of the two ions in the feed solution,
and [M]� and [N]� are the concentrations of the two ions in the product solution.
The derivation of the expression is given in Chapter 10. This equation has the
same form as Equation (11.10) derived for coupled transport in Chapter 11, in
which a cation-permeable, anion-impermeable membrane separates the two solu-
tions. The difference between coupled transport and Donnan dialysis lies in how
the membrane performs the separation.

Donnan dialysis was first described as a separation technique in 1967 by Wal-
lace [5,6], who was interested in concentrating small amounts of radioactive metal
ions. He used cation exchange membranes to treat a large volume of nearly neu-
tral feed solution containing small amounts of metal salts such as uranyl nitrate
UO2(NO3)2. A small volume of 2 M nitric acid was used as the receiving solu-
tion. Because the membrane contained fixed negative charges, negative ions from
the surrounding solutions were essentially excluded from the membrane, and only
hydrogen ions (H+) and uranyl ions (UO2

++) could permeate the membrane. The
very large difference in hydrogen ion concentration across the membrane meant
that a large driving force was generated for hydrogen ions to diffuse to the dilute
feed solution. To maintain electrical neutrality, an equal number of uranyl ions
had to diffuse to the receiving solution. Wallace’s apparatus and the results of
one of his experiments are shown in Figure 13.3. In this experiment, 98 % of the

Feed
0.01 M UO2(NO3)2

No HNO3
5 mL/min

Product
0.28 M UO2(NO3)2

Strip
2 M HNO3

0.04 mL/min

Raffinate
HNO3

0.002 M UO2(NO3)2

Cation
exchange

membranes

Figure 13.3 Illustration of a Donnan dialysis experiment to separate and concentrate
uranyl nitrate, UO2(NO3)2, after Wallace [5]
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uranyl ions were stripped from the feed solution and concentrated 28-fold in the
product nitric acid strip solution.

Like coupled transport, Donnan dialysis can concentrate metal ions many
fold. The process is usually driven by an appropriate pH gradient. Because
the membranes are normal cation or anion exchange membranes, the stability
problems that plague the liquid membranes used in coupled transport are avoided.
On the other hand, coupled transport uses carriers selective for one particu-
lar ion, excluding others. This property allows coupled transport membranes
to selectively transport one particular ion across the membrane, both concen-
trating and separating the target ion from similar ions in the feed solution.
Donnan dialysis membranes are essentially nonselective—all ions of the same
charge in the feed solution are transported to the product solution at about the
same rate.

Donnan dialysis can be made more selective if a complexing agent specific
to one of the ions being transported across the membrane is added to the strip
solution. For example, Huang et al. [7] used cation exchange membranes driven
by sodium ions to transport copper and nickel ions across the membrane. Addition
of complexing agents specific for nickel ions, such as oxalic acid or glycine,
to the strip solution increased the selectivity of the membrane for nickel over
copper dramatically. By removing nickel ions from the receiving solution, the
complexing agent maintained a high driving force for nickel transport even when
the copper ion concentration had reached equilibrium.

Although Donnan dialysis membranes can perform interesting separations,
these membranes are a solution to few industrially important applications. Con-
sequently, Donnan dialysis remains a solution in search of a problem.

A related dialysis process, diffusion dialysis, has found an application, mostly
to recover acids from spent metal pickling agents such as sulfuric acid, hydrochlo-
ric acid or nitric–hydrofluoric acids [8]. These pickling chemicals remove scale
from metal parts and become contaminated over time with iron, chromium,
copper, nickel, zinc and other heavy metals. Acid recovery by electrodialy-
sis is possible but diffusion-dialysis—a completely passive process—is often
preferred because of its simplicity. The process utilizes the difference in per-
meability of hydrogen ions and multivalent metal ions through anion exchange
membranes. A flow schematic is shown in Figure 13.4. The feed solution, con-
taining heavy metal salts and acid, flows countercurrent to water, from which it is
separated by an anion exchange membrane. The membrane, which is freely per-
meable to anions, also preferentially permeates hydrogen ions over heavy-metal
cations. As a result, the acids in the feed solution, sulfuric acid in the example
of Figure 13.4, are removed from the spent liquor and metal ions remain behind.
Recovery of 70–80 % acid, contaminated with only a few percent of the metal
ions, is possible.
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SO=
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Fe++
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Metal salts
(FeSO4)

Spent pickle liquor
(FeSO4; H2SO4)

Recovered acid
(H2SO4)

Anion-exchange
membrane

(+)

Water

Figure 13.4 Schematic of a diffusion dialysis process to separate acids from heavy
metal/acid mixtures

Charge Mosaic Membranes and Piezodialysis
Donnan dialysis, described in the previous section, is a type of ion exchange
process. Ions of the same charge are redistributed across the membrane, but
no net flow of salt from one side of the membrane to the other occurs. This
is because ion exchange membranes are quite impermeable to salts. Although
counter-ions to the fixed charge groups in the membrane can easily permeate the
membrane, ions with the same charge as the fixed charge groups are excluded and
do not permeate. Sollner [9] proposed that, if ion exchange membranes consisting
of separated small domains of anionic and cationic membranes could be made,
they would be permeable to both anions and cations. These membranes are now
called charge mosaic membranes; the concept is illustrated in Figure 13.5. Cations
permeate the cationic membrane domain; anions permeate the anionic domain.

Charge mosaic membranes can preferentially permeate salts from water. This is
because the principle of electroneutrality requires that the counter-ion concentra-
tion inside the ion exchange regions be at least as great as the fixed charge density.
Because the fixed charge density of ion exchange membranes is typically greater
than 1 M, dilute counter-ions present in the feed solution are concentrated 10- to
100-fold in the membrane phase. The large concentration gradient that forms in
the membrane leads to high ion permeabilities. Water and neutral solutes are not
concentrated in the membrane and permeate at low rates. When used as dialysis
membranes, therefore, these charged mosaic membranes are permeable to salts
but relatively impermeable to non-ionized solutes.
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Figure 13.5 Charge mosaic membranes, consisting of finely dispersed domains contain-
ing fixed negatively and fixed positively charged groups, are salt permeable [15]

For charge mosaic membranes to work most efficiently, the cationic and anionic
domains in the membrane must be close together to minimize charge separation
effects [10–12]. The first charge mosaic membranes were made by distributing
very small ion exchange beads in an impermeable support matrix of silicone
rubber [13,14]. A second approach, used by Platt and Schindler [15], was to
use the mutual incompatibility of most polymers that occurs when a solution
containing a mixture of two different polymers is evaporated. Figure 13.6 shows a
photomicrograph of a film cast from poly(styrene-co-butadiene) and poly(2-vinyl
pyridine-co-butadiene). The co-butadiene fraction makes these two polymers
mutually soluble in tetrahydrofuran but, on evaporation of the solvent, a two-
phase-domain structure extending completely through the membrane layer forms.
Once formed, the poly(2-vinyl pyridine-co-butadiene) portion of the membrane
is quaternarized to form fixed positive groups, and the poly(styrene-co-butadiene)
portion of the membrane is sulfonated to form fixed negative groups.

Miyaki and Fujimoto and co-workers [16,17] have obtained an even finer
distribution of fixed charge groups by casting films from multicomponent block
copolymers such as poly(isoprene-b-styrene-b-butadiene-b-(4-vinyl benzyl)dime-
thylamine- b-isoprene). These films show a very regular domain structure with a
200–500 Å spacing. After casting the polymer film, the (4-vinyl benzyl) dimethy-
lamine blocks were quaternarized with methyl iodide vapor, and the styrene
blocks were sulfonated with chlorosulfuric acid.
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1 mm

Figure 13.6 Film cast from a 1:2 mixture of poly(styrene-co-butadiene) and poly(2-vinyl
pyridine-co-butadiene) with about 15 mol% butadiene content (10 wt% solution of the
copolymers in tetrahydrofuran). Dark areas, poly(styrene-co-butadiene); light areas, poly
(2-vinyl pyridine-co-butadiene) [15]. Courtesy of Dr A. Schindler

Table 13.1 Solute flux measured in well-stirred dialysis cells at 25 ◦C using 0.1 M feed
solutions [17]. Reprinted with permission from K. Hirahara, S.-I. Takahashi, M. Iwata,
T. Fujimoto and Y. Miyaki, Artificial Membranes from Multiblock Copolymers (5), Ind.
Eng. Chem. Prod. Res. Dev. 305, 25. Copyright 1986, American Chemical Society and
American Pharmaceutical Association

Solute Flux
(10−8 mol/cm2 · s)

Sodium chloride 7.5
Potassium chloride 9
Hydrochloric acid 18
Sodium hydroxide 10
Glucose 0.08
Sucrose 0.04

Using the block copolymer membranes described above, significant selectivi-
ties for electrolytes over non-electrolytes have been observed. Some data reported
by Hirahara et al. [17] are shown in Table 13.1. The ionizable electrolytes were
100 times more permeable than non-ionized solutes such as glucose and sucrose,
suggesting a number of potential applications in which deionization of mixed
solutions is desirable. The permeabilities of salts in these membranes are also

FOR REFERENCE PURPOSES ONLY



OTHER MEMBRANE PROCESSES 499

orders of magnitude higher than values measured for normal ion exchange mem-
branes. In principle then, these membranes can be used in deionization processes,
for example, to remove salts from sucrose solutions in the sugar industry.

A second potential application is pressure-driven desalination. When a pressure
difference is applied across the membrane, the concentrated ionic groups in the
ion exchange domains are swept through the membrane, producing a salt-enriched
permeate on the low-pressure side. This process, usually called piezodialysis,
has a number of conceptual advantages over the alternative, conventional reverse
osmosis, because the minor component (salt), not the major component (water),
permeates the membrane.

Piezodialysis has been the subject of sporadic research for a number of years
but so far has met with little success. It was originally hoped that the flow of water
and salt through charge mosaic membranes would be strongly coupled. If this
were the case, the 100-fold enrichment of ions within the charged regions of the
membrane would provide substantial enrichment of salt in the permeate solution.
In practice, the enrichment obtained is relatively small, and the salt fluxes are
low even at high pressures. The salt enrichment also decreases substantially as
the salt concentration in the feed increases, limiting the potential applications
of the process to desalination of low concentration solutions. Some results of
piezodialysis experiments with block copolymer membranes and a potassium
chloride solution are shown in Figure 13.7.
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Figure 13.7 Piezodialysis of 0.02 M potassium chloride solution with block copolymer
charge mosaic membranes [14]. Enrichment is calculated using the expression:
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Membrane Contactors and Membrane Distillation

In the membrane processes discussed elsewhere in this book, the membrane
acts as a selective barrier, allowing relatively free passage of one component
while retaining another. In membrane contactors, the membrane functions as
an interface between two phases but does not control the rate of passage of
permeants across the membrane. The use of a membrane as a contactor in a
process to deoxygenate water is shown in Figure 13.8. Typically the membrane
is a microporous hollow fiber that separates oxygen-containing water from a
nitrogen sweep gas. Dissolved oxygen in the water diffuses to the nitrogen sweep
gas. Even though the dissolved oxygen concentration in the water is very low,
its equilibrium concentration in the gas phase in contact with the water is several
thousand times higher. This means that oxygen permeation through the membrane
down the concentration gradient to the nitrogen sweep gas is high. The function
of the membrane in this application is to provide a high surface area for contact
between the water and the nitrogen sweep gas. The relative permeabilities of
oxygen and water vapor through the membrane are not a factor; exactly the same
separation could be achieved by running the water and nitrogen countercurrent
to each other in a packed tower. However, as shown later, membrane contactors
can offer useful advantages over packed towers.

Membrane contactors are typically shell-and-tube devices containing micro-
porous capillary hollow fiber membranes. The membrane pores are sufficiently
small that capillary forces prevent direct mixing of the phases on either side of
the membrane. The membrane contactor shown in Figure 13.8 separates a liq-
uid and a gas phase: this is a liquid/gas contactor [18]. Membrane contactors

Water
containing
dissolved
oxygen

Nitrogen
sweep gas

O2

O2 + H2O vapor

Non-wetting
microporous
membrane

Figure 13.8 Application of a membrane contactor to remove dissolved oxygen from water
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can also be used to separate two immiscible liquids (liquid/liquid contactors) or
two miscible liquids (usually called membrane distillation). Contactors can also
be used to selectively absorb one component from a gas mixture into a liquid
(gas/liquid contactors). The various types of membrane contactors that have been
used are illustrated in Figure 13.9.

Contactors have a number of advantages compared to simple liquid/gas absorb-
er/strippers or liquid/liquid extractors. Perhaps the most important advantage is high
surface area per volume. The contact area of membrane contactors compared to tra-
ditional contactor columns is shown in Table 13.2. Membrane contactors provide
10-fold higher contactor areas than equivalent-sized towers. This makes membrane

H2O vapor

H2O

Water
containing
dissolved
oxygen

Nitrogen
sweep

Liquid-gas contactor: to remove
dissolved gases from liquids (19,24,25)

Gas-liquid contactor: to separate
olefin/paraffin mixtures (21,27−29)

Liquid-liquid contactor with two miscible liquids
(membrane distillation): to remove  pure water
from a salt solution (31-33)

O2

Dissolved
VOCs in

water

Organic
VOC

absorbent
solution

Hot
aqueous

salt
solution

Liquid-liquid contactor with two
immiscible liquids: to remove 
dissolved VOCs from water (23)

VOC
Cool

aqueous
solution

VOC

Ethylene/
ethane
mixture

AgNO3
ethylene
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Figure 13.9 Examples of membrane contactors and their applications

Table 13.2 The specific surface areas of different contactors [20]

Contactor Surface area per volume
(cm2/cm3)

Free dispersion columns 0.03–0.3
Packed/trayed columns 0.3–3
Mechanically agitated columns 2–5
Membranes 10–50
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contactors small and light, sometimes an important advantage. Blood oxygenators
were not widely used for open heart surgery until the membrane blood oxygenator
was developed, reducing the volume of blood required to operate the device to a
manageable level. Similarly, the principal motivation to develop membrane con-
tactors for offshore dehydration and carbon dioxide removal from natural gas is the
reduction in weight and footprint possible. Kvaerner have shown that membrane
contactors for this service have one-fourth of the footprint and one-tenth of the
weight of conventional absorber/strippers [19].

A second advantage of membrane contactors is the physical separation of the
counter-flowing phases by the membrane. The membrane area between the two
phases is independent of their relative flow rates, so large flow ratio differences
can be used without producing channeling or flooding or poor phase contact, and
maximum advantage can be taken of the ability of counter-flow to separate and
concentrate the components crossing the membrane. Small volumes of high cost
extractants can be used to treat large volumes of low value feed. Separation of
the two phases also eliminates entrainment of one phase by the other, as well
as foaming. Finally, unlike traditional contactors, fluids of equal density can be
used for the two phases.

The main disadvantages of contactors are related to the nature of the mem-
brane interface. The membrane acts as an additional barrier to transport between
the two phases that can slow the rate of separation. Over time, the membranes
can foul, reducing the permeation rate further, or develop leaks, allowing direct
mixing of the two phases. Finally, the polymeric membranes are necessarily thin
(to maximize their permeation rate) and consequently cannot withstand large
pressure differences across the membrane or exposure to harsh solvents and
chemicals. In many industrial settings, this lack of robustness prohibits the use
of membrane contactors.

Despite these caveats, the use of membrane contactors is growing rapidly.
Positive reviews are given by Reed et al. [20], Qi and Cussler [21], Gabelman
and Hwang [22] and Prasad and Sirkar [23].

Table 13.3 shows the dimensions of a series of industrial hollow fiber con-
tactors produced by Hoechst Celanese under the trade name Liqui-Cel. The

Table 13.3 Details of Liqui-Cel hollow fiber membrane contactor modules

Module dimensions Number of Membrane Area/unit
fibers area volume

Diameter Length (×1000) (m2) (cm2/cm3)
(cm) (cm)

8 28 8 1.4 29
10 71 45 19 36
25 71 300 130 39
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contact area per unit volume (cm2/cm3) is between 25 and 40. This high surface-
to-volume ratio is achieved by making the fluid space between the membranes
small—in the case of Liqui-Cel devices, between 200 and 400 µm. This means
that the fluids passed through these devices must be particulate-free to avoid
rapid plugging with retained particulates.

Applications of Membrane Contactors

Gas Exchange Contactors

Delivery or removal of gases from liquids is currently the largest commer-
cial application of membrane contactors. One example is blood oxygenators,
described in Chapter 12. Industrial applications of similar devices include deoxy-
genation of ultrapure water for the electronics industry or boiler feed water [24]
and the adjustment of carbonation levels in beverages. [25] The performance
of an industrial-scale oxygen removal system is shown in Figure 13.10. This
unit consists of a 10-in.-diameter, rather short, capillary device containing about
135 m2 of contactor area. The aqueous phase is circulated on the outer, shell-side
of the fibers to avoid the excessive pressure required to circulate fluid at a high
velocity down the fiber bore. The major resistance to mass transfer is in the liquid
boundary on the outside of the fiber, so a baffled hollow fiber membrane module
design [26] is used to cause radial flow of the fluid across the membrane from a
central fluid distribution tube. Nitrogen sweep gas flows down the inside of the
fibers. This design produces good turbulent mixing in the contactor at moderate
pressure drops.
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Figure 13.10 Oxygen removal from water with a 10-in.-diameter membrane contactor
(135 m2 membrane area) [24]
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In Europe, the TNO [27] and Kvaerner [19] are both developing contactors
to remove water and carbon dioxide from natural gas. Glycol or amines are
used as the absorbent fluid. The goal is to reduce the size and weight of the
unit to allow use on offshore platforms, so oftentimes only the absorber, the
largest piece of equipment in a traditional absorber/stripper, is replaced with a
membrane contactor. Kvaerner has taken this technology to the demonstration
phase and commercial units are expected to be introduced soon.

Another type of gas exchange process, developed to the pilot plant stage, is sep-
aration of gaseous olefin/paraffin mixtures by absorption of the olefin into silver
nitrate solution. This process is related to the separation of olefin/paraffin mix-
tures by facilitated transport membranes described in Chapter 11. A membrane
contactor provides a gas–liquid interface for gas absorption to take place; a flow
schematic of the process is shown in Figure 13.11 [28,29]. The olefin/paraffin gas
mixture is circulated on the outside of a hollow fiber membrane contactor, while a
1–5 M silver nitrate solution is circulated countercurrently down the fiber bores.
Hydrophilic hollow fiber membranes, which are wetted by the aqueous silver
nitrate solution, are used.

The olefin fraction of the feed gas crosses the membrane and reacts reversibly
with silver ions to form a soluble silver–olefin complex

Ag+ + olefin −−−→←−−− Ag+(olefin) (13.2)

The olefin-laden silver solution is then pumped to a flash tank, where the pressure
is lowered and the temperature raised sufficiently to reverse the complexation
reaction and liberate pure ethylene. The regenerated silver nitrate solution is
returned to the contactor. In this process, the high cost of the silver nitrate carrier

Membrane
contactor

Ethylene
product

Ethylene/ethane
feed

Ethane
residue

Flash
tank

AgNO3 solution
recirculation pump

Figure 13.11 Flow schematic of the membrane contactor process developed by British
Petroleum to separate ethylene/ethane mixtures by absorption into silver nitrate solu-
tion [28,29]
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must be balanced against the cost of the membrane contactor. If the silver solution
is circulated through the contactor at a very high rate, high fluxes are obtained,
but the silver utilization calculated from the silver ion amount complexed in the
contactor is low compared to the maximum possible complexation achievable
under the condition of the test.

Absorption of olefin from olefin/paraffin mixtures has been scaled up to the
pilot plant scale, and a number of successful trials were performed in the early
1990s. Separation factors of 200 or more were obtained, producing 99.7 % pure
ethylene. However, slow degradation of the silver nitrate solution is a problem,
and a portion of the recirculating degraded silver nitrate solution must be bled
off and replaced with fresh solution continuously. Boundary layer problems on
the liquid side of the membrane are also a serious issue in these devices [21].

To reduce the relatively large volume of silver nitrate solution held in the flash
tank portion of the plant shown in Figure 13.11, Bessarabov et al. [30] have
proposed using two membrane contactors in series, as shown in Figure 13.12.
One contactor functions as an absorber, the other as a stripper. The first contactor
removes ethylene from the pressurized feed gas into cold silver nitrate solution.
The solution is then warmed and pumped to the second contactor where ethylene
is desorbed from the silver nitrate solution into a low-pressure product ethylene
gas stream. The regenerated silver nitrate solution is cooled and returned to the
first contactor.

Bessarabov’s devices use composite membranes consisting of a thin silicone
rubber polymer layer coated onto a microporous poly(vinylidene fluoride) sup-
port layer. These membranes have high fluxes and minimal selectivities for
the hydrocarbon gases, but the dense silicone layer provides a more positive
barrier to bleed-through of liquid than do capillary effects with simple micro-
porous membranes.

AgNO3
solution

Membrane
absorber

Membrane
stripper

Heating

Residue
ethane

High-pressure feed
ethylene/ethane

mixture

Cooling

Low-pressure ethylene product

Figure 13.12 Flow schematic of process using two membrane contactors for the sepa-
ration of ethylene/ethane mixtures proposed by Bessarabov et al. [30]
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Liquid/Liquid Membrane Contactors (Membrane Distillation)

The most important example of liquid/liquid membrane contactors is membrane
distillation, shown schematically in Figure 13.13. In this process, a warm, salt-
containing solution is maintained on one side of the membrane and a cool pure
distillate on the other. The hydrophobic microporous membrane is not wetted
by either solution and forms a vapor gap between the two solutions. Because
the solutions are at different temperatures, their vapor pressures are different;
as a result, water vapor flows across the membrane. The water vapor flux is
proportional to the vapor pressure difference between the warm feed and the cold
permeate. Because of the exponential rise in vapor pressure with temperature, the
flux increases dramatically as the temperature difference across the membrane is
increased. Dissolved salts in the feed solution decrease the vapor pressure driving
force, but this effect is small unless the salt concentration is very high. Some
typical results illustrating the dependence of flux on the temperature and vapor
pressure difference across a membrane are shown in Figure 13.14.

Warm
brine
feed

Cool
distillate

Vapor

Vapor
flux

Vapor
gap

Temperature

Vapor
pressure

Heat
flux

Figure 13.13 A schematic illustration of the membrane distillation process showing
temperature and water vapor pressure gradients that drive the process
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Figure 13.14 Water flux across a microporous membrane as a function of temperature
and vapor pressure difference (distillate temperature, 18–38 ◦C; feed solution temperature,
50–90 ◦C). Taken from the data of Schneider et al. [31]

Membrane distillation offers a number of advantages over alternative pressure-
driven processes such as reverse osmosis. Because the process is driven by
temperature gradients, low-grade waste heat can be used and expensive high-
pressure pumps are not required. Membrane fluxes are comparable to reverse
osmosis fluxes, so membrane areas are not excessive. Finally, the process is still
effective with slightly reduced fluxes even for very concentrated solutions. This
is an advantage over reverse osmosis, in which the feed solution osmotic pres-
sure places a practical limit on the concentration of a salt in the feed solution to
be processed.

The principal application proposed for the technique is the separation of water
from salt solutions. In the 1980s Enka, a division of Akzo, developed membrane
distillation to the commercial scale using microporous polypropylene capillary
membrane modules. The design and performance of their process are shown in
Figure 13.15 [31]. The condensed distillate produced is almost salt free, whereas
the salt concentration on the warm brine side of the membrane increases from
0.05 % to more than 20 %. At very high salt concentrations the flux across the
membrane decreases slightly. Essentially all the power to drive the process is pro-
vided as low-grade heat. Despite the technical success of the device, a significant
market did not develop. For large applications such as seawater desalination,
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Figure 13.15 Flow scheme and performance data for a membrane distillation process for
the production of water from salt solutions [31]. Feed salt solution is heated to 100 ◦C and
passed counter-current to cool distillate that enters at 42 ◦C. The distillate product is almost
salt-free as shown by its low conductivity. The distillate flux is almost constant up to salt
concentrations as high as 20 % NaCl. Reprinted from J. Membr. Sci. 39, K. Schneider,
W. Hölz, R. Wollbeck and S. Ripperger, Membranes and Modules for Transmembrane
Distillation, p. 25. Copyright 1988, with permission from Elsevier

for which the potential energy savings were significant, the capillary membrane
contactor modules were too expensive compared to low-cost, reliable reverse
osmosis modules. For smaller applications on chemical process streams, the
energy savings were not important, so cost and reliability compared to sim-
ple evaporation were an issue. Currently there are no commercial producers of
membrane distillation systems, although the process is still the subject of aca-
demic interest [32,33].
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Membrane Reactors

By the early 1980s membrane technology had developed to the point at which
a number of industrial groups began to consider using membranes to control
the products of chemical reactions. Two properties of membranes are used;
the first is the membrane as a contactor, as illustrated in Figure 13.16(a). The
membrane separates the reaction medium in one chamber from a second chamber
containing a catalyst, enzymes or a cell culture. This type of application has
a long history in fermentation processes involving so-called bioreactors [34].
More recently, membrane reactors are being developed for conventional chemical
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Organic-soluble
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Organic/aqueous
phase boundary

Enzyme-activated membrane

Product in
aqueous solution

Aqueous process
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(a) Membrane as a contactor

Hydrogen

n-butane butadiene

Noble metal
catalyst

Hydrogen-permeable,
hydrocarbon-impermeable
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(b) Membrane as a separating barrier
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n-butane butadiene + hydrogen

H2O + R-COOR' RCOOH + R'OH

R

P

Enzyme

Figure 13.16 Examples of the three types of membrane reactor
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separations [35]. As the reaction medium flows through the first chamber,
membrane reactants diffuse through the membrane, react in the second chamber,
and then diffuse back out to be collected as a product stream. The membrane
provides a large exchange area between the catalytic material and the reaction
medium but performs no separation function. In the example shown, the reactant
is pectin, a high molecular weight polysaccharide present in citrus juice that
causes an undesirable haze in the juice. Degradation of the pectin to galacturonic
acid by the enzyme pectinase eliminates the haze [36].

The second type of membrane reactor, illustrated in Figure 13.16(b), uses the
separative properties of a membrane. In this example, the membrane shifts the
equilibrium of a chemical reaction by selectively removing one of the components
of the reaction. The example illustrated is the important dehydrogenation reaction
converting n-butane to butadiene and hydrogen

C4H10 −−−→←−−− C4H6 + 2H2 (13.3)

Removing hydrogen from the reaction chamber by permeation through the mem-
brane causes the chemical equilibrium to shift to the right, and the conversion of
butane to butadiene increases [37].

A third type of membrane reactor combines the functions of contactor and
separator. An example of this combination membrane reactor is shown in Fig-
ure 13.16(c), in which the membrane is a multilayer composite. The layer facing
the organic feed stream is an immobilized organic liquid membrane; the layer
facing the aqueous product solution contains an enzyme catalyst for the de-
esterification reaction

H2O + R − COOR′ −−−→←−−− RCOOH + R′OH (13.4)

Organic-soluble ester is brought to the reactor with the organic feed solution and
freely permeates the immobilized organic liquid membrane to reach the catalyst
enzyme. The ester is then hydrolyzed. The alcohol and acid products of hydrolysis
are much more polar than the ester and, as such, are water soluble but relatively
organic insoluble. These products diffuse to the aqueous permeate solution. The
membrane both provides an active site for the reaction and separates the products
of reaction from the feed [38].

In the membrane reactor shown in Figure 13.16(c), the chemical reaction and
the separation step use the same membrane. However, in some processes it is
desirable to separate reaction and separation into two distinct operations. If the net
result of the process is to change the products of the chemical reaction, the process
is still classified under the broad heading of membrane reactor. Two examples
in which chemical reaction and separation are physically separated are shown
in Figure 13.17. Figure 13.17(a) shows the use of a pervaporation membrane to
shift the equilibrium of the de-esterification reaction [39,40]. A portion of the
organic solution in the esterification reactor is continuously circulated past the
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Figure 13.17 Examples of membrane reactors used to change the products of chemical
reaction in which the membrane separation step is physically separated from the chemical
reaction step

surface of a water-permeable membrane. Water produced in the esterification
reaction is removed through the membrane. By removing the water, the reaction
can be driven to completion.

Figure 13.17(b) shows the use of a hydrogen-permeable membrane to shift
the equilibrium of the n-butane dehydrogenation reaction. The catalytic reactor
is divided into steps, and the hydrogen-permeable membrane placed between
each step. Because the hydrogen is removed from the reactor in two discrete
steps, some inefficiency results, but separating the membrane separation step
from the catalytic reactor allows the gas to be cooled before being sent to the
membrane separator. Polymeric membranes can then be used for the gas separa-
tion operation [37]. Such membranes can remove hydrogen very efficiently from
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the butane–butadiene/hydrogen mixture but cannot be used at the 400–500 ◦C
operating temperature of the catalytic reactor.

Applications of Membrane Reactors

Membrane reactors are being considered for many processes, and some are
already being used on an industrial scale. A detailed description of this work is
beyond the scope of this book; the three main application categories are described
briefly below.

Cell Culture and Fermentation Processes

The traditional, and still the most common, fermentation process involves the
addition of microbial cell cultures to the reaction medium in a batch reactor. This
type of batch process is inherently slow, and microbial cells are lost with each
batch of product. Recently there has been a great deal of interest in developing
continuous fermentation processes using membrane bioreactors [34,41,42]. Much
of this work has concentrated on fermentation of ethanol or acetone/butanol from
low-grade food processing waste such as cheese whey, using a recycle membrane
reactor design as shown in Figure 13.18. The principal advantages of the reactor
are its continuous operation, the high cell densities that are maintained, and the
lack of build-up of reaction products that inhibit the reaction.

Another type of microbiological reactor is the hollow fiber membrane biore-
actor shown in Figure 13.19. In this device, the microbial cells are trapped on

Gas
Nutrient

Liquid
product

Ultrafiltration
module

Fermentation
vessel

Figure 13.18 Continuous recycle fermentor membrane reactor. An ultrafiltration module
removes the liquid products of fermentation as a clean product. This system is being devel-
oped for production of ethanol, acetone and butanol by fermentation of food processing
waste streams
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Figure 13.19 A hollow fiber membrane reactor. Nutrients (S) diffuse to the microbial
cells on the shell side of the reactor and undergo reaction to form products (P) such as
monoclonal antibodies [31]. Reprinted from J. Membr. Sci. 39, K. Schneider, W. Hölz,
R. Wollbeck and S. Ripperger, Membranes and Modules for Transmembrane Distillation,
p. 38. Copyright 1988, with permission from Elsevier

the shell side of a capillary hollow fiber module. The feed solution, containing
substrate and the products of microbial reaction, is circulated down the bore
of the fibers [43,44]. This device has proved particularly useful in producing
protein antibodies by genetically engineered mammalian cells. By manipulat-
ing the molecular weight cut-off of the fiber, the flux of molecules of different
molecular weights across the filter can be controlled. Very high cell densities can
be achieved in these hollow fiber cartridges, which have been used to produce
monoclonal antibodies.

Light Hydrocarbon Gas-phase Catalytic Reactions

Several important refinery and chemical feedstock reactions appear to be good
candidates for membrane reactor systems; some such reactions are listed in
Table 13.4. Because of the high temperatures involved, developing the appropriate

Table 13.4 Petrochemical reactions being considered as applications for membrane
reactors

C4H10 −−−→←−−− C4H8 + H2

C6H11CH3 −−−→←−−− C6H5CH3 + 3H2

C6H12 −−−→←−−− C6H6 + 3H2

H2S −−−→←−−− H2 + S

2CH4 + O2 −−−→←−−− C2H4 + 2H2O

2CH4 + O2 −−−→←−−− 2CO + 4H2
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Figure 13.20 Methylcyclohexane conversion to toluene as a function of reactor temper-
ature in a membrane and a nonmembrane reactor [45]. Reprinted with permission from
J.K. Ali and D.W.T. Rippin, Comparing Mono and Bimetallic Noble Metal Catalysts in a
Catalytic Membrane Reactor for Methyl-cyclohexane Dehydrogenation, Ind. Eng. Chem.
Res. 34, 722. Copyright 1995, American Chemical Society and American Pharmaceutical
Association

selective membranes is difficult, and this type of membrane reactor has not moved
beyond the laboratory stage.

The first four reactions listed in Table 13.4 are dehydrogenation reactions in
which one of the reaction products is hydrogen. By removing hydrogen, the reac-
tion equilibrium can be driven to completion, increasing the degree of conversion
of the dehydrogenated product significantly. An example of the improvement in
conversion that is possible is shown in Figure 13.20 [45]. In this figure, the
fractional conversion of methylcyclohexane to toluene in a simple tube reactor
is compared to that in a reactor with hydrogen-permeable, palladium-silver-
alloy walls. Without the membrane, the degree of conversion is limited to the
equilibrium value of the reaction. By removing the hydrogen, higher degrees
of conversion can be achieved. Figure 13.20 also illustrates the problem that
has inhibited widespread use of membrane reactors—the high temperature of
the reactions. The reactions listed in Table 13.4 are all normally performed at
300–500 ◦C. These temperatures are far above the normal operating range of
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polymeric membranes, so hydrogen-permeable metal membranes, microporous
carbon membranes, or ceramic membranes must be used. A review of mem-
branes used in this application is given by Hsieh [46]. Currently metal or ceramic
membranes are too expensive and too unreliable to be used in a commercial
process. Rezac et al. [37,47] have tried to circumvent the problem by using
reactors in series and cooling the gas between the reactor stages to the point
that a high-temperature, polyimide-based polymer can be used to remove the
hydrogen. Improved conversions are obtained by this process, and in the target
dehydrogenation reaction studied, dehydrogenation of butane to butene and buta-
diene, good conversions can be obtained at relatively low reactor temperatures.
Low-temperature reactor operations have a number of process benefits, so this
approach may be developed further.

Another membrane application that could become a business is the use of
ion-conducting membranes in membrane reactors. In the past 3 years, more
than 70 US patents have appeared on this topic, as well as many papers. The
overall concept is to use ceramic membranes that conduct oxygen or hydrogen
ions at high temperatures. Materials that can conduct both ions and electrons
are called mixed-conducting matrices. Several important early papers describing
these materials were published by Teraoka et al. in the 1980s [48,49]. Various
complex metal oxide compositions, including some better known for their prop-
erties as superconductors, have mixed-conducting properties; recent efforts in
the field focus on these materials. Examples are perovskites having the structure
LaxA1−xCoyFe1−yO3−z, where A is barium, strontium, or calcium; x and y are
0–1; and the value of z makes the overall material charge neutral. Passage of
oxygen ions and electrons is related to the defect structure of these materials;
at temperatures of 800–1000 ◦C, disks of these materials have shown extraordi-
nary permeabilities to oxygen. Similar mixed-oxide membranes can also conduct
protons [50].

Two large consortia, one headed by Air Products [51] and the other by Prax-
air/BP [52], are developing the membranes. At the appropriate high operating
temperatures, the membranes are perfectly selective for oxygen over nitrogen,
and oxygen permeabilities of 10 000 Barrer can be obtained. This means that, if
the membrane thickness can be reduced to 1 µm, pressure-normalized fluxes of
10 000 × 106 cm3(STP)/cm2 · s · cmHg are possible. On this basis, for a plant to
produce 1 MMscfh of oxygen, about 4000 m2 of membrane tube area will be
required—a large, but not inconceivably large, membrane area.

The most practical application, and the principal driving force behind the
development of these membranes, is membrane reactor processes, such as the
production of synthesis gas (syngas) by partial oxidation of methane or the
oligomerization of methane to produce ethylene. Both processes are illustrated in
Figure 13.21. In syngas production, oxygen ions diffusing through the membrane
react with methane to form carbon monoxide and hydrogen. This gas can then
be used without further separation to form methanol or other petrochemicals.

FOR REFERENCE PURPOSES ONLY



516 MEMBRANE TECHNOLOGY AND APPLICATIONS

(a)
N2 + O2 (air)

2O2−2O2 + 4e−

N2

CH4 + O2−

CH4

CO + 2H2 + 2e−

CO + 2H2

Oxidation of methane to syngas

CO + 2H21/2 O2 + CH4

O2−

e−

O2−

e−

(b)
N2 + O2 (air)

H2O

N2 + H2O

1/2 O2 + 2e− + 2H+ 2CH4

CH4

C2H4 + 4H+ + 4e−

C2H4

Oligomerization of methane to ethylene

2H2O + C2H42CH4 + O2

e−

H+

e−

H+

Figure 13.21 Use of ion-conducting ceramic membranes in a membrane reactor to pro-
duce (a) syngas (CO + H2) and (b) ethylene

In ethylene production, methane is catalytically reacted to produce ethylene and
hydrogen. The hydrogen permeates the membrane and then reacts with the oxy-
gen in air to produce water. This second reaction produces the energy necessary
to heat the process. Many large natural gas fields are not currently exploited
because they are too far from the end-users. If this technology were developed, it
would allow these fields to be developed, and so change the basis of the chemical
and refining industries.

The membrane areas needed in these plants are not huge, but the technical chal-
lenges are substantial. Defect-free, anisotropic composite ceramic membranes that
are 1–5 µm thick, able to operate continuously at 800–1000 ◦C, nonpoisoning,
nonfouling and low-cost are required—not impossible, but difficult. Conceptual
designs of the type of reactor required are beginning to appear.
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The magnitude of the engineering task involved is indicated by the assumptions
for the calculations [53]: a sealed vessel, containing 1000 1-in. diameter tubes,
each 31 ft long, coated inside with perovskite membrane, in which the tubes are
1.5 in. apart, with a lower preheated section of 6 ft, a central reaction section of
18 ft, and an upper cooling section of 7 ft. The construction of such a vessel is
neither simple nor cheap.

Chiral Drug Separation

Many drugs are produced as racemic mixtures of two mirror-image isomers.
Often only one of these enantiomers has a beneficial pharmaceutical effect and
the second enantiomer is much less active or, even worse, produces toxic side
effects. For this reason many drugs must be resolved into their component enan-
tiomers before being used. A number of techniques are available, but most are
complex and costly. Resolution of racemic mixtures using stereoselective enzy-
matic reactions in a membrane bioreactor was pioneered by Sepracor and has
been applied on an industrial scale for a number of important drugs [54,55]. Sev-
eral ingenious process schemes have been proposed, one of which is illustrated
in Figure 13.22.

The process shown in Figure 13.22 uses the stereospecific, enzymatically cat-
alyzed hydrolysis of the ethyl ester of naproxen to the free acid to perform a
chiral separation:

CH3O

H2O

Lipase enzyme

NaproxenNaproxen ethyl ester

CH3

+
CHCOOC2H5

C2H5OH

CH3O

CH3

+

CHCOOH

The lipase enzyme stereospecifically hydrolyzes the (+) isomer of naproxen ester.
The enzyme is immobilized in the wall of an inside-skinned hollow fiber mem-
brane. The racemic d and l naproxen ester mixture, dissolved in methyl isobutyl
ketone, is introduced on the shell side of the fiber and an aqueous buffer solution
is circulated through the fiber lumen. The lipase enzyme hydrolyzes the d form of
naproxen ester, forming ethanol and naproxen d . Naproxen d is a carboxylic acid
soluble in aqueous buffer but insoluble in methyl isobutyl ketone. Consequently
naproxen d is removed from the reactor with the buffer solution. The naproxen
l ester remains in the methyl isobutyl ketone solution. This technique achieves
an essentially complete separation of the d and l forms. In a clever final step
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(d ) Naproxen
in buffer

Buffer

Active esterase in
microporous fiber

Organic process stream

Aqueous process
stream

Lumen

Racemization

Asymmetric
hydrophilic
hollow fiber

Aqueous/organic
phase boundary

Water-wet spongy
biocatalyst matrix

Biocatalyst-impermeable
‘skin’ layer

(l ) Naproxen ethyl ester
(d ) Naproxen ethyl ester

in solvent

(l ) Naproxen ethyl ester
(d ) Naproxen ethyl ester

in solvent(l ) Naproxen ethyl ester
in solvent

Figure 13.22 Application of a membrane bioreactor to separate chiral drug mixtures

the naproxen l ester is racemized to a d and l racemic mixture and recirculated
to the membrane reactor. In this way all of the original mixture is eventually
converted to the pure, pharmaceutically active d form. This technology has been
applied to the chiral resolution of a number of drugs. A full-scale plant for the
chiral separation of diltiazem intermediates, developed by Tanabe/Sepracor engi-
neers, contains 1440 m2 of hollow fiber membrane and produces 75 tons/year of
resolved diltiazem intermediate [54].

Conclusions and Future Directions

Of the processes described in this chapter, membrane contactors and membrane
reactors have the greatest potential to develop into large-scale commercial pro-
cesses. Both technologies are already used on a small scale in niche applications,
and both are being developed for much larger and more important processes.
Membrane contactors are currently most widely used to deaerate liquids, but the
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best long-term application may be in the natural gas industry to replace amine
absorber-strippers to remove carbon dioxide and hydrogen sulfide. Similarly,
membrane reactors are currently used only in a few specialized biotech applica-
tions. However, long-term, this type of device will be used in the petrochemical
industry, with very different membranes, for dehydrogenation processes or the
partial oxidation of methane. Such applications could be much more important,
but the development of suitable membranes poses a number of very challenging
technical problems.
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APPENDIX

Table A1 Constants

Mathematical

e = 2.71828 . . .

ln 10 = 2.30259 . . .

π = 3.14159 . . .

Gas law constant, R

1.987 cal/g-mol · K

82.05 cm3 · atm/g-mol · K

8.314 × 107 g · cm2/s2 · g-mol · K

8.314 × 103 kg · m2/s2 · kg-mol · K

Standard acceleration of gravity

980.665 cm/s2

32.1740 ft/s2

Avogadro’s number

6.023 × 1023 molecules/g-mol

Faraday’s constant, F
9.652 × 104 abs-coulombs/g-equivalent

STP (standard temperature and pressure)

273.15 K and 1 atm pressure

Volume of 1 mol of ideal gas at STP = 22.41 L

Membrane Technology and Applications R. W. Baker
 2004 John Wiley & Sons, Ltd ISBN: 0-470-85445-6
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Table A2 Conversion factors for weight and volume

Given a quantity
in these units

Multiply by To convert quantity
to these units

Pounds 453.59 Grams
Kilograms 2.2046 Pounds
Ton, short (US) 2000 Pounds
Ton, long (UK) 2240 Pounds
Ton, metric 1000 Kilograms
Gallons (US) 3.7853 Liters
Gallons (US) 231.00 Cubic inches
Gallons (US) 0.13368 Cubic feet
Cubic feet 28.316 Liters
Cubic meters 264.17 Gallons (US)

Table A3 Conversion factors—other

Given a quantity
in these units

Multiply by To convert quantity
to these units

Inches 2.54 Centimeters
Meters 39.37 Inches
Mils 25.4 Microns
Square meters 10.764 Square feet
Dynes 1 g · cm/s
Centipoises 10−3 kg/m · s
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Table A12 Composition of air

Component Concentration (vol%) Concentration (wt%)

Nitrogen 78.09 75.52
Oxygen 20.95 23.15
Argon 0.933 1.28
Carbon dioxide 0.030 0.046
Neon 0.0018 0.0012
Helium 0.0005 0.00007
Krypton 0.0001 0.0003
Hydrogen 0.0005 0.00003
Xenon 0.000003 0.00004

Table A13 Typical osmotic pressures at 25 ◦C

Compound Concentration
(mg/L)

Concentration
(mol/L)

Osmotic pressure
(psi)

NaCl 35 000 0.60 398
Seawater 32 000 — 340
NaCl 2000 0.0342 22.8
Brackish water 2000–5000 — 15–40
NaHCO3 1000 0.0119 12.8
Na2SO4 1000 0.00705 6.0
MgSO4 1000 0.00831 3.6
MgCl2 1000 0.0105 9.7
CaCl2 1000 0.009 8.3
Sucrose 1000 0.00292 1.05
Dextrose 1000 0.0055 2.0

Table A14 Mean free path of gases (25 ◦C)

Gas λ (Å)

Argon 1017
Hydrogen 1775
Helium 2809
Nitrogen 947
Neon 2005
Oxygen 1039
UF6 279

FOR REFERENCE PURPOSES ONLY



APPENDIX 531

Table A15 Estimated diameter of common gas molecules

Gas molecule Kinetic diameter (Å) Lennard–Jones diameter (Å)

Helium 2.60 2.55
Neon 2.75 2.82
Hydrogen 2.89 2.83
Nitrous oxide 3.17 3.49
Carbon dioxide 3.30 3.94
Acetylene 3.30 4.03
Argon 3.40 3.54
Oxygen 3.46 3.47
Nitrogen 3.64 3.80
Carbon monoxide 3.76 3.69
Methane 3.80 3.76
Ethylene 3.90 4.16
Propane 4.30 5.12
Propylene 4.50 4.68

Gas diameters can be determined as kinetic diameter based on molecular sieve measurements or
estimated as Lennard–Jones diameters based on viscosity measurements. The absolute magnitude
of the estimated diameters is not important, but the ratio of diameters can give a good estimate of
the relative diffusion coefficients of different gas pairs [see Equation (8.4)]. On this basis the kinetic
diameters do a better job of predicting the relative diffusion coefficients of carbon dioxide/methane
(always greater than 1 and often as high as 5–10 in glassy polymers). However, the Lennard–Jones
diameter does a better job of predicting the relative diffusion coefficients of propylene/propane
(always greater than 1 and often as high as 5 in glassy polymers).
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Table A16 Experimental diffusion coefficient of water in organic liquids at 20–25 ◦C
at infinite dilution

Liquid Temperature ( ◦C) Viscosity cm2/s × 105

Methanol 20 — 2.2
Ethanol 25 1.15 1.2
1-Propanol 20 — 0.5
2-Propanol 20 — 0.5
1-Butanol 25 2.60 0.56
Isobutanol 20 — 0.36
Benzyl alcohol 20 6.5 0.37
Ethylene glycol 25 — 0.24
Triethylene glycol 30 30 0.19
Propane-1,2-diol 20 56 0.075
2-Ethylhexane-1,3-diol 20 320 0.019
Glycerol 20 1500 0.008
Acetone 25 0.33 4.6
Furfuraldehyde 20 1.64 0.90
Ethyl acetate 20 0.47 3.20
Aniline 20 4.4 0.70
n-Hexadecane 20 3.45 3.8
n-Butyl acetate 25 0.67 2.9
n-Butyric acid 25 1.41 0.79
Toluene 25 0.55 6.2
Methylene chloride 25 0.41 6.5
1,1,1-Trichloroethylene 25 0.78 4.6
Trichloroethylene 25 0.55 8.8
1,1,2,2-Tetrachloroethane 25 1.63 3.8
2-Bromo-2-chloro-1,1,

1-trifluoroethane
25 0.61 8.9

Nitrobenzene 25 1.84 2.8
Pyridine 25 0.88 2.7

Source: F.P. Lees and P. Sarram, J. Chem. Eng. Data 16, 41 (1971).
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Table A17 Diffusion coefficient of salts
in water at 25 ◦C at infinite dilution

Salt Diffusion coefficient
(cm2/s × 105)

NH4Cl 1.99
BaCl2 1.39
CaCl2 1.34
Ca(NO3)2 1.10
CuSO4 0.63
LiCl 1.37
LiNO3 1.34
MgCl2 1.25
Mg(NO3)2 1.60
MgSO4 0.85
KCl 1.99
KNO3 1.89
K2SO4 1.95
Glycerol 0.94
NaCl 0.61
NaNO3 1.57
Na2SO4 1.23
Sucrose 0.52
Urea 1.38

Source: Data correlated by Sourirajan from
various sources in Reverse Osmosis, Academic
Press, New York (1970).

Table A18 Interdiffusion of gases and vapors into
air at 20 ◦C

Gas or vapor Diffusion coefficient (cm2/s)

O2-Air 0.18
CO2-Air 0.14
H2-Air 0.61
H2O-Air 0.22
n-Propyl alcohol 0.085
Ethyl acetate 0.072
Toluene 0.071
n-Octane 0.051

Source: Selected values from International Critical Tables,
W.P. Boynton and W.H. Brattain.
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Table A19 Interdiffusion of vapors into air, carbon
dioxide or hydrogen

Diffusion coefficient (cm2/s)

Gas/vapor Air CO2 H2

Oxygen 0.18 0.14 0.70
Water 0.22 0.14 0.75
Ethyl acetate 0.072 0.049 0.27
n-Propyl alcohol 0.085 0.058 0.32
Propyl butyrate 0.053 0.036 0.21
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gas-phase catalytic reactions 511,
513–517

membrane surface treatment 125–126
membrane tortuosity 67–68
metal membranes 6, 128, 309–312,

514–515
microfiltration 275–299

applications 295–299
bacterial challenge test 281–282,

285–286
bubble test 282–286
cross-flow filtration 292–295,

298–299
depth filters 68–74, 277–279
inline filtration 276, 289–291,

296–299
latex challenge test 282
membranes 277–278, 287
screen filters 69–72, 277
sterile filtration 296–298
pleated cartridge 288–289
prefilters 289–291
ultrapure water 298

microporous membranes 66–82, 92–96,
132

mixed-matrix membranes 314–317
molecular dynamic simulations 18–21,

83
molecular radius 51–52
molecular sieving (of gases) 76–78, 303
multistep-multistage processes 323–325,

328, 334, 341, 346
municipal water treatment 298–299

nanofiltration 82–83, 208–210, 229
nucleation track membranes 73, 92–94

Office of Saline Water (OSW) 2
olefin/paraffin separation 347–348, 430,

450–452, 455–456
osmotic pressure 25–26, 31–32,

194–195, 225

palladium membranes (see metal
membranes)

pervaporation 355–392
applications 372–388
GFT 3, 355–356
membrane materials 363–368
modules 368
process design 369–372
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pervaporation (continued )
organic/organic mixtures 383–388
organics from water 378–383
solvent dehydration 372–378
theory 39–44, 357–362

phase diagrams 105–109
phase separation membranes 97–116
piezodialysis 496–499
plasma polymerization membranes

122–125
plate-and-frame modules (see membrane

modules)
Poiseuille flow 74–76, 303
poly(1-trimethylsilyl-1-propyne) [PTMSP]

57–58, 80–82
pore flow membranes 66–82
pore flow model 16–18, 69–72
pressure ratio 317–321

recycle designs 325–327, 345–347
rejection coefficient 33, 71
reverse osmosis 191–235

applications 221–231
brackish water desalination 223–224
cellulosic membranes 197–200
furfuryl alcohol membranes 204–206
hyperfiltration 209–211, 229–231
interfacial composite 201–204
Jiddah plant 191, 203
membrane cleaning 220–221
membrane fouling 215–220
membrane selectivity 206, 212–213
membranes 196–212
modules 213–215
municipal water treatment 298–299
nanofiltration membrane 82–83,

208–210, 229
noncellulosic membranes 200–201
PEC-1000 membrane 204–205, 206
Pretreatment 215–220
Scale 216–217
seawater desalination 224–225
silt density index 217–219
theory 30–36, 193–196
ultrapure water 225–226
wastewater treatment 226–229

salt permeability constant 33, 193–194
screen filter 69–72, 277–279
seawater desalination 205–206,

224–225
slip cast ceramic membranes 129–132
sol gel ceramic membranes 129–132
solution cast membranes 90–91
solution-diffusion model 18–48
solvent dewaxing 229–231
sorption coefficients in polymers 58–66
spiral-wound modules (see membrane

modules)
stage-cut 318, 322–323
Stokes-Einstein equation 51–52
surface diffusion 74–80, 303
sweep 182–188, 348, 369–371,

449–450

template leaching 96
track etch membranes (see nucleation

track)
transdermal patch 13–14, 473
tubular membranes (see membrane

modules)

ultrafiltration 237–274
cheese production 265–267
electrocoat paint 264–265
fruit juice 267–268
gel layer model 241–251
membrane characterization 72,

238–241
membrane cleaning 251–253
membrane fouling 241–243
membrane modules 255–258
membranes 3, 253–255
oil-water emulsions 268–269
PVA recovery 270–271
system design 258–262

ultrapure water 418–420

vibrating modules 150–151

water permeability constant 32
water purification 298–299
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